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The technically most advanced method for the production of a high-
heating-value (pipeline) gas from coal comprises gasification of the cocal
with steam and oxygen to a low-heating-value synthesis gas, followed by
catalytic conversion of the hydrogen_and carbon monoxide content of the
purified synthesis gas to methane.!’23® The major effort has been ex-
vended on the gasifilcation step because of its wide applicability. PFlxed-
bed and suspension §asification processes have been developed to a pilot
plant scale, 7’1:’33,34 gnd some have been operated successfully on a
cormercial scale.:5717221,38

The methanation step has also been studied extensively, but much
of the work has been concerned with catalyst development and, therefore,
has involved small-scale experiments. In studles by the British Fuel
Research and Gas Research Boards®’®71° the development of filxed- and
moving-bed reactors has been stressed. Initially, studles by the U.S.
Bureau of Mines 7’23 and the Institute of Gas Technology?® were also
conducted in relatively small fixed-bed reactors. 1In these Investi-
gations, supported nickel catalysts were employed nearly without excep-
ticn. -

The largest-scale fixed-bed methanation data for the production

of high-heating-value fuel gas were reported by Dent and Hebden,® who
achieved near-equilibrium conversion of 3.6:1 H»/CO ratio synthesis gas
for 3500 hours in a 9.5-inch diameter by 10-inch deep catalyst bed at
20 atmospheres, 2000 std. cu. ft./cu.ft. catalyst-hr. fresh feed gas
space velocity, and 6:1 recycle ratio. A colmpregnated nickel-alumina-
china clay catalyst was employed.

The design of large-scale fixed-bed reactors for essentially com-
plete conversion of hydrogen and carbon monoxide to methane at high
throughouts presents difficult engineering problems. Large guantities
of exothermic heat of reaction must be removed without causing excessive
temperature gradients to occur in the catalyst bed. This requires
either complex heat exchange equipment in the catalyst bted when a fluid
coolant is used, or the use of high product gas recycle rates. In both
Instances, the Investment and operating costs are high.

Fluid-bed reactors appeared to be better suilted for the menthan-
atlon process because of the high rates of reat transfer obtainable with
relstively simple heat exchange equipment. The ease of addition angd
withdrawval of catalyst also seemed to bte a significant advantage. How-
ever, restriction of the possible range of operating conditions by the
fluildization characteristics of the solids-gas system employed, and
catalyst attrition, were recognized as major problems. Purther, scale-
up of fluid-bed reactors for synthesis operations was known to be dif-
ficult?® and was not fully demonstrated on a commercial scale untll
recently.t”’2:

In 195%, the U.S. Bureau of Mines achleved satisfactory fluid-

-bed operation in a l-inch dlameter reactor with a partially extracted
Raney nickel catalyst;3! attempts to utilize fluid-bed iron catalysts
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were not successful, and the performance of supported nickel catalysts’
was found to be difficult to reproduce.'* Russian investigators have
also reported high conversion capacities of partially extracted Raney
nickel catalysts in fluid-bed operation.®’S A systematlic study of this
methanation technique was, therefore, initlated by the Institute of

Gas Technology as part of its plpeline-gas-from-coal research program.

EXPERTMENTAL

In all of the work reported here, the catalysts were prepared by
caustic leaching of 40-200 mesh Raney alloy with a nominal composition
of 42 wt. % nickel and 58 wt. % aluminum.2%’25 3ynthesis gas was pro-
duced by catalytic steam reforming of natural gas in a tube furnace,2°

or by suspensicn gasification of coal with steam and oxygen in a slagging
downflow pressure reactor.3* PRacllities were also available to increase
the Ha/CO ratlc of synthesis gas produced from coal from the usual 1:1-

1.5:1 range to 3:1 by catalytic conversion of CO with steam to form

Hz and CO2. 1In some instances, COz from bottle storage was added to
the 3:1 Hz/CO ratio reformed natural gas to simulate the composition of
synthesis gas from coal after CO shift and before CO> removal.

Except for a limlited number of tests of sulfur tolerance, syn-
thesis gas was purified, by passage through fixed beds of iron oxide
and activated carbon, to a sulfur content of less than 0.0l grain per
100 SCF (standard cubic foot at 60°F., 30 inches of mercury and satu-

rated with water vapor), and generally to about 0.001 grain ver 100 3CF.

Details of the analytical procedures for determination and identifica-
tlon of sulfur compounds in synthesis gas have been-presented else-
Where_zz 128,32

Three ma jor methods of operation were employed in the study of
fluid-bed methanatlon of synthesls gas over Raney nickel catalysts:

1. Catalyst evaluation tests and process variable studies In a
battery of approximately l-inch inside diameter Dowtherm- jacketed re-
actors (Figure 1). The effect of catalyst preparation on initial

actlvity and total methane production capaclty was determined with puri-

fled synthesis gases of approximately 3:1 Ho/CO ratlo, and either neg-

ligibtle or 30 mole % average COz content. Nominal test conditions were:

10,000 SCF/cu.ft. catalyst-hr. space veloclty, 75, 150 and 300 p.s.i.g.
reactor pressure, and 100 cc. Initial alloy volume. (Space veloclties
are based on the initial dry alloy volume). A systematic study was
also made of the variables of synthesis gas Hg/CO ratio, synthesis gas
CO2 and organic sulfur content, space velocity and operating pressure.
Catalyst bed temperature was controlled by adjustment of pressure in
the Dowtherm- jacket and reflux condenser, with the Dowtherm maintained
at the boiling point by an electric heater surrounding the jacket.
Temperatures, although difficult to maintain constant throughout the
bed because of the high exothermicity of the reaction, were normally
within 700°-800°F. . .

2. Capacity tests of a 6-inch inside dlameter pilot plant reactor
(Figure 2). Dowtherm "A" circulating through an external jacket and
through six internal bayonets was used to heat the catalyst to reaction
temperature at the start of operation, and then, as increasing quanti-
tles of exothermic heat of reaction were released, to remove heat from
the catalyst bed. Thils was accomplished by controlling the Dowtherm
temperature between the limits of 750°F. (corresponding to a vapor
pressure of 144 p.s.i.g.) and 4969F. (the atmospheric bolling point)
with a gas-fired heater upstream from the reactor, and a flash chamber
and reflux condenser .downstream from the reactor. The flash temper-
ature was controlled with a nitrogen back-pressure system. The high
circulation rate (30 gal./min.) allowed most of the Dowtherm to remain
in liquid form. Purified synthesis gas produced by catalytic steam
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reforming of natural gas was used as feed at pressures up to 130 p.s.i.g.
After a series of short tests, comprising 177 hours of steady-state
operation with a batch of catalyst prepared from 0.343 cu.ft. of alloy,
the reactor was slightly modified to the design depicted in Figure 2

to permit attainment of a synthesis gas capacity of 3000 SCF/hr. with

a 0.5 cu. ft. catalyst charge; initlally, the cooling bayonets were
constructed of 1/2-inch Schedule 40 pipe, the disengaging section was
smaller, and the porous stalnless steel gas filters were also smaller

and located in a side offtake.

3. Exploratory pllot plant tests of simulated integrated plve-
line-gas-from-coal operation involving the process steps of a) suspen-
sion gasification of coal with steam and oxygen to produce synthesis
gas at a nomlnal rate of 20,000 SCF/hr., b) preliminary purification
with iron oxide for bulk removal of hydrogen sulfide, c) temporary
pressure storage and withdrawal at 3000 SCF/hr., d) adjustment of
synthesis gas composition by partial carbon monoxide shift of a portion
of the synthesis gas, e) final purification with 1ron oxide and acti-
vated charcoal to less than 0.0l grain of sulfur per 100 SCF, and f)
methanation over fluidized Raney nickel catalyst in the reactor depicted
in Pigure 2.

CATATYST PREPARATICN AND HANDLING

The 42 wt. % nickel-58 wt. % alumlnum alloy was supplied by the
Raney Catalyst Company. The structure of the crushed alloy 1s shown in
gurz 3. The highly fractured condition of the catalyst particle is
tynical of the material used in the test program. The dark homogeneous
regions are NizAls (gamma) phase, the light homogeneous regions are
¥iAls (beta) ophase,and the elongated mottled regions are a fine-grained
eutectic mixture consisting of alpha ohase (less than 0.05 wt. % nickel)
and beta phase. Metallographic studles of caustic-etched particles
showed that the gamma phase 1s more resistant to attack than are the
other two phases, although x-ray analyses of caustic-treated alloy in-
dicated the presence of all of the three original phases even when the
aluminum content had been reduced to 5 wt. % or-less. The major pro-
duct of caustic leaching recovered in the catalyst was identified by
x-ray as beta-alumina-trihydrate, and the presence of small crystallites
of metallic nickel was also indicated when the aluminum conversion by
caustic leaching was substantilal.

Orginally, the activation procedure reported by the U. 5. Bureau
of Mines was employed.3! This procedure was based on the assumption
that an active catalyst could be prepared by extraction with dilute
caustic, of only 3-5 % of the aluminum content, and that the amount of
aluQ%num removed was determined by a stoichiometric relationshlp such
as:*

el

je

2A1 + 2NaOH + 2H»0 — 2NaAlOs + 3Ha S (D)

1t was further assumed that this procedure could be repeated a number
of times to restore the activity of the catalyst. . .

After development of the necessary analytical techniques, 1t was
shown in this study that at least 20% of the aluminum had to be converted
before significant activity for the methanatlon reaction was obtalned,
and that considerably higher converslons were required to produce a long-
lived catalyst. Further, the presence of large amounts of Al20s'3H20
in the extracted alloy confirmed that in addition to Reaction (1), sodium
aluminate or direct aluminum hydrolysis reactions occur:2°

2NaAllz + 4H20 —— Al03-3H20 + 2NaOH (2)
2A1 + 6Hp0 ——= Al203-3H20 + 3Ha , (3)
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Efforts to reduce aluminum oxlde formation under conditions allowing only
partial aluminum conversion were not successful. (In commerclal Raney
nickel catalyst preparation,®5 the alloy 1s added to an excess of con-
centrated caustic which apparently favors alumimum removal as aluminate.)

Since 3 moles of hydrogen are evolved per 2 moles of aluminum con-
verted to elther alumlnate or alumina, it was possible to follow the pro-
gress of catalyst activation by measurement of hydrogen evolution. In
the standard procedure for preparing laboratory batches of catalyst,

100 cc. (162 g.) of 42 wt. % nickel-58 wt. % alumlimum alloy and 280 cc.
of water were placed in a 2-liter three-neck flask. One neck of the
flask held a mercury thermometer, the center neck held a reflux con-
denser, and the third neck held a buret for caustlc or quench water
addition. A wet-test meter was connected to the reflux condenser to
measure the evolved hydrogen. A magnetic stlirrer was used to slightly
agltate the alloy. Fifteen cc. of a 26 wt. % sodlum hydroxlde solu-
tlon was added, causing hydrogen evolution to begin, accompanied by a
large heat release. When the temperature reached thke bolling point
after about 8 to 12 minutes, enough water was added to prevent flash
vaporization, but not enough to reduce the temperature below the boll-
ing point. .The reaction was permitted to proceed at the bolling point
untll elther an apparent 30, 65ar 854 of aluminum conversilon had
occurred. For example, the 2.88 SCF of hydrogen corresponding to 65%
of apparent aluminum conversion of 162 g. of alloy was evolved in 3% to
42 minutes. At the desired point, the reactlon.was quenched by the
addition of large amounts of cold water and the caustic liquid decanted
from the wet catalyst. The catalyst was washed neutral to litmus and
stored in methanol.

Figure 4 shows the relationship between chemical analysis of the
catalysts prepared 1n accordance with the standard procedure, and the
percent of alumlnum converslon indlcated by hydrogen evolution. It
was necessary to further develop conventional procedures®’® to make
these analyses. The most reliable technique conslsted of drying the
sample by heating In a stream of dry hydrogen, and passing dry hydrogen
chloride over 1t to volatilize the aluminum metal as aluminum chlorilde.
The aluminum chloride was recovered, precipltated with ammonia, and
ignited to the oxlde. The residue from the hydrogen chloride treatment
was bolled with nitrlc acld, and filtered. The residue from the f1ll-
tration was lgnited to obtain the quantity of alumina not dissolved by
thls treatment. The flltrate was diluted to volume; on one allquot,
alumina was determined by double precipitation with benzoate and igni-
tlon to the oxide; on another aliguot, nickel was determined by di-
methylglyoxime. :

Batches of pllot plant catalysts were prepared only by the original
activation method, which consisted of 1eachin§ a suspension of the alloy
in water at a maximum temperature of 120°-130°F. by slow addition of
sufficient dilute sodium hydroxlde solutlion to convert 5% of the alum-
inum content in accordance with Reaction {1). After & to 6 hours,
vigorous hydrogen evolution stopped, and the catalyst was washed
neutral to litmus and stored In water. No rellable analyses of pilot
plant catalysts are avallable, since the analytical technlique had not
been fully developed at that time.

The particle size distribution of the alloy used in the preparation
of laboratory batches was standardized by combining individual screen
fractlons in the fixed proportions shown below; the screen analysis
oi the 0.343 cu. ft. of alloy for the original pilot plant batch 1s also
glven:




Ll
Alloy Size Distribution, Wt.%
Standard
Laboratory Pilot Plant
U.3.8. Sleve Charge -Charge

+I0 0 1.2
-4o + 60 15 15.8
-60 + 80 15 10.1
-80 + 100 10 9.7
-100 +.1%0 o 25 ¢ 3.7
-140 + 200 . 25 28.3
-200 0 B g.2

In the pilot plant study, the prepared catalyst was charged as a
water slurry and, In the majority of the laboratory tests, as a methanol
slurry. Charging was done under a nitrogen blanket. Transfer as a
slurry was used to aveoid the possibility of catalyst oxidation, which
could result in catalyst deactivation. After the slurry had been charged
into the reactcr, 1t was dried in a stream of nitrogen before intro-
duction of synthesls gas. The catalyst temperature was raised to a
level not exceeding 650°F., which was sufficilent to initlate reaction
of the synthesis gas, causing further temperature rise which had to be
controlled by adjustment of the Dowtherm temperature level. Since the
reactors were shut down repeatedly without change of the catalyst charge,
1t was necessary to store the catalyst in the reactor under nitrogen.

In case of extended tests which were Interrupted only temporarily, such
as by scheduled weekend shutdowms, the catalyst temperature was main-
tained at 400°-500°F.

In catalyst 1life tests, the above charging and startup procedures
gave exceedingly poor reproducibllity of results.  Rapid-loss of catalyst
through the porous stainless steel fllters occurred in many attempts
to. maeke an extended run; the particles escaping from the reactor were
very small and only a minor portion could be recovered. A common
occurrence which preceded an abrupt reduction in conversion capacity
was 1lifting of the bed into the dlsengaging zone and deposit on the
filters, requlring blow-back to reduce pressure; this frequently took
place after a weekend shutdown. No specific cause for thils type of
failure could be established, but 1t was found that by making the follow-
ing revisions in these procedures 1t was possible to greatly improve
the consistency of the catalyst performance data:

1. Store in methanol for not longer than 24 hours.

2. Predry 1n nltrogen at 250°F. for 2 hours to obtaln free-flowing
material.

3. Charge to unlt under nitrogen blanket. .

4. Start up slowly with hydrogen as fluidizing medium a
approximately 1 ft./sec. superficial velocity, and gradually rerlace
hydrogen wlth synthesis gas after attainment of the desired temper-
ature and pressure.

5. -During Interruption cf an extended test, shut down in nitrogen
at 450°F. and atmospheric pressure and start up with hydrogen as above.
PROCE3S VARIABIES

A number of thermodynamic analyses of the methanation reaction
system have been made®’®?1%4’23 1pn an effort to evaluate the influence
of the major operating variables: pressure, temperature and H»/CO ratio,
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on the equilibrium conversicn of the feed gas to methane, water vapor,
carbon dioxide and carbon. 1In these analyses the chemlcal reactions:

CO + 3Ha —> CHa + H20 (%) 200 —> C + COp (7)
©2C0 + 2Hz —> CHy + COz2  (5) CO + Ho —Hx0 + C  (8)
CO + HoO —> CO2 + H»  (6) CHy —» 2Hz + C (9)

vere employed as the basis of the equilibrium product distribution
calculations. TUnder conditions of chemical equilibrium in the absence
of carbon formatlon,any two of the first three reactions will define
the system. When equilibrium carbon formation is to be included, one
of the three carbon-forming Reactlons (7), (8) and (9) must alsobe con-
sldered. The results of the various thermodynamic studies show that in
the avsence of carbon formation, nearly stoichiometrlc conversion of
1:1 to 3:1 Hao/CO ratio synthesls gases to methane can be attalned at
€50°7. and 25 atmospheres (353 p.s.l.g.); equilibrium methane ylelds
decrease with increases in temperature and decreases in oressure, but
remain reasonably high below 9Q0F. at opressures from 1 to 25 atmospheres.

The calculatlion of equilibrium carbon ylelds 1s complicated by lack
of information on the nature of the carbon deposlited aon methanation
catalysts. Standard thermodynamic data are normally based on carbon in
the form of beta-graphite®7?, vhereas under actual experimental con-
ditions the deposlted carbon may be in different forms, and, therefore,
have different thermodyfiamic propertles. For example, removal of ex-
cesslve carbon from the system may involve carbide formation with the
metallic catalyst component.

Carbon dsposition boundary data based aon equllibrium constants
ovotailned from actual methanation reaction systems catalyzed by precipi-
tated nickel® show substantially lower limiting feed gas Hp/CO ratios
than data based on beta-graphite.** For example, at 900°F., the minimum
Ho/CO ratios calculated from the experimental equilibrium data are 1.75:1
at one atmosphers, and 1.5:1 at 25 atmospheres. In comparison, when
bsta-graphite is used as the form of carbon, the minimum Hp/CO ratios
at G00°r, are 3.25:1 at one atmosphere, and 2.6:1 at 25 atmospheres. For

_ the calculations bassd on exverimental results, the limiting H»/CO ratio

drops to 1:1 at 600°F., whereas for the beta-graphite data, freedom from
carbon formation 1s not indicated anywhere in the low-temperature range
below Ha/CO ratios of 2.6:1. Addition of steam or CO» to the feed gas
lovers the limiting H./CO ratios.

The presence of COz in the feed alsc has the desirable tendency
to suppress hydrogen breakthrough. For example, 1f only the stoichlo-
metric relationships are considered, a 3:1 Ha/CO ratio feed gas could
give methane yields ranging from 0.125 moles to 0.25 moles/mole
Hz + CO, while complete CO converslon is maintained. Thus, unless CO
conversicn via the COz-forming Reactlons (5) or (6) 1s limited by
equilibrium hindrance, the actual methane yield may be substantially
below the theoretically attainable level.

To establish the range of suitable fluid-bed operating conditions
with Raney nlckel catalysts, a serles of exploratory tests was made in
the laboratory reactors. Synthesis gases of about 1.5:1 and 3:1 Ha/CO
ratio and various COz contents were methanated over catalyst charges
orepared by leaching of 100 cc. of alloy with dilute caustic for mere than
L hours. Pressure levels of 27, 75 and 150 p.s.1l.g2. were investigated,
which permitted up to fourfold variations in space velocity at constant
superficial feed gas veloclty. With purified synthesis gas produced by
steam-oxygen gasification of coal (42-47 mole % Ha, 31-32 mole % CO, 15-19
mole % CO2, 1-2 mole % CHy, 4-5 mole % No) complete CO and nearly complete
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Ha conversions were obtained at superficial feed gas velocities up to
approximately 0.7 ft./sec. Thls corresponds to a space velocity of

8000 SCF/cu. ft. catalyst-hr. at 150 p.s.l.g. At superficlal velocities
below 0.3 ft./sec., carbon recoveries in the product gas tended to be
low, possibly as a result of carbon depositlion on overheated, incom-
pletely fluildized catalyst. N : )

In a series of parallel tests with 2.8-3.4:1 Ho/CO ratio synthesis
gases containing only small amounts of COz, CHs and N2, no significant
CO breakthrough was observed at space veloclties as high as 9000 SCF/cu.
ft. catalyst-hr. at 27 p.s.l.g., and 15,000 SCF/cu. ft. catalyst-hr. at
75 and 150 p.s.l.g. Satisfactory operation in all other respects was also
obtalned over a superficlal feed gas veloclty range of 0.1-3.3 ft./sec.,
except for one instance of apparent low carbon recovery in the product
gas at 0.1 ft./sec. and 150 p.s.i.g.

In an additional serles of tests, the effect of 20-30 mole % COz
dilution of 3.2-3.8:1 H»/CO synthesis gas was investigated at pressures
“of 75, 150 and 300 p.s.i.g. At gas feed rates corresponding to space .
veloclties of 7000-23,000 SCF/cu. ft. catalyst-hr. and superficilal velo-
cities of 0.2-2.4 ft./sec., no significant CO breakthrough was observed,
and carbon recoveries in the product gas were approximately 100%. .

The 1.049-1inch inside diameter reactors used in the last serles and
in subsequent tests had approximately 60% more annular space than the
reactors used Initially, since the diameter of the thermowell had been
decreased from 0.8%0 inches to 0.675 inches. . As a result, catalyst bed
depths and superficial gas velocltles at equivalent operating conditions
-were about 60% of the values with the original reactor design. This
was probably responsible for an increase In the maximum temperature level
of the catalyst bed from 650°-750°F. to 690°-790°F. under condltions
giving essentlally complete CO conversion. )

A sumnary of the average yileld data for these three serles of tests
1s presented in Table 1. The data show the expected trend of increase
in methane content, and decrease in hydrogen content, of the product
gas as pressure 1s Increased. At 75 p.s.l.g., there was little sup-
pression of hydrogen breakthrough due to the effects of feed gas COz
content. However, at 150 p.s.l.g., substantlal reduction in hydrogen
breakthrough was observed at the lower space velocities. At 300 p.s.i.g.,
the combilned effect of high pressure and presence of COz 1n the feed
gas resulted In nearly complete suppression of hydrogen breakthrough
except at the very high space veloclties. The tendency toward increases
In hydrogen breakthrough with increases in space veloclty for the high
Ha/CO ratio synthesis gases was not clearly defined at all pressure
levels, possibly due to varlations in feed gas composition. In the
tests with the high COz-content 3:1 Ha/CO ratio gases there was a slight
reduction in the quantity of COz leaving the reactor compared to the
quantity entering. .

Although only some of the product gases had CO concentrations
readily detectable by the analytical procedures employed (mass spec-
trometer supplemented by infrared analysis), it appears that the carbon
monoxide shift reaction CO + HoO —» CO2 + Ha closely approached equili-
brium in all tests, since CO concentrations of less than 1 mole %, and
normally as low as 0.1-0.5 mole %, would glve experimental equilibrium
constants consistent with the theoretical values.

CATATYST PERFORMANCE

The important catalyst performance varlables are activity and total
conversion capaclty. In this study, activity 1s defined in terms of the

percentage of the synthesils gas Hs + CO content that ls converted to methane
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Table 1.-EFFECT OF OPERATING CONDITIONS ON FLUID-EED
METHANATION YIELDS WITH RANEY NICKEL CATALYST

C0z-Containing 1.5:1 H»/CO Ratlio Feed Gas

Pressure, p.s.li. 27

2300=
k400
0.56
0.07

52

10

Gas

g-
Space velocity, SCF/cu. ft. 1200-
¢cat.-hr.2 . 2200
Moles product gas/mole feed 0.56
Moles water formed/mole feed 0.07
Gas composition, mole % Feed Feed
CO, 16 51 16
co 31 - 32.
1 25 - 1
& 5 13 5
‘Essentially CO»-Free 3:1 Hpo/CO Ratio Feed
Pressure, p.s. 27
Space velocity, SCF/cu ft. 1000-
cat.-hr 79000
Moles product gas/mole feed 0.30
Moles water formed/mole feed - 0.23
Gas composition, mole % Feed
CO2 1 6
co - 24 -
He \ 74 11-14
CH% N h 0 78-75
' 1 5

COz-Containing 3:1 E,/CO Ratio Feed Gas

Pressure, p.s.l.g . 75 150
Space velocity, SCF/cu ft.. 8000-  7000-
cat.-hr 23,000 21,000
Moles product gas/mole feed 0.45 0.Ls
Moles water formed/mole feed -~ 0.20 0.20
Gas composition, mole % Feed
CO2 27 56 6
co 16 - >9" 5
Ho 56 5 2- 5
C 0 36 36
N2 1 3 >

5
1000-
15,000
0.30
0.23

11
78

Feed

25

17
57
o

1

150
1000=
15,000

0.24

300
7000~
17,000
0.43
0.21

54%-52
1-3
42

3

83pace velocitles outslde this range gave elther less than 90% carbon re-
covery in the product gas-or substantial CO breakthrough.
bReported No content of product gases may lnclude small percentage of CQ.
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or methane equivalent: % Ho-CO Conversion =

, N [(Moles Dry Prod. Gas) (Mole % cm-Equiv.) . (Mole % Cm-Equiv)]
100 \Moles Dry Feed Gas in Dry Prod. Gas in Dry Feed Gas
Mole & Hz + CO In Dry Feed Gas "

vhere the methane-equivalent 1s the sum of: mole percentage multi-
plied by carbon number for each gaseous hydrocarbon. At complete

" conversion to methane of any synthesis gas in the 1:1-3:1 H,/CO ratio
range by the necessary combination of Reactlons (4) and (5), or (4)

and (6), a value of 100% would be obtained. If ethane 1s also pro-
duced, the Hz-~-CO conversion based on the above definition could siight-
ly exceed 100%; however, the maxirum value at complete conversion of
0.75:1-2.5:1 Hz/CO ratio synthesls gases to ethane would be only 1144,
The total conversion capacity of the catalyst 1s defined as the weight
of net methane equilvalent per unit weight of original alloy nickel con-
tent, or the volume of net methane equivalent per unit weight of
original alloy, produced by the catalyst during the period in which it
maintains 70% H»-CO conversion or more.

Sulfur tolerance limits of standard fluld-bed Raney nickel cat-
alysts prepared by 65 and 85% aluminum conversion were determined to
establish synthesls gas purificatlon requirements. In these tests,
COz-containing, 3:1 H»/CO ratio synthesis gases having organic sulfur
ccentents (mainly in the form of CO3) of 0.5 to 4 grains per 100 SCF
were methanated at space velocities of 5000 to 13,000 SCF/cu.ft.
catalyst-hr. and 75 p.s.i.g. Each test was made with a fresh batch of
catalyst, and contlnued until most of the catalyst activity had been
lost. It was observed that the cataelyst activity dropred rapidiy to
less than 70 to 80% Ho-CO conversion when the total sulfur exposure
attained a level of approximately 0.5 1b./100 1b. of nickel. This
agrees quite well with similar sulfur poisoning test results obtained
in studies with supported nickel catalysts.3® It was determined by
measurement of HoS and organic sulfur liberated from a poisoned cat-
alyst by acid treatment that essentlally all of the organic sulfur
Introduced in the course of a test was removed by the catalyst. From
a linear extrapolation of these results, adequate- catalyst activity
could be expected for about 1500 hours when a gas containing 0.01
grain of sulfur per 100 SCF is fed at a rate of 10,000 SCF/cu.ft.
catalyst-hr.

Typical results of a catalyst life test with purified synthesis
gas are given in Table 2. In this test, H>-CO conversion dropped to
approximately 80% in 1010 hours of operation at 7% p.s.i.g.; at that
time, the pressure level was increased to 150 p.s.i.g., which resulted
in an increase in Hp-CO conversion to a level of asbout 90%.. However,
after 1300 hours of operation, the Ho-CO conversion dropped to 70% and
the run was terminated., Only 45% of the original catalyst volume (mea-
sured under methanol) was recovered, so the decrease of conversion
capacity cannot be ascribed solely to activity loss.

The COz-free heating values shown in Tzble 2 are lower than would
be desirable for use of the process as a source of a natural gas
supplement. This 1s typical of operation at relatively low pressure
and high space velocity with a high Hp/CO ratlo synthesis ges. However,
gas of approximately 900 B.t.u./SCF COa-free heating value was pro- .
duced for about 500 hours in a similar run in which the pressure was
maintained at 150 p.s.il.g. through the entire operating period. By
adjustment of the H»/CO ratio to minimize hydrogen breakthrough, and
reduction of the nitrogen content of the synthesis gas, it 1s also
possible to produce 900 B.t.u./SCF COp-free gas at 75 p.s.l.g. and
10,000 SCF/cu.ft. catalyst-hr. space velocity for limited periods.
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Table 3 summarilzes the test results for five extended runs in
which more than 1000 1lb. net CH4-equivalent/lb. N1 was produced. In-
cluded are results of an early test with a catalyst which was acti-
vated by three successive caustic extractions (No. 25C). It can be
seen that the conversion capacitles obtained after the first two ex-
tractlons were very small. Extended operatlon was possible only after
most of the aluminum had been extracted. Thils run was discontinued
voluntarily before the H>-CO conversion had decreased to the minimum
acceptable level.. In a test with another early catalyst preparation

.(No. 33A) it was possible to obtain a total conversion capacity of 2770
1b. net CH,-equivalent/lb. N1 by successive pressure increases from 75
to about 300 p.s.l.g. The attrition rate in this test was the lowest of
any completed so far; unfortunately, the analytical data for Catalyst
23A are not rellable, since they were obtained at a time when the oro-
cedures were still under development. For example, the significant
difference in the composition of fresh and recovered catalyst was not
observed in the three most recent tests (Catalysts 66B, 59B and 5942).
It has also not been possible to reproduce the composition of fresh
Catalyst 33A, which shows an unusually high nickel and low alunina con-
tent.

On the basis of the data of Table 3, at the currently quoted cost
of 90 cents per 1b. for pulverized 42 wt. % nickel-58 wt. % aluminum
Raney alloy in 25,000 1b. lots,2® alloy costs per 1000 SCF of methane—
equivalent would be in the range of 3 to § cents, assuming no nickel
credit for the spent catalyst. 1If these results could be duplicated
on a commerclal scale, catalyst costs should not be a major factor in
determining the final cost of producing pipeline gas from coal via the
methanation process .8 .

PILOT PLANT TESTS

The fluld-bed pilot unit was operated intermittently over a period
of ten months with the original 0.343 cu. ft. charge of caustic-extracted
b2 wt. % nickel-38 wt. % aluminum Raney catalyst. Nine runs with
steady-state periods ranging from 7 to 47-1/2 nours were made with a
cunulative steady-state operating perlod of 177 hours. During this time,
approxlmately 47,000 SCF of net methane-equivalent, corresponding to
125 1b./1b. Ni, were produced. Typlcal operating data from this series
of runs are given in Table 4.

The alloy used in the preparation of the pilot plant catalyst had
a bulk density of approximately 110 1b./cu. ft. Assuming no volume
change during extraction, the static bed height in the reactor would have
been approximately 2 feet. It appears from the temperature patterns
observed in the reactor at the higher feed rates that the actual bed
helght during operation was approximately 3 feet.

The feed gas was introduced through the two .lower inlets, with 2/3
or more fed at the bottom of the reactor, and the remainder at the 18-
inch level. Pressure levels in the reactor were generally increased
with increases in feed rate, so that the superficial bottom feed gas
veloclty was maintained in the 0.2-0.6 ft./sec. range (calculated on the
basls of inlet temperature, reactor pressure and cross-sectional area of
the empty.reactor). To maintain product gas quality as throughput rate
and pressure were increased, it was necessary to increase the catalyst
bed temperature from approximately 7O00°F. at space veloclties of less
than 1000 SCF/cu. ft. catalyst-hr. to 900°F. at space velocities of
5000 to 6000 SCF/cu. ft. catalyst-hr.
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Complete CO conversion was obtained over the entire range of
space velocities investigated, and H»-CO conversions were normally above
90%. Some of the variation in the Hz-CO conversions was the result of
small changes in fesd gas Hp/CO ratio. The product distribution was
very close to equilibrium values®’** calculated on the basis of Re-
actions (4) and (6), except when catalyst activity limlted H2-CO con-
version at high space velocitles and relatively low temperatures. Re-
duction in temperature of avproximately TO°F. below the level necessary
to maintain equilibrium conversions resulted in a significant increase
in H, breakthrough, COz formation, and total dry product gas volume,
accompanled by a decrease in CH, concentration (compare the two test
periods reported for Runs P-11 and P-15). The Increased amounts of com-
bined oxygen (C0z) and free . hydrogen in the product gas were balanced
by decreased water formetion. At temperatures high enough to maintain
adequate catalyst actilvity there was little net carbon dloxide formation.

The catalyst bed temperature increase with 1lncreases in through-
out rate was accompanied by a decrease in Dowtherm inlet temperature
from approximately TOOCF. to 600°F. This indicates that 1t was possible
to remove the exothermic heat of reaction at the lower space velocities
under essentially isothermal conditions, whereas at the high through-
put rates a temperature difference of approximately 300°F. between
the catalyst bed and the Dowtherm was requlired. For a heat of reaction
of approximately 100,000 B.t.u./pound-mole of methane (equivalent to
approximately 65 B.t.u./SCF of Hz + CO converted), and assuming an
actual catalyst bed height of 3 feet equlvalent to a heat transfer
area of 8.7 sq. ft., the overall heat transfer coefficlent between the
catalyst bed and the clrculating Dowtherm was on the order of 50 B.t.u./
hr.-sq. ft.-9F. It 1s estimated that the overall coefficient for the
cooling bayonets was actually on the order of 100 B.t.u./hr.-sq.ft.-°F.
because of" the lower Dowtherm fllm resistance at the high flow rates in
the bayonets as compared to the jacket.

The test program with the original charge of catalyst was dis-
continued because of excessive pressure drons through the reactor. In-
spection of the reactor offtake section showed that the four 1-1/2 X
9-inch porous stainless steel gas filters were clogged with a considerable
quantity of catalyst fines. Since this condition was probably aggra-
vated by the offtake design and inadequate filter area, these equipment
components were modified by the addition of a 16-inch diemeter x 2-
foot section to the disengaging zone. Thils section housed four 3 x 18-
inch »norous stalnless steel fllters with a combined area three times as
large as that of the original installation. .

In addition, the 1/2-inch Schedule 40 cooling bayonets were en-
larged to 3/4-inch Schedule 40 pipe to give an increase of approxi-
mately 25% in the cooling surface to catalyst volume ratio (17.0 sg.
ft./cu. ft. to 21.% sq. ft./cu. ft.). The gas inlet system was also
enlarged to reduce the high pressure drop encountered at the higher
gas rates. It was hoped that these changes would permit attaimment of
the nominal 3000 SCF/hr. synthesis gas capacity desired for integrated
pllot plant operation. ’

The modified reactor was operated at approximately 100 p.s.l.g. wlth
a catalyst charge consisting of approximately 1/3 recovered catalyst from
the preceding test period, and 2/3 of catalyst vrepared by the original
procedure, which had been stored under water for nearly one year. The
total catalyst volume, measured under water, was approximately 0.5 cu.
ft. In two runs totalling 44 hours of steady-state operation with
Ha/CO ratio synthesis gas produced b reforming of natural gas, feed gas
rates ranging from 1400 to 3300 SCF/hr. were investigated. Gases of
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about 900 B.t.u./SCF and 84 mole ¥ CH, content were produced up to
the highest feed rate, confilrming that the desired capacity of the
reactor could be attained. Typlcal run data for the modified reactor
are given in the last two columns of Table 4. They indicate sub-
stantially lower hydrogen breakthrough, and somewhat higher H--CO
conversion, than were obtalned with the original catalyst charge
and reactor design.

On the basis of these pllot plant test results, 1t appears that
a practical full-scale, dense-phase fluld-bed methanation reactor can
. be designed for high-capaclty, one-pass operation, although such a
reactor will have a relatively shallow catalyst bed. For example,
at typlcal operat conditions of 1 ft./sec. superficial feed gas
veloclty, 5000 SCF/cu.ft. catalyst-hr. feed gas space veloclty, 30Q
p.s.i.g., 750°F. catalyst bed temperature, 550°F. coolant temperature
and at a heat transfer coefficient of 100 Btu/hr.-sq.ft.-°F, a l0-foot
diameter methanation reactor would require about 2500 l-inch tubes for .
heat removal, and would contain an unexpanded catalyst bed about 6.6
Tt. deep, equivalent to an unexpanded catalvst volume of 360 cu.ft. .
‘Such a reactor would handle a synthesis gas rate. of about 1.8 million
SCF/hr. corresponding to a methane production rate of about #50,000
SCF/hr., or over 10 million SCF/day. Iean-phase fluldization may give
more flexibility of operation; each of the two reactors constructed by
. the M. W. Kellogg Company for SASOL in South Africa reportedly handles
9.5 million SCF/hr. of synthesis gas at .5000 tons/hr. catalyst.cir-
culation.?

INTEGRATED PIPELINE-GAS-FROM-COAIL OPERATION

The process steps shown iIn Flgure 5 were Investigated in a
. number of exploratory runs. -Although only short on-stream periods
were possible because of rapld catalyst fallure, the lndicated operating
conditions and results should be representative of those attainable in
steady-state operation. The catalysts used in these runs were prepared
before the activation, handling and startup procedures described in the
preceding sections had been developed. Catalyst fallure appeared to be
the result of attrition or disintegration, which caused lifting of the
bed into the disengaging and filter zone of the reactor, where severe
overheating occurred.

The deslign and operation of the suspension coal gasifier have been
fully described elsewhere.3* However, the use of CO> iInstead of air
to pressurize the coal feed tank was a departure from the previous pro-
cedure, necessltated by the requirement for a low Nz content of the
synthesis gas when a high-heating-value product gas i1s desired. Inter-
mediate partially purified symthesls gas storage was provided, since the
generating capaclty under the preferred operating conditions 1s 20,000
SCF/hr. for limited on-stream periods, whereas the nominal capacity of
the remainder of the plant is 3000 SCF/hr.

One of the major problems of Integrated operation lmvestigated
in the exploratory pillot plant tests was synthesls gas purification.
The use of fixed-bed iron oxide purification (9 1b. Fex03/bushel) .for
bulk HoS removal, and of separate CO> removal from the methanated gas,
1s probably uneconomical in comparison to hot carbonate, ethanolamine
or Rectlsol scrubblng of the raw synthesis gas for combined Ha3, CO2
and partial organic sulfur removal.2°12s17221,28:37 ysyeyer, the scheme
employed here has the advantage of allowing COz to remain in the purified
synthesis gas, which’is beneficial for two reasons: first, it inhibits -
hydrogen breakthrough and carbon formation, and second, 1t provides a

diluent as a heat sink for some of the exothermic heat of reaction with-
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out the use of gas recycle. Further, In relatively small-scale oper-
ation, the highly effective trouble-free and well known iron oxide
purification technique appeared preferable from practical consider-
atlons.

The organic sulfur (COS and CS2) concentration of 10 grains/100
SCF used in Figure 5 1s only nominal, since 1t varied counsiderably with
the sulfur content of the coal. In one test with a ¥ wt. % sulfur con-
tent bituminous coal, the raw gas after bulk HsS removal contalned 26
grains of organic.sulfur per 100 SCF; satisfactory operaticn of the
_.purification system at 3200 SCF/hr. feed rate was still obtained. How-
ever, In view of the limited capacity of activated carbon for organic
sulfur removal at high partial pressures of C02,3%° it would have been
desirable to reduce the load on the carbon towers by the addition of
another conventional purification step for selectlve catalytic conversion
of COS and CS» to HsS by hydrolysis and hydrogenation.'® With the scheme
showvn in Figure 5, the synthesls gas bypassing the CO shift reactor had
the original organic sulfur content, although the remainder contained
only a smell amount, since COS and CS» conversion proceeds simultaneously
with catalytic CO shift. The resulting reappearance of Ha3 was easily
handled by a second set of small iron oxide towers.

The final CO2 removal step shown in Pigure 5 had not yet been put
into operatlion when the pilot plant program was interrupted to overcome
catalyst problems. In practice, it 1s unlikely that monoethanoclamine
scrubbing would be competitive with other processes, such as hot car-
bonate, at the high CO> concentrations and pressures lnvolved.2’12

CONCLUSIONS

The technical feasibllity of a pipeline-gas-from-coal process
utilizing a fluid-bed, partially extracted Raney nickel alloy catalyst
for the synthesis gas methanation step was demonstrated. However,
rapid mechanical deterioration of this catalyst occurred frequently
wilthout a clear indication of the exact causes. This problem was over-

‘come on a laboratory reactor scale by careful control of the caustic
leaching step employed for activation of the alloy, by predrying of the
catalyst to Ilnsure a free-flowlng, readily fluidizable charge, and by
slow startup in hydrogen. However, successful use of these techniques
in the operation of a pilot-plant-scale reactor has yet to be demon-
strated. In process variables studies, the use of COz-containing, 3:1
H»/CO synthesls gases was shown to have a beneficial effect on Hz-CO
conversion to methane under operating conditions where the catalyst
activity was sufficlent to permit close approach to equilibrium of the
CH4-C02-H20-CO-K: system. Organic sulfur tolerance of the catalyst at
high contamination levels was approximately 0.5 1b./100 1lb. of nilckel,
indicating the need for purifylng synthesis gas to a sulfur content of
less than 0.01 grain/lOO SCF if active catalyst 1life is not to be
limited below a practical economic level. The total catalyst conversion
capacity with purified synthesis gas at 10,000 SCF/cu. ft. catalyst-hr.
synthesis gas space velocity,and operating pressures of 75-150 p.s.i.g.,
was approximately 20,000 SCF of methane/1b. of original Raney alloy,
or 2000 1b. of methane/lb. of nickel. This corresponded to an active
catalyst life of 1000-1500 hours and an original alloy cost on the
order of 5 cents/1000 SCF of methane. Since generally less than half
of the catalyst was recovered at the end of a test of this duration,
1t appears that catalyst life was limited by attrition rather than by
deactivation.
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