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PROCESS ANALYSIS OF COAL HYTROGASIFICATION
WITH STEAM AND RECYCLED HYDROGEN
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Processes currently under investigation for the production of
pipeline gas when needed comprise 1) direct pressure hydrogenation
or hydrogasification of hydrocarbonaceous materials as coal and oil
shale and 2) catalytic conversion to methane of synthesis gas from
coal gasification. Although the latter is the tecnnically more ad-
vanced method for synthesis of high heating value gases, coal nydro-
gasification is considered the more acceptable process for adoption
for three principal reasons 1) achievable large reduction to potential
elimination of oxygen requirements 2) elimination of sulfur purifica-
tion necessity except in product gas, and 3) improvement in thermsl
efficiency through reduction of exothermic heats of reaction.

The hydrogasification process requires external nydrogen, which,
as with the synthesis gas methanation process, is obtained, of course,
through steam decomposition. The requisite steam decomposition pro-
ceeds either by 1) catalytic or partial-combustion reforing of a por-
tion of the product gas or of the primary natural gas supply prefer-
ably in those instances where nearly complete conversion of solid fuels
to high Btu gas may be realized, i.e. hydrogasification of lignite,
reactive non-caking subbituminous coals and chars, oll shale and tar
sands or 2) oxygen-steam gasification of solid fuel residues from in-
complete hydrogasification of less reactive coals and coal chars.
Generally, pressure hydrogasification will not readily convert much
over 50% of the carbonaceous matter of wost bltuminous coals, and due
to thermodynamic and kinetic limitations, product gases contain wmoder-
ate quantities of unreacted hydrogen.

Since costs chargeable to hydrogen praduction represent a wmajor
portion of the total cost of pipeline gas, a potentially advantageous
modification of the coal hydrogasification process comprises 1) methane
separation by liquefaction or other suitable means to insure maximum
heating value of the product gas 2) recycling of the recovered hydrogen
to insure full utilization of the gasifying medium and 3) admission of
steam in the reactor hydrogasification zone to promote additional hydro-
gen formation via steam decomposition from the exothermic heat of the
coal hydrogenation reactions, thereby improving the heat balance and
further decreasing fuel requirements. To be economically attractive
the advantages gained must, of course, outweigh the cost increment of
product gas separation. o

The key concept of the hydrogen recycle process is gasification of
coal by simultaneous reaction with steam and recycled hydrogen at
elevated pressure and temperature to achieve as near as possible a ther-
mal balance between exothermic and endothermic reactions and to sub-
stantially eliminate external hydrogen requirements. The hydrogen pro-
duced internally by this scheme would be supplemented by water-gas shift
of the hot product gas with additional steam to convert available carbon
monoxide. An evaluation of process feasibility requires a thermodynamic
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analysis of the C—HQ-HZO and C-H.-H,0-0, systems supplemented with
interpretation of available kinetic data.

THERMODYNAMIC ANALYSIS OF COAL GASIFICATION
WITH STEAM AND HYDROGEN

I. Definition of the Process

Fig. 1 shows a schematic diagram of the proposed coal gasifica-
tion process. Recycled hydrogen is assumed at 800°F. throuch heat
e“cnange with the product gas. Process steam 1s assumed superheated
to 1000°F. from an external source. For fixed-bed operation the
solid fuel may be fed at the top of the reactor, and for fluid-bed
operation the coal charge may be injected with the hydrogen feed
stream. After prellmlnary cleaning of dust, the raw gas, comprising
essentially CHs, Ha, CO, CO and unreacted steam 1is passed to cat-
alytic weter-gos- Shlfu. The gas, then at anoroanateTy 1000°F., 1is
cooled in the hydrogen recycle heat exchanger, scrubbed with water to
eondense unreacted steam, and purified of COz, HaS and other sulfur
bear gases prior to methane separation by liquefactlon. Some

Wwahbenenu of heat exchangers as shown would e necessary to pre-
serve refrigeration economy in liquefaction. The liquid methane could
be vaporlzed and the cold Hp reheated by the incoming warm gases. The
warm Hp 1s recompressed by a booster to complete the recycle circuit.

This process may not necessarily require a water-gas shift step,
\nlcb event the recycled gas comprises 2 mlxture of hydrogen with
erate amocunts of carbon monoxide. Some CO shift would presumably
r in the gasification reactor itself, since moderate excess steam
d 2lvays oe present at the recycle gas introduction point. How-
r, the presence of CO may interfere with the efficient separation

:+ by liguefection. If a water-gas shift reactor 1s used, then
et _wecoulo ve separaued from the CHs-Hz wmixture by molecular
ion "diffusion™ cascades, as an alternative to llquefacclon.
In the process analysis, which will be directed to operating con-
n
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s of the reactor it is assumed that reuycled gas consists of
gen only The important variables to be established are tempera-
31d Hreqsuvc: to make the vprocess thermodynamically feasible.

e criteria of feasibility are 1) heat requirements of the reactor

v ¥CF of methane produced, end 2) ratio of hydrogen praduced to
Ldlogen consumed in the process. An analysis of the equilibria and
neﬁ* effects of the C-Hz-H,0 system is first necessary to establish
whether the process can be operated without oxygen as a source of heat
through partial combusstion.

II. Thermedynamic Analysis of C-Ho-H20 System
A. Defining Bguations
The system is completely defvned by the reactions:
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C + 2Hy —> Cis Reaction 1
C + H,0 —> CO + H» " Reaction 2
€O + HzpO — COx .+ Ha Reaction 3

The concentrations of the five gaseous components sre solved by. a pro-
cedure of Parent and XKatz.®? The material balance (Table 1) and rela-
tionships are: .
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Table 1.-MATERTAL BRATANCE OF THE C-Hp-H20 SYSTEM

(1)

Initial Amount Equilibrium Equilibrium Molar
Moles/Mole Inlet Partial Pressure, Quantities, Moles/
Component Steam Atm. Mole Inlet Steam
C excess -- -
Ha a X 7 b4
H20 1.0 Y y
(o]0] 0 A z
COz 0 M m
CHs 0 W W
Total 13 N
a) Reaction 1. Equilibrium, for ideal gases
Ky = w/?g X2
where 7. = activity of carbon to hydrogenation

c

b) Reaction 2. Bquilibrium, for ideal gases
Kz = ZX/%" Y

where 76' = activity of carbon to steam

¢) Reaction 3. Equilibrium, for ideal gases
Ka = XM/2¥
d) Hydrogen balance
a=x+y+2aw -1
e) Oxygen balance
y+z+2m=1 )
f) Carbon balance

c. =2 +m+ w = moles carbon gasified pér mole
g ’ inlet steam

g) Total pressure .
P=X+Y+2+M+W
h) Total moles at equilibrium
N=x+y+2z2+m+Ww
The following solution from Equations 1, 2, 3 and 7 obtains:
a) CHs partial pressure, Atm

w=K1?’cx2

b) Hz0 partial pressure, Atm

(2)

(7)

(8)

(9)

X(X+K2 7, ") [ 4KeKa ¥,* (P-X-W)
Yo —— " | -1+ 1+ : (10)
2K2Ks 7" (X + K2 7,7)2

¢) CO partial pressure, Atm

Z = KX X0/X (11)
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d) CO, partial pressure, Atm

M=P-X-Y-2-W=KYZ/X (12)
For selected temperature, total pressure and assumed carbon activity,
equilibrium partial pressures are computed successively by assigning

arbitrary X values, or hydrogen partial pressure. Molar quantities
are found from:

a) multiplication of the oxygen balance (Equation 5) by P/N, ylelding:

N =p/ [y+z+2M] ) (13)
b) law of additive pressures: . :
X = NX/P, vy = NY/P, z = NZ/P, m = \M/P, w = NW/P (1%)

The required Hap/Ho0 inlet molar ratio for the system, from Equation-

4, must be zero or positive for a valid solution. Equation 6 yields the
quantity of carbon gasified, and: the gas composition 1s defined by the
molar quantities. The fraction of steam decomposed, SD, is glven by:

SD = 1-y (15)

One criterion of process feasibility is the ratio, R, of hydrogen
produced to hydrogen consumed, taking into account the CO as equivalent
to hydrogen,

- l-y+z moles H, avallable
R 2w’ mwoles Hdp consumed (16)

As a basls for correction of R for actual fuels, experimental
data of Channabassappa and Linden on bituminous coal containing about
75 welght % carbon, and 5 weight % hydrogen, (dry basis) indicate that
approxim tely 80% of the coal feed hydrogen content appears as CHs and
higher hydrocarbons in the product gas.2 An approximation of the quan-
tity of hydrogen available from coal for hydrogesification, expressed
as moles/gole inlet steam, is therefore taken to be 0.8 Ty Cg/?, where

RH = hydrogen/carbon molar ratio in coal, and £ = fraction carbon gas-

ified. With a coal feed containing 75 weight % C and 5 weight % H, and
95% carbon gasification, this becomes (0.8%(0.4)08/0.95 = 0.336 Cg- The

corrected ratio, R, hydrogen avallable to hydrogen consumed, may be
written for thls case:

1-y+z+0.336c
R' = —__'7§F—*__5 (corrected for coal) (17)
The recycle gasification process will be independent of an extermal
source of hydrogen if R'= 1.0.
The second test of process feasibility is the net heat effect of
the system,'AI%P in Btu/lb. mole CH, produced. This 1s given by:

AHp = AH, +%; [(l-m-y) AH, + mAHas + C

+ AHﬁZO]

where AH,, AH>, AHa = heat of reaction, in Btu/1b. mole, of Reactions
1, 2 and 3, respectively, with reactants and products at the temperature
of the system, and AH = enthalpy of reactant, Btu/lb. mole, between -
inlet and system outlet temperature.

Thermodynamic equilibrium constants and enthalpy data of the Bureau
of Standardsiz were used 1in all calculations.

gAHC + a AHH2 - (18)
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. Equilibrium Computations

The range of varlables considered for the C-Ha-Hz0 sgstem are
50,100 and 200 atmospheres, and 1000, 1100, 1200 and 1300°K. with
609F. inlet carbon, 100Q°F. .inlet steam, and 800°F. recycled hydro-
gen. The activity of carbon, 7.', with respect to the carbon-steam
Reaction 2 is taken at unity in~“all cases.” Since experimental re-
sults on coal hydrogenation have demonstrated that methane concentra-
tions based on A& -graphite-hydrogen equilibrium can be exceeded by

‘as much as 10-20%,2 it 1s necessary to consider at least two activi-

ties of the carbon, i.e., 7 = 1.0 and 1.5, with respect to the car-
bon-hydrogen Reaction 1. THe choice of > =1.5 results in CH4 con-
centrations approximately 20% in excess off/B -graphite-hydrogen equil-
ibrium.

Results of the computations, the majority of whlch were performed
on an ALWAC IIT digltal computer, are listed in Table 2; although
many more results were obtained than are tabulated there, those pre-
sented are selected as representative of conditions for which the
ratios: Ha available/H. consumed, are within the range 0.5-1.%. These
data can be plotted against Hz/Hz0 inlet molar ratio to determine con-
ditions for wvhich R is exactly 1.0, the point at whlch the process, at
equilibrium, would be 1lndependent of external hydrogen.

Typical plots over a wide range of Hp/H-0 inlef molar ratios are
given in Fig. 2 for 200 atmospheres, 7 = 1.0, 1200°K. (1700°F.) and
1300°K. (18§O°F.). In these plots the®equilibrium gas compositions
and heat effects are shown, and two curves for Hp available/H. consumed
are included: one for pure carbon and one far coal contalning 75 welght
% C and 5 weight % H. It can be seen for the conditions 200 atmospheres,
= 1200°K. (1700°F.), and % = 1.0 (Fig. 24), that at a 1.0 ratio of H,
available/Hs consumed, with coal as fuel, the process is endothermic
by 35,000 Btu/lb. mole CHy, and that the equilibrium CH4 content is
nearly 30% (wet basis). The endothermicity decreases with increasing
Hz/H»0 inlet molar ratio; however, the ratio of H, available/H, pro-
duced also decreases. Thus at extremely high Hz/Ho,0 inlet wolar ratios
the process approaches thermal bslance, but requires external hydrogen.
At low Hp/Ho0 inlet molar ratios the process has sufficient hydrogen,
but lacks heat. This is as anticipated, since at low Ha/H20 inlet
molar ratios the endothermic steam decomposition reactions predominate
because steam is present in large excess, whereas at high Hp/H»0 inlet
molar ratios, the exothermic hydrogenation reactions predominate, since
hydrogen i1s present in large excess. ’

Therefore, the process cannot attain a self-balanced condition

rom the standpoint of both hydrogen and heat requirements at 200 at-
mospheres, 1200°K. (1700°F.), with 1000°F. preheated steam and 800°F.
preheated hydrogen. The same results are observed at 200 atmospheres,
1300°K. (1800°F.), and % = 1.0 (Pig. 2B), where, with a 1.0 ratio of
Ho available/Hg consumed®for coal as fuel, the heat requirement is
nearly 50,000 Btu/lb. mole CHs. An examination of all other conditions
given in Table 2 shows that process heat requirements are in the range
25,000-100,000 Btu/lb. mole CHs at the operating poilnt determined by a
1.0 ratio of H, avallable/H, produced. Thls heat deficlency will al-
ways prevail at all possible gasification temperatures.

Alternate methods for supplying the heat requirements are 1) high
preheat of reactants, 2) indirect internal heat exchange with a high-
temperature heat transfer fluid, or 3) partial combustion of coal with
oxygen wlthin the reactor. In view of the large heat deficlency and
the need for rapild heat transfer, the third alternative appears most
attractive. This automatically provides a hlgh-temperature zone where
a portion of the inlet steam is rapidly decomposed, deslrable because
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steam decomposition rates are relatively slow at the temperatures wost
favorable to high methane production rates. ince equilibrium steam

decompositions cannot be achieved in practice, the C-H;-Ho0 systen
with oxygen admission is analyzed below on the more realistic basis of
equilibrium attained only in the’ carbon-hydrogen and water-gas-shift
reactions, with arbitrary assignment of steam decomposition values.
III. Thermodynamic Analysis of C-Hp-Hz0-0, System with Arbitrary Inlet

‘Steam Decomposition .
-A. Defining Equations

The system is completely defined by Reactions 1 and 3 in equilib-
rium, Reaction 2 nonequilibrium, and Reaction &4 to completion:

C+0p —> COp - Reaction 4

The method of solution iIs simllar to that glven for the C-Hz-Ho0 system.
The material balance is given in Table 3.

Table 3.-MATERIAL BATANCE OF THE C-Hp-H,0 SYSTEM WITH OXYGEN

Initial Amount Equilibrium Equilibrium Molar
o Moles/Mole Inlet Partial Pressure, Quantities, Moles/
Component Steam Atm. Mole Inlet Steam
C excess - --
Oz b 0 0
Hz a X X
Hz0 1.0 Y y
co 0 Z z
CO, 0 M m
CHs 0 W W
Total T n

A1l previous materiai balance and equilibrium relationships apply except
that Equation 2 is not used, and the new oxygen balance becomes:

y+z+2m=1+ 2D (19)

By manipulation of Equations 1, 3, 7, 15 and 19, the solution for partial
pressures and total wmoles at equilibrium may be written in iterative form:

a) CHs partial pressure, Atm.
W=K Y, X® (9)
b) CO partial pressure, Atm. :

1 [ x(1+q) e /
Z = [—&L— + 2e} [ 1- \/1" e m1+a?/&+2e12' (20)

where d = §¥:§E29

e=P-X-W
SD = fraction steam decomposed

¢) COp partial pressﬁre, Atm. -

M= 2 Xd
/ [m = ?] . (e1)
d) Hz0 partial pressure, Atm.
Y = P-X-M-Z-W = XM/KaZ : (22)

e) Total moles at equilibrium/mole inlet steam
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‘N o= P(1+2b) /(Y + Z + 2M) (23)

By assigning arbitrary X (Hz partial pressure) values, equilibrium
concentrations of all other components are computed for a given temp-
erature, pressure, oxygen/steam inlet molar ratio, essumed steam de-
composition and assumed activity of the carbon. Gas compositions are
computed from Equation 1%, and the amount of carbon gasified from
Equation 6. The inlet Hp/Ho0 molar ratio is determined by Equation &,
for the case of pure carbon as gasification fuel. The ratio may be
corrected for hydrogen available from coal as gasification fuel. Under
the conditions assumed in the derivation of the previous correction
term, the actual Ho/H.O inlet molar ratio, a', to the reactor, with
coal as fuel, would be: :

' =x +y+2w-1-~ 0.336 g (24)

One feasibility criterion of the recycle gasification process with
oxygen admission is again the ratio H, available/H, consumed, Equations
16 and 17. 1If this ratio is equal te or greater than unlity, the pro-
cess will be independent of an external hydrogen source. By selection
of the proper 0/H20 inlet molar ratio, the process may be made ther-
nally balanced or slightly exothermic to compensate for heat losses.
The net heat effect, Btu/lb mole CHs produced, is written in the form:
AHR = AH; +%z [ (1 -m-1y) AH: + mAHs + DAHs + chHc + )

a8Hy + DAHy + AHy ] e : {25)

where AH;, 4 Ho, 8 Hz; and A Hs = heat of the respective reactions, in
Btu/lb mole, with reactants and products at the temperature of the
system, and AH = enthalpy of reactant, Btu/lb. mole, between inlet and
system outlet temperatures.

An additional calculation for judging the potential efficiency of the
gasification process comprises estimation of reactant requirements per
MCF CHa produced: i :

a) Lb. steam (reactor only) = 47.5/w
b

(26)
) Lb. carbon = 31.7 ¢_/w “(27)
) Lb. coal (75% C, 5% H, at 95% carbon gasification) = 44.5 cg/w (28)
) SCF Oxyzen = 1000 b/w (29)
) Fraction carbon gasified to CH, = w/cg (20)

td ®© a O

. Bquilibrium Computations

A limited number of calculations were made at conditions believed
favorable for the practical operation of the proposed process. The
choice of conditions is based on:

a) Inlet steam decompositions in the range 30-50%, comparable to those
achieved in oxygen-steam gasification of pulverized coal,®’!! or in
oxygen-steam fired fixed-bed gasification processes,!’*?

D) Experimental data on the hydrogenation of coal char in the presence
of steam indicate that methane formation rates are too slow to te of
commercial interest at pressures below 30 atmospheres and tempera-
tures much below 1200°K. (1700°F.).'S Hydrogenation rates increase
moderately with pressure and rapidly with temperature. However,
temperatures above 1200°K. are thermodynamically unfavorable for
high methane content of the product gases, despite the increased
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hydrogenation rates. Favorable operating conditions appear to be
1200°K. (1700°F.) and 30-50 atmospheres. An increase to 200 atmos-
pheres would permit lower operating temperstures of the hydrogena-
tion zone, perhaps 1000-1100°K. (1340-1520°F.), to take advantage
of the more favorable thermodynamic conditions without significant-
ly affecting the hydrogenation reaction rates.

Results of the eguilibrium computations and heat effects at 50 and
200 atmospheres, 1200°K. (1700°F.) and 1.0 activity of carbon, are
glven in Figs. 3 and 4 for 30-40% steam decomposition and 0.1-0.15 05/

"Hz20 inlet molar ratio. All data are plotted against Hp/Ho0 inlet molar
ratio based on pure carbon.as fuel. 1If desired, a correction may be
ag?lied for Ha/H-0 inlet molar ratios based on coal as fuel (Equation
24). The plots show general trends:

a) The ratio Ho available/Hzlébnsumed decreaseslfrdm Qalues greater
than 1.0 at low Hz/H.0 inlet molar ratios to values less than 1.0
. at high Ha/H20 inlet molar ratio.

b) Equllibrium CH, contents increase with Hp/H.0 inlet molar ratios..

¢) At the chosen OZ/HZO inlet molar ratios, the net heat effect, AHR
Btu per lb. mole CHs, 1s highly negative (exothermic) at low Ha/Ha0
inlet molar ratios, and becomes less negative at high Ho/Ho0 inlet
molar ratios.

The explanation of the trend of the AHp curve lies in the fact
that both the 0,/H.0 inlet molar ratio and total inlet steam decomposi-
tion were fixed at arbitrary values in these calculaticns. Under the
conditions assumed, the heat available from oxidation is always some-
what greater than that required to decompose the given amount of steaum.
At a low Hp/H,0 inlet molar ratio to the gasifier, the quantity of me-
thane formed is small. As a consequence the net heat effect per mole
CH, produced is highly negative (exothermic). At higher Hp/Ho0 inlet
molar ratios, the quantity of methane increases and more sensible heat
1s required to bring the reactants to the operating temperature, re-
sulting in a less exothermic heat effect per mole CHs produced.

In Fig. 34 for 30% steam decowposition, 0.1 0,/H.0 inlet molar
ratio, 50 atmospheres and 1200°K. (1700°F.), the gasification process
becomes independent of external hydrogen if the Ha/Ho0 inlet molar ratio
is no greater than 1.8, the int at which the rasio Hs available/H,
cconsumed (corrected for coal) approaches unity. At this point, 1) the.
net heat effect is practically zero with 800°F. preheated recycled
hydrogen, 1000°F. steam and 60°F. coal and oxygen, and 2) equilibrium
methane content of the wet gas 1s approximately 15% (21% dry basis).
The process would require H, recycle in the ratio 3.5 moles/mole CHa .

In Fig. 3B, for 40% steam decomposition, 0.15 0/H20 inlet molar
ratio, 50 atmospheres and 1200°K. (1700°F.), the process would be in-
dependent of extermal hydrogen if the Hao/H20 inlet molar ratio were
no greater than 2.5, the point at which the corrected ratio, for coal,
of H, available/H, consumed approaches unity. In thls case the net
heat effect 1s again practically zero for the same reactant preheats,
and the equilibrium methane content of the wet gas is approximately 18%
(22% dry basis). Under these conditions, the required H: recycle is
3.4 moles/mole CH, produced.

In Fig. 4A, 30% steam decomposition, 0.1 02/H»20 inlet molar ratio,
200 atmospheres and 1200°K. (1700°F.), the process would be hydrogen
self-sufficient at H»/H-0 inlet molar ratios no greater than 0.75, the
point at which the corrected ratio, for coal, of H: available/H., con-
sumed approaches unity. Here the net heat effect is approximately
20,000 Btu/lb. mole CH, exothermic, which would be sufficient to com-

‘pensate for radiation and convection heat losses. The equilibrium .
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methane content is aDproxlmaueWY 18% on the wet basis, (30% dry basis),
and the process would require Ha recycle of 1.8 moles/mole CHs pro-
Guced.

In Flg. LB, 40% steam decomposition, 0.1 Oz/Ha inlet molar ratio,
200 atmospheres and 1200°K. (1700°F.), the process would again be self-
sufficient with respect to hydrogen 1f the Ho/Hz0 inlet wmolar ratio
were no greater than 1.0. The net heat effect is less exothermic than
in the previous case, approximately 10,000 Btu/lb. mole CHs at the same

reactant preheats. The egulilibrium methane content is approximately
21% on the wet basis, or 31’ dry basis, with a requlired H, recycle of
1.7 moles/mole CHs4 produced.

These results demonstrate that operating condwtlons can be found
wvhere the proposed process, with 0, admission and Hs recycle, appears
tnermodynamically feasivle. It should be noted, since oxygen is re-
quired, that the process reduces to an adaptation of the Lurgl pressure
gasifier with provislon for Ha recycle in the upper portions of the fixed
fuel bed, or to an adaptation of present fluid-bed coal hydrogenation
reactors with provision for addition of steam and oxygen elther in the
same reactor or in & separate vessel to gasify the coal residue. Since
thls method of methane production by Hp, recycle talkes advantage of the
exothermic heat of coal hydrogenation to compensate in part for. the
endothermic heats of the steam decomposition reactions which continue
1o occur to a small extent at njd“ogedatlon temperatures, 1t appears
that by virtue of the potentially greater thermsl efificiency, toth
o“joen and coal requirements per HCF CHs can be reduced from those of
cther gasificatlon processes. The potential magnitude of this reduction
can te seen from a comparison of the theoretical material requirements
n Tetrle d, vased on Figs. 3 and 4, with actual requirements for several
sification processes operated on leou plant and large scale (Table

In Table %, the oxygen and coal reguirements based on Figs. 3A and
vere lncreased by 20% to compensate for radiation and convection heat

sses, since the theoretical heat effects were not sufficiently exo-
hermic for these two cases.

Table U.-THEORETICAL MATERIAL REQUIREMENTS (REACTOR ONLY)

. FOR METHANE. PRODUCTICN BY “YDROG:N RECYCLE
AND OXYGEN-3TEAM ADMISSION

b NI
O \/CJ

Refersnce Flgure ig. 34 Fig. 3B Fig. 44 FPig. 48
Conditlons: : .
Pressure, Atn., 50 50 200 200
Outlet Temp., °F. 1700 1700 1700 1700
02/H20 Inlet Molar Ratio 0.1 c.15 0.1 0.1
Ha/H.0 Inlet Molar Ratio 1.8 2.4 0.75 1.0

nlet Steam, °F 1000 1000 1000 1000
Recycled Hydrogen, °F. 800 800 800 800
Inlet Oxygen, °pF. 60 60 €0 60
Inlet Steam Decomp., % - 30 40 30 Lo

Requirements/MCF CH,:

Pure Car con, 1o. 73.5% T4 . 5% 6,5 . 63
Coal, 2t §5% Gasification, 1b. 103* 104+ 30.5 88
Sceaﬁ, 1b. 111 79 151 110
Oxygen, lOOc, SCF 280+ 208* 313 230
Oxygen, 95%, SCF 295* 31L+ 335 2L

Theoretical Percent Carbon
Appear ing as CHs 43 43 Lo 51

* Increased by 20% over theoretical values.
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' Table 5.-TYPICAL MATERIAL REQUIREMENTS FOR METHANE PRODUCTION
FROM SYNTHESIS GAS (COAL GASIFIER ONLY)

Process* USBM®  PAN* K-T*° IGT*' 13 wWes! PROD.:®

Nominal Conditions:

Coal Type Bit. Bit. Bit. Bit. Char Coke Barley

; Anth.
Pressure, Atm. 21 o1 1 7.5 ! 21 1 1
Cutlet.Temp., oF, 2500 2350 2300 2500 1100 1200 880
02/H20 Inlet Molar :

Ratio 1.5 0.65 0.81 0.45 |, 0.77 0.38 0.29
Inlet Steam, 9F, 625 930 250 1500 & 500 210 285
Inlet Oxygen, °F. 625 930 100 100 " 500 210 285
Inlet Steam .

Decomp., % 25 25 25 31 34. 54 52
Carbon Gasified, % 390 84 8s 92 . 97 99.5 99.4

Requirements/MCF CH,: ;
Carbon, 1b. 96.5 119 112 g3.5 84 100 87
Coal (or coke), 1b. 137 185 168 125 ~ 1l2 111 110
Steam, 1b. y2 77 85 131 360 152 154
Oxygen, 100§, SCF 1332 1060 1444 1248 584 1144 951
Oxygen, 95%, SCF 1408 1118 1520 1312 - 615 1204 1000

Percent Carbon
"~ Appearing as CHy by )
Methanation 33 26.7 28 34 38 32 36.6

*PAN = Panindco Process; K-T = Koppers-Totzek Gasifler;
L = Turgl Unit; WGS = Water Gas 3et; PROD. = Producer

The data in Table 5 were computed on the basis of 4 SCF CO-plus-
H> in synthesis gas from coal to yield 1 SCF CHs by catalytic methana-
tion. The material requirewments pertain only to the coal gasifica-
tion reactor. "Data for Lurgl pressure gasification were adjusted to
take into account the methane content of the raw gas.

ESTIMATION OF REACTOR SIZE FROM AVATLARLE DATA ON REACTION RATES

I. Reaction Rate Data

Comprehensive experimental data on reaction rates of nydrogen-
steam mix tures with carbon in the form of low temperature (Disco) char
have been reported by Gorin, Goring, Zielke and coworkers.®>’6714’:5
The data were obtained fyom a 1.5-inch I.D. fluidized bed of 65/100
mesh fuel particles, operated at 1-30 atmospheres and 1500-1700°F.
Methane production rates and total carbon gasification rates, expressed
as moles C gasified/mole C-min., were determined for pure Hz and for
Ho/H20 inlet molar ratios in the range 0.1-2.0 at carbon burnoffs or
percent gasifications of 0-100%4. The total carbon gasification rate is
the sum of the rate of CHs production and the rate of the steam reac-
tlons with carbon. Under the canditions of the investigations, the per-
cent utilizatlon of H, and decomposition of steam were small, so the
exit gases contailned only a few percent CHs, CO and CO». As a conse-
quence, the data do not take lnto account the retarding effects on the
rates as apprecilable concentrations of methane and other components
appear in the gas in a practical gasification system.

[

-

-
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The data reported by Zielke and Gorin*® indicate that steam has a
marked effect in increasing the methane-formation rate; the increase,
which is pressure dependent, ranges from 2 to 100 times the rate in a
pure H, atmosphere, at 1700°F. and 1-30 atmospheres total pressure.
The CH, rate increases with total pressure raised to a power between
0.1 and 1.5, depending upon Ho/H:0 inlet molar ratic and percent car-
bon turnoff, and decreases rapidly with decreasing temperature. The
total carvon gasification rete follows approximately the same trends,
except that af high Ho/E.0 inlet molar ratios this rate becomes equal
to the CHs rate by virtue of less steam being available for carbon gas-
ification under these conditions. The CH, formation rates for Disco
char cdo not appear to be sufficiently high at pressures below 30 at-
mospheres and temperatures less than 1700°F. to be of particular in-
terest commercially. .

To facilitate reactor calculations, plots of data are required
showing CHs formation and total carbon gasification rates at 50 atmos-
vheres as affected by HZ/HZO inlet molar ratio and percent carbon burn-
off. These graphs were obtained by first plotting the reported rates
azainst pressure (1-30 atmospheres) on logarithmic scales, for each
Ho/H20 inlet molar ratio investigated (0.32, 1.0 and 2.0) at 0-100%
carpon burnoff. The resulting nearly straight lines were extrapolated
to 50 atmospheres. The extrapolated points were then replotted in
the desired form, FFig. 5. Tne linear CH, rate plot, Fig. 5A, was ex-
tended (dotted linesT beyond the range of HZ/HZO inlet molar ratios
investigated. The total carvon gasification rate plot, Fig. 5B, was
also extended by continuing the trend of the curves (dotted lines) to
a %.0 Hp/H20 inlet molar ratio. In effect, Figs. SA and 5B are based
entirely upon moderate extrapolations; however, they are believed to
be Jjustified.

II. Reactor Design Estimate
&. Procedure

Evaluaticn, from the standpoint of kinetics, of the hydrogen re-
cycle gasification process with oxygen-steam admission, reguires an
estimate of the hydrogenastion zone fuel bed depth. To avold unnecessary
complications it is assumed that 1) the temperature gradient in the -
hydrcgenation zone of an actual reactor may be approximated with an
effective average temperature (1700°P.), and 2) the velocity distribu-
tion of gases at a given cross-section of the reactor may be approx-
imated oy piston-type flow at an average velocity (constant velocity
distribution).

The basic design relationship is given by a material balance’ over
a diiferential bped height, dh, in which an incremental quantity of CHs,
dny,, is rormed:

dny = rp db = -q F, dB (31)
where dB = incremental fractional burnup of carbon in the element of
fuel bed ‘
dnm = incremental CH, formed, lb. mole hr.-sq. ft. reactor cross
section
r_ = CHs formation rete, lb. mole/hr.-cu. ft. reactor

Q

= r /v, = ratio, CHs formation rate/total gasification rate

Fo = carbon input rate to reactor, lb. mole/hr.-sq. ft.
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For a fixed fuel bed, with countercurrent flow of gases with
respect to the coal feed, this relationship may be integrated graph-
ically over the limits from the start of the hydrogenation zone,

h = 0, where the burnup is Bp, to the top of the bed, h = H, where the
burnup B = O (fresh coal feedS: :

H 0 0

do _H _ B _  __ [ g¢B

g K. e L (32)
0 Bo Bo

At a fixed temperature and pressure the quantitles r,;, ry and q are de=x
pendent upon carbvon burnoff and the composition of the reacting gases.
An acceptable relationship to take into account the effect of gas com-
position in retarding the reactlon rates is given by the ratio of the
actual partial-pressure product of the reacting components to the equil-
ibrium constant of the particular reaction. By use of this coneept,

the recommended. forms of the rate equations are: - .

o
]

5 -pCI-'L:, } . : .. . [ pCO pH }
R_f1 -—=2 | +|R, - 1 - —2= 22 . (33)
& { Klszz 7(: . [ t %] - ) szﬁzo YC' 7

' Drgp. -

) %[1_.._&1;._] . | (54)

where R_,_1 = CH, formation rate given in Fig. 5A, uncorrected for retard-
e ing effects, 1b. mole/lb. mole C-min.

R, = total cerbvon gasification rate given in Fig. 5B, uncorrected
for retarding effects, 1lb. mole/1lb. mole C-min.

' = CHs formation rate, corrected for retarding effects, lb} mole/
1b. mole C-min.

By
1

R.' = total carbon gasification rate, corrected for retarding
effects, 1b. mole/lb. mole C-min.

p = actual partial pressure of gaseous components at polnt of
reaction, atm.

7% = activity of carbon with respect to hydrogenation reaction
)6' = activity of carbon with respect to cartbton - steam reaction

These rate equations are considered to give conservative results.S
The conversion factors between Equations 32-3L4 are:

r = 60/0Cyc R '/12 (35)
r, = 60/9cyc R.'/12 (36)
whereﬁc = bulk density of fuel, 1b./cu. ft.

¥, = weight fraction carbon in fuel

For practical purposes the product/Q Y. can be considered constant
throughout the hydrogenation zone, £8r°ruels of normal ash content.
By use of Equation 36, the design Equation 32 may be put in the form:
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(5 Pc,) [%;] - [ & (37)
. - ' 0 -
B. Fixed-Bed Reactor .

l. Design Conditions. The integral in Equation 37 is the area
‘under & curve of reciprocal total caroon gasification rate, 1/R.', '
plotted against fractional burnoff, B, in the hydrogenation zoné. Since
R.! (Equation 33) depends upon the partial pressures of gaseous consti-
tients and upon the burnoff at a given position in the fuel ved, a
material balance is required to relate the variation of gas ccmposition
with burnoff throughaout the fuel bed. The outlet gas composition of the
reactor 1s based on the equilibrium values given in Fig. 3B at the point
where the ratio H, available/H, consumed (for coal) is unity, for 1200°K.
(1700°F.), 50 atmospheres, 40% steam decomposition, 0.15 0/H.0 inlet
molar ratio, and 2.4 Ho/H.0 inlet molar ratio. This outlet composition
1s 47.2% Ha, 17-9% H20, 13.5% CO, 3.5% GO and 17.9% CHs.

. The calculation of gas composition variation with burnoff through

the fuel bed is based on, 1) hydrogen, oxygen and carbon balances, 2

80% of the hydrogen content of the coal released to appear in CH, in

the hydrogenation zone, weighted linearly according to percent carbon
burnoff, and 3) maintenance of water-gas-shift equilibrium. " The third
assumption 1s not strictly correct, since experimental evidence indicates
that the water-gas shift reaction may be far removed from equilibrium
under the operating conditions in coal gasification with Hz-H,0 mixtures.®
However, since the principal discrepancy would lie in the actual CO5/CO
ratio over that theoretically calculated, the assumption of water-gas -
. shift equilibrium will be sufficiently accurate. Final results of the
material balances are given In the following.

2. Material Balance for Oxidation Zone. Expressions for tre
molar gquantities of hydrogen %x‘{, steam (y'), carbon monoxide (z'),
carbon dioxide (m'), methane (w'), sotal moles (N'), and carbon gasi-
fled (cg'), as moles/mole inlet steam are:

w' = 0 (no CHiy) (38)
_ Ks (1-8D') (SD' + 2b) =
w' = SR (I-SDT + & SOT = o ' (39)
z' = 8D' + 2b - 2m! (ko)
y' =1 - 8Dt (41)
X' = Kay'z'/m' (42)
N' =x' +3' +2' +m' + w ©(43)
cg' =z' +m' +u -~ (ny)
Fractional burnoff in oxidation zone:
B! = 1 y
: Cq /cg {(45)
where SD' = steam decomposition in oxldation zone:
a' = Ha/H.0 nlet molar ratio corrected for coal. Note a' = O
prior to Ha recycle point .
b = 02/H.0 inlet molar ratio
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cg = carbon gasified at equilibrium outlet conditions of the
hydrogenation zone.

These relationshlps are readily solved for a given temperature
(which determines Ks), known values of a' and b, assumed value of
steam decomposition, SD', and known value of equilibrium carbon gas-
ification, c_.

3. Material Balance for Hydrogenation Zone. Expressions for the
molar quankticies of nydrogen éx”g, steam (y°), carbon monoxide (z"),
X carbon dioxide (m"), methane (w"), total moles (N") and carvon gasified

(c."), as moles/mole inlet steam are:

g -
) ! t_nt
" =[§—§B—] . (46)
0o Y ‘
il —/‘é—LZ- [ 1l - 1 - 71771 (47)
z" = SD" + 2b - om" (48)
yv.' - l_SDN (49)
N x!l = 1(3 yl’l Z“/mll ) (50)
\ N” = X" + yn + Z" + mxl + ‘_’n ) ‘ (51)
cgﬂ = le + m” + \‘f” (52)
Incremenital steam. decomposltlon occurring in hydrogenation zone: _
n
asp" = [BZBL| (sp - sp') (53)
B-B :
Total steam decomposition:
SD" = SD'+ ASD" (5%)

where M = (2Ks-1) (1-8D") + J(SD" + 2b) + &
N = XKs (SD" + 2b) (1-3D")

. c' - w"
/ C=a' - [—g—t“E“T] (0.336 cg) -ow" + 1
. o

Cc

’ g
/ 0.336 c_
d - E::ﬁrj;JF
g g .
B = theoretical total burnoff of fuel residue = 100%
‘ B" = fractional burnoff in hydrogenation zone

SD" = total steam decomposition in hydrogenation zone

These relationships are solved for a given temperature, assumed
reactor inlet and outlet corditions (which determine the values of
; Ka, @', W, og B, SD), and known values of B', SD' and cg' (from

oxidation zone), by the assigning of arbitrary valuesto the hydrogen-
ation zone burnoff B".

Solution of the material balance equations for the oxidation,
steam decomposition, and hydrogenation zones under the condition of
exit gas equilibrium resulted in the values given in Table 6. Here
the exothermic heat of the oxidation zone 1s balanced approximately
) bg the endothermic effect of the steam decomposition zone. Beyond

the Ho recycle point, the exothermic heat of coal hydrogenation is

™~

e e
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balanced approximately by, 1) the heat requirement of steam decomposi-
tion which continues to occur to a small extent in the hydrogenation
zone, and 2) the sensible heat required for preheating the coal feed
and recycled hydrogen to_the operating temperature.

4, Fuel Depth and Flow Rates. The assumption that 10% steam de-
composition occurs in The hydrogenation zone (Table 6) can ove checked
for accuracy after completion of the rate calculations. The results
in Table 6 are shown grapnlcally in Fig. 6. The reaction rates of
Zquations 33 and 34 can now be evaluated at any fractional burnoff

"and assumed activity of carbon in the hydrogenation zone by reading
partial pressure values from this plot and by obtailning the rates Rm
and R, from Figs. 5A and 5B.. The results of these calculations,
which are required for graphical integration of Equation 37, and later:
for Equation 31, are summarized in Table 7. The assumption of 1.1
activity of carbon with respect to the hydrogenation reactions isg

justified on the basis that, given sufficient residence time, the equil- -

1orium CHye content based on carbon as/S—graphite may be exceeded with
carbon as coal..

Table 6 -COMPUTED GAS COMPOSITIONS AT VARIOUS POINTS
IN FIXED EED REACTOR

Bagis: 0a2/H20 inlet molar ratio = 0.15;
-~ Ha/Hs0 inlet molar ratio for pure
carbon = 2.41, for coal = 2.01;
coal contains 75 wt. % C, 5 wt. % H.

Assumed Theore-
Inlet tical .
Stean Carbon Gas Comp., Mole %
Position Decomp., % Burnoff, % 0 Ha Hz0 CO COz Cia
- 02-Hz0 Inlet .
to Reactor 0 : 100 13 ~-- 87 -- -= -
End of Oxidation
Zone 0 87.3 -— - 87 -- 13 -
End of Steam De- :
composition Zone . 30 58.3 --21.3 49.8 15.1 13.8 --
Point of H»
Recycle 30 56.8 -- 65.7 19.8 12.0 2.5 --
50% through
Hydrogenation
Zonge 35 28.2 -- 56.6 18.8 12.8 3.0 8.8
Qutlet of :
Reactor . &0 0 -- 47,2 17.9 13.5 3.5 17.9
Molar Quantities, mole/mole inlet steam
Carbon
Pogition _Oa Ho Hz0 co COz CHa Total Gasifled
02-H20 Inlet :
to Reactor 0.15 - 1.0 - -- -- 1.15 -
End of Oxidation . ;
Zone - - 1.0 - 0.15 -- 1.15 0.150
End of Steam De- .
composition Zone -- 0.30 0.70 0.21 0.19 - 1.40 0.493
Point of H»
Recycle e 2.2 0.70 0.k2 0.09 - - 3.53 0.511
50% through
nggogenatlon 1.96 0.65 o.uL
-- . . . 0. . .
outlet > 10 0.303 3.45 0.850

Reactor -~ 1.60 ©.60 0.46 0.12 0.605 3.39 1.182
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Fig. 6.-COMPUTED VARIATION OF GAS COMPOSITION WITH
CARBON BURNOFF IN FIXED-BED REACTOR AT
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Table 7.-REACTION RATES FOR VARIOUS PERCENT BURNOFF
IN FIXED-BED REACTOR HYDROGENATION ZONE
OPERATING AT 1700°F. AND 50 ATM.

(Activity of Carbon, % = 1.1, %' = 1.0)

Inhibiting Terms

5 - Ratio
Bauimoff Ratio PCH, PcoPH,  Rates, molgs/mole C-min. .q =
2 ! 7 &

_ % Ha/He0 Kby TYo Kepy %o By * 100 BT x 107 Ry/R
56.8 3.32 0 0.499 87.0 94 .5 0.921
50 3.25 0.06 0.498 85.5 " 95.1 0.900
40 3.15 0.16 0.492 84.0 93.1 0.902
30 3.04 0.28 0.4839 4.1 86.1 0.861
20 2.90 0.45 0.478 60.0 72.0 0.834
10 2.78 0.66 0.462 4o. 4 52.2 0.774

S 2.71 0.77 0.462 28.1 38.3 0.734

0 2.65 0.91 0.450 11.6 21.0 0.555

From the data 1in Table 7, graphical integration of Equation 37
yielded a value of 86.25 min.-mole C/mole (inverse space velocity).
The ‘probable height of the hydrogenation zone is therefore:

H = 86.25 F°/51°c Yo ) (55)

Practical values of the inlet feed rate Fo, moles C/hr. sq. ft., can be
selected on the basis of a conservative Lurgi rate, 140 1b. coal/hr. sq.
ft., and the fact that the incremental burnoff prior to the hydrogena-
tion zone was estimated as 100-56.8, or 4%.2% (Table 6):

Fo = (140)(0.75)/(12)(0.432) = 20.2 moles
C/nr.-sq. £t. for a coal containing
75 wt. % carbon.

Assuming a 40 1b./cu. ft. fuel bed bulk density, the estimated height of
the nydrogenation zone is:

H = (86.25)(20.2)/(5)(40)(0.75) = 11.6 ft.

which is applicable only for 65/100 mesh fuel particles. A fixed bed
would operate with perhaps 1/4-inch average size fuel. Some correction
is therefore required, but necessary data are lacking, for the elfect
of fuel size, since reaction rates per unit mass of fuel vary with
effective surface area and method of contacting.

A verification of the emount of steam decomposition occurring
simultaneously with the hydrogenation reactions can now be made, based
on the fluid-bed rate data (Figs. SA, 5B and Table 7), through inte-
gration of Equation 31:

O : ~—
n = -Fo f q B - (56)
Bo
and the additional relationship,
0

ny

-Fo / dB = FoBg (57)
Bo

where n, = methane produced in hydrogenation zone, 1b. mole/hr.-sq. ft.
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n. = total carbon gasified by hydrogenation and by steam de-
composition, 1b. mole/nr.-sq. ft.

The incremental steam decomposltion occurring in the hydrogenation
zone, ASD", is then glven by:
no_ -
ASD" = w (nt/nm 1) (58)

vhere w = methane produced (equilibrium value at outlet of reactor),
mole/mole inlet steam. For this case w = 0.605 (Table 7), and the
ratio ng/n, = 1.19 (graphical integration), so:

ASD" = 0.605 (1.19-1) or 11.5%

wvhich is in close agreement with the 10% sfeam decomposition préviously
assumed.

Based on these results, the estimated flow rates, space veloci-
ties and residence tlmes for the proposed gasificatlon process are:

a) Steam feed rate, Ib./hr. sq. ft., = 18 Fo/c, = (18)(20.2)/1.182
:30

b) Oxygen feed rate, SCF/hr. sq. ft;, - 379vao/c =
(579)(0.15)(20.2§/1.182 = 970 g

c) Hydrogen recycle space velocity, SCF/hr. cu. ft. hydrogenation zone
= 379 a'Fo/Hcg = (379)(2.014)(20.2)/(11.6)(1.182) = 1125

d) Methane space velocity, SCF/hr. cu. ft. hydrogenation zone
= (579) wFo/Hie, = (379)(0.605)(20.2)/(11.8)(1:182) = 336

e) Approximate coal residence time in hydrogenation zone, hr., based
on inlet volume of coal
~ HP. v, B (11.6)(%0)(0.75) L
- 12 Fo (I2)(20.2) B

f) Approximate gas residence time in hydrogenation zone, sec., based on
average gas volume and 40% void space (€ ) of the fuel bed

4GUOFH c_€ (4940)(50)(11.6)(1.182)(0.40)
" Navg Fo - (3.%67(20.2)(215607 =9
C. Fluid-Bed Reactor

1. Design Conditions. In the analysls of the fluid-bed reactor
it is assumed:

a) The reactor is completely stirred with respect to coal, i.e., the
percent carbon burnoff is uniform throughout the hydrogenation zone.

b) Gases move through the reactor in piston-type flow, i.e., back-
mixing is neglected.

¢) The hydrogenation zone is at constant temperature (1700°F.) and con-
stant pressure (50 atm.).

d) The same equilibrium outlet gas composition will be attained as was
assumed for the fixed-bed case calculations.

e) 30% steam decomposition will be attained prior to the hydrogenation
zone. In the hydrogenation zone, an additional 10% steam decom-
position will occur.

f) The water-gas shift reaction is in continual equilibrium in the
hydrogenation zone.
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g) With the conditions of Items D, e and [ above, the gas composition
will vary with burnoff as in Fig. 6

2. Fuel Depth and Flow Rates. By use of the procedure already
descrived, grapnical integration of Equation 37 gave 102.9 min.-mole
C/mole for the reciprocal total carbon gasification rate (corrected
for retarding effects) under the conditions listed above. Details
are summarized in Table 8. The probable height of the hydrogenation
zone is therefore H = 102.9 FO/S/QCyC.

Table 8.-REACTION RATES FOR VARIOUS PERCENT BURNOFF
IN FLUID-BED REACTOR HYDROGENATION ZONE
OPERATING AT 1700°F. AND 50 ATM.

(Average Burnoff of Fluid Bed = 56.8%;
Activity of Carbon P, = 1.1, Y. =1.0)

c
Inhibiting Terms Reaction Rates, Ratio
. 1 D jol mole/mole C-min. =
Burnoff, Ratio ®cu, ~C0 “Ha / : 4

56.8

3.32 0 0.499 87.0 g9k .5 0.921

20 335 0.06 0138 30.8 238 0.310
4o 3.15 0.16 0.4g2 73.1 8l.2 0.9C1L
30 2.04 0.28 0.489 £3.0 71.5 0.383
20 2.90 0.45 0.478 48 .4 57.8 0.337
10 2.78 0.86 0.462 20.7 10.9 0.752
5 2.71 0.77 0.453 20.5 30.7 0.668
0 2.65 0.91 0.450 3.1 19.1 0.423

The carbon gasification capacity, Fo, 1s estimated by assigning a
superficial velocity (v.) of, say, 0.3 £t./sec. at the point of max-
imum ges flow. The totgl moles of zases permissible at a chosen pres-
sure, temperature and fluidizing veiocity is then M. = 4940 Pv./T
PP LRSS D . = m - 27 £ P ; - = | - s
which with P = 50, T = 2160°R. bdecomes M. = 34.4 moles 5ases/h§.-sq. ft.
The total gases are at a maximum at the Boint of hydrogen recycle. From
previous computations (Equaticns 38 tc 45 and Table 6) the ratio of
gases at this point is 3.531 moles/mole inlet steam. The total amount
of carbon gasified was 1.182 moles/mole inlet steam. Therefore, the
carbon input rate is:.
=z

Fo = (l'lgzésih'h) = 11.5 moles C/ar.-sq. ft.
For a fluid bed density of 35 1b. cu. ft. and fuel containing 75 wt. %
carbon, the estimated height of the hydrogenation zone is:

H = (102.9)(11.5)/(5)(35)(0.75) = 9 ft.
which again would be applicable énly for 65/100 mesh fuel particles.

By use of the procedure of EZEquations 56-58, the estimated steam
decomposition occurring simultaneously with the hydrogenation reactions
in the fluid bed is found to be:

ASD" = 0.605 (1.20 - 1) or 12.1%
which is in acceptable agreement with the 10% assumption on which the
reaction rate calculations were based.

From these results the estimated flow rates, space velocities and
residence times for the proposed gasification process are:

Ha/ /520 KlpH;.yc RePuo 7,' R x0T R, xI0° Rm'/Rﬁlﬁ
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a) Steam feed rate, 1b./hr.-sg. ft. = (18)(11.5)/1.182.= 175
b) Oxygen feed rate, SCF/nr.-sq. ft. = (379)(0.15)(11.5)/1.182 = 555

¢) Hydrogen recycle space velocit¥, SCF/hr. cu. ft. hydrogenation zone
= (379)(2.01%)(11.5)/(9)(1.182) = 825

d) Methane space velocity, SCF/hr. cu. ft. hydrogenation zone
= (379 (35605 (11.5) /18) (1.182) < 450

e) Approximate coal residence time in hydrogenation zone, hr., based
_ on constant density of fluld bed = (9)(35)(0.75)/(12)(11.5} = 1.7

f) Approximate gas residence time in hydrogenation zone, sec., based
on arithmetlic average superficial veloclity (¥.) of the fluidizing
ases and 60% vold gpace (€ ) of the fluid—beg = HZE/Vf =
9)(0.60)/0.294 = 184

These approximate reactor calculations indicate that the hydro-
genatlion zone fuel bed depths for either fixed-bed or a fluid-bed
operation are within reasonable values for a practical system. It must
be stressed, however, that no interpretation of these results should
be made under conditions and assumptions other than those set forth.

In particular, the results apply strictly to 65/100 mesh low-tempera-
ture coal char made by the Disco process. For lack of experimental
reaction rate data at higher pressures, tne reported rate data for
1700°F. weré extrapolated to 50 atmospheres and were also extanded
beyond the range of Ho/Ho0 inlet molar ratlos investigated. The data
also apply strictly to a fluid-bed operation, since they were ob-
tained in this type of equipment.

The results derived oy application of these rate data to the fixed-
bed reactor, although indicative, must be viewed with reservation,
since sufficient information is not presently available to correct for
possible effects of particle size and of different flow characteristics
and gas-contacting efficiencies between fluid-ved vs. fixed-ted opera-
tion. ‘For simplicity in the calculations, a constant operating tem- -
perature, 1700°F., was assumed throughout the hydrogenation zone. It
is possible to improve the results given here hy taking into account
the expected temperature distribution in the hydrogenation zone through
a simultaneous heat balance with the reaction rate calculations.

Further information which 1s lacking for a more complete evalua-
tion is:

a) Effect of moderate concentrations of CO and CO. in inhibiting the
rates of the hydrogenation reactions.

©) Effect of gasification properties of various fuels, and
c) Exact costs of methane separation by liquefaction.

SUMMARY AND CONCLUSIONS

Thermodynamic analyses indlcate that the proposed process for
methane production via coal gasification with recycled hydrogen can-
not be independent simultaneously of both external hydrogen and ex-
ternal heat. Operating conditions can be found where, theoretically,
either 1) the process is thermally self-sufficient but lacks hydrogen,
or 2) the process is self-sufficient with respect to hydrogen, but
lacks heat. It 1s believed that it would be of greater advantage to
operate the process according to Item 2 above, since the thermal re-
quirements could be readily met by internal combustion of residual
carbon with oxygen. The theoretical heat requirements based on carbon
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as ﬁ?-graphite were found to Ye -in ‘the range 25,000-100,000 Bti/Ib.
mole CHs produced. The heat requirements with coal as the gasifica- "
tion fuel would be still larger, since the exothermic heat of coal
hydrogenation is not as large as that for nydrogenation of pure car-
bon. The use of oxygen for partial combustion would provide, simul- ~
taneously, a high-temperature zone for rapid steam decomposition.
Decompositions of at least 30% are required for economical utiliza-
tion of steam, since this is the primary hydrogen source.
Thermodynamic calculationsd the revised process, with oxygen
admission below the point of hydrogen recycle, show that both thermal
and hydrogen self-sufficiency can theoretically be attalned at 1700°F.
and 50-200 atmospheres. The process 1ls potentially more efficient in
respect to the proportion of carbon in the fuel appearing as methane,
and represents a method of achieving, theoretically, oxygen require-
ments less than those of the conventional Lurgi pressure gasifier.
Based on available data on reaction rates of 65/100 mesh low-
temperature coal char (Disco) with hydrogen-steam mixtures, fuel bed
heights for the hydrogenation zone were estimated at 9 feet for a
fluidized-ved reactor, and approximately 11-12 feet for a fixed-bed
reactor, at 1700°F., 50 atmospheres, with equilibrium exit gas com-
positions. These bed heights appear to be within achievabvle values
‘for a practical gasifier design.
Since the use of oxygen 1s the preferred method of supplying the
heat deficiency, then the proposed process, if operated as a fixed
fuel bed, reduces to an adaptation of the Lurgl pressure gasifier
modified for hydrogen recycle in the upper portions of the fuel ved.
If operated as a fluidized bed, the proposed process with oxygen ad-
mission does not differ in principle from fluidized-hydrogenation-
residual-fuel-gasification schemes already proposed or already under
investigation. :
As a single-vessel reactor, the methcd of methane production by
hydrogen recycle would appear to be more effective in a fixed bed by
virtue of the countercurrent movement of fuel with respect to the
reacting geses. The use of a single-vessel fluid-bed reactor, where
both oxygen and hydrogen are introduced, is seen to be of disadvantage
by virtue of rapid mixing of fuel, resulting in some volatile matter
being burned by oxygen. Since the volatile matter portion of the fuel \
is the most readily hydrogenated component, it appears that an effec-
tive fluid-bed system would require a separate reactor to conduct to
completion the volatile-matter nydrogenating reactions, and a second N
vessel, Ilrmedlately below the first, to gasify residual carbon with
oxygen and steam. The hot gases from the second vessel would be
passed directly into the hydrogenation reactor.
From the results of this feasibility study it can be concluded: N

1) Hydrogen separation by methane liquefaction, coupled with hydrogen
recycle, appears to be an attractive approach for pipeline gas
production and therefore should be further explored for potential
application to present coal hydrogenation methods under laboratory
investigation. ' '

2) The use of hydrogen recycle to the Lurgl pressure gasifier offers
potential improvements in gasification efficiency and oxygen re-
quirement per unit volume of pipeline gas produced. N
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