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The Production of High Be.t.u. Gas From Light pistillate
By Continuous Pressure Hydrogenation

Binay B. Majumdar and Brian H. Thompson

Gas Council, Midlands Research Station
"Solihull, U.K.

Summary

- This paper describes the use of light petroleum distillates for the prod-
uction of gas of high calorific value. In the process the distillate is converted
to methane and ethane by reaction with gas rick in hydrogen. An aromatic condensate
is obtained as a by-product.

Two methods of carrying out the operation have been used. 1In the first, a
hydrogenator of simple design incorporates temperature control by recycling the reac-
ting geses. The second uses a fluidised bed of coke for the same purpose and can be
operated to give an increased yield of liquid products.

I. Introduction

The hydrogenztion of oils was developed initially1 for the enrichment cf
lean gas produced by the total gasification of coal with steam and oxygen, for
example, by the Lurgi Process. 1In recent years hydrocarbon reformers operating at
high pressures have been developed which are capable of gasifying distillate to prod-
uce a comparatively lean gas. It is in association with such plants that hydrogenat-
ion units are being extensively introduced. The hydrogenation stage is capable of

. producing gdses of high calorific value which can be used as a satisfactory substit-
- ute for natural gas.

II. The Hydrogenation Process

When a mixfure of distillate vapour and lean gas are exposed to a tehperat-
vre of 700 - 750°C the hydrogen in the lean gas reacts with the distillate to produce
gaseous hydrocarbons, mainly methane and ethane. Little change in gas volume occurs.

(—CH2)+H2‘——)C>H,+'F
1 vol. 1 vol.
v 2( - CHZ) + Hy— 0256

1 vol. 1 yol.
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The rezciion iz exothérmic and being non-catalytic the distillate reed not
aeceszarily be purified before hycdrogeration. Tie d:gree of nrcheat recuired for
the reactants can be obfained by heot exchenre wlth the wroducts,

It 35 necessary tc be able to control resction conditions in order that
ti:e exothernicity cf the reaction does not lead to hot zones where excessive tem-
noratures cause carbon deposition. Process design has been directed so that this
protler does not arise. Initially z fluidized bed was used to meintain uniform
temperatures within a reactor tut recently the process has been simplilied. RJopid
recirculation of the reacting gases within the hydrogenator is now used to mnintain
- strict .temperature control. . o

III. The Gas Recycle Ivdrogenator

The Tivdrogenator is shown diagramatically ia TFig. 12. It consistz of e
cylindrical vessel with a coaxial tube inside it enclosed within a pressure vessel
of sufficiert diazmeter to allow 9 of heat insulation. The mixture of distillate

and hydrogen are introduced through a jet at high velocity and directed down the
inner tube. The momenturm of the jet c,uses the gaseous reactants to circulate doun
the tube and up the annulus. The recirculation results in the mixing of the inlet
reactants with a relatively large volume of hot gases already at reaction temperat-
ure. In the pilot plant, a recirculation ratio, i.e. the numker of volumes of re-
circulating gas ver volume of reactants, of 10 : 1 or more has been readily cchieved.

The recirculation of gases gives precise control of reaction tennerature
and the temperature distribution within the reactor is rerarkably even. Except in
the vicinity of the inlet jet the temperature variation in the rezctor is within

LeC., Tt is merely necessary to control the prehest tewperature to maintain the
ehu1red temperature. When making gases of nigh calorific value the prehent temper-
ature reguired is usually within the range 400 - 450%C whilst maintaining = reaction
temperature of 700 ~ 7S0%C.

The distillate is converted to hydrocarbbn zoses, mainly et:
with small cuantities of olefines, lie proportion of ethane incresse
tion temperature is lowered. The output of a reactor of a given size va
as the pressure. At a given vressure, however, 2 nlant iz extirevely fl
outrut can be controlled over wide limits,

In troutle free opcration cver long periods carbon ch‘:
avoided, This governs the choice of operatirn: cenditions espe
pressure is comparatively low. Cperaticn at 350 p.s.i.g. “LLWGa &
of 8CO Btus/s.c.f. to be readily sctitained with zn operating tem
At lower pressures or when attazining hi

er caloriiic values iv i
lower the temperature. Relow about 675°C however the reaction is

becomes unstable, 70C~C is, therefore, considered to te a zafe minix
temperature. The presence of 5 - 10 of steam inr the hydrogenstin
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suff ;c1ent to overcome any remaini:; teudency'for carbon deposition. If a hot
potassium carbonatc scrubber is used to remove carbon dioxide from the lean gas,

_ there is sufficient steam left in the gases for this purpose.

Fig. 2 shqws the flow diagram of the pilot plant. The hydrogen was made
by the steanm reforming of commercial butane followed by carbon monoxide. conversion,
carbon dioxide removal and compression, approximately 0.9 million s.c.f./ day of
gas contalnlnT abcout 9%/ hydrogen being available. The distillate, which was not

) purified, was pumped into the hydrogenating gas stream and the mixture preheated

so as to maintain the required temperature in the hydrogenator using gas-fired
preheaters which would be repleced on a commercial unit by heat exchangers between
product gases and reactarts. The product gases removed from inside the top of the
reactor were water quenched followed by indirect cooling. Samples for analysis
vere taken from the hot gases before the quench. :

The plant was started up using hydrogenating gas, preheated to about
650“0 to raise the temperature in the hydrogenator to 575 =~ 600°C. Distillate
was then introduced into the hydrogenating gas stream at a low rate and as the heat
of reaction raised the hydrogenator temperature the distillate rute was increased
and the preheat temperature reduced until over a period of about i hour the final
reaction condltlons vere attained,

IV. Tests in the Gas-Recycle Hydrogenator
The rcsults of some three days tests are given in Table 1.

Test 1 represents a run at 250 p.s.i.g. using anhydrogenating gas contain-
ing 92.l& hydrogen, obtained by reforming commeré¢ial bu.ane followed by carbon
nonoxide conversion and carbon dioxide removal. A calorific value of 804 Btus/s.c.f.
was obtained without difficulty using a comparatively high specific gravity distill-
ate with a final boiling point of approx. 170°C. Analysis of the feedstock gave an
aromatic content of 8.1% by volume and on hydrogenation 11. 1% ®f the. carbon in the
0il appeared as condensate and 88.9% as hydrocarton gas. There was no trace of un-
reacted paraffins in 'the condensate. The gas contained a considerable concentration
cof ethane, but no trace of higher paraffinic hydrocarbons showing the relatively
slowv rate of ethane decomposition compared with higher hydrocarbons under these
conditions. A small amount of uncaturated hydrocarbons also survived.

A preliminary test showed that at a pressure of 450 p.s.i.g. and a reaction
temperature of 725°C a calorific value of 960 Btus/ scf, using a similar distillate
and a dry hydrogenating gas could not be obtained without an appreciable amount of
carbon deposition. Tests 2 and 3 were therefore carried cut to make calorific values
of 900 3tus/s.c.f. and 1,000 Btus/s.c.f. respectively using an hydrogenating gas to

. which 9 - 10% steam was added, carbon deposition troubles being then eliminated.

. As tie calorific value of the gas was increased from 900 ~ 1,000 Btus/
Sec.f. the yield of aromatic condensate increased so that in the latter case 15.%%
of the carbon in the oil appeared as condensate and only 84.9% as hydrocarbon gas.
itk the reduced operating temperature and the low partial pressure of hydrogen in
the final gas traces of paraffins appeared in the condensate. .
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. Table 1

- ‘Tests in the Gas Recycle Hydrogenutor.

Test 'o. :
Hydrogenation Pressure, PeSe 1 g.
.Inlet Gas Rate, s.cf.hi "
-Dry Inlet Gas Com9031t10n, % by volum
CCpr - ’ : :

co-

Hp .

CHy,

N2

Steam content of hydrogenating gas
vols/100 vols dry inlet gas
Distillate Type:
Specific Gravity
Aromatic Hydrocarbon, % by volume
Carbon/Hydrogen, w/w
Imp. Gals. of distillate per 1000 cu.ft.
of dry inlet gas
Preheat temperature, °C
Hydrogenation temperature, “C
Product Gas Rate, s.c.f.h.
Froduct Gas Composition, % by volume:
o5
CH
Xy
co
H
Cﬁ4
C2H6
N
Calorific yalue, Btu/s.c.f.
Calorific Value, Btu/s.c.f. (inert free)

Carbon Balance
Percentage of carbon supplied in
distillate appearing as:
Hydrocarbon Gas
Benzene
Toluene
Xylene and Higher Monocyclics
. Naphthalene
Higher Aromatics
Unreacted Paraffins
Carbon Deposited
bassl’—‘roduced and absorbed s.c.f,/imp.
gallon of distillate:
CHY4 produced
C2H6 "
CH "
Xy

H2 absorbed

12 s [ s
350 450 450 180 180
. 30,790 ,ﬂ8'230 18,400| 13,855 ! 14,090
0.3 ‘.-1.0_; :018' 15.7’3% 12,8
R T R PO S W 2.5 1 2.4
92,k 93,6 92,.b 83,3 - 83.9
3.0 | 1.2 2.4 -1 0.6 1 0.7
0,6 0.5 4 0.7 0.9} 0.8
.700.0 | 100,0 |700.0 |730.0 ynoo.O-
‘Ml 10.2 9.2 7.3 1 7.2
170 170 170 170 115
0,71 0.71 0e72 | - 0.71 0.66
- 8.1 7.2 6.5 7.l 146
5.7 . 5.7 5.8 5;? 5.4
L,27 5439 6.87 | 398 " 3.99
Ly 403 Los 503 530
750 715 715 715 715
33,600 | 20,480 | 21,400 | 15,3%0 | 15,575
0.4 0.7 0.7 11435 /. 10.9
1.1 1.1 2.4 | 1.4 2.1
3.3 3.8 2.3 ‘2.9 2.8
44,6 34,8 23,8 43,1 Lby,6
32.6 | 36.8 43,95 | 23.35 1 21.3
17.5 22.1 25.15 1 16.8 175
0.5 0.7 0.7 1.1 0.8
100,0 { 100.0 |100.0 | 100.0 |- 100.0
8oL 896 1008 704 713
810 909 1022 8ok 808
88,9 88.8 84.9 87.3 96.0
8.8 7.9 7.9 7.8 3.2
1.1 1.5 2.7 2.3 0.3
0.6 0.7 1.7 1.5 0.2
0.3 0.6 1.2 0.5 0.1
0.3 T4 1.5 0.k 0.0
0.0. 0.1 0.1 0.2 0.2
0.0 0.0 0.0 0.0 0.0
76.4 74,4 71.0 63.4 5847
4y, 8 Lk6.0 42,6 L, 48,5
2.8 2.3 b | 3.9 5.8
102.5 | 100.9 94,2 89.5 86.8

;

{

g}



The use of steam to avoid carbon deposition difficulties enabled the use
of lower operating pressures and Tests 4 and 5 vere comparative tests at 180 p.s.i.g.
Gas with an inert free calorific value of 800 Btus/s.c.f. was made using an initial
gas containing-about 1%’ of carbon dioxide. The hydrogen partial pressure was only
135 pes.i.g. Two types of distillate were used, one the comparatively high gravity
distillate used for the previous tests and the other of lesser gravity with & final

" boiling point of about 108¢C containing only 1.6% aromatics., The main feature of

the results is the increased yield of hydrocarbon gases with the lighter feedstock,
96% of the carbon in the distillate being converted to gas. A second feature is ’
that taking the increase in volume into account the product gas contains almost as
much carbon dioxide as present in the inlet gas. There is no marked tendency for
the carbon dioxide to react with hydrogen to give carbon monoxide.

A typical potential heat balance when making a gas of 900 Btus/s.c.f, from
170 distillate is given in Table 2, The efficiency of the process is seen to be
high with 88.4% of the potential heat in the distillate appearing in the gas and
9.2% in the condensate, the combined yield being 97.6%.

TABLE 2

Typical Potential Heat Balance when meking -
900 C.V. gas in Gas Recycle Hydrogenator

Type of Distillate - : L.D.F. 170

Potential Heat in Products as perc-
- entage of Potential Heat in

Distillate:
Hydrocarbon Gas ' - 88.4
Benzene ' 6.5
Toluene . . 1.3,
Xylene and other Monocycllcs_' N
Naphthalene ] : A
Higher. Aromatics : o3
Unreacted Paraffins o
Heat of reaction by differeunce. . 2.4

100.0

V. The Fluldized Bed Pllot Plant

. The use of a gas recycle 51mp11f1ed the design of a hydrogenator for use
with distillate under conditions when carbon deposition is avoided. The fluidized
hydrogenator developed for crude and heavy oil, is an alternative and can be usged
when carbon is deposited. In this process a fluidized bed of coke serves to take
up any carbon and also serves to establish the uniform temperature requirement. -
The large heat capacity of the fluidized bed compared with that of.the .inlet reac- .
tants serves to bring them rapidly to reaction temperature and by absorblng react—
ion heat prevents excessive temperatures in the bed.
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tor design iz ghown in T
t cia. ond 16 ft. é:
aivied 2 flhlll" d. ted of coke i
ion when using henvy feedstoch
rec1vculated t roL.D a louer fluldlfod bed via z downcorer and riger :
long., The mair streanm of hydroge:: ti 5as was lrtreduced JUSt belo. the betior of
the riser. ‘Subsidiary streams of hydrogenating gas were uvsed to maintzin fluidizetion
in the lower bed and at the bottos of the downcomer. ‘hen using dl;t llate the soligd
recycle system was not necessary but was retained as port of the rment nrograome /
of the reactor for use with heaviCr fpedstocks. The latter were 1ntroduced throuzh an
atoriser located telow the riser and doaxial with it. When using distillate it wzs
nerely GV”“Oered into the main h»drogerutln“ gzs stream fed in below the riser.

The hydrog
of @ thin walled "cylinder 2
ar 1nve“ted ~ohe. It co"t
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Gimplification of the plant for use solely with dlat¢11ate hould leave a y
sinzle fluidized bed with only the one inlet gos stream contaunlnf the preheated wix- N
ture of distillate and hydrogenating gas. A system of horizontal and vertical baff- -
les was included in the main fluidized bed to improve the fluidizetion characterist- !
ics. The whole internal assembly of the rilot vnlaant was surrounded by 10 ins. of J

heat insulstion and enclosed in a mild steel pressure vessel.

The flow dizgram for the plant is shown in Fig. 4. The hydrogenating gas
was produced as for the Gas Recycle Plant by reforming of butane followed by carbon
monoxide conversion and czrbon dioxide removal. It wac then preheated in gas fired
preheaters but on a conmmercial unit heat exchange with the product gases would be
utilised. The reaction products were water guencned to about 200“C and then cooled
further by direct scrubbing with recycled condensate in s tower packed with raschig
rings. Final cooling to 30°C was by an indirect cooler. Gas samples for analysis ?
were taken before the water gquench.

[ §

The plant was started up with the full flow of preheated hydérogenating gas
but at a reduced pressure to give the recuired fluidizing velocity in the reactor.
The coke was then carried in with 2 subsidiary stream of gas and the plant warmed up
further with gas preheated to 650“C. ‘ien the reactor temperature reached 350°C air
was adritted to accelerate the heating. At 650°C distillate was introduced at & low
rate and as the heat of renction raised terneratures the air rate was reduced to .
zero followed by 2 reducticn of the preheat tem erature of the rehctants. 4s temp- |
eratures rose the pressure was increased to maintain the desired fluidizing velocity.

VI. Tests in the Fluidized Hydrogenator

The results of tests carried cut in the rilot plant are given in Table 3.

Test 1 gives the results of 2 »un of 14 days duration cperating a
atmospheres pressure and 750C. Tre g=s preduced hed a calorific veliue of S50 2tus/
S.C.fs Cperztion of tne plant was extremely steady ©nd there was nc
carbon deposition. The elutriatior of coke frosm the bed zmounted to S5
lbs./day. 4 comparatively low gzravity distillate with o final boiling peint of 13C.
was used,
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Table 3 - Tests in the Fluidised Hydrogenator

)

;
t
A
\
X
\
\

,s
)

Test No.
dydrogenation Pressure, p.s.i.ge.

. Inlet Ges Rate, s.c.f.h.

Inlet Gas Composition, % by volume:
COp
co
i
CHy
No

Distillate Type:
Specific Gravity
Aromatic Hydrocarbon Content,
% by volume
Carbon/Hydrogen ratio, w/w
Imp. Gals. Distillate per 1000 cu.ft. of
dry inlet gas .
Time of residence, secs.
Preheat temperature, °C
Hydrogenation. temperature, °C
Product Gas Rate, s.c.f.h.
Product Gas Compasition, % by volume:
Cop : )

Calorlflc value Btus/s.c £,

Carbon Balance
Percentage of carbon supplied in
distillate appearing as:
Hydrocarbon Gas
Benzene
Toluene
Xylene and higher monocyclics
Nephthalene
Higher Aromatics
Unreacted Paraffins
Carbon Deposited
Gases Produced and absarbed as ft. /
imp. gallon of distillate:
CHy produced
"
€2 .
C H "-
xy
Hp absorbed

1034

1 2 3
350 250 720
33,240 22,369 32,052

1.2 1.3 "1.85
2.6 2.3 3.6
9345 92.0 91.3
2e1 3.9 2.75
0.6 0.5 . 0.5
100.0 100.0 100.0
0467 0.70 0.71
3.6 6.3 7.4k
5.3 5.7 5.6
4,88 4,95 7.82
28 29 66
455 bsh 379
755 755 722
37,767 | 36,343 ko, 348
0.85 1,0 1,35
1,00 1.3 1.05
2,55 2.45 2.15
37.9 33.7 - 16.75
39.1 45,3 54,05
17.4 15.4 23.05
.2 0.85 0.6.
- 100.0 100.,0 | - 100.0
8ho 859 1024
oh.8 | 89,4 82.8
4.5 8.7 11.2
0.1 0.3 1.7

T 0.1 0.2 0.6
0.3 1.0 104
0.2 0.4 1.7
- - 0.6
86.8 94.3 83.5
40.5 34,7 37.1

108.8

69
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Test 2 was of similar duration =nd rexction conditions
Gistillate (5.G. Co70and final boiling zoint 165%C was used.)
slant was equally satiefactory the most significant difference being tle

nden;ate vield vwith the heavier feedstock. 1In test 1 94,%° of the corbon in tre
il epjeared in the zas and only 89.4 in test 2.

In comparison with tie tests in the 5 recycle hydrogenctor using the
heavier type of distillate the yield of naphthalene and higher aromatics is higher,
possibly due to a more sudden neatinz on entry to the fluidized bed =znd the =hse:sce
of dispersion of the reactirg distillate in a large volume of reacted pus.

Test 3 shows the rcsults of a run at 50 atmospheres gpressure to produce =
gas of 1,000 Etus/s.c.f., a calorific value vhich was reached without difficulty.
With ar operating temperature of 7229C 0.6 of the carbon in the oil was deposited
on the particles in the fluidized bed. 1In comparison with tests 1 and 2 the effect
of increased residence tire due to the highcr pressure was to reduce the ethane/
methane ratio in the gas produced, despite the counteracting effect of a reduced
operating temperature. The yield of condensible aromatic hydrocarbons wos increzsed
and only £2.8¢ of the carbon in the oil appeared in the gzs.

VII. The Hydrosenation of Light Distillate with the
production of Aromatic Hydrocarbons

In the tests described so far the aromatic condensate is mainly derived
from that already in the distillate. The ring structure of these aromatics remains
intact undef the reaction conditions although tqe side-chzins are removed increasing
the yield of gaseous hydrocarbons,

However, it is evident that as the distillate/hydrogen ratio is increased
in order to obtain a higher calorific value of product gas the yield of condensible
aromztic hydrocarbons is increased., The synthesis of aromatics is believed to be
due to the fact that, when present.in greater concentration, radicals have an opgor-
tunity te cyclise before they are hydrogenated. It was considered, therefore, that
if the distillate/hydrogen ratio were incressed 1o an even larger extent the nroduc-
tion of aromatic hydrocarbons could te very greatly increzsed, whilst still producing
a very high calorific value of gas.

Laboratory experimentsJ showed that at an crerating teriperature of 750 -
775°C and with s distillate/hydrogen ratio of about 20 - 25 imp. gallons/1000 cu.ft.
20% or more of the carbon in the o0il could be recovered as arcmatic hydrocarbons
even vhen there was virtually no arom=tic content ir the dicztillate. Pressure was
found to have little effect on the reaction. wWith the lirited pzrtiel pressure of
hydrogen the condensate contazired an auypreciatle pronortion of alkylated aroratic
cormpounds and the gaseous hydrocarbons contained a comparatively high pronortion of
unsaturated compounds. It was apparent that further hydrogenczticn was desirable in
a second stage to de-ulkylate the condensate and to convert olefinic hydrocarbtons
to methene and ethare.
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The Hydrogenation of Distillate with

Aromatic Hydrocarbon Formation

Hlydrogenation Pressure
Inlet Gas Rate, s.c.f.h. (90% HZ)
Distillate Type:
Specific Gravity
Aromatic Hydrocarbon COntent
Carbon/Hydrogen, w/w

Tmp. Gals. of distillate /1000 cu.ft, of -

- gas:
a) synthesis stage
b) overall
Hydrogenation temperature, °C:

a) synthesis
" b) de-alkylation
Product Gas Rate, s.c.f.h.
Product Gas Composition, ¥ by volume

Calorific value, Btus/s.c.f.

Carbon Balance
Percentage of carbon supplied in
dlstlllaxe appearing as:
: Hydrocarbon Gas
Benzene )
Toluene and ngher monocycllcs
Naphthalene
Higher Aromatics
Deposited Carbon

265
334350

760 - 765°C
790
45,080

2.9
0.3

3.4
30.0
51.8 .
11.0

0.6

821




It was realised that the fluidiced rydrogenator with the scliGe AL

sultable for carrying out this'prdcésS withvVery little modification (Fig. 5).

lover fluidised bed was utilised for the st stage 'of the resction and the Znd 4~ -

was carried out in the rain bed.

The whole of the distillate was mixed with the hydrogencting gas used ‘r

fluidize the lower bec which was deepened to 5 ft. to give adesuate time for re-cil

The hydrogenating gas for the second strpe was introduced at the tuse cf the ri
The first stage reaction was éndcthermiq id the second stare exoth ic.  The
recycle then served to transfer heat from the second stage t« the first stage
taining cverall lLeezt balaonce with a temperature differential between the two o
of 25 - 30“C. o

The results of operating the process a-e given in Table 4 showing that iv
a distiilate containing only 3! of aromatics the yield of arcratics acccunted for
27.5%: of the carbon in the distillate. The condensate itself was free of parafii...

Carbon deposition amounteé to 0.9 of the carbon in the oil and thi.. wes depositer
2s a grephitic coating on the fluidised particles. The overzll product gas had =

calorific value of 321 Btus/ft.3, = value wihich could be increased with a reduced

supply of hydrogen to the second stage. )
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