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Evaluation of Processes and Costs of Separating Mixtures of Hydrogen and Methane
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U. S. Bureau of Mines, 4800 Forbes Avenue,
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INTRODUCTION

In the hydrogenation of coal at pressures of 60 to 400 atmospheres to
produce synthetic fuel gas, the product contain7 5 to 80 percent methane,
with the balance principally hydrogen (7, 20)._ Smell quantities of car-
bon oxides, sulfur compounds, higher molecular weight hydrocarbons including
aromatics, and water vapor constitute the remainder of the gas. By sepa-
rating the hydrogen from the methane and increasing the methane content of
the product to about 90 percent, the heating value can be increased to 900
Btu per cu ft. A further benefit of separation is that the hydrogen is
made availsble for recycle to the hydrogenation reactor (36).

The objectives of thils paper are to determine whether separation is
economically feasible by existing techniques and to determine the effect
of the methane concentration on the cost of separation. This latter in-
formation is valuable for guiding the direction of research on hydrogasi-
fication, because some operating techniques inherently produce gases of
low methane content. '

Five types of processes are applicable for separating mixtures of
methane and hydrogen as follows:

1. Adsorption by solid agents (4, 6, 15, 17, 18, 25, 35):
a. Activated carbon. - - - - - - =
‘b. Molecular sieves, silica gel, and activated alumina.
c. Fuller's earth (hydrous Al-Mg-silicate).

2. Absorption by liquids (16, 31):
a. High molecular welght olls--gas oil.
b. Low molecular weight hydrocarbons--propane and butane (at
low temperature).

3. Diffusion (2, 13, 21, 22, 26, 28, 32, 3k):

a. Metallic memb?EnéE_adE—tdSEs~- -
(1) Palladium and palladium-silver.
(2) Nickel.

b. Plsstic membranes:
(1) Polyvinyl acetate.
(2) Polystyrene.
(3) Ethyl cellulose.

1/ Underlined numbers in parentheses imdicate items in the bibliogrephy at
=  the end of this paper. '
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¢. Mechanical means:
(1) pPerforated plates and screens.
(2)' centrifugal devices. :

d. Thermal diffusion.

4. Refrigeration and ligquefaction of methane (1, 12, 19, 23):
a. Principally compression-expansion systems: :
El) Joule-Thompson effect.
2) Expansion engines.
b. Cascade type using asuxiliary refrigerants:
(1) vapor recompression system.
(2) Expansion engines.

S. Formation of methane hydrate (_2_9_)

For treating the large quantities of gas for a 90 million cu ft per day
plant, adsorption, absorption, and liquefaction have been selected as being
most practical. Diffusional systems were ruled out because low gas through-
put 1s inherent, requiring a tremendous number of multiple units of high
caplital cost. The formation of methane hydrate wvas eliminated because pub-
lished information indicated that the space and initial refrigeration require-
ments were several times grester than for liquefactlon processes (29).

Adsorption with active carbon was selected over molecular sieves because
the adsorptive capacity of carbon is considerably greater at high partial pres-
sures of methane (15, 18, 25, 35). Moreover, the cost of the activated carbon

is less than one-half that of sleves. A moving-bed adsorption operation was ar-
bitrarily selected for this study instead of & fixed-bed system. However,
fixed-bed adsorption accompanied by regeneration by pressure letdown offers

a very promising method of separation according to costs reported for puri-

fying hydrogen (8).

With regard to liguid absorption, although methane is highly soluble in
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gee ¢il vas chogen ng solvent over liguid propane

and butane because 1t can be used at ambient temperature (16). The lower
molecular welght materials operate at low temperatures requiring some refrig-
eration. Finally a cascade system was chosen for separation by liquefaction
because its thermodynamic efficiency is greater than compression-expansion
systems (i). Higher capital costs were anticipated for a cascade system,

however.

Plant capacity was set at 90 million std cu ft per day of high-Btu gas
containing about 90 percent methane. Cases 1 through 3, respectively, des-
1gnate the methane content of the feed gas at 5, 20, and 50 percent. The
feed gus, obtalned from raw hydrogasification product gas after the removal
of most of the carbon dioxide and hydrogen sulfide, is assumed to have the

following composition:

-
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Case 1 Case 2 Case 3
CHy, 5.0 20.0 50.0
Ho 94.25 77.78 .84
CoHg 0.05 0.2 0.5
co .2 .8 2.0
Cop . .2 .2 0.2
No .2 .8 2.0
CeHg Ol .16 0.4
HpO .06 .06 .06
HoS (trace) .0016 .0016 .0016

At these concentrations, the effects of the contaminants (gases exclusive of
methane and hydrogen) are unknown with respect to the adsorptive capacity of
charcoal, and are considered negligible in oil absorption. The design as-
sumptions, therefore, neglect the presence of contaminants in the moving-bed
adsorption plant and in the case of the oil absorption plant arbitrarily as-
sign ethane, carbon dioxide, benzene, water, and hydrogen sulfide contaminants
to the methane product stream, and carbon monoxide and nitrogen contaminants
to the hydrogen byproduct stream. In the case of the liquefaction process,
prepurification of the feed gas 1s mandatory and ie considered in this evalu-
ation. Inlet and outlet conditions for all separation schemes were held nearly
constant at a pressure level of about 1,500 psia and at ambient temperatures.

The estimate of the working capital comprises a 30~ to 60-day supply of
makeup materisl, 3 months payroll overhead, 3 months operating supplies, and
4 months indirect cost, fixed charges, spare parts, and miscellanecus ex-
penses. Basic rates for operating costs were:

Electriclty .evceveecaceesses..$0.008 per kwhr
Cooling water sc.ecececescecees 01 per 1,000 gal
Direct labor:
Operating 1abOr ...eee...+$2.75 per man-hr
Supervision ...cevees00e0s 15 percent of operating labor
Plant maintenance: '
LADOT cosossssoscscessess$6,000 per man-yr
Supervision cereevecncens 20 percent of maintenance labor
Material ...ciecenncccnas 50 percent of maintenance labor
Payroll overhefd ..s<...ss.... 18.5 percent of payroll
Operating supplies ccececceass 20 percent of plant maintenance
Indirect COBt ceeescncecssnnes 50 opercent of labor

Fixed costs: .
Taxes and insurance ..... 2 percent of total plant cost
Deprec:lation............ 5 percent of total plant cost and

interest during construction

COst rates for items such. as steam and rew mteria.l vary and are presented for
each process.

MOVING-BED. CHARCQAI. ADSORP‘I‘IQ! PROCESS

Cmmercial-scale moving-bed charccnl adsorbers have been used in the sepa-
ration of 1ight hydrocarbon gases fram refinery gas and, im special tests (5),
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have demonstrated the fea_sibility of_separéting methane-hydrogen mixtures. The
distinctive feature of the process is its use of a moving bed of activated car-
bon for the selective adsorption of gases and vapors.

Data by Frolich and White (15) on the adsorptlon of mixtures of methane and

hydrogen on activated charcoal at - pressures ranging up to 140 atmospheres show
that methane is selectively adsorbed with virtual exclusion of hydrogen. A
flowsheet of the separation of methane-hydrogen mixtures by the moving-bed char-
coal adsorption process at essentially 1,500 psl is shown in figure 1. Feed
gas enters the downward-flowing bed of activated carbon, about 12 to 30 Tyler
mesh size, at the adsorption zone where the methane 1s adsorbed and carried
down into the rectification zone. The methane-free hydrogen flows upward and
leaves the adsorber at the top of the adsorption zone. Part of the byproduct
hydrogen continues upward through the cooling zone to dry and cool the in-
coming carbon. Much cooling of the carbon 1s done by desorption of residual
water vapor. Cooling water tubes provide additional cooling. Hot hydrogen
from the cooling zone 1s cooled and dehumidified in a cooler-condenser.

Activated carbon containing adsorbed methane flows downward by gravity
from the adsorption zone into the rectification zone where a reflux stream
of methane desorbs the small quantity of hydrogen left on the carbon. The
activated carbon then flows to the stripping zone where methane is stripped
from the carbon by steam at 650° F. A Dowtherm heating system provides ad-
ditional heat to the stripping zone.

The activated carbon, saturated with water vapor but stripped of methane
and hydrogen, is returned to the top of the adsorber column by a gas 1lift
conveying system. A small stream of carbon is stripped with 800° F steam to
remove heavy hydrocarbons and maintain a high methane capacity.

The methane and steam flow from the adsorber column to a cooler-condenser
where the methane is cooled and the steam is condensed. The methane is then
hlended with untreated feed gas to give the final product containing QO PoTr-
cent methane and 10 percent hydrogen.

The size of an adsorber column is 5 ft ID by 81 ft high, with 6-1/2-in
wall thickness. The number of columms required is 57, 1%, and 6 for cases 1
through 3, resyectively.

In the deslgn of the process, published isotherm data (18) for methane
adsorbed on activated carbon was extrapolated to estimate the methane adsorbed
at high partial pressures. From comments by Kehde et al (24), carbon attrition
rate was assumed to be 0.005 percent of the rate of carbon recirculation. Ad-
ditional unit costs were:

FUEL cevcvvvvrecoacrccsessssasssassee $0.25 per million Btu
Steam-~1,510 peig, BO0° F veveevesne .35 per thousand 1b
Steam-~1,510 psig, 650° F veevcevee. .29 per thousand 1b
Steam--1,485 psig, 600° F veevveeese .27 per thousand 1b
Activated carbon .evevecececcrcncces .40 per 1b

A breakdown of the capital investiment costs and operating costs for ‘the
moving-bed adsorption process is shown, respectively, in tables 1 and 2. The
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adsorber columns were the highest cost equipment items with their installed
costs amounting to Tl, 62, and 55 percent of total installed equipment costs
for cases 1 through 3, respectively; the cost of steam, the highest direct’
cost item, respectively amounts to 23, 25, and 27 percent of total operat-
ing cost.

O, ABSORPTION PROCESS

The oil absorption process uses an 0il enrichment step patented by
Davis (10) because existing solvents are not selective enough to get the
desired—s-eparation by conventional absorption-stripping techniques. By
the enrichment step, methane-rich oil can be further enriched with methane
to insure getting a methane concentration of more than 90 percent in the
flashed and stripped product gases. A flowsheet of the oil absorption
process 1s shown in figure 2 for case 1l.

Feed gas enters the bottom of the primary absorber, countercurrent
to the lean oil passing downward through the tray column. Absorption oc-
curs at 100° F with a total system pressure of 1,500 psia. Effluent gas
from the primery absorber, which is mainly hydrogen, is combined with ef-
fluent hydrogen from a secondary absorber. Enriched oil from the primary
absorber. enters a secondary absorber at a suitable point for further en-
richment with methane.

The secondary absorber. selectively strips hydrogen from--and adds
methane to--the incoming methane-enriched oil by forcing absorption of
additional methane~rich gas entering at the bottom. Lean oil also enters
the top of the secondary absorber to remove residual methane from the
liberated hydrogen. The methane-rich oil leaves the bottom of the sec-
ondary absorber and passes through an oil turbine where approximately 46
percent of the theoretical expansion work is recovered by pressure letdown
of the liquid and expansion of dissolved gases. Rich oil from the turbine
cnters & flash drum at 100° F and 15 puia. Fimshed methane is removed and
recompressed to 1,500 psia. . Some of this gas is sent to the secondary ab-
sorber. The remainder combines with methane-rich gas from the stripping
column to form the high-Btu product gas.

Rich oil leaving the flash drum is heated to 240° F prior to entering
“the top of the stripping column where the oil 1s stripped of ebsorbed gases
by steam. Lean oil from the stripping column is recirculated through a heat
exchanger and a cooler and is finally pumped to both absorbers. When the
methane concentration in the feed gas is increased from 20 percent to 50
percent, as in going from case 2 to case 3, the flash drum pressure and the
~01l feed to the secondary absorber are appropriately modified to take ad-
vantage of the reduced need for oil enrichment.

A 200 molecular-weight oil was selected as the absorbent. Data of Dean
and Tooke (11) and of Sage and Lacey (30) were used for estimating values of
K for the solubility of hydrogen and methane, respectively.

The inside diameter and the wall thickness of both the primary and sec-
ondary absorbers were 7.5 ft and 6.5 in., respectively. In case 1 the

7.
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reabsorption section of the- second.e.ry absorber had an- inside- ‘diameter of 3. 3
ft and a wall thickness of 3 in. ~With overall plate efficiencies taken at
20 to 40 percent, absorber heights ranged from 5'to 110 ft. The estimated
number of a.bsorbers was. a.s follcws- ' AR :

Percent methane Primary Secondary

" Ccase in feed ‘gbsorbér = absorber
1 : 5 ) - 191 239
2 20 48 . 139
3 50. . . ot 6

Capital and operating costs of the oil absorption process are shown in
tables 3 and 4, respectively. Of the installed equipment cost, absorber costs
were the highest and amounted to 65, .43, and 34 percent of the installed equip-
ment cost for cases 1 through 3, respectively. Heat exchangers were usually -
the next highest cost equipment. Power costs constituted the largest single
operating cost aside from the fixed cost.- For cases 1 through 3, power costs
were, respectively, 34, 45, and Mt percent of tots.l operating costs.

CASCADE LIQUEFAC TION PROCESS

The cascade liquefaction process uses a series of auxiliary refrigerants

' in its approach to the temperature of liquefaction of the product methane. To

prevent the accumulation of frozen solids in the liquefaction step, the feed

gas must undergo three prepurification steps prior to liquefaction. ‘A sim=-
plified flowsheet of the overall liquefaction is shown in figure 3. “Only cases

2 and 3, 20 and 50 percent methane in feed gas, are considered. Scrubbing the
feed gas with monoethanolamine-diethylene glycol solution lowers carbon dioxide

to 50 ppm, hydrogen sulfide by 80 percent, and water vapor to 0.03 mole-percent.
Adsorption with activated charcoal removes benzene (9). Adsorption with molecular

~ sleves lowers the water vapor content to a dewpolnt ‘of -100° F. Finally, in

the liquefaction step, only methane and traces of other hydrocarbon are lig-
uefied. Some hydrogen physically dissolves in the liquefied gas becauge lig-
uefaction occurs at a pressure of about 1, 400 psia.

The complex cascade liquefaction step 18 illustrated by the flowsheet for
case 2 presented in figure 4. With slight modifications, the flow scheme 1is
essentially the same as that proposed by Keesom (23). 1In this scheme, the
three refrigerants--ammonis, ethylene, and methane--are arranged so that evap-
oration of the higher boiling refrigerant produces liquefaction of the next
lower bolling refrigerant. Thus ammonia liquefies the ethylene in evaporator
V1, ethylene liquefies methane refrigerant in evaporator Vp, and methane re-
frigerant liquefies methane product in evaporator V3. A gas phase product of
approximately 90 percent methane at about 1,400 psia 1s obtained by reevapo-
rating the liquefied produet gas through heat excha.nge with incoming feed gas
at exchangers Eg, Es5, E7, and evaporator V).

Some of the published data used in the design include the enthalpy of

methane (3 The unit cost of steam was $0.32 and $0.153 per. thousand pounds,
at the respective pressures of 184 and 25 psia. -
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Capltal costs and operating costs are presented in tables 5 and 6 for
methane-hydrogen separation by the cascade liquefaction process. As shown
in table 5, the cost of prepurification equipment is small compared to the

cost of the equipment in the cascade liquefaction step.

Evaporators and

heat exchangers in the liquefaction sectlon comprise well over half of the

total installed equipment costs.

The largest direct cost item, electric

power, amounts t0 32 and 33 percent of total operating costs for cases 2 and
3. Practically all of this power is used in the compression of refrigerants.’

TABLE 5.- Total estimated capital requirements,

cascade liquefaction process

Case 3, 50 pet methane

Unit Dollars ~ Percent
Amine-glycol 793,300 431,500 1.6
Activated carbon 1,122,900 2.5 597,900 2.3
Molecular sieves 307,100 T 195,800 T
Liquefaction 32,603,100 73.4 19,390,900  T73.8
Total installed i
equipment 3k, 826,400 8.4 . 20,616,000 . 8.4
Plant facilities E,h82,600 7.3 2,061,600 7.2
Plant utilities 100 10.4 . 2,721,300 10.4 -
‘Total comstruction 1@‘%’7&5 %5 5358500 %7
Initial adsorbent : .
requirements = 48,000 .1 24,600 .1
Total plant cost .
(insurance and tax
bases) k2,954,100 96.7 25,423,500 96.8
Interest during con-
struction 859,100 2.0 508,500 1.9
Subtotal for de- ] ‘ .
. precia;'zi;n 43,513,% R T 25,;32,000 B.T
orking cap: : 1.3 5,000 1.3
Total investment E;",W,LGGG 166.0 m, , 000 100.0
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TABLE 6.- Estimated annual operating costs,
. cascade liquefaction process

Case 2, 20 pct methane Case 3, 50 pct methane

Dollars Percent Dollars Percent
Direct cost: | . -

Ravw materials and utilities 2,168,100 3%.0 1,298,400 - 34.2
Direct labor . . 277,000 4.3 166,200 .4
Plant maintenance ..357,000 5.6 21k,200 5.6
Payroll overhead . ° ' .97,19Loo . 1.5 lsg,ggg _ 1.5
Operating supplies 1,400 1.1 1.1

Total direct cost ) m s 55,5 Wﬁ@‘l, 4,300 . 6.8
Indirect cost . 352,700 5.5 211,600 5.6
Fixed cost ’

Taxes and insurance 859,100 13.5 508,500 13.%

Depreciation 2,190,700 34.5 1,296,600 34.2

- b ] .
Total operating cost 5.373.900 00 ©  T00.0 3757000 100.0

Benzene credit per thousand

scf of product gas .035 .009
Operating cost per thousand
scf of product gas - .25 .128
DISCUSSION

The ‘economic merit of the three processes considered decreases in the
following order: Moving-bed charcoal adsorption, cascade liquefaction, and
oil absorption. As shown in figures 5 and 6, respectively, the operating
costs and capital costs are lowest for the moving-bed charcoal adsorption
process at all levels of feed gas composition.

- With total operating costs for the overall hydi'oy.sification process
estimated to range from $0.70 to $0.85 per M cu ft of high-Btu product gas,
operating costs for the oil absorption process, as shown in figure 5, are
impractically high at the 5- and 20-percent methane feed levels, while op-
erating cost for the cascade liquefaction process shows some merit at $0.13
per M cu ft of product for 50 percent methane in the feed gas. However,.char-
coal adsorption in a moving bed is the most economic method of separation and
is of practical interest at methane feed concentrations as low as 20 percent.
As shown also in figure 5, unit operating costs of all three separating proc-
esses decline as the percent methane in the feed gas increases from 5 to 50
percent. These costs tend to level ocut as the percent methane in the feed
gas approaches 50 percent.

" The relationship of the capital investment costs of the three processes,
as shown by figure 6, parallels that of the operating costs. Compared to & .
total investment cost of $70 to $100 million for a complete hydrogasification
plant producing 90 million std cu ft per day of high~Btu pipeline gas, capi-

"tal investments ranging from $26-to $40 million for the cascade liquefaction

and the oil absorption processes &re far too high for practical comsideration.
However, capltal costs for the charcoal adsorber process are attractive,
amounting to less than $15 million at feed gas concentrations of 20 percent
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methane and higher. The ability of the mdving-bed charcoal adsorption process

to deliver both hydrogen and methane streams at pressure without additional
recompression 1s of great velue to any high pressure process requiring a '
separating step with recycle of elther gas at high pressure.

Should the impurities in the feed gas significantly lcwei- the effic-
iency of the moving-bed charcoal adsorption process, the maximm penalty
inflictable upon the operating cost is between $0.04 and $0.03 per M cu ft -

of product gas for cases 2 and 3, respectively, based upon the prepurification

costs 1n the liquefaction process. Even in this instance the relative stand-
ings of the processes are not changed. However, the assumptions made in this
estimate regarding the adsorptivity of activated carbon in the presence of
possible contaminants end the overall loss of carbon should be substantiated
experimentally to verify the validity of this estimate.

In spite of the fact that the cascade liquefaction process is thermo-
dynanically more efficient than other liquefaction processes, the recovery
of methane from methane-hydrogen mixtures by the cascade liquefaction proe-
ess was not found to be as economic as recovery by a liquefaction process
proposed by Mann and Pryor (27) that utilizes Joule-Thompson cooling. Op-
erating costs for the Mann and Pryor liquefaction process for 98 percent
hydrogen in the recycle stream were $0.13 and $0.07 per M cu ft of product
for the 20~ and 50-percent methane cases, respectively; whereas, the cor-
responding operating costs for cascade liquefsction are $0.22 and $0.13
per M cu £t of product. These differences in operating costs are primarily
due to the capital costs of the cascade liguefaction being over four times
those estimated for the process of Mann and Pryor. Operating costs of the
process of Mamn and Pryor are nearly as low as those estimated for the
moving-bed charcoal adsorption process. When the product gas is to be
stored cryogenically before use, instead of being transmitted immediately
by pipeline, separation and storage by a liquefaction process employing
Joule-Thompson cooling may be superior to separation by moving-bed charcoal
adsorption followed by cryogenic storage of product gas.

At present, the prospects of the ©il scrubbing process belng greatly
improved are poor. Major obstacles to its improvement are; the lack of
a solvent with high capacity and selectivity for methane and the need to
recompress the flashed methane product from essentielly atmospheric pressure
to pipeline pressure. i
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OPERATING COSTS, (dollars per Mscf product gas)
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Figure 5.-Methone feed gos composition versus operoting cost.
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'CAPITAL INVESTMENT, (millions of dollars)
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6.-Methane feed gas composition versus copital investment.
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