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HYDROGASIFICATION OF I'YDRANE CHAR IN FLUIDIZED AND
MOVING DEDS

C. Y. Wen,* S, Mori,* J. A. Gray,** and P. M. Yavorsky**

*West Virginia University
Morgantown, West Virginia

**J,S. Bureau of Mines

Pittsburgh Energy Research Center
Pittsburgh, Pa. 15213

ABSTRACT

To satisfy future pipeline gas requirements, considerable process development
work 1s being aimed at gasifying coal to produce substitute natural gas (SNG). The
heart of many of the gasification processes being developed is a fluid-bed gasifier
in which char 1s reacted with steam/oxygen or hydrogen. 1In the HYDRANE process,
being developed at the U.S. Bureau of Mines, Pittsburgh Energy Research Center, char
1s reacted directly with hydrogen in the fluid-bed stage of the hydrogasifier. 1In
order to scale-up the fluid~bed reactor to pilot plant or commerciszl size with con-
fidence, a fluid-bed reactor model has been developed using the bubble-assemblage
concept and has been shown to fit existing data reasonably well. Data from moving-
bed reactor experiments and the corresponding model were compared to the fluid-bed
results and illustrate the differences between plug-flow and well-mixed solid—ga; reactors.
INTRODUCTION

In order to satisfy future pipeline gas requirements and alleviate current
shortages, considerable process development work is underway for gasifying coal
to produce substitute natural gas (SNG). The heart of many of the gasification
processes under development is a fluid-bed gasifier in which char is reacted with
steam/oxygen or hydrogen. In the HYDRANE process (figure 1), being developed at
the U:S. Bureau of Mines, Pittsburgh Energy Research Center, raw coal of bituminous
or lower rank is reacted directly with hydrogen in a two-stage hydrogasifier to
produce 95% of the product methane. The lower stage of the hydrogasifier is

a fluidized bed of char in which hydrogen is the fluidizing gas. Conceptually,
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the gas exiting the bed contains about 46% methane, and the char leaving the fluid
bed contains about half the carbon initially fed to the hydrogasifier in the raw
coal. Prevention of agglomeration is of great importance because most of the
eastern and midwestern American coals soften, swell, and become sticky at tem—
peratures above 400° C., especlally in the presence of hydrogen, and are there-
fore impossible to process i1n a fluld bed without some pretreatment or dilution.
Thus, the top stage of the hydrogasifier is a dilute-phase, free-fall reactor in
which the raw pulverized coal 1s fed }n a dilute cloud concurrently with the gas
produced in the bottom stage, rendering the particles nonagglomerating and produc-
ing a very porous, reactive char. Approximately 207 to 30% carbon conversion occurs
in this stage,and the product gas contains about 70% methane.

Experimental data have been obtained from a 12 1b./hr. process development
unit in which the bottom stage of the hydrogasifier has been operated as either a
fluidized bed or a moving bed reactor. In designing a scaled-up version of the
fluid-bed reactor, a model describing the movement of gas and solids in the reactor
and a reaction rate model 15 needed. The reactor model 1s then integrated with
the reaction rate equation ylelding reactor size and product gas composition. In
this paper a fluid-bed reactor model has been developed using the bubble-assemblage
concept originally developed by Kato and Wen (1) and is shown to describe some
experimental data reasonably well. A moving-bed reactor model is also developed
and used to model experimental data as well as 1llustrate the differences between
plug-flow and well mixed solid-gas reactors.

Apparatus and Procedure

The two-stage laboratory hydrogasifier is shown in figure 2. It comnsists of
a dilute-phase reactor integrated with a second stage which can be operated as
either a moving-bed or fluid-bed reactor. The dilute-phase reactor is a 3-inch-
diameter, schedule 10, type 304, stainless steel pilpe 6-feet long. The pipe is

heated in three 2-feet-long sections containing six 1,000-watt strip heaters
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mounted directly on the pipe wall. The pipe is wrapped in fiberfrax insulation
and is contained in a 10-inch-diameter, schedule 160, carbon steel pipe which
acts as the pressure shell.‘ Pulverized coal is fed into the reactor by gravity
via a 1/4-inch nqzzlq which protrudes one foot into the reactor. When the second

stage was operated as a fluid bed, the char leaving the dilure-phase reactor was

.cruahed to reduce the particle size to a level acceptable for flujdization. The

average dlameter of char particles leaving the dilute-phase reactor can be as
much as six times the average diameter of the pulverized feed coal particles owing
to swelling and particle agglomeration and consequently, prevent adequate fluid;za-
tion unless the particles are crushed. An example of particle swelling is shown
in table 1. The second stage reactor is also a 3~inch-diameter pipe, but is 10-feet
long and has five heated zones. A sleeve having a 2-inch inside diaﬁeter 1s inserted
into the 3-inch-diameter pipe for fluidized-bed experiments, Temperatures reported
for the dilute-phaae and fluid-bed reactors correspond to reactor pipe wall thermo-
couple measurementa. In :hé moving-bed experiments, reported temperatures correspond
to thermocouples suspended directly into the char bed.

Two fluid-bed reactor schemes were used and are shown in figure 3. In scheme
A, hydrogen was fed without preheating into the bottom of the bed by two gas nozzles,
and residual char was removed at the bottom of the bed. A small amount of fines
was carried over in the interstage gas. The bed level was measured by three pres-
sure differential probes which were continually purged with a nitrogen flow of about
6 s.c.f.h. Some typical temperature profilea are shown in figure 4 and indicate
that about 30 cm. of the fluid bed is required to heat up the hydrogen feed gas and
att;in a uniform bed temperature. In scheme B, the hydrogen was preheated to reactor
temperature and was fed through a distributor plate at the bottom of the reactor.
The preheater temperature and hence hydrogen feed temperature was controlled closely
by a cooling water coil inside the preheater itself and extending the full length

of the preheat zone.



TABLE 1.~ Typical Particle Data for Dilute-Phase Char

(I1linois #6 h.v.C.b.) Before Crushing*

Run No.

U.S. Mesh Size

On 1/4"
174" x &4
4 x 6
6x38

8 x 10
10 x 12
12 x 14
14 x 20
20 x 30
30 x 50
50 x 100
100 x 200
Thru 200

dp., mm,

Pyes gm./cm?

162

Wt. %
0.05

1.16
8.96
17.35
12,09
8.47
8.34
17.35
13.27
9.52

3.11

0.15
1.031

0.109

163

Wt. Z

0.03
0.57
4.89
14.77

12.09

8.89
19.34
13.78
10.52

5.47

0.47

0.25

0.866

0.141

164

Wt. %

0.05

0.49

10.27
10.81
8.51
9.40
20.00
17.76

14.31

*Feed Coal 50- x 100-mesh (U.S. Sieve Size), E;. = 0.223 mm.
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The tesidual char was carried out of the reactor with the product gas via an overflow
pipe and was separated from the gas. A baffle was inserted at the top of the

reactor to prevent short—circuiting of feed char directly to the overflow pipe.
Typical temperature profiles for this mode of operation are illustrated in figure

5. Again about 30 cm. of bed was needed to achieve a uniform temperature because

too much cooling water was circulated through the preheater,

The reactor scheme for the moving-bed experiments 1s shown in figure 6. The
char from the dilute~phase reactor dropped into the second-stage reactor which con-
sisted of a free-fall zone and a moving-bed zone. Hydrogen was fed into the bottom
of the moving-bed zone and flowed countercurrent to the movement of char. Char
was temoved from the bottom of the reactor by a starwheel crusher and the resi-
dence time was varied by changing the char bed height. Typical temperature profiles
for this scheme are shown in figure 7.

In all experiments except HY-3, the carbon conversion was determined from an
ultimate analysis of the chgr product and the composition of the initial coal assuming
100% ash recovery. In some experiments, the recovery of carbon, ash, gnd hydrogen
were checked and were usually better than 95%. The moving-bed product gas composi-
tion was not known accurately because product gas from the dilute-phase reactor, con-
taining about 702 methane, mixed with the moving-bed product gas near the sampling
point. This yielded inflated values of methane concentration. Therefore, methane
yields based on the moving-bed product gas analysis were not used. The mixing effect
is ghown in figure 8 where actual and calculated methane concentrations are shown.
Carbon conversion for the overall two—étage unit based on the solids analysis was
checked by calculating carbon conversion based on the total product gas and oil
yields,

The ultimate analyses'for the Illinois #6 h.v.C.b. coal and the char product

for the fluld-bed tests and the char particle data are tabulated in table 2. The



14
Vt. %
Coal Char
63.8 59.7
1.4 0.5
1.4 0.5
10.4

13
We, 7
Coal Char
61.6

4.4

1.4 0,4

1.3 0.6
12.0 1.9
16.2 34,7
30.5 2.8

«v.C.b. Coal and Char,
12
We. %

Coal Char

62.4 54,8

4.3 0.9

0.4

1.3 0.6

9.4 1.8

21.2  41.5
30.4

0.7 0.4

Bed Tests

11
We, %

Coal Char
63.8 53.7
4.3 0.7
1.4 0.6

8.9
20.2 43,4
3.1
1.1 0.4

%

Char

66.0
1.6
0.7
7.0
3.8
5.3

Ve,
Coal
4,8
1.3
10.0
34.4
1.0

70.9

2.1
0.7
6.6
5.7

and Char Particle Dats for Fluid-

Char
67.7

We.
Coal
71.8

5.1
1.2
11.7
34.4
2.5

Ultimate Analysis (As-received) of Illinois #6 h

We. %
Char
75.1
5.1 2.0
1.7 0.8
1.4 0.4
12.8 2.3
6.1
3.0 6.0

Coal
70.8
34,7

TABLE 2.~

Run No.
Ash

U.S. Mesh Size

Moisture
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corresponding run conditions and conversion data are listed in table 3. The
carbon conversion in the dilute-phase reactor for tests HY-2, 3, 13, and 14 was
assumed to be about 28% based on previous dilute-phase data with Illinois #6 coal (2),
and the remaining conversion occurred in the fluid bed. For tests HY-5, 11, and
12, essentially pure hydrogen was used as the feed gas Instead of a hydrogen-methane
mixture so that an additional 4.5 to 5% carbon conversion occurred bringing the
dilute-phase value to 33%Z. The conversion of the other coal constituents in the
dilute-phase reactor can be calculated using the correlations given in figures
9~12, which are based on 95 coal hydrogasification experiments in the HYDRANE PDU.
The data for sulfur removal are scattered because of the error in determining
changes in small amounts of sulfur in the coal and char samples. Oxygen removal,
which usually exceeds 90% for carbon conversions above 20%, can be considered to
be complete. The calculaéed constituent conversions in the dilute-phase reactor
for 28% and 33% carbon conversion are shown in table 4.

The ultimate analyses‘for the Illinois #6 h.v.C.b. coal used in the moving-
bed tests and the analyses of the char product are shown in table 5, These data
are presented on a dry ﬁ;sis for convenience in calculating conversions.

Reaction Rate of Coal-Char Hydrogasification

consists roughly of two portions greatly differing in reactivity: a highly reactive
portion relating to the volatile hydrocarbons present in coal, and a relatively low
reactivity residual carbonaceous matter, coke. In the presence of hydrogen, the
initial phase of extremely rapid reaction is presumably due to pyrolysis followed
by hydrogenolysis of the intermediates that are derived from essentially aliphatic
hydrocarbon side chains and oxygenated functional groups. The remainder of the
carbon in the char 1is converted to methane much more slowly, apparently at the char

surface almost stoichiometrically according to the graphite-hydrogen reaction.



TABLE 3,~ Solids Conversion For Fluid-Bed Tests, 50- x 100-Mesh

Illinois #6 h.v.C.b. Coal, 1,000 p.s.i.g.

162

Run 2

Coal Rate, gms./hr. 2270
(Dry)

Dilute-Phase Reactor

Temp., ° C 850
Feed Gas, s.c.f.h. 234
% Hyp 45
CHy 48
Ar(He#) 6
N2 1

Fluid-Bed Reactor

Feed Gas, s.c.f.h. 310
% Ho 97
N, 3

Total Conversion

C 55.2
H 88.2
S 87.9
N 80.1
0 97.2

Fluid-Bed Height,cm. 143
Char Yield, gm./gm. 0.436
dry coal

3

2724

850
185

215

6

53, 6%*
79.9
71.8
66.3
77.8
143
0.499

5

4631

850

94.5

55.8
89.8
74.4
74.9
88.1

143

0.480

11

5448

850
167
93

330
91

60.8
92.7
80.1
83.4
95.6
122
0.471

12

3087

55.1
89.6
76.4
85.4
91.6
122
0.514

13

2951

900

53.4

38.0
7.3%
1.2

240
88
12

55.6
94.0
78.4
86.7
100
122
0.473

14

3042

900

110
47.8
39.0
11.0%

1.2

240
88
12

53.7
90.1
82.3
82.3
100
122

0.503 .

**Calculated based on char recovered.




TABLE 4.—.

Calculated Constitutent Conversion in

the Dilute-Phase Reactor

Conversion, %

c 28.0
H 65.2
S 47.5
N 29.6
0 92.5%
Char Yield, gm.[gm. dry coal 0.677

33.0
69.6
51.2
38,7

93.0%

© 0.639

*Estimated from Figure 13.
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During the initial phase of the coal-hydrogen reaction, the coal particles
are quickly softened, become metaplastic giving off volatile matter, and erupt
in a manner somewhat similar to popping of popcorn. Wen and Huebler (7) presented
a kinetic model for this initial rapid reaction of coal hyﬂiogésification. In
the free-fall reactor of the HYDRANE process, the initial phase of hydrogasifica-
tion of coal takes place leaving a small portion of volatile matter in the char.
This char is then reacted with hydrogen in a fluidized-bed reactor in the HYDRANE
process. The reaction rate in this second phase of hydrogasification has been
described elsewhere (7,9,10).

For the second phase reaction,

Char + XH, > CH, ()

where A is a stoichiometric coefficient obtained by an empirical correlation (9,11)
(1.0 for X<0.45
) =] 8X - 2.6 for 0.455 X = 0.55 (2)
(1.8 for 0.55<X
and the average value of 3 is obtained as follows:
Xe fx dx/ de . )
The rate of hydrogasification of char is given by

2 _ya- (4)
ac k(1 Z)PHz

where Z 1s the carbon conversion in the second phase reaction and 1is equal to
(X—Xo)/(l-xo). Here X 1is the carbon conversion based on the raw coal, Xo is the

carbon converted in the first phase reaction or in the pretreatment, PH is the
2

partial pressure of hydrogen and k is the reaction rate constant.
The above equation can be written in the follouing'form as

dz _ _ ’ ’
ac K(1-Z) YH (5)

where Y, = P, /P.°, K = kp ° and P
Hy Hy

R ° 1s the partial pressure of hydrogen at the inlet.
H Hp Ha .
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Feldmann et al (12) presented the following correlation for the reaction rate
constant:

Ink = -10.45 x 103(%) +7.08, ki atm. .7}, T: K
As will be shown later, the values of k and activation energy calculated from
experimental carbon conversions using the Bubble Assemblage model or moving bed
model developed are significantly smaller than those calculated from the above
equation,

Simulation of Fluidized-Bed Hydrogasifier

1. Minimum Fluidiza‘tion Velocity
It has been shown by Feldmann et al (12,13) that the minimum fluidiza-
tion velocity of coal char§ with popcorn-like structure is greater than that cal-
culated from the Wen—Yu correlation (14) which is applicable only to nonvesicular
particles, The empirical. correlation proposed by Feldmann et al (13) has the

following form:

u_p_d pelp p.) 0.73
.Luf_l= 0.0135 [dp3 .f_ug._.f_ g] )

where dp is particle diameter,
is gas density,

p_ 1s particle density,
u 1is gas viscosity

g 1s gravitational acceleration, and -

Ymf is the minimum fluidization velocity.
2. Fluidized-Bed Model
In the fluidized bed hydrogasifier, the second-phase reaction takes place
either countercurrently, concurrently, or with overflow as schematically described

in figure 13. The Bubble Assemblage model (1,15,16,17,18) is used to simulate the

hydrogasification of coal char. The essential features of the Bubble Assemblage model

are summarized as follows:
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The fluidized bed is divided into a number of compartments, each of which
has a height that is uniquely determined by the diameter of the bubble

at the corresponding height.

Each compartment 1s composed of the bubble phase and the emulsion phase.
The solids and gas in the emulsion phase and the bubble phase of each com-
partment are completely mixed with some exchange of gas between the two

phases,

The volume of the bubble phase is assumed to be equal to the volume of
the bubbles in this paper. It is also assumed that no solids exist in

the bubble phase.

Figure 14 depicts the Bubble Assemblage Model under various modes of flow arrange-
ment. PC is an index of solid flow arrangement and is equal to unity when solids
flow countercurrent to the gas. Under this condition, ql =1 + qz, where q1 and

) are the ratio of sollds downflow rate and solids upflow rate to the solid

feed rate, respectively.

When solids are fed from the top and withdrawn from the top of the bed

(overflow type), Pc is 0 and q] = q2.

From the material ba}ance of H2 around the n-th compartment in the bed,

the following equations can be written for the bubble phase and emulsion phase.

Yo a1 ™ YBo) ¥ Vaa Tuo Fon (en ™ Ymn? = ° M

an YHO FOn (YBn - Yen) - ven kb Yen (l-zn)

i
(=]

(8)

where 1s an apparent reactlion rate constant for H_ consumption in the emul-
P 2

sion phase and can be written as

o = ag dmee) o0g Yoo K ®

a. 1s the number of moles of H2 reacted with one gram of carbon in char and is

related to A as a, = a1z,
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From a material balance of carbon in the char around the n-th compartment,
excluding n=1 and N, the following equation can be obtained,

qIWSOYCO(Znh - Zn) * qwaOYCO (Zn—l - zn) =_ven H) Yen (l—Zn)/uc (10)
For the top compartment of the bed (n=N), we get ZN+1 = 0.0 and the following
equation is obtained:

-9 ¥s0%co?n T ¥so¥co [qzzN—l - a-2) Z»zl = Ve en 12y /g an
For the first compartment (n=1), the following equation can be written for the
overflow type and the countercurrent type:

- - 7z = -
v..vsoyco(qlz2 Pczl) qwaOYCO . ve1kae1(1 zl) /ac (12)

From equations (7) and (8) we obtain:

a, (1-Z)
Y. =Y - 2 n
Bn Bn-1 T+ (e ) o az) (13)
1 2 n
v = - Yo (1-Z ) 14)
Yon Man YBn—l’/“fz (1-z 2 (14)
where uIE Ft/anFon and a2= venkb/wHO'
From equations (10), (11), (12), and (l4) we get:
= - + Y. -Y 15
Zn+1 [(q” + qz 1) Zn qzzzn—l ua ¢ Bn Bn—l)/“ﬂ /qlz s

where Z0 = ZN+1 = 0.0,&35 venkblacwéOYCO and the values of qij are given in
table 6.

If the solid particles in the bed are assumed to be completely mixed, the
basic equation can be simplified as follows:

Z =2 = constant

n
. 1- %029 3 (16)
=1 1+ (1+m1) o (1—zlﬁ,

where ZlF is the conversion in the bed and at the outlet.

From an overall material balance, another equation relating YBN and ZlF can be obtained

as follows:
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TABLE 6.~ gq,. in equation (15)
L)

qll 12 q2l q22
n# 1, N
s ql ql q2 q2
n=1 P 0.0
c ql q2
n=N 1.0 1-P
ql c q2
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Zip = 03 (=Y )/ o 17)

From Hovmand and Davidson (19), if the value of Gf = (uo—umf)/O.JS Vth is less

than 0.2, the bed can be kept in freely bubbling condition. When the value of Gf

is greater than 0.5, the bed is in a slug flow condition. When Gf is between 0.2

to 0.5, the bed is in a transition condition between bubbling flow and slug flow. (
Recently, Mori and Wen (17,18) presented a new correlation of bubble growth
for a bubbling bed as follows: -

D, =D - (D

B BM ) exp (~0.3 h/Dt) (18)

84 8o

where D, is the maximum bubble diameter, is the initial bubble diameter and

BM DBO

h is the elevation above the distributor.
Since the fluidized gasification unit used has a large bed height to diameter
ratio (Lf>>Dt), equation (18) can be simplified as follows:

= - 04
DB ~ DBM 0.652 {Ac (uo umf)} (19)

Then, the height of each compartment in the bed, Ahn, also can be approximated as:

bh =Dy = D (20)

From Kato and Wen (1), the gas interchange coefficient, Fon’ 1s given by

Fon = ll/DB (21)
Based on the two-phase theory, volume fractions of bubble phase and emulsion phase
in each compartment are given as follows, respectively:

= an/AhnAt = (uo—u Y/u (22)

“Bn mf’ Y8

Ven = (1-EBn) AhnAt: (23)

Since the solid particles may be assumed to be transferred upward in the wakes
behind the bubbles, the volumetric flow rate of solids upward can be written as

fw (uo—umf) (l-smf) A _, where fw is the volume ratio of the wake and the bubble.

t?

ST g T



-

—t i i ¢ e <

Thus, can be rewritten as,
92

(ugmupe) £y Ooepgd A

q; =

Using equations (19), (20), (21), (22), (23) and (24) the values of V v

Bn’ “en’

Fon’ q, and Ah can be calculated for a set of operating conditions, Thus, numerical
< n

solutions of equations (13), (2%), and (15) are obtained simultaneously by an iter-—
ative method. A computer logic diagram is shown in figure 15.

Results of Fluidized-Bed Performance Simulation

In table 7, the calculated reaction rate constants are shown based on the experi-~

mental carbon conversions. The values of reaction rate constants from the Bubble

Assemblage Model and those from the simplified Bubble Assemblage Model with com—

plete mixing of solids are compared. As for the axial solids mixing, the large

height to diameter ratio of the experimental reactor used results in a relatively
small degree of solid mixing. The following equation derived by Miyauchi (20) for a

backflow mixing model 1is used to estimate the Peclet number for counterflow case,

E q
1 z 1 2
e zp L 2 (25)
Noo (wsolpco A:) g 20 W

where N 1s the total number of compartments. For the overflow case, an analogy

of equation (25) 1is used to calculate the Peclet number:

.
NPe

ZIA
N

(26)

In table 8, the values of %—— are tabulated and vary between 0,3 to 1.2, con-
siderably different from the larzz values obtained for complete mixing. As can
be seen from table 7, the k values of countercurrent operation calculated from
the Bubble Assemblage model with partial mixing of solids differ verv little from
the Bubble Assemblage model with complete mixing of solids indicating thar the

solid mixing does not affect carbon conversion significantly. The reaction

rate constants are plotted on an Arrhenius Plot shown in figure 16 based on
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TABLE 7.- Comparison of Reaction Rate Constants Calculated
from Bubble Assemblage Models
1 -1
Run Solid xlF ZlF Bed temp. kcal.’ atm ° hr
No. Flow observed observed K Solid partial Solid complete
mixed mixed
11 0.608 0.419 1073 0.0450 0.0515
12 counter  0.551 0.335 1118 0.0202 0.0220
current
13 0.556 0,383 1113 0.0218 0.0248
14 0.537 0.357 1183 0.0139 0.0152
2 0.552 0.378 1158 0.0145 0.0123
3 over- 0.536 0.356 1158 0.0284 0.0140
flow
5 0.558 0.345 1158 0.0316 0.0223
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TABLE 8.- Estimated Solid Mixing in Fluidized-Bed

Hydrogasifier in Terms of Peclet Number

Run No. N q, 1/Npe
11 32 19.9 0.64
12 34 25.1 0.76
13 39 20.3 0.53
14 41 25.8 0.64

2 38 46.4 1.22
3 54 16.0 0.30
5 40 20.5 0.51

N = total number of compartments.

N e = Peclet number of axial solid
P mixing in the fluidized bed.
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the average temperatures of the bed. The data include the results of I.G.T.
experiments (7) shown in table 9 for countercurrent and concurrent fluidized-
bed hydrogasification experiments. The complete mixing model is used for cal-
culation of the reaction rate constants for the I.G.T. experiments. The reaction
rate constants calculated from moving-bed data are also plotted in figure 16.

An empirical relation for the temperature effect on the rate constant can 7
be expressed as,

1n k= —A.36(%)-x io3 + 0.28 ' . ’ @27
where k: at:m._l hr._l, and T: K .

An activation energy of 8.63 Kcal/mole is estimated which-1is very much smaller
than 15-16 and 21 Keal/mele reported by Feldmann et al (12).

The rate constants calculated from the moving-bed data are considerably larger
than those from the fluidized bed, particularly in the low temperature region. An
explanation of the deviation is presented in the moving-bed section., In figure 17,
the carbon conversions calculated using equation (27) are compared with experimental
conversions. The scatters.of the points shown in figures 16 and 17 are partly due
to the nonuniformity and time dependency of temperature along the bed axis.

Moving-Bed~Reactor Model

In this model the gas and solid are assumed to move in a plug flow manner
and the temperature profile of the bed 1s averaged to approximate an isothermal

a0 is assumed to be

reactor. The movement of char through the moving bed, Vs < dh
constant and can be combined with equation (3) to yield an equation describing
the carbon conversion in terms of position in the moving bed (h = 0 at top of bed),

dz _ -
U g T KBy, (D) (28)

The carbon conversion in the countercurrent moving bed can be related to the change

in methane content of the gas by the carbon balance equation,




——

TABLE 9.~ Operating Condition of I.G.T. Experiments
[Wen and Huebler (1965)] )

Operation , , , ., Countergurrent Concurrent

Char, e e e e e Consolidation Coal Co.
Bituminous coal char

dp. F N -60/325 mesh

Dt’ cm. . « . o « 4.88 4.3(equivalent)

T, K., ....905~- 958 992 - 1189

Umf’ cm./sec. . . 1.83

W_ s g-/sec.. . . 0.6l - 1,07 0.28 - 1.05

F» cm¥/sec.. . . 57 - 111 29 ~ 54

PT’ atMes « « + o 137 - 141

Lf, ChM. » o+ « o « 214 143, 225
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az _ _ 4
co Yso an = " an Mgt (29)

where Wso is the dry coal feed rate to the dilute-phase reactor (gm./hr.), Xo

fractional carbon conversion in the dilute-phase reactor, YCo the gm. moles of
carbon per gram of dry coal, Wg the molar gas rate (gm.-moles/hr.), and YM the
mole fractio;\ of methane in the gas. We have made the assumption that the conver-
sion of carbon to CO or (JO2 in the ﬁloving bed will be negligible. Previous work
with char appears to support this assumption (6,21). The partial pressure of
hydrogen is given by

PH2 = (oY) P, (30)

where PT is the total pressure and n is the combined mole fraction of hydrogen

and methane in the gas. The difference of n from unity represents the mole frac-

tion of inerts in the gas. The net change in the molar gas rate is

g az
dh = O-D Y<:<) wso ah D

Equations (29) and (31) may be integrated over an arbitrary distance h starting
at the top of the moving bed resulting in the equations

WY - =
go Mo ngM Yco w50 z G

z
W =W =Y W S (A-1)dz . (33)
co 80
0
Evaluation of equations (32) and (33) using the boundary conditions 2 =ZH’ YM= 0
and W =W at h = H yields values for W__and Y, . Once W__ and Y are known,
gH go . Mo go Mo

YM and Wg can be evaluated at any point in the moving bed. Thus, the mole fraction

of methane at any position h is given in terms of the carbon conversion as

wgo YMo = Yco

50
yA (34)
o wso S (A-1)dz
o

W TY
go ¢
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Henceforth the integral in the denominator will be written as F(Z). Substitu-
tion of equations (30) and (34) into equation (28) and integrating over the length
of the bed, H, yields the following relationship for the reaction rate constant k:

z
B [1-sr2)] az
k=35 [A + B(1-2) - nBF(2)J[1-2]

(35)

where 8 = V_/H
s

A= n~YM° - B

Y W

Equation (35) can be solved analytically in one, two, or three parts, depending
on the evaluation of A in équation (1). The solution of equation (35) 1s shown in
Appendix A,
Moving-Bed Results

The conversion of the coal constituents are plotted in figure 18 versus
residence time in the moving bed. Zero residence time corresponds to solid material
free-falling through the dilute-phase reactor followed by free-fall through the
empty moving-bed reactor. Such a condition should ﬂpproximate the conversion
in the dilute-phase reactor plus that in the free-fall portion of the moving-bed
reactor when & char bed level is maintained. Char conversion in the free-fall sec-
tion of the moving-bed reactor is probably low because the reactivity is much lower
comPared to the starting coal and the residence time is less than a second. Zero
residence time tests yielded a carbon conversion of 30%, and this value 1s used
as Xo in the moving-bed model calculations. These results are summarized in table
10 and the rate conséants are shown on figure 16 as an Arrhenius plot.The effect

of temperature on the moving-bed rate constant values can be described by the
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equation

Ik =-2.21 &) x 207 -1.19 (36)
The discrepancy between the moving-bed and fluid-bed data in figure 16 was first
believed to be a result of hydrogen mass transfer resistance between the bulk
gas and the char particle surface, The Reynolds number for the moving-bed tests
ranged from 0.882 to 1.146 while the Schmidt number varied from 0.569 to 0.933.
Using these values and available mase transfer correlations, the mass transfer
coefficient, kg, was estimated to be 0.119 to 0.132 moles HZ/hr.cm.za:m. Correc-
tion of these values to the same forﬁ as k ylelded mass transfer coefficients in
excess of 1,400 atm.—‘hr._l confirming that particle film resistance was not a
significant factor. The discrepancy is believed to be a result of heat transfer
resistance from the char particles to the bulk gas phase resulting in the particle
temperature being higher than the temperature of the gas and the measured bed
temperature. This can be verified by a simple heat transfer model if we assume
the reaction rate, the average particle temperature, and the average gas tempera-
ture in the bed are constant, and the heat generated by reaction is distributed

uniformly within the particles. A heat balance around a particle gives the equation

dT h A @ ATH
2= LB (1 -T) 4+ 37
an = (8 1)) I Qy (&1))
p
p P8 ps 8

where the equation for the heat generation rate per unit volume of bed, QT 18

(-4H) ZIYco uso X
Q, & ————————— 38)
T ATH
Using the boundary conditions Tp = Tg when n =0 (¢ = 0) and Tp = Tp when n =1 (t ~ 8)

1
the solution of equation (37) is,
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T
8 8, -6
FL - a+@ - Qe (39)
8
where § = 6hf(l-c)e
pbtpsdp

Zcho (=AH) wso

TT w
L "gps 8

Evaluation of equation (39) using the para.meter values listed in table 11 ylelds
Tp /Tg = 1.2 and Tpl = 1120 K. This means the temperature of the particles at
t =6 = 30.6 sec. is 187 K above the temperature of the gas, which is 933 K.
The log-mean average ten;perature of the particles is 990° K, so that on the average
the difference in temperature between the gas and particles is 57 K for this
case. Thus, the moving-bed k values at the lower temperatures in figure 16 should
be more toward the left since the particle temperature was probably higher than
the gas temperature. The measured temperature approximates the gas temperature
since the gas channels along the thermocouple sheath sweeping its surface to a large
extent. The contact area between the char particles and the thermocouple sheath is
small compared to the area swept by the gas.
CONCLUSIONS

Hydrogasification reaction rate constant values were calculated using partial .
mixing and complete mixing versions of the Bubble Assemblage model of the fluidized
bed. These results indicated that solid mixing did not have a significant effect
on the carbon conversion. This was not unexpected because the carbon conversions
in the bed were under 40%. Thus, the reactor was operating in a regime where
changes in axial mixing exhibit only a minor influence on conversion. The k values
for the complete mixing model with countercurrent operation are slightly higher

than the values for the partial mixing model because the carbon content in the

R




TABLE 11.- Parameter Values Used in Equation 39

-46H

2.5 cm./sec. C

P
933 K z

1
30.6 sec. Y

co
0.04 cm, Pr
0.15 gm./cm. 3 Re
0.4 cal./gm. K. Nu
4 x 10" 3gm./em. 3 he
3.6 x 10 * poise s
1.0 x 10 % cal./cm.sec. K [

1.5 x 103 cal./gm. carbon reacted

3.5 cal./gm. K

0.10

0.68

12.6

1.11

0.01

2.5 x 1075 cal./em? sec. K

1.0
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completely mixed bed is lower than in most locations in the partial mixed bed,
thus, requiring a larger rate constant in order to obtain the same amount of
conversion. In the case of overflow operation of the fluid bed, larger k values
are obtained for the partial mixing case than for complete mixing because some

of the char particles have a very short retention time in the bed before overflow~
ing out. The k values must then be larger in order to obtain the same conversion
as the complete mixing case.

Mixing was important, however, from the standpoint of heat removal from the
char particles and maintaining an approximately isothermal bed. The importance
of heat removal was very evident in the moving-bed results where heat transfer
from the char particles was apparently poor, causing the particle temperature to
be higher than the measured temperature. This effect was dominant in the low-
temperature region where ll;oving—bed k values were significantly larger than fluid-
bed k values. This heat transfer problem may be the reason why Feldmann, et al
(12) obtained large values of k and a large activation energy when they fit the
kinetic model given by equation (3) to the moving-bed data of Lewis, et al (21).
Obviously, hydrogasification data 1s best obtailned in a fluidized bed or in a
thermobalance such as that used by Johnson (22) where the reaction heat can be

removed so the char temperature is equivalent to the gas temperature and is iso-

thermal.

NOMENCLATURE

Ap specific surface area, A_ % (l-s)% , cm,2/cm.3
P P

At - cross sectional area of the bed, cm.?

c £ average heat capacity of gas, cal/gm. K

P

Eps average char heat capacity, cal/gm. K

dp particle diameter, cm.

E, axial solid dispersion coefficient, cm. ?/sec.
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Fon gas interchange coefficient per unit volume of bubble phase in n~th com=

partment, sec._l

Ft volumetric gas flow rate in the bed, cm.3/sec.
h aiial distance along bed, cm. .
H moving-bed height, cm,
he heat transfer coefficient, cal./cnin.2 K. sec.
Ahn length of the n-th compartment, cm.
-AH heat of reaction, cal./gm. carbon
k reaction rate consiant of carbon, atm.-lhr.-l
L fluid-bed height, cm.
N total numbér of compartments
n n-th compartment or one minus inerts moie fraction
Py hydrogen partial pressure, atm,

2

1,9, ratio of solid downflow rate and solid upflow rate to the solid feed rate,

respectively
QT heat generated in the moving bed, cal./sec. cm,3
t time, sec.
T average bed temperature, K.
Tg average gas temperature, K.
Tp average particle temperature, K.
u superficial gas velocity, cm,/sec.
ug bubble rising velocity, cm./sec.
dmf superficial gas velocity at minimum fluidization, cm./sec.
an.ven volume of the bubble and emulsion phase at the m—th compartment, cm.3
Va downward char rate in moving bed, cm./sec.
wg,wgo,wgﬂ total gas rate through the bed, moles/sec.
W feed rate of hydrogen gas, moles/sec.

Ho
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Hso coal feed rate, gm./sec.

Es average char rate in moving bed, gm./sec.

X total fractional carbon conversion

YBn,Yen nondimensional partial pressure of hydrogen in bubble and emulsion phase
at n-th compartment, respectively

YHo hydrogen concentration in feed gas, mole/cm.3

Yéo initial carbon content in feed coal, Yco = Y":o(l-xo)

YM methane concentration, mole/cm,?

Z carbon conversion based on the feed char, Z = (X-XO)/(l—Xo)

Z]’ZIF outlet carbon conversion from moving bed and fluidized bed, respectively

ac number of moles of hyd}'ogen reacted with one gram of carbon, mole/gm.

nf void fraction in emulsion phase

n nondimensional time

e residence time in moving bed, sec.

A number of moles of hydrogen reacted with one mole of carbom, mole/mole

oy char bulk density, gm./cm,3 ’

°p char particle demsity, gm./cm.3

Peo density of feed coal, gm./cm.3

Subscript

0 inlet

1 outlet

B bubble phase

e emulsion phase

n n~-th compartment
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APPENDIX A
Solution of Equation (35)

function F{Z) in equation (35) Las three different forms as defined by
equations (2) and (34) depending upon the total fractional carbon conversion.

When the total fractional carbon conversion, X, is less than 0.45, A has the con—
stant value 1.0 and F(Z) = 0. The integral for this case is then very simple.

When X 1s between 0.45 and 0.55, A has a value that varies linearly with X and

F(Z) turns out to be a parabolic function. For this case the integral of equa-

tion (35) 1s evaluated in two steps: first, for X up to 0.45 and F(Z) = 0; and
second, for 0.45 up to the measured value of X and F(Z) as a parabolic function.
Thus k; and k, correspond to the values of the first and second parts of the inte-
gral, When X 18 larger than 0.55, ) has the constant value 1.8 and F(Z) 1s a linear
function of Z. For this case the same procedure as used previously results in three
parts for the integral corresponding to ky, ky, and k3. These results are summarized

by the following equations,
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Case 1: X<0.45

F(Z) = 0

(AL

Case 2: 0.455£X20.55
F(Z) = az2 + bz + C
where a = 4(1—X0)

b=28X - 3.6
o

- 2 -
c = 4(0.45 X)) a X))

k ='.kl + k2

k2=L —Lln % - ¢

L]
) 1n
PTQ 2n

1 - BC
2T

(1-z)2 /2 -
(1—zH , Y + t;_ + BB+ 5(1-BC')
P \z n 2T

2
YT

2&(1— ) +b 28(1-2 ) +b

- tan- (A2)
./_
vhere a = —sz(l—xo)
b = B(1l-nb')
T=A- nBC'
q = 4aC - b2 s 920
b' = -(2a + b)
C'=(a+b+0C)

Z=30-2)2 +3Q-2,) + T




Case 3:

k=._l_._

3 P

where

TO

D

% 1n

Zz

 =a-z)2 +5(1-z)) +T

1 = 1= (0045 - X)/(Q-X)

Z

X>0.45

F(2) = 0.8Z + (0.8K - 0.40)/(1-X )

k=%k +k +k
1 2 3

+ -
J+6(1-2)

T+ea—z) | T3
2

0.80B

J+6(1-2 ) ° 1-2
2

J + G(l-ZH) 1-22

H

= 0.8B - B(O.SX° - 0.40)/Q1 - Xo)

(1 + 0.8n)B

A + n(E-1)

(a3)

e ae
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Figure 2 — Integroted hydrogasification unit.
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FIGURE |3 - Modes of the fluidized bed operations
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Figure 14 —Bubble assembiage model for
fluidized char gasification
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FIGURE 16 - Effect of averoge bed temperatures on rate
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FIGURE 17- Comparison of calculated and
observed carbon conversions in
fluidized char hydrogasification
experiments .
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Figure 18 - Cool constituent conversion as function of

residence time
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