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INTRODUCTION

With the feasibility of coal liquefaction having been demonstrated over forty years
ago, the major emphasis since then has been on process modifications and catalyst
development to improve the process economics [1]. Cost analysis of a typical coal
liquefaction process {2] reveals that as much as 30 percent of the overall cost is
related to hydrogen production. The proposed modification is to use syngas (4, + CO)
and steam instead of H, as feed gas to the reactor. The advantages of this modifica-
tion are presented.

The bench scale approach in the direct liquefaction of coal consists of treating a
slurry of coal in solvent under high H, pressure at tcmperatures of 400-475° C. The
large coal molecules fragment thermally and are hydrogenated via hydrogen transfer
from a donor solvent. The liquid product is formed as the H/C atomic ratio of coal
increases from 0.7 to an approximate value of 0.9-1.0. Lighter liquid products could
be formed with additional H, uptake. A catalyst would serve to promote hydrogenation
and desulfurization processés during liquefaction., The required H,, usually 3-6
weight percent of the coal feed, is produced by gasification of coal and residual
char to produce a synthesis gas. The synthesis gas as produced is a mixture of H.,
co, HZO’ and some CO,. The '"'raw'" syngas is then passed through a shift converter

to produce CO,, and aaditional H,. Since the gas still contains about 2-3 percent
residual CO, gurther processing will be required before the gas can be used with a
CO-sensitive catalyst [3].

SYNTHESIS GAS CONCLEPT

The syngas approach is to bypass the expensive gas purification and shift conversion
step and send the product from the gasifier directly to the liquefaction reactor
along with the recycle gas and added steam. The CO in the feed gas reacts with steam
to form H2 (CO + H,0 — H, + CO,) in the liquefaction reactor rather than separately
in the water-gas sﬁift sys%em. %his can be accomplished by utilizing a bifunctional
catalyst in the liquefaction reactor, consisting of the conventional CoMo-Si0 -A1203
for liquefaction and desulfurization, which is impregnated with KZCOW to cata%yze

the shift reaction. >

The obvious advantage of this modification is the elimination of the capital and
operating cost of the purification and shift steps. In addition there will be a
slight improvement in the thermal efficiency of the process. There is a need, however,
for a larger recycle gas cleanup step capable of removing both H,S and CO.,. Before
the process can be considered viable it must be proven that the %iquefactlon activity
in the presence of CO, H2 and HZO is comparable to that with HZ'
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To evaluate the effect of substituting synthesis gas for H,, we decided at first to
look at the SYNTHOIL process. The experimental section exfilains how the direct cata-
lytic coal liquefaction performance using H, and H-CO was compared in a set of auto-
clave experiments. The results of a batch Teactor“cannot be simply used to predict
the steady state conditions in a continuous commercial reactor. An attempt was made,
however, to calculate flow conditions for coal liquefaction processes using H, and
H,-CO on the same basis using autoclave data. The objective is a preliminary”study
to evaluate and compare the potential merit of using syngas rather than to calculate
the accurate results for a commercial process. The evaluation of SYNTHOIL by Kattel
[2] was used as the basis for the conceptual design.

EXPERIMENTAL AND RESULTS

The concept of liquefying coal with syngas was tested in a stirred autoclave, The
autoclave was charged with 30 grams of West Virginia bituminous coal, 70 grams of
Solvent Refined Coal process solvent, 10 grams of H,0, and 2-3 grams of crushed
CoMo-K CO3 catalyst. The autoclave was then chargeg with a 2:1 H,-CO gas mixture
to 1506 psi (gage), heated to 450° C (operating pressure 2800-3006 psi), held at
450° C for 15 min. and then rapidly cooled by running water through an immersed
cooling coil.

The CoMo-K,CO, catalysts were prepared in three ways: (1) by blending ground
CoMo-SiOz—Al 83 catalyst (Harshaw 0402T) with K, CO, powder, (2) by impregnating the
CoMo catalysg with aqueous carbonate solution, %3) by introducing K,CO, early in the
preparation of CoMo catalyst in place of silicated alumina and keeping the ratios

of Co and Mo to alumina constant. We have also tested CoMo catalysts impregnated
with sodium carbonate, potassium acetate and barium acetate, NiMo catalyst.impregnated
with K,CO., and NH,Mo catalyst. Some results have been presented previously [2].
Table % shows some representative results as well as hydrotreating data obtained with
pure H, and CoMo-SiOZ-AIZO3 catalyst. The performances with HZ-CO and H, compare
very c%osely in all Categofties.

PROCESS EVALUATION

Using the yields obtained from the autoclave experiments and the process parameters

of the SYNTHOIL process, material balances were derived for both the H,-CO and H
systems. An energy balance was then calculated for the H,-CO process Scheme. Finally
an economic comparison of the two alternatives was performed, based on an economic
evaluation of the SYNTHOIL process made by Katell, et al [2]. The benefit of using

a high pressure gasifier (such as in the Texaco process) and a modification of the
Exxon Donor Solvent Process using syngas were also examined.

A. Direct Catalytic Liquefaction of Coal

The flowsheet for the modified direct catalytic liquefaction process is shown in
Figure 1. Synthesis gas from the gasifier is sent directly to the liquefaction reactor
eliminating the shift and purification steps. Steam is added to the liquefaction
reactor to promote the water-gas shift reaction., Now that this reaction is taking
place in the liquefaction reactor, the CO, produced there must be removed in the
recycle gas cleanup step. Therefore, the“recycle gas cleanup step must be designed
to remove both CO, and H,S. It is desirable to produce a concentrated stream of
H,S to allow effiient uSe of the Claus process for converting H,S to sulfur. The
concept employed in the Giammarco-Vetrocoke process [5] for acid“gas removal meets
these requirements. It will remove both €O, and H,8 from a gas stream and process
it into two separate streams of CO2 and ”ZS'

The aqueous stream from the vapor-liquid separators is Sent to an ammonium sulfate

and sulfuric acid recovery process. The product slurry from the high temperature sepa-
rator is centrifuged. The underflow from the centrifuge is sent to a char de-oiling
process for recovery of oil entrained in the solids. Unconverted char from this step
is sent to the gasifier for further carbon utilization.
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Mass Balance - The basis of the flowsheet calculation is briefly described in the
Appendix. There are two major problems associated with the batch autoclave data:

(1) the solvent is not a recycle solvent derived at the identical steady state condi-
tion, and (2) the material balance is usually poor with a recovery in the range of
94-98%. Batch data from the autoclave experiments were used in the calculation as
shown in the Appendix. The conversion of CO is calculated by assuming water-gas shift
equlibrium at 475° C (28° C approach) with a U, :CO:H_O feed of 2:1:0.4. The resulting
yields for a continuous recaction are shown in %able %. The flowsheet derived from
these yields is shown in Figure 1.

The overall mass balances for the 1I,-CO and H., processes were obtained on the basis
of one ton of West Virginia bituminbus coal fed (See Table 3). The mass balance
over the reactor, which operates at 4000 psig and 450° C, is based on the simulated
yields. The design parameters used in the study are listed in the Appendix. 1t was
assumed that the recycle gas scrubber provided complete removal of CO, and H,S. The
flow and composition of the off-gas from the vapor-liquid separators Were esgimated
from vapor-liquid equilibria of the various components with the liquid oil at the
separator temperatures of 150 and 40° C. The gasifier mass balance was based on the
total gas demand, coal and char feed, operating condition of 450 psi and 982° C, 95%
carbon conversion and a water-gas shift equilibrium at 1010° C (28° C approach).

Energy Balance - The thermal efficiency of the SYNTHOIL Process has been estimated by
Akhtar et al [6]. The energy balance for the H,-CO process was computed and is shown
in Figure 2. It is based on the net heats of cOmbustion at the specified temperature
of each stream, neglecting pressure effects. The net heats of combustion of the coal
(12,390 Btu/1b), oil (16,300 Btu/lb), and the char (4,500 Btu/lb) werec obtained experi-
mentally. The heat capacities for coal, char, ash and oil were obtained from IGT's
Coal Conversion Data Book. The energy balance across the reactor was calculated using
eqn. 6 in the Appendix, assuming an adiabatic reaction with an estimated heat loss.

The conceptualized plant is totally self-sufficient with the coal being the only energy
input. The plant contains its own steam and electricity plant. The overall thermal
efficiency is 75.6 percent as compared to values of 67.8 [2] and 74.9 [6] percent for
the SYNTHOIL process using H2. The advantage of the syngas system is a result of the
elimination of the inefficiefit two-stage shift reactors.

Economics - The methods used to perform the economic analysis of the two alternative
cases followed those used in Katell's report. The main objective of this economic
evaluation is to obtain a relative cost comparison of the two processes rather than
to yield accurate estimates. The sequence of steps in the evaluation was as follows:
(1) size major equipment, (2) cost major equipment, (3) use standard factors to cost
miscellaneous equipment, (4) calculate utility balance, (5) size and cost utility sec-
tions, (6) determine operating costs and (7) do a discounted cash flow analysis over
the life of the plant to determine the product selling price at various rates of return
and coal prices. The analysis was carried out for both the CO-H, and H, cases. A
unit cost table, which shows the cost distribution among the various seftions of the
process, is shown in Table 4. Two major differences are apparent in the unit cost
table. The recycle gas cleanup and byproduct recovery sections in the H,-CO process
are more expensive than that in the H, process because of the necessity of removing
co2 in addition to H,S in this stage.” The cost of the shift and purification section
is“$1.90/bbl in the ﬁq process, but is totally absent in the H,-CO system. Thus the
HZ-CO system results in a net cost advantage of $1.59/bbl or agout 14% of the total
process cost.
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TABLE 2. Product Yields and Analysis at Steady State

(Basis 100 1b of maf coal feed)

Input
maf coal
H2
co
H20
Total
H, or H2 + CO consumption, SCF
Output
C1—C4
0il
HZO
CO2
st
NH3
Char
Elemental Coal
C 73.8
H 5.2
0 7.2
N 1.3
S 3.8
Ash 8.2
Moisture 0.5

Syngas
100.00
1.17

35.20

11.37

77.38

_6.00
162.18
Product 0Oil
88.3

7.5
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Product 0il
88,3

7.7

2.5
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Figure I-Process flow diagram using SYNGAS.
STREAM COMPOSITION
STREAM Q@ 2 €3] @ <) 6] 6]
COMPONENT | Ibs i(vol %) Ibs ol %)| tbs Jtvol %)| 1bs ol %)| 1bs ol %) Ibs [twol W] Ibs |tvol %)
MAF COAL |1511.4 o] ‘ | |
ASH 600! 160.0 | | | |
CHAR 166 | 1073 | |
ol [ars2| usare| | 2.1 oz | | 1448
GAS _COMPOSITION
H20 3900 0501 137.2[ 358) |37.z] I 1.4](022)
Ha 2393 |(5208)| 2215 |(51.65) 2170 |(57.16)| 43 ((5763)| 266 I363n| 11.5]@637)
co 1628 | !(2550)(1096.1 ! (18.40) I 10528 101996 21.1 {(20.19)| 5964 |(sa.s7) 643 | (1060}
cl 3919 |(072) 452.4'(!3.26) 3998 | 1323)| 80 0339 650|08.71
c2 722 (1.06) 1115 (1.75) I 736 | (13| 151 0.3 | 393 | (606)
3 338! (034} 812 (088 | 345 | (042)| 07 | (043 l 574 | (5.03)
ca 57 | (004)| 302 (024) 58 | (0051 o1 ! (005) 245 (1.99)
HeS 3631 047)| 748 (103) |5.;| 179 | 053 o 36.3’(2.94) 418! 439
oz 202 | (020){ 8561 | (2.15) l 608 | (734 o | 202) (1.26) 2429](2600)
NH3 o | @ | 76| 20| 78 |
N 55 [ (009)| 55| (009) | 55| 54| 55| 090
Totol... |79892 (I00) [f9892 (j00) | 1599 24356 (100) | 369 (00)|6864 (100)|6920 (100)
scf ... 81820 76350 67610 330 13030 7780

9-7-77 L-15580
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/n: H,
Raw Coal 2000.0
Gosifier Steom Feed 141.4
Gasifier O, Feed 187.0
Shift Converter Steom 558.2
Reoctor Water Feed o
Total 2886.6
Out:
Water Condensate 249.1
Waste Water . 118.9
Slog 169.6
Fuel Gos 365.0
H,S + CO, 946 .49
Oil Product 10376
Total 2886.6
COAL
RECYCLE Gas 1957
l000 4376 HEAT EXCHANGE—76/
RECYCLE
oIL /
Con 20 1 ost_|
PREPARATION RECYCLE
GAS
837 A 160 REACTOR
T 20
he3 4496
BOILER 1,0 (161
180 60 THERMAL_ 90 |
o CHAR 38 LOSSES

TABLE -3 OVERALL MASS BALANGE

GASIFIER
2 - o
SLAG RECYCLE 2303
8 12 oIl 682 o/

PRODUCT

THERMAL EFF. 75.6%

H,/CO

20000
108.9
2235
0
3803
27T12.7

30.4
1599
169.8
692.1
626.0
10345
27127

219 L pROCESS HE AT

™ FUEL GAS

(NH,), SO,

H,504

€O,

2 .

SULFUR

DATA BAS!S:1000 BTU INPUT COAL,HEAT OF COMBUSTION (NET)

Figure 2 - Thermal balance.
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TABLE 4.

Cost

Coal + Paste Preparation

Unit Cost, $/bbl Product 0il

Hydrogenation

Heat Exchange

Char De-oiling

Gasification

Gas Cleanup +
Byproduct Recovery

Shift + Purification

Flue Gas Processing

Total

Underline - Cost using H

Otherwise both H
H,-CO systems have the

same cost.

Basis: 25,000 BBL/D

Cost based on April 1977 CE index

Wva Coal - $25/T

15% return on investment

37

Operating Capital Credits Total
0.899 0.670 0 1.569
2,102 2,180 -2.366 1.916
0.666 1.178 0 1.844

. 205 .362 -0.315 .252

1.985 .174 0 2,159

.819 .837 -.105 1.551

.593 _.750 -.105 1.238

0 0 0 0

1.206 _.694 0 1.900

.431 .431 -.232 0.630
7.107 5.832 -3.018
8.087 7.439 -3.018

9.921

Processing Cost 11.508

and Coal Cost 9.453

0il Cost 19.374

20.961




High Pressure Gasifier - A beneficial modification to the H,_-CO process is to employ
a high pressure gasifier to be operated at a pressure in thé€ range of 2500~3000 psi,
equivalent to that required in a liquefaction reactor. This change would further
increase the thermal efficiency and improve the economics. From the energy balance
(Figure 2) we see that 2% of the input energy exists as latent heat in the hot gasifier
output. Also 2% of the input energy is used to compress the gasifier product gas.
By employing a high pressure gasifier all of the latent heat is recovered, the inef-
ficient gasifier heat exchanger is eliminated, the make-up gas compressor is not
required and the reactor preheat duty is reduced. Thus the use of higher pressure
gasifier increases thermal efficiency by about 4 percent. A minor offsetting change
is the increased pressure of 02 and steam necessary to feed the gasifier.

B. Extractive Hydrogenation of Coal

Coal liquefaction processes by extractive hydrogenation such as the Exxon Donor Solvent
Process can also be benefited economically by using syngas in place of H,. A conceptual
process scheme is presented in Figure 3. Coal is dissolved in a recycling solvent in
the absence of catalyst under H,~CO pressure, and part of the liquid product is subse-
quently hydrotreated with syngas and steam in the presence of CoMo-K CO3 catalyst to
make the recycle solvent., Experimental data were obtained by initia%ly hydrotreating
an SRC solvent with syngas and steam in the presence of CoMo-K,CO, catalyst and subse-
quently using this hydrotreated solvent to extract coal in the abSence of catalyst.
Table 5 shows the autoclave experimental results of hydrotreating the SRC solvent with
syngas and H,. Table 6 shows the comparison of using the syngas hydrotreated solvent
and the H, hydrotreated solvent for coal solvolysis under H,-CO and H, pressures res-
pectively. From both tables, no significant difference in fhe quality of the product
0il or solvent was observed between the syngas and H2 systems.
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TABLE 5.

Hydrotreating of SRC Solvent

(425° ¢, 60 min)

Original Syngas
(HZ:CO = 2

1)

Catalyst
H,0 added pts/100 pts
Initial Press, psi
Operating Press, psi
Product Analysis, %

C

H

N

S

0

Kinematic Viscosity,
CS at 60° C

TABLE 6. Coal Liqu

- COMO—K2C03

10
1220
2600
88.8 89.1
7.4 7.6
1.1 1.0
0.65 42
2.05 1.88
12.2 7.8

efaction by Solvolysis

H

CoMo

1520

2450

1.66

(solvent: coal = 2.3:1, 3000 psi, 450° C, 15 min)

Solvent

Conversion, %
Asphaltene formed, %
S in oil prod., %

Kinematic viscosity, CS at
60° C

Syngas
(HZ:CO = 2:1)

SRC Treated SRC

89 90
42.7 32.6
0.64 0.54
30.1 22.7
40

SRC

89

49.3

0.65

Treated SRC

91
25.6

0.44

14.8
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APPENDIX

Design Calculations

Autoclave Reaction

Products

Continuous Reaction

_________ 1 e - ——
SRC Solvent r [ Hy NH3 r ¢ Coal
— [ Co 14 | —t
Coal f—+—> H0 011 | Hy or
- ( COyp Char | : Hy-CO-H90
Hy or [ [ I H,yS ! !
Hp-Co-0 L __________ J Lo _
Elemental Balance for Continuous Reaction
Yi = yield, (1bs of i out - 1bs of i in)/ 1b maf coal
Fi = wt. fraction of element k in component i
C C ¢ C C C
F —(Y* = (Y* +(Y* * +(Y*
€ Froarlm(F g = (FD o) o FOXFD) g HOXED) o+ oy M
C H H H H H H
- = (Y% +(Y* (Y +(Y* (Y +(Y*
o Fooal™ Yiy 7 (PF ¢ o My ot (T F D g D) F D 0 v O D ey ()
0 (4] 0 0 0} (0]
—(Y* = (Y* + (Y% +(Y* +(Y*
O Feoarm(WF g = (D o+ (VAT 0+ 0 g OV £
N N N N
= (Y* * *
N FCoal (Y*F )NH3+(Y F )Oil+(Y F )Char 4
S - S S
= +(Y* +(Y*
5 FCoal (YxF )HZS (Y*F )Oil (r*F )Char &
Energy Balance for Continuous Reactor
Hi = net enthalpy of combustion of component i, BTU
in T out T
£ H In - § g out 4 peat loss (6)
i 1 i i
Agsumptions Design Parameters
1. The yields of C;-C4 gas(Ycj._c4) and char(Ypp,,)  0il:Coal Recycle Ratio = 2.12
and the elemental compositions of C]-Cy4, oil, SCF/1b Slurry Reactor Feed = 15.8
and char observed in the autoclave experiment Reactor Feed Rate= 280 lb/hr—ft3catalyst
are used in the continuous reaction design. Reactor Inlet Temp = 425°C
2. The yield of carbon monoxide is calculated Reactor In%et Press = 4500 psig
Reactor Exit Temp = 449°C
assuming the water-gas shift reaction to be at .
equilibrium at 477°C (28°C approach) with a Reactor Exit Press = 4000 psig
q Process Heater Eff = 80%

H2:C0:Hy0 reactor feed of 2.05:1:0.4. It is
also assumed that carbon dioxide is involved
only in the water-gas shift reaction, thus
YCOZ = -Yeo-

The remaining unknowns are YHZ’YHZO’YHZS’
YNH3;'and Yoi1- These are determined by
solving eqns. 1-5 simultaneously. The other
unknown,Toy¢ s is solved from eqn. 6.
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Electric Generation Eff = 40%

Economic Evaluation
Based on April 1977 CE Index
15% Discounted Cash Flow



