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INTRODUCTION 

With tile f e a s i b i l i t y  of  c o a l  l i q u e f a c t i o n  having been demonstrated over  f o r t y  y e a r s  
ago, t h e  najor emphasis s i n c e  then  has been on process  modi f ica t ions  and c a t a l y s t  
development t o  inprove t h e  process  economics [ l ]  . Cost a n a l y s i s  o f  a t y p i c a l  c o a l  
l i q u e f a c t i o n  process  [2] r e v e a l s  t h a t  a s  much as 30 percent  o f  t h e  o v e r a l l  c o s t  i s  
r e l a t e d  t o  hydrogen product ion.  The proposed modi f ica t ion  i s  t o  use  syngas ( I 1  + CO) 
and s tear l  i n s t e a d  of I I  The advantages of  t h i s  mozif ica-  
t i o n  a r e  presented.  

The bench s c a l e  approach i n  t h e  d i r e c t  l i q u e f a c t i o n  of coa l  c o n s i s t s  o f  t r e a t i n g  a 
s l u r r y  o f  c o a l  i n  s o l v e n t  under h igh  1-1 
l a r g e  c o a l  molecules fragment t h e m a l l y  and a r e  hydrogenated v i a  hydrogen t r a n s f e r  
from a donor so lvent .  
i n c r e a s e s  from 0.7 t o  a n  approximate v a l u e  o f  0.9-1.0.  
b e  formed wi th  a d d i t i o n a l  11 uptake.  2 and d e s u l f u r i z a t i o n  processes  dur ing  l i q u e f a c t i o n .  
weight percent  o f  t h e  c o a l  feed ,  i s  produced by g a s i f i c a t i o n  of  coa l  and r e s i d u a l  
c h a r  t o  produce a s y n t h e s i s  gas .  The s y n t h e s i s  gas  as  produced i s  a mixture  o f  H 
CO, H20, and some CO$. ,  The "raw" syngas i s  then  passed through a s h i f t  conver te r  
t o  produce CO and a d i t i o n a l  H 2 . ,  S i n c e  t h e  gas  s t i l l  conta ins  about 2 - 3  p e r c e n t  
r e s i d u a l  CO, ?ur t l ier  p rocess ing  w i l l  be r e q u i r e d  b e f o r e  t h e  gas can  be used wi th  a 
CO-sensi t ive c a t a l y s t  [ 3 ] .  

a s  feed gas  t o  t h e  r e a c t o r .  2 

p r e s s u r e  a t  temperatures  o f  400-475' C .  The 2 

The l i q u i d  product  is formed as t h e  H/C atomic ra t io  o f  c o a l  
Lighter  l i q d i d  products  could 

A c a t a l y s t  would s e r v e  t o  promote hydrogenat ion 
The r e q u i r e d  I$, u s u a l l y  3-6 

2' 

SYNTHESIS GAS CONCEPT 

The syngas approach, i s  t o  bypass t h e  expensive gas p u r i f i c a t i o n  and s h i f t  conversion 
s t e p  and send t h e  product  from t h e  g a s i f i e r  d i r e c t l y  t o  t h e  l i q u e f a c t i o n  r e a c t o r  
a l o n g  w i t h  t h e  r e c y c l e  g a s  and added steam. The CO i n  t h e  feed  gas  r e a c t s  with steam 
t o  form 112 (CO + :I 0 - 1 1  + CO ) i n  t h e  l i q u e f a c t i o n  r e a c t o r  ra t l ie r  than  s e p a r a t e l y  
i n  t h e  water-gas s k f t  sysgen.  
catalyst i n  t h e  l i q u e f a c t i o n  r e a c t o r ,  c o n s i s t i n g  o f  t h e  convent ional  Co!.lo-SiO -A1 0 
f o r  l i q u e f a c t i o n  and d e s u l f u r i z a t i o n ,  which i s  impregnated wi th  K CO 
t h e  s h i f t  reac t ion .  

The obvious advantage of t h i s  modi f ica t ion  i s  tlie e l i m i n a t i o n  o f  t h e  c a p i t a l  and 
o p e r a t i n g  c o s t  o f  t h e  p u r i f i c a t i o n  and s h i f t  s t e p s .  In a d d i t i o n  t h e r e  w i l l  be a 
s l i g h t  improvenent i n  t h e  t h e r n a l  e f f i c i e n c y  o f  t h e  process .  
f o r  a l a r g e r  r e c y c l e  gas  c leanup s t e p  capable  o f  removing both  I I  S and C02. 
t h e  process  can b e  cons idered  v i a b l e  it must be proven t h a t  t h e  l i q u e f a c t i o n  a c t i v i t y  
i n  t h e  presence  of  CO, 1 1 2  and H,O is comparable t o  t h a t  wi th  H 

hiis can be accomplished by u t i l i z i n g  a b i f u n c t i o n a l  

2 3  t o  c a t a l y z e  2 3  

There i s  a need, however, 
Before 

2 '  
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To e v a l u a t e  t h e  e f f e c t  of  s u b s t i t u t i n g  s y n t h e s i s  gas  f o r  H 2 ,  we decided a t  f irst  t o  
look a t  t h e  SYNTIIOIL process .  The experimental  s e c t i o n  e x p l a i n s  how t h e  d i r e c t  ca ta -  
l y t i c  c o a l  l i q u e f a c t i o n  performance us ing  112 and 1i  -CO was compared i n  a s e t  o f  auto- 
c l a v e  experiments .  The r e s u l t s  of  a ba tch  r e a c t o r  cannot  be s imply used t o  p r e d i c t  
t h e  s teady  s t a t e  condi t ions  i n  a cont inuous commercial r e a c t o r .  An at tempt  was made, 
however, t o  c a l c u l a t e  f low condi t ions  f o r  coa l  l i q u e f a c t i o n  processes  us ing  H2 and 
H2-C0 on t h e  same b a s i s  us ing  au toc lave  da ta .  
t o  eva lua te  and compare t h e  p o t e n t i a l  mer i t  o f  us ing  syngas r a t h e r  than  t o  c a l c u l a t e  
t h e  a c c u r a t e  r e s u l t s  f o r  a commercial p rocess .  The e v a l u a t i o n  o f  SYNTIIOIL by Kat te l  
[2] was used a s  t h e  b a s i s  f o r  t h e  conceptual  design.  

2 

The o b j e c t i v e  is a pre l iminary  s tudy  

EXPERIPENTAL AND RESULTS 

The concept of l i q u e f y i n g  coa l  wi th  syngas was t e s t e d  i n  a s t i r r e d  au toc lave .  
autoclave was charged wi th  30 grams o f  West V i r g i n i a  bi tuminous c o a l ,  70 grams o f  
Solvent  Refined Coal process  s o l v e n t ,  10 grams o f  tl 0 
CoMo-K CO c a t a l y s t .  The au toc lave  was then  charge2 i i t h  a 2 : l  H -CO gas  mixture  
t o  1506 p $ i  (gage) ,  hea ted  t o  450' C (opera t ing  p r e s s u r e  2800-3008 p s i ) ,  held a t  
450' C f o r  15 min. and then  r a p i d l y  cooled by running water  through an immersed 
cool ing  c o i l .  

The CoP4o-K,CO 
CoMo-Si02-Al d c a t a l y s t  (Harshaw 0402T) wi th  K C 0 3  powder, ( 2 )  by impregnating the  
CoMo c a t a l y s g  k t h  aqueous carbonate  s o l u t i o n ,  f 3 )  by i n t r o d u c i n g  K2C03 e a r l y  i n  t h e  
prepara t ion  o f  Coblo c a t a l y s t  i n  p l a c e  o f  s i l i c a t e d  alumina and keeping t h e  r a t i o s  
of Co and Elo t o  alumina c o n s t a n t .  We have a l s o  t e s t e d  CoMo c a t a l y s t s  impregnated 
wi th  sodium carbonate ,  potassium a c e t a t e  and barium a c e t a t e ,  NiMo ca ta lys t . impregnated  
with K CO-, and NI14bfo c a t a l y s t .  Some r e s u l t s  have been presented  previous ly  [2] .  
Table f S ~ O W S  some r e p r e s e n t a t i v e  r e s u l t s  as w e l l  a s  h y d r o t r e a t i n g  d a t a  obta ined  with 
pure  H and CohIo-SiO2-Al2O3.catalyst. The performances wi th  H2-CO and 112 compare 
very  c f o s e l y  i n  a l l  c a t e g o r i e s .  

The 

and 2-3 grams of crushed 

c a t a l y s t s  were prepared i n  t h r e e  ways: (1)  by b lending  ground 

PROCESS EVALUATION 

Using t h e  y i e l d s  obta ined  from t h e  au toc lave  experiments  and t h e  process  parameters  
of  t h e  SYNTIIOIL process ,  m a t e r i a l  ba lances  were der ived  f o r  bo th  t h e  H2-CO and 1-1 
systems. 2 an economic comparison o f  t h e  two a l t e r n a t i v e s  was performed, based on an economic 
eva lua t ion  o f  t h e  SYNTHOIL process  made by K a t e l l ,  e t  a1 [2]. 
a high p r e s s u r e  g a s i f i e r  (such as i n  t h e  Texaco p r o c e s s )  and a modi f ica t ion  of  t h e  
Exxon Donor Solvent  Process  us ing  syngas were a l s o  examined. 

A. 

The f lowsheet  f o r  t h e  modif ied d i r e c t  c a t a l y t i c  l i q u e f a c t i o n  process  i s  shown i n  
Figure 1. 
e l i m i n a t i n g  t h e  s h i f t  and p u r i f i c a t i o n  s t e p s .  
r e a c t o r  t o  promote t h e  water-gas  s h i f t  r e a c t i o n .  
p l a c e  i n  t h e  l i q u e f a c t i o n  r e a c t o r ,  t h e  C 0 2  produced ' there  must b e  removed i n  t h e  
recyc le  gas  c leanup s t e p .  
t o  remove both  CO I t  i s  d e s i r a b l e  t o  produce a concent ra ted  s t ream o f  
H,S t o  a l low e f f i z i e n t  u s e  of  t h e  Claus process  f o r  conver t ing  H S t o  s u l f u r .  The 
cdncept employed i n  t h e  Giammarco-Vetrocoke process  [5] f o r  ac idzgas  removal meets 
t h e s e  requirements .  and 11 S from a gas  s t ream and process  
it i n t o  two s e p a r a t e  s t reams o f  CO 2 
The aqueous stream from t h e  vapor- l iqu id  s e p a r a t o r s  i s  s e n t  t o  an ammonium s u l f a t e  
and s u l f u r i c  a c i d  recovery process .  
r a t o r  i s  cent r i fuged .  
process  f o r  recovery  of o i l  e n t r a i n e d  i n  t h e  s o l i d s .  
is s e n t  t o  t h e  g a s i f i e r  f o r  f u r t h e r  carbon u t i l i z a t i o n .  

2 An energy ba lance  was then c a l c u l a t e d  f o r  t h e  ti -CO process  scheme. F i n a l l y  

The b e n e f i t  o f  using 

Direc t  C a t a l y t i c  Liquefac t ion  o f  Coal 

Synthes is  gas  from t h e  g a s i f i e r  i s  s e n t  d i r e c t l y  t o  t h e  l i q u e f a c t i o n  r e a c t o r  
Steam i s  added t o  t h e  l i q u e f a c t i o n  

Now t h a t  t h i s  r e a c t i o n  is tak ing  

Therefore ,  t h e  r e c y c l e  gas  c leanup s t e p  must be designed 
and H2S. 

I t  w i l l  remove both  CO 2 2 and H2S. 

The product  s l u r r y  from t h e  high temperature  sepa- 
The underflow from t h e  c e n t r i f u g e  i s  s e n t  t o  a char  de-o i l ing  

Unconverted char  from t h i s  s t e p  

31 
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- Mass Balance - The b a s i s  o f  t h e  f lowshee t  c a l c u l a t i o n  i s  b r i e f l y  descr ibed  i n  t h e  
Appendix. There a r e  two major problems a s soc ia t ed  wi th  t h e  ba t ch  au toc lavc  da ta :  
(1) t h e  so lven t  i s  not  a r ecyc le  s o l v c n t  der ived  a t  t h e  i d e n t i c a l  s t eady  s t a t e  condi- 
t i o n ,  and (2) t h e  m a t e r i a l  ba lance  i s  u s u a l l y  poor w i t h  a recovery  i n  t h e  range o f  
94-98%. Batch d a t a  from t h e  au toc lave  expe r inen t s  were used i n  t h e  c a l c u l a t i o n  a s  
shown i n  the  Appendix. The convers ion  of CO i s  c a l c u l a t e d  by assuming water-gas s h i f t  
equl ibr ium a t  475' C (28' C approach) wi th  a 11 :CO:H 0 feed  of 2:1:0.4. The r e s u l t i n g  
y i e l d s  f o r  a continuous r e a c t i o n  a r e  shown i n  Table 3. 
t hese  y i e l d s  i s  shown i n  F igure  1. 

The o v e r a l l  mass ba lances  f o r  t h e  I12-C0 and H p rocesses  were obta ined  on t h e  b a s i s  
of one ton  o f  Nest Vi rg in i a  bituminous coa l  feed (See Table 3 ) .  The mass ba lance  
over t h e  r e a c t o r ,  which ope ra t e s  a t  4000 p s i g  and 450' C, i s  based on t h e  s imula ted  
y i e l d s .  
assumed t h a t  t h e  r ecyc le  gas scrubber  provided  complete removal o f  C 0 2  and H S .  
flow and composition o f  t h e  o f f -gas  from t h e  vapor - l iqu id  s e p a r a t o r s  were esgimated 
from vapor- l iqu id  e q u i l i b r i a  of t h e  va r ious  couponents w i t h  t h e  l i q u i d  o i l  at  t h e  
sepa ra to r  tempera tures  o f  150 and 40' C. The g a s i f i e r  mass ba l ance  was based on t h e  
t o t a l  gas  demand, coa l  and cha r  feed,  ope ra t ing  cond i t ion  o f  450 p s i  and 982' C ,  95% 
carbon conversion and a water-gas s h i f t  equ i l ib r ium a t  1010" C (28" C approach).  

Energy Balance - The thermal e f f i c i e n c y  o f  t h e  SYNTHOIL Process  has  been es t imated  by 
Akhtar e t  a1  [ G I .  The energy ba lance  f o r  t h e  H -CO p rocess  was computed and i s  shown 
i n  F igure  2 .  I t  i s  based on t h e  n e t  h e a t s  o f  combustion a t  t h e  s p e c i f i e d  tempera ture  
of each stream, neg lec t ing  p r e s s u r e  e f f e c t s .  The n e t  h e a t s  of  combustion of t h e  coa l  
(12,390 Btu/ lb) ,  o i l  (16,300 Btu/ lb) ,  and t h e  cha r  (4,500 Btu/ lb)  were obta ined  experi-  
mentally.  The hea t  c a p a c i t i e s  f o r  coa l ,  cha r ,  ash and o i l  were obta ined  from IGT's 
Coal Conversion Data look.  
eqn. 6 i n  t he  Appendix, assuming an a d i a b a t i c  r e a c t i o n  wi th  an e s t ima ted  h e a t  l o s s .  
The conceptua l ized  p l a n t  i s  t o t a l l y  s e l f - s u f f i c i e n t  w i th  t h e  coa l  be ing  t h e  only energy 
inpu t .  The p l a n t  c o n t a i n s  i t s  own steam and e l e c t r i c i t y  p l a n t .  
e f f i c i e n c y  is 75.6 pe rcen t  a s  compared t o  va lues  o f  67.8 [2] and 74.9 [6] pe rcen t  f o r  
t h e  SYNTHOIL p rocess  us ing  H2.  The advantage o f  t h e  syngas system is a r e s u l t  of t h e  
e l imina t ion  of t h e  i n e f f i c i e n t  two-stage s h i f t  r e a c t o r s .  

Economics - The methods used t o  perform t h e  economic a n a l y s i s  o f  t h e  two a l t e r n a t i v e  
cases  followed t h o s e  used i n  K a t e l l ' s  r e p o r t .  The main o b j e c t i v e  o f  t h i s  economic 
eva lua t ion  is t o  o b t a i n  a r e l a t i v e  c o s t  comparison o f  t h e  two p rocesses  r a t h e r  t han  
t o  y i e l d  accu ra t e  e s t ima tes .  
(1) s i z e  major equipment, (2) c o s t  major equipment, (3) use  s t anda rd  f a c t o r s  t o  c o s t  
misce l laneous  equipment, (4) c a l c u l a t e  u t i l i t y  ba lance ,  (5) s i z e  and c o s t  u t i l i t y  sec- 
t i o n s ,  (6) de te rmine  o p e r a t i n g  c o s t s  and (7)  do a d iscounted  cash  flow a n a l y s i s  ove r  
t h e  l i f e  of t h e  p l a n t  t o  determine t h e  product  s e l l i n g  p r i c e  a t  va r ious  r a t e s  o f  r e t u r n  
and coa l  p r i c e s .  
u n i t  c o s t  t a b l e ,  which shows t h e  c o s t  d i s t r i b u t i o n  among t h e  va r ious  s e z t i o n s  o f  t h e  
process ,  i s  shown i n  Table  4. 
t a b l e .  The r e c y c l e  gas  cleanup and byproduct recovery  s e c t i o n s  i n  t h e  H -CO process  
a r e  more expensive than  t h a t  i n  t h e  H process  because  o f  t h e  n e c e s s i t y  of removing 
CO 
is2$1.90/bbl i n  t h e  6,) process ,  bu t  i s  t o t a l l y  absen t  i n  t h e  H -CO system. 
H2-CO system r e s u l t s  i n  a n e t  c o s t  advantage of $1.59/bbl o r  ,gout 14% of t h e  t o t a l  
p rocess  cos t .  

The f lowshee t  de r ived  from 

2 

The des ign  p a r a n e t e r s  used i n  t h e  s tudy  are l i s t e d  i n  t h e  Appendix. I t  was 
The 

-- 
2 

The energy ba lance  ac ross  t h e  r e a c t o r  was c a l c u l a t e d  us ing  

The o v e r a l l  thermal 

The sequence o f  s t e p s  i n  t h e  eva lua t ion  was as fo l lows :  

The a n a l y s i s  was c a r r i e d  ou t  f o r  bo th  t h e  CO-H2 and It cases .  A 

Two major d i f f e r e n c e s  a r e  apparent  i n  t h e  u n i t  c o s t  

2 

i n  add i t ion  t o  H S i n  t h i s  s t age .2  The c o s t  o f  t h e  s h i f t  and p u r i f i c a t i o n  s e c t i o n  
Thus t h e  
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TABLE 2 .  Product Y ie lds  and Analys is  a t  Steady S t a t e  

(Bas is  100 l b  of maf c o a l  feed)  

S y n w  "2 Input 

maf c o a l  100.00 100.00 

1.17 3.79 

co 35.20 0.00 

25.81 0.00 

Tota l  162.18 103.79 

H o r  H + CO consumption, SCF 66 1 675 

€'2 

H2° 

2 2  

ou tpu t  

11.37 10.80 '1-'4 

O i  1 77.38 77.87 

H20 9.08 5.99 

c02 

H2S 

55.31 0.00 

2.54 2.54 

NH3 0.50 0.59 

Char 6.00 6.00 

162.18 103.79 

Elemental Coal Product O i l  Product O i l  

C 7 3 . 8  88.3 8 8 . 3  

H 5.2 7.5 7.7 

0 7.2 2.6 2.5 

N 1 . 3  1.2 1.1 

S 3 . 8  0.4 0.4 

Ash 8.2 

Moisture 0.5 - 
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Figure I -  Process f l o w  diogrom using SYNGAS. 

STREAM COMPOSITION 

GAS C O M P O S l T l O N  

c4 

NH3 0 I (0) 76 I (021) 76 1 I 
Ne 5 5  ((OW) 5 5 1  (0091 1 I 
Total 79892 (100) 79892 (IUO) 1599 24356 (1001 359 
sc/ 8f8D 76330 67.90 
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TABLE -3 OVERALL MASS BALANCE 

R o w  Coal 

Gosifier Steam Feed 

Gasifier 0, Feed 

Shif t  Converter Steam 

Reactor Water Feed 

Total 

out. 
Water Condensate 

Waste Water 

Slog 

Fuel G a s  
H,S + CO, 

O i l  Product 

Total  

2000.0 
141.4 
187.0 
558.2 
0 

288 6.6 

249.1 
118.9 
169.6 
365.0 
946.4 
1037.6 
28 86.6 

H,/CO 

2000.0 
108.9 
2 2 3.5 

0 
38 0.3 
271 2.7 

30.4 
159.9 
169.8 
692.1 
626.0 
1034.5 
27 12.7 

COAL 

1000 4376 
RECYCLE 

O I L  

COAL 1057 
2303 

PREPARATION RECYCLE 

RECYCLE 2303 
682 OIL -- 

OIL 
PUOOUCT THERMAL E f f .  75.6% 

DATP BASIS:  1000 BTU INPUT COAL. H E P T  OF COMBUSTION (NET) 

Figure 2 -Thermal balance. 
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TABLE 4. Unit  Cos t ,  $ /bbl  Product  O i l  

c o s t  Operat ing - 
Coal + Pas te  Prepara t ion  0.899 

Hydrogenation 2.102 

Heat Exchange 0.666 

Char De-oiling .205 

G a s i f i c a t i o n  1.985 

Gas Cleanup + .a19 
Byproduct Recovery 

.593 

S h i f t  + P u r i f i c a t i o n  0 

1.206 

Flue  Gas Processing .431 

T o t a l  7.107 

8.087 - 

Underl ine - Cost us ing  H2 
Otherwise b o t h  ti2 and 
€1 -CO systems have t h e  
same c o s t .  2 

C a p i t a l  C r e d i t s  

0.670 0 

2.180 -2.366 

1.178 0 

.362 -0.315 

.174 0 

.837 - . lo5 

.750 -. 105 - - 
0 0 

.694 0 

.431 - .232 

5.832 -3.018 

7.439 -3.018 

- - 

- 
Process ing  Cost 

Coal Cost 

O i l  Cost 

Basis: 25,000 BBL/D 
Cost based on Apr i l  1977 CE index 
WVa Coal - $25/T 
15% r e t u r n  on investment  

31 

T o t a l  - 

1.569 

1.916 

1.844 

.252 

2.159 

1.551 

1.238 

0 

1.900 

0.630 

- 

- 

3.921 

11.508 

9.453 

19.374 

20.961 



High Pressure Gasifier - A b e n e f i c i a l  m o d i f i c a t i o n  t o  t h e  H -CO process  i s  t o  employ 
a h igh  p r e s s u r e  g a s i f i e r  t o  be opera ted  a t  a p r e s s u r e  i n  t h e  range  o f  2500-3000 p s i ,  
equiva len t  t o  t h a t  r e q u i r e d  i n  a l i q u e f a c t i o n  r e a c t o r .  This  change would f u r t h e r  
i n c r e a s e  t h e  thermal  e f f i c i e n c y  and improve t h e  economics. From t h e  energy ba lance  
(Figure 2) we see t h a t  2% o f  t h e  i n p u t  energy e x i s t s  a s  l a t e n t  h e a t  i n  t h e  hot  g a s i f i e r  
ou tput .  
By employing a h igh  p r e s s u r e  g a s i f i e r  a l l  o f  t h e  l a t e n t  h e a t  i s  recovered,  t h e  i n e f -  
f i c i e n t  g a s i f i e r  hea t  exchanger is e l i m i n a t e d ,  t h e  make-up gas  compressor i s  n o t  
r e q u i r e d  and t h e  r e a c t o r  prehea t  du ty  i s  reduced. 
g a s i f i e r  i n c r e a s e s  thermal  e f f i c i e n c y  by about 4 percent .  
i s  t h e  increased  p r e s s u r e  o f  O2 and s team necessary  t o  f e e d  t h e  g a s i f i e r .  

B. Ext rac t ive  Hydrogenation o f  Coal 

Coal l i q u e f a c t i o n  processes  by e x t r i c t i v e  hydrogenat ion such as t h e  Exxon Donor Solvent  
Process  can a l s o  be b e n e f i t e d  economical ly  by us ing  syngas i n  p l a c e  of  H2. 
p rocess  scheme i s  presented  i n  F igure  ;. 
t h e  absence of  c a t a l y s t  under H2-C0 p r e s s u r e ,  and p a r t  o f  t h e  l i q u i d  product  i s  subse- 
quent ly  hydro t rea ted  wi th  syngas and steam i n  t h e  presence  of CoMo-K C 0 3  c a t a l y s t  t o  
make t h e  r e c y c l e  so lvent .  
an SRC so lvent  wi th  syngas and steam i n  t h e  presence  of  CoMo-K CO c a t a l y s t  and subse- 
quent ly  using t h i s  hydro t rea ted  s o l v e n t  t o  e x t r a c t  coa l  i n  the'absence of c a t a l y s t .  
Table  5 shows t h e  au toc lave  experimental  r e s u l t s  o f  h y d r o t r e a t i n g  t h e  SRC s o l v e n t  wi th  
syngas and H2. Table 6 shows t h e  comparison o f  u s i n g  t h e  syngas hydro t rea ted  s o l v e n t  
and t h e  li hydrot rea ted  s o l v e n t  f o r  coa l  s o l v o l y s i s  under  H -CO and H2 p r e s s u r e s  res- 
p e c t i v e l y ?  From both  t a b l e s ,  no s i g n i f i c a n t  d i f f e r e n c e  i n  $he q u a l i t y  of t h e  product  
o i l  o r  solvent  was observed between t h e  syngas and H2 systems. 

2 --- 
I 
e Also 2% of t h e  i n p u t  energy i s  used t o  compress t h e  g a s i f i e r  product  gas .  

Thus t h e  use  o f  h igher  p r e s s u r e  
A minor o f f s e t t i n g  change 

A conceptual 
Coal i s  d isso lved  i n  a r e c y c l i n g  s o l v e n t  i n  

Experimental d a t a  were obta ined  by i n i t i a l l y  h y d r o t r e a t i n g  
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C a t a l y s t  

TABLE 5. Hydrot rea t ing  o f  SRC Solvent  

(425' C ,  60 min) 

O r i g i n a l  Syngas 
(H2:C0 = 2 : l )  

- CoMo-K2C03 

H20 added pts/lOO p t s  1 0  

I n i t i a l  P r e s s ,  p s i  1220 

Operat ing Press ,  p s i  2600 

Product Analys is ,  % 

C 88.8 89.1 

H 7.4 7.6 

N 1.1 1 .0  

S 0.65 .42 

0 2.05 1.88 

Kinematic Viscos i ty ,  
CS a t  60' C 1 2 . 2  7.8 

Solvent  

cot40 

0 

1520 

2450 

89.4 

8.0 

0.8 

.14 

1.66 

5.4 

TABLE 6. Coal Liquefac t ion  by S o l v o l y s i s  

( so lvent :  coa l  = 2.3:1,  3000 p s i ,  450' C ,  15 min) 

SRC Trea ted  SRC SRC Treated SRC 

Conversion, % 89 90 89 91 

Asphaltene formed, % 4 2 . 7  32.6 49.3 25.6 

S i n  o i l  prod. ,  % 0.64 0.54 0.65 0.44 

Kinematic v i s c o s i t y ,  CS a t  
60° C 30.1 22.7 30.8 14.8 
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APPENDIX 

Design Calcula t ions  

Autoclave React ion Continuous React ion 

7 Products  - - - - - -  - --, Coal r--- - - - - - -  SRC Solvent  

Char 

I 
H2 o r  
Hz-CO-H~O L _ _ _ _ _ _  - ---J L -- --El- - - - -1 

Elemental Balance f o r  Continuous React ion 

Yi = y i e l d , ( l b s  of i out  - l b s  of i i n ) /  l b  maf c o a l  

F: = w t .  f r a c t i o n  of element k i n  component i 

(1) 
-(Y*FC)CO = (Y*Fc) +(Y*Fc) +(Y*Fc)oil+(Y*F C )Char 

c1-c4 CO2 

= (Y*FH)C +(Y*FH) +(Y*FH) +(Y*FH) +(Y*FH)Oil+(Y*FH)Char (2) 
1- 4 H20 NH3 H2S 

0 F~oal-(Y*Fo)CO = (Y*Fo) H20 +(Y*Fo) CO2 +(Y*Fo)Oil+(Y*Fo)Char (3)  

( 4 )  

(5) 

N N 
N F!oal = (y*FN) +(Y*F )Oil+(Y*F )Char 

S FEoal = (Y*Fs) +(Y*F )Oil+(Y*F )Char 

NH3 

H2S 
S S 

Energy Balance f o r  Continuous Reac tor  

Hi = n e t  enthalpy of combustion of component i, BTU 

i n  out  
Tin = E H.TOut + h e a t  loss 

i =  

Assumptions Design Parameters 
0 i l : C o a l  Recycle Rat io  = 2.12 
SCF/lb S l u r r y  Reactor  Feed = 15.8 
Reactor  Feed Rate= 280 lb/hr-f  t 3 c a t a l y s t  
Reactor  I n l e t  Temp = 425OC 

1. The y i e l d s  of C1-C4 gas(Yc1-c4) and char(YChar) 
and t h e  elemental  composi t ions of C1-C4, o i l ,  
and char  observed i n  t h e  au toc lave  experiment 
a r e  used i n  t h e  cont inuous r e a c t i o n  des ign .  

Reactor  I n l e t  P r e s s  = 4200 ps ig  
Reactor Exit Temp = 4490c 
Reactor  E x i t  P r e s s  = 4000 ps ig  
Process  Heater Eff = 80% 

Generation E f f  = 40x 

2. The y i e l d  of carbon monoxide i s  c a l c u l a t e d  
assuming t h e  water-gas s h i f t  r e a c t i o n  t o  be  a t  
equi l ibr ium a t  477OC (28OC approach) wi th  a 
H2:CO:HzO r e a c t o r  feed  of 2.05:1:0.4. I t  i s  
a l s o  assumed t h a t  carbon d ioxide  is involved 
only i n  t h e  water-gas s h i f t  r e a c t i o n ,  thus  Economic Evaluat ion 
yco2 = -yco* 

3. The remaining unknowns are Y H ~ , Y H ~ o , Y ~ ~ s ,  
Ym3, and Y o i l .  These a r e  determined by 
s o l v i n g  eqns. 1-5 s imultaneously.  The o t h e r  
unknom,Tout, is so lved  from eqn. 6. 

Based on A p r i l  1977 CE Index 
15% Discounted Cash Flow 

4 1  


