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CATALYTIC GASIFICATION OF 'SHALE OIL 

P. L. Cottingham and H. C .  Ca rpen te r  

Laramie Pet ro leum Research  Cen te r  
Bureau o f  Mines, U.S. Department of I n t e r i o r  

Laramie,  Wyoming 

INTRODUCTION 

Although t h e  Uni ted  States has  l a r g e  proven reserves of n a t u r a l  gas, o u r  annua l  
marketed p roduc t ion  i n c r e a s e d  f r a n  l e s s  t han  4 t r i l l i o n  c u b i c  f e e t  i n  1945 to  n e a r l y  
16 t r i l l i o n  cub ic  f e e t  i n  1964 (9).  Th i s  i n c r e a s e ,  coupled  w i t h  ou r  d e c r e a s i n g  r a t i o  

, o f  r e s e r v e s  t o  p roduc t ion ,  h a s  s t i m u l a t e d  i n t e r e s t  i n  p o s s i b l e  methods f o r  supp le -  
ment ing  ou r  f u t u r e  n a t u r a l  gas  supply .  The l a r g e  q u a n t i t i e s  of o i l  s h a l e  i n  t h e  
wes te rn  United S t a t e s  sugges t  t h e  u s e  of o i l  s h a l e  o r  shale o i l  f o r  such  supp lemen ta l  
purposes .  Var ious  a u t h o r s  have  r e p o r t e d  on t h e  the rma l  g a s i f i c a t i o n  o f  t h e s e  m a t e r i a l s  
( 5 , 6 , 7 , 8 ) .  
s h a l e  o i l ,  u s i n g  as  c a t a l y s t s  d e p l e t e d  uranium and c o b a l t  molybdate  on a lumina  sup- 
p o r t s .  

The p r e s e n t  s t u d y  i s  concerned wi th  c a t a l y t i c  h y d r o g a s i f i c a t i o n  o f  c rude  

P rev ious  expe r imen t s  i n  c a t a l y t i c  hydrogena t ion  of c rude  s h a l e  o i l  a t  t h e  Laramie 
Pe t ro leum Research  Cen te r  of t h e  Bureau o f  Mines (3,4) showed t h a t  p r e s s u r e s  i n  
e x c e s s  o f  2,000 pounds p e r  s q u a r e  i n c h  g r e a t l y  suppres sed  t h e  f o r m a t i o n  o f  methane, 
e t h a n e ,  and c a t a l y s t  d e p o s i t s .  A t  500 pounds p r e s s u r e ,  c a t a l y s t  d e p o s i t s  became 
e x c e s s i v e .  The g a s i f i c a t i o n  exper iments  w e r e ,  t h e r e f o r e ,  made a t  1,000 pounds pres -  
s u r e  a s  a means of o b t a i n i n g  h igh  gas  y i e l d s  wi th  modera te  c a t a l y s t  d e p o s i t s .  

APPARATUS AND PROCEDURE 

A s i m p l i f i e d  f low d iagram o f  t h e  a p p a r a t u s  used f o r  t h e  g a s i f i c a t i o n  s t u d y  i s  
shown i n  f i g u r e  1. The r e a c t o r  w a s  a v e r t i c a l  2-9/16-inch-I.D. by 32- inch- long  
s t a i n l e s s  s t e e l  v e s s e l ;  i t  w a s  mod i f i ed  f o r  t h e s e  expe r imen t s  by a s t a i n l e s s  s teel  
s l e e v e  t h a t  was i n s e r t e d  t o  reduce  t h e  i n t e r n a l  d i a m e t e r  t o  1 i n c h .  T h i s  m o d i f i c a t i o n  
e f f e c t e d  improved t empera tu re  c o n t r o l .  The r e a c t o r  c o n t a i n e d  18 i n c h e s  o f  alundum 
g r a n u l e s  a t  t h e  t o p  t o  s e r v e  as a p r e h e a t e r ,  12-1/2 i n c h e s  o f  c a t a l y s t ,  and 1-1 /2  
i n c h e s  o f  alundum g r a n u l e s  a t  t h e  bottom. C a t a l y s t  t e m p e r a t u r e s  were de te rmined  by 
f i v e  thermocouples spaced  a t  2-1 /4- inch  i n t e r v a l s  i n  a c e n t r a l  thermowel l  i n  t h e  
c a t a l y s t  bed. 

Hydrogen and o i l  were  mixed a t  t h e  i n l e t  t o  t h e  r e a c t o r  and passed  downward 
through t h e  c a t a l y s t .  L iquid  p r o d u c t s  were s e p a r a t e d  i n  two h i g h - p r e s s u r e  s e p a r a t o r s  
o p e r a t e d  i n  series a t  350'F. and 40°F.  . 
s t o r e d  u n t i l  i t  could  be  sampled f o r  mass s p e c t r o m e t e r  a n a l y s i s .  

Gas from t h e  c o l d  r e c e i v e r  w a s  metered  and 

Each g a s i f i c a t i o n  exper iment  was run  f o r  6 hour s  w i t h  12 ,000  c u b i c  f e e t  o f  hydro- 
gen p e r  b a r r e l .  
l i g h t - e n d s  f r a c t i o n  c o l l e c t e d  i n  a d r y - i c e  t r a p ,  a naph tha  f r a c t i o n  b o i l i n g  up t o  
400"F.,  and a r e c y c l e  f r a c t i o n  c o n t a i n i n g  e v e r y t h i n g  b o i l i n g  above  400'F. 
ends  from t h e  co ld  t r a p  were ana lyzed  by t h e  m a s s  s p e c t r o m e t e r  and a p p r o p r i a t e  we igh t s  
were added to t h e  gaseous  and l i q u i d  p roduc t s .  Carbon d e p o s i t s  i n  t h e  r e a c t o r  were 
de te rmined  by measur ing  t h e  ca rbon  d i o x i d e  o b t a i n e d  when p a s s i n g  a i r  th rough  t h e  
r e a c t o r  t o  r e g e n e r a t e  t h e  c a t a l y s t .  

A t  t h e  end o f  an  exper iment ,  l i q u i d  p r o d u c t s  w e r e  d i s t i l l e d  i n t o  a 

The l i g h t  

CATALYSTS 

The c a t a l y s t s  used -were commercial  c o b a l t  molybdate and a l a b o r a t o r y - p r e p a r e d  
d e p l e t e d  uranium c a t a l y s t .  
r e p e a t e d  r e g e n e r a t i o n s  and exposure  t o  h igh  t empera tu res  such as  t h o s e  used i n  g a s i f i -  
c a t i o n  work. 

The c o b a l t  molybdate i s  a rugged c a t a l y s t ,  a b l e  t o  s t and  

It c o n s i s t e d  of c o b a l t  and molybdenum o x i d e s  on 6- t o  8-pesh  a lumina  
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3 
g r a n u l e s .  The uranium c a t a l y s t  c o n s i s t e d  of  7 .7  p e r c e n t  d e p l e t e d  uranium (uranium 
from w h i c h . t h e  U-235 h a s  been removed) i n  t h e  o x i d e  form on 1/8- inch  H-151 alumina 
b a l l s .  This c a t a l y s t  had produced h i g h  g a s  y i e l d s  i n  p r e v i o u s  h y d r o g e n a t i o n  e x p e r i -  
ments w i t h  s h a l e  o i l  a t  t h e  Laramie Petroleum Research Center ,  and t h e s e  r e s u l t s  sug- 
ges ted  i t s  p o s s i b l e  use as a h y d r o g a s i f i c a t i o n  c a t a l y s t .  Both c a t a l y s t s  were main- 
t a i n e d  under  a hydrogen  atmosphere a t  approximate  r e a c t i o n  tempera ture  and  p r e s s u r e  
f o r  about  12 h o u r s  b e f o r e  each  experiment .  

FEEDSTOCK 

The crude  s h a l e  o i l  used f o r  t h e s e  s t u d i e s  w a s  prepared  i n  t h e  Bureau of Mines 
,gas-combust ion r e t o r t  a t  R i f l e ,  Colorado.  It was f i l t e r e d  b e f o r e  u s e  t o  reduce  the  
; a s h  c o n t e n t  t o  a few h u n d r e d t h s  of 1 p e r c e n t .  P r o p e r t i e s  are shown i n  t a b l e  1. The 

TABLE 1. - P r o p e r t i e s  of c r u d e  s h a l e  o i l  

S p e c i f i c  g r a v i t y  a t  60"/60"F. 0.9408 

E lemen t a  1 a n a l y s i s  : 
S u l f u r  
N i t r o g e n  
Carbon 
Oxygen (by d i f f . )  
Hydrogen/carbon a tomic  r a t i o  

Carbon r e s i d u e  
I r o n  
Zinc and a r s e n i c  
V i s c o s i t y  a t  140°F. 
V i s c o s i t y  a t  210°F. 

wt.  % 
w t .  % 
w t .  % 
W t .  % 

w t .  % 
p.p.m. 

c s .  
cs. 

0 .68  
2 .18  

83.96 
11.40 

1 . 6 1  

3 .5  
40 
P r e s e n t  
28.30 

8 . 2 3  

ASTM g a s - o i l  d i s t ' n  a t  760 mm.: 
I . B . P .  OF. 407 
Max. (c racking)  "F. 695 

Residue v o l .  % 62.5  
Rec over  y v o l .  % 37.5  

o i  c o n t a i n s  a l a r g e  amount of  s u l f u r - ,  n i t r o g e n - ,  and oxygen-conta in ing  compounds, 
and more than  h a l f  o f  i t  may c o n s i s t  of non-hydrocarbons (2). It h a s  a h i g h  v i s c o s i t y  
and c o n t a i n s  no  g a s o l i n e - b o i l i n g - r a n g e  material. The hydrogen-carbon mole r a t io  o f  
1 . 6 1  shows t h a t  a d d i t i o n a l  hydrogen must b e  added t o  t h e  o i l  i n  o r d e r  t o  c o n v e r t  it 
t o  p i p e l i n e  gas .  

CALCULATIONS 

A l l  gas measurements a r e  r e p o r t e d  a t  60°F. and 760 mm. mer'cury p r e s s u r e .  The 
hydrogen feed rate of  12,000 c u b i c  f e e t  p e r  b a r r e l  a t  t h e s e  c o n d i t i o n s  was 1.1 t i m e s  
t h e  s t o i c h i o m e t r i c  amount of about  10,690 c u b i c  f e e t  needed t o  c o n v e r t  t h e  c r u d e  o i l  
c o m p l e t e l y  t o  methane,  hydrogen s u l f i d e ,  ammonia, and water .  The y i e l d  of  methane as 
p e r c e n t  o f  s t o i c h i o m e t r i c  was c a l c u l a t e d  by d i v i d i n g  t h e  volume i n  c u b i c  f e e t  p e r  
b a r r e l  by 8 ,740 ,  which was t h e  s t o i c h i o m e t r i c  y i e l d  a t  t h e  g i v e n  c o n d i t i o n s .  

Conversion of f e e d s t o c k  was d e f i n e d  t o  be t h a t  p o r t i o n  of t h e  f e e d  c o n v e r t e d f o  
materials o t h e r  than  l i q u i d  o i l  and gas  h e a v i e r  t h a n  propane.  It would i n c l u d e  water ,  
hydrogen s u l f i d e ,  ammonia, coke ,  and gas .  

of  methane a s  p e r c e n t  of c o n v e r s i o n  were o b t a i n e d  by d i v i d i n g  t h e  weight  p e r c e n t  meth- 

Weight p e r c e n t  c o n v e r s i o n  was d e f i n e d  a s  
100 minus t h e  weight  p e r c e n t  l i q u i d  and gaseous p r o d u c t s  h e a v i e r  t h a n  propane.  Y i e l d s  

ane by t h e  weight  p e r c e n t  c o n v e r s i o n  and m u l t i p l y i n g  by 100. 

"'s 

l 
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Gross  h e a t i n g  v a l u e s  were c a l c u l a t e d  from component h e a t i n g  v a l u e s  used by the  

Bureau of  Mines i n  r e p o r t i n g  t h e  a n a l y s e s  of n a t u r a l  gases, (1). The v a l u e s  were tal- 
c u l a t e d  a t  760 nun. mercury  p r e s s u r e  t o  a g r e e  w i t h  t h e  volume measurements .  

RESULTS WITH DEPLETED URANIUM CATALYST 

T a b l e  2 shows t h e  r e s u l t s  from f i v e  exper iments  i n  h y d r o g a s i f y i n g  c r u d e  s h a l e  o i l  
o v e r  d e p l e t e d  uranium c a t a l y s t  a t  a s p a c e  v e l o c i t y  o f  0 . 5  volumes of o i l  p e r  volume 
of  c a t a l y s t  per h o u r .  Average  r e a c t i o n  t e m p e r a t u r e s  f o r  t h e  d i f f e r e n t  exper iments  
were from 880" t o  1 , 1 0 2 " F .  

T o t a l  gas volumes i n c r e a s e d  from 762 c u b i c  f e e t  p e r  b a r r e l  a t  880'F. t o  3 ,303 
c u b i c  f e e t  a t  1 ,102 'F. ;  a t  t h e  Same t i m e ,  t h e  methane c o n t e n t  of  t h e  g a s  i n c r e a s e d  
from 47.9 t o  53 .5  volume p e r c e n t ,  r e s u l t i n g  i n  a change i n  t h e  volume of methane from 
365 t o  1 , 7 6 7  c u b i c  f e e t .  A c o r r e s p o n d i n g  d e c r e a s e  i n  t h e  h e a t i n g  v a l u e s  of t h e  gas  
o c c u r r e d ,  from 1 , 5 8 9  t o  1 , 4 8 1  Btu p e r  c u b i c  f o o t ,  as t h e  h e a t i n g  v a l u e s  tended t o  
approach  t h a t  of  methane.  

Expressed  on t h e  w e i g h t  b a s i s ,  t h e  y i e l d  of methane i n c r e a s e d  from 4.7 p e r c e n t  
a t  880°F. t o  22.6 p e r c e n t  a t  1 ,102"F. ,  and t o t a l  c o n v e r s i o n  i n c r e a s e d  from 23.6 t o  
69.4 p e r c e n t ;  t h e  c o r r e s p o n d i n g  change i n  methane y i e l d  e x p r e s s e d  as weight  percent  
of c o n v e r s i o n  w a s  f rom 1 9 . 9  t o  32.6 p e r c e n t .  

RESULTS WITH COBALT MOLYBDATE CATALYST 

T a b l e  3 shows r e s u l t s  from h y d r o g a s i f y i n g  c r u d e  s h a l e  o i l  o v e r  c o b a l t  molybdate 
c a t a l y s t  a t  a s p a c e  v e l o c i t y  of  1 .0  volume of  o i l  p e r  volume of  c a t a l y s t  p e r  hour .  
The a v e r a g e  r e a c t i o n  t e m p e r a t u r e s  from 974" t o  1,183'F. were h i g h e r  t h a n  t h o s e  used 
w i t h  d e p l e t e d  uranium c a t a l y s t .  Consequent ly ,  g r e a t e r  gas  y i e l d s  were obta ined  w i t h  
t h e  c o b a l t  molybdate .  However, s imilar t r e n d s  were shown by t h e  r e su l t s  obta ined  wi th  
b o t h  c a t a l y s t s .  

Convers ion  i n c r e a s e d  from 34.1 t o  85 .1  p e r c e n t  a s  t h e  a v e r a g e  t e m p e r a t u r e  was 
i n c r e a s e d  from 974" t o  1 , 1 8 3 " F . ,  and,  a t  t h e  same t i m e ,  methane y i e l d ,  as weight  per -  
c e n t  of  c o n v e r s i o n ,  i n c r e a s e d  from 24.6 t o  46.6 p e r c e n t .  A l s o ,  t h e  methane c o n t e n t  
of  t h e  gas  i n c r e a s e d  from 45.8 t o  63.0 volume p e r c e n t .  The i n c r e a s e d  p e r c e n t a g e  of 
methane i n  t h e  g a s  a t  t h e  h i g h e r  t e m p e r a t u r e  and c o n v e r s i o n  l e v e l s  was r e f l e c t e d  i n  
t h e  h e a t  c o n t e n t  o f  t h e  g a s ,  which d e c r e a s e d  from 1 , 6 0 1  Btu p e r  c u b i c  f o o t  f o r  the  
g a s  o b t a i n e d  a t  974°F. t o  1 ,315  Btu per  c u b i c  f o o t  f o r  t h e  g a s  o b t a i n e d  a t  1,183"F. 

Table  4 shows r e s u l t s  from h y d r o g a s i f y i n g  c r u d e  s h a l e  o i l  o v e r  c o b a l t  molybdate 
a t  s p a c e  v e l o c i t i e s  of  0 .50 and 0.25.  R e s u l t s  of  two exper iments  a t  d i f f e r e n t  temper- 
a t u r e s  are  shown f o r  e a c h  s p a c e  v e l o c i t y .  

Decreas ing  t h e  s p a c e  v e l o c i t y  had much t h e  same e f f e c t  as i n c r e a s i n g  the  react ion 
t e m p e r a t u r e .  Comparing r e s u l t s  o b t a i n e d  a t  1,106'F. a v e r a g e  t e m p e r a t u r e  and 0.25 
s p a c e  v e l o c i t y  w i t h  t h o s e  o b t a i n e d  a t  1,114'F. and 0.50 s p a c e  v e l o c i t y  shows t h a t  
g r e a t e r  methane y i e l d ,  g r e a t e r  t o t a l  gas  y i e l d ,  g r e a t e r  c o n v e r s i o n ,  and h i g h e r  methane 
y i e l d s  expressed  e i t h e r  as p e r c e n t  of c o n v e r s i o n  o r  p e r c e n t  of  t o t a l  gas  were obta ined  
a t  t h e  lower s p a c e  v e l o c i t y .  
a t  t h e  lower s p a c e  v e l o c i t y  because  of t h e  h i g h e r  methane c o n t e n t .  These comparisons 
c a n  be ex tended  to  t h e  resul ts  shown i n  t a b l e  3 f o r  t h e  experiment  a t  1,lOb"F. and 
1.0 s p a c e  v e l o c i t y .  

H e a t i n g  v a l u e  of t h e  gas  i s  lower f o r  t h e  gas  produced 

The h i g h e s t  methane y i e l d ,  of 4 , 3 4 1  c u b i c  f e e t  p e r  b a r r e l ,  and h i g h e s t  gas y i e l d ,  
o f  5 ,725  c u b i c  f e e t  p e r  b a r r e l ,  were o b t a i n e d  a t  t h e  h i g h e s t  t empera ture  (1,196'F. 
a v e r a g e  o r  1 ,208"F.  maximum) and lowest  s p a c e  v e l o c i t y  (0.25) t h a t  were used .  The 
g r e a t e s t  c o n v e r s i o n  of f e e d s t o c k ,  8 8 . 1  weight  p e r c e n t ,  and g r e a t e s t  y i e l d  of methane 
a s  p e r c e n t  of c o n v e r s i o n ,  63.3 p e r c e n t ,  a l s o  were o b t a i n e d  a t  t h e s e  c b n d i t i o n s .  
ane  c o n t e n t  of  t h e  g a s  was 75.8 volume p e r c e n t ,  o r  49.7 p e r c e n t  of  s t o i c h i o m e t r i c .  
H e a t i n g  va lue  of  t h e  g a s  w a s  1 , 2 0 2  Btu p e r  c u b i c  f o o t .  

Meth- 
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pressure.regulator ( P ) .  The u n i t  pressure i s  indicated by a precision 
pressure gage, the pressure drop across the ca ta lys t  bed by a 
d i f f e ren t i a l  pressure gage. 
vaporizer temperatures a re  controlled by a six-point potentiometric- 
type on-off temperature control ler .  

The reactor used i n  the first se r i e s  of tests with E-hexane, 
- n-octane, and kerosene was simpler i n  construction than that used i n  the 
remainder of the t e s t  program. The major reactor and furnace dimensions 
are  shown schematically i n  Fig.  2. The reactor had been designed and 
used f o r  operation a t  high temperatures and pressures and i s  described 
f u l l y  elsewhere.’’ Because of i t s  large diameter, the reactor  was 
provided with a thick i n s e r t  t o  reduce the i n t e r n a l  diameter as wel l  
as t o  contain the ca ta lys t  and provide f o r  complete and easy ca ta lys t  
removal. The en t i r e  reactor  was heated by a single-zoned e l e c t r i c  
furnace. The temperatures within the reactor  were measured by a single 
t ravel ing thermocouple made of Chromel-Alumel and insulated w i t h  
magnesium oxide. It has a 0.040-inch-OD swaged s ta in less  s t e e l  
sheath. The thermocouple was mounted within an 1/8-inch-OD s t a in l e s s  
S tee l  thermowell which was mounted i n  the top cover of the reactor.  
Feed vapors entered the top of the reactor,  flowed downward through 
the ca ta lys t  bed, and returned t o  the top of the reactor through a 
3/16-inch-OD dip tube sealed in to  the top cover of the reactor  by a 
compression-type f i t t i n g .  

The major reactor  and e l ec t r ib  furnace dimensions f o r  the 
second reactor are shown schematically i n  Fig. 3. The furnace has 
four heating zones; two a re  on the ca ta lys t  bed which i s  supported and 
contained by two beds of alumina ine r t s .  Two separate heaters were used 
i n  the ca ta lys t  zone t o  provide be t t e r  temperature control.  A thermo- 
couple rake assembly, which contained seven Chromel-Alumel therrno- 
couples was used t o  measure reactor  temperatures. The thermocouples are 
insulated with magnesium oxide and have 0.025-inch-OD swaged s ta in less  
s t e e l  sheaths. To minimize possible temperature-measurement e r ro r s  
due t o  axial heat conduction along the thermocouples assembly ,each 
thermocouple extends perpendicularly from the axial thermowell. To 
follow the progress of the react ion through the ca ta lys t  bed and the 
deactivation o f  the ca ta lys t  with t i m e ,  four sam ling probes were 
inser ted a t  the same leve ls  as thermocouples 3, f, 5, and 6. The probes 
were located approximately 1/4 inch, 1-1/2 inches, 2-3/4 inches, and 
4 inches below the top of the bed. 

and l iquid samples taken with the probes. These methods allow continuous 
samples to  be withdrawn simultaneously a t  a l l  four points within the 
ca ta lys t  bed. The bed ranged from 25 t o  200 cc i n  volume. Since the 
t o t a l  f low rate of the probe samples i s  only a few percent of the t o t a l  
e x i t  stream flow ra te ,  T;he s t a b i l i t y  of reactor operation i s  not 
impaired, and the flow r a t e  i n  the bed does not vary appreciably. 
precision Sc ien t i f ic  Co. Chronofrac gas chromatograph was ins t a l l ed  
f o r  analyzing probe and product gas samples. 

A special  feed system was devised f o r  high-vapor-pressure 
l ight hydrocarbons such as propane and butane. 
Irere fed through a high-pressure rotameter from pressurized s ta in less  
s t e e l  cylinders. 
be used t o  feed the hydrocarbon lrhile the other was being weighed. 
The c g l b d e r s  were switched and weighed a t  the beginning and end of 
each steady-state period so  t h a t  the hydrocarbon feed ratel could be 

The reactor temperatures and the feed- 

\ 

* 

Methods were developed f o r  col lect ing and analyzing the gas 

A 

The l i g h t  hydrocarbons 

Ttro cylinders were used so that  one cylinder could 
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 measured^ more accurately.  The tanks were provided with quick- 
disconnect couplings a t  each end. 
i n t eg ra l  chedk valves t o  reduce loss of hydrocarbon during the switch- 
ing operation t o  a minimum. 

carbons were obtained from Phi l l ips  Petroleum Company. The e-hexane 
and benzene were pure grade (99.0 mole percent minimum pur i ty ) .  The 
- n-OCtane was technical  grade (95.0 mole percent minimum pur i ty ) .  

by Pyrofax Corporation. The l i gh t  kerosene, supplied by Universal O i l  
Products Company, had been p a r t i a l l y  desulfurized. The l i g h t  f i e 1  
naphtha was obtained from Indus t r ia l  Solvents Corporation. The j e t  
f u e l  vas obtained from Humble O i l  and Refining Company. 
of the commercial feeds a re  presented i n  Table 1. 

Chemical and physical analyses of l iqu id  feyds were per- 
formed by A.S.T.M. standard methods where applicable.  Gaseous feeds 
and product gases were analyzed by a method which i s  based largely 
on tha t  given by Hoggan and Battles'' and Rertolacini and Brney .  3 
The l iqu id  feeds, having low sulfur  contents, were analyzed f o r  sulfur  
by a method given by 

RESUIXS 

These couplings contained double, 

Feedstocks were obtained from several  sources. Pure hydro- 

The propane used was a commercially available feed supplied 

The properties 
. 

Thermodynamic Equilibrium Studies 

A detailed thermodynamic equilibrium study was made for a 
number of pure hydrocarbon feedstocks t o  calculate  the e f f ec t s  of 
operating variables on the heat of reaction and product gas composi- 
t ion.  These calculations Fiere made because experimental work done 
elsewhere had shown t h a t  product gas compozitions approached equi l i -  
brium qui te  closely with act ive ca ta lys t s .  
not only would these calculations be a guide for conducting experimental 

Equilibrium gas compositions , heats of reaction, and adiabatic 

It was thus expected tha t  

ywork, but a l so  would minimize the amount of experimental work required. 
I 

temperature changes were calculated fo r  each i n i t i a l  react ion tempera- * 

ture .  The variables studied were temperature, pressure, feed steam/ 
carbon r a t io ,  and feedstock. 

Equilibrium gas compositions (on a dry bas is )  f o r  steam re- 
forming of s-hexane are  given as a function of temperature; pressure, 
and feed steam/carbon r a t i o  i n  Fig. 4. 
studied, the carbon dioxide content i s  almost independent of temperature , 
pressure, and feed steam/carbon r a t i o  above a pressure of 10 a t m  
and below 750'K. The carbon monoxide content i s  affected by tempera- 
Lure arid pressure, but i s  not present i n  subs tan t ia l  concentrations. 
Increasing the pressure and decreasing the temperature r e s u l t s  i n  i n -  
creases i n  raw gas heating value, since methane content increases and 
hydrogen content decreases. 
a t n ,  
of using this  process fo r  hydrogen production i n  some systems, such 
a s  f u e l  ce l l s ,  where a pure hydrogen stream i s  not required. 

The e f fec t  of paraff in  carbon number on the equilibrium 
methane concentration i s  shorn for  three feed steam/carbon r a t i o s  in  
Fi&.  5. These resu l t s  indicate  tha t  a higher methane contdnt gas can 

I n  the range of variables 

The high hydrosen contents shown at 1 
LGSOK, and 'nigh steam/carbon r a i io s  suggest the poss ib i l i ty  

V 
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Table 1. -COMMERCIAL FEEDSTOCK PROPERTIES 
Light Light Liquid F e e d s  

Feedstock Naphtha J e t  Fuel  Kerosene 

Source Indus t r i a l  Humble O i l  & Universal O i l  
Solvents Corp. Refining Co. Products Co. 

Sgecific gravity,  

\ 

48.8 f API (60 /60°)  70.3 56.5 
ASTM Dis t i l l a t i on ,  ?F 

I .B .P .  167 

20% 
30% 
40% 

173 
17 4 
176 
177 
180 

50% 
60% 
70% 183 

187 
19 4 

80$ 
90% 
End Point 203 
Recovery, $ 99 
Residue, % 1 

Hydrogen 15..58 
Ultimate Analysis, w t  % 

Carbon 84.42 

To t a l  100.00 
C/H Ratio 5.42 
Sulfur,  ppm 28.9 
Hydrocarbon Type A 
Analysis, v o l  % 
Aromatics 2.0 
Olefins 0.0 
Saturates 

Total  
98.0 
100.0 

Gaseous Feed 
Feedstock Propane 
Source Pyrofax Corp. 
Composition, mole $ 

Propane 94.5 
Propylene 2.5 
Ethane 1.5 - i-Ehtane 
- n-h tane  

Total  

1.0 
0.5 
100.0 

323 
350 
385 
430 
478 
95 
3 

84.84 

5.83 
$$% 
80.5 

10.6 
4.6 
84.8 
100.0 

36 1 
37 1 
374 
378 
384 
388 
394 
400 
408 
4 16 
430 
445 
98 

2 

85.41 
14.72 

1oo.ocJ 
5.85 
32.4 

5.3 
1.1 

' 93.6 
100.0 

Sulfur  Content, ppm 16.8 
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be produced from l o w  molecular weight paraff ins  than from high molecularl 1 
w e i g h t  paraff ins .  

The reforming react ion can be e i t h e r  exothermic o r  endothermid 
depending on the  temperature and pressure. Increases i n  pressure cause; 
the react ion t o  become more exothermic, whereas increases i n  temperature 
cause the  opposite e f f e c t .  The react ion becomes progressively less 1 
exothermic as the feed  steam/carbon r a t i o  i s  increased. 
exothermicity increases  with increases in molecular weight. 
Reforming Studies with n-Hexane Feedstock 

The degree of 

i: 

Space Velocity 

I n i t i a l  s tud ies  were made with pure grade E-hexane t o  deter- ! 
mine the reaction stiochiornetry, approach t o  equilibrium, and the 
ca t a lys t  behavior without complicating fac tors  such as ca ta lys t  p0isons.J 
The feedstock space veloci ty  was the f i r s t  process variable studied 
t o  measure the m a x i m  ca ta lys t  a c t i v i t y  under the most i dea l  conditions 
The e f f ec t  of space veloci ty  on product gas composition was also noted. 
A t  space-time yields over 50,000 SCF/cubic foot ca ta lys t  per hour, 98 
percent of the  hexane could be converted t o  gaseous products. When 
conversions dropped below 100 percent, the major e f f e c t  of an increase 
i n  space veloci ty  on gas composition was a decreased methane content I and an increased hydrogen content of the product gas (Fig.  6 ) .  The 
carbon dioxide content of the gas remained e s sen t i a l ly  constant. Carbon 
monoxide remained negl ig ib le  over the e n t i r e  range of space velocity. I 
Even a t  the highest  space veloci ty  used, t he  heating value of the pro- ' 
duct gas could be rajsed t o  about 850 Btu/SCF by simply scrubbing out 
carbon dioxide t o  a f inal  content of 2 mole percent. T h i s  could be 
sa t i s fac tory  f o r  peakshaving. 

Because t h e  carbon monoxide content of the gas w a s  so low, 
approaches t o  equilibrium could not be calculated accurately for  runs 
a t  nearly complete conversion and low space velocity.  
that a l so  makes it d i f f i c u l t  t o  calculate  approaches t o  equilibrium 
i s  the presence of a hot spot within the  ca t a lys t  bed, which indicates  ' 
that the  react ion may occur i n  a very narrow zone. I 
f i l e s  were measured i n  three runs (Fig. 7 ) .  The gas compositions f o r  ( 
these runs correspond t o  equilibrium at  the temperatures measured near 
the bottom ( e x i t )  o f  the ca ta lys t  bed, which i s  what would be expected.' 

1 One other factor  

Temperature pro- 

Steam/Hydrocarbon Ratio I 
The next series of t e s t s  w a s  made t o  show the  e f f ec t  o f  the 

steam/hydrocarbon r a t i o  on as composition (Fig. 8)  and t o  determine c 
the  m i n i m  p r a c t i c a l  steam7hydrocarbon r a t io .  The trends shown are (1 
approximately the same as predicted by equilibrium calculations.  The 
lack of complete temperature p ro f i l e  data makes it d i f f i c u l t  t o  show 
how closely the t rends agree with equilibrium predictions.  Steam/hydro- 
carbon weight r a t i o s  as low as 1.6 (molar r a t i o  o f  7.7) were shown to  
be adequate t o  prevent carbon deposition. The product gas h a t i n g  
Value a t  this low r a t i o  was about 774 Btu/SCF. It could be raised to  
457 Btu/SCF i f  the exit gas carbon dioxide were reduced t o  2.0 mole 
percent by scrubbing. 

Reforming of Various Feedstocks 

When the  ca t a lys t  developed proved t o  be capablb of reforming 
pure 2-hexane successf'ully a t  low steam/hydrocarbon r a t io s ,  we decided 
t o  test  a var ie ty  of  feedstocks having a wide range of molecular weight' 

, 

\ 



15 

1 ! . 1 ' ! , , l : c ' N  
W P c E h h P W 

% 310R "H3 



16 

D 8 q g l n o  

t 

1 

I 

c 

il 



I 

? 

17 

and various types of hydrocarbons. 
with g-octane and benzene t o  show whether heavier paraff ins  and 
aromatics could be reformed and whether the gases produced could be 
predicted by equilibrium calculations.  

summarized i n  Table 2. The steam/hydrocarbon r a t i o s  were deliberately 
Set high t o  avoid possible carbon formation with these heavier o r  
aromatic feedstocks. 

The f i rs t  tests were conducted 

Test r e su l t s  fo r  e-octane and benzene reforming are 

Table 2. -!TEST RESULTS FOR STEAM REFORMING 
OF G-OCTANE AND 

Feedstzck 
Pressure, psig 
Temperature a t  Center of Bed, "F 
Steam/Hydrocarbon Weight Ratio 
Hydrocarbon Space Ve l o c i  t y, 

Product Gas Composition, 

lb/hr-cu f t  ca ta lys t  

mole % (water-free) 
Nz + CO 
co2 
H-2 

n-Octane 
375 
768 

2.07 

300 

0.4 
21.7 
11.3 
66.4 
0.2 -- 

100.0 

Benzene 
353 
905 

4.42 

324 

0.9 
30.7 
31- 3 
36.7 -- 

0.4  
100.0 

Scrubbed G a s  Composition, 
mole $ (water-free) 

+ co 0.5 1.3 
co2 2.0 2 .0  

14.2 44 .3  H-2 
CH4 
CsHs 
c 6H6 

83.1 52.4 

T o t a l  100.0 100.0 
Scrubbed Gas Heating Value, Btu/SCF 879 675 

-- 0.2 -- -- 

The remaining commercial feedstocks studied were propane, 
l i gh t  naphtha, l i gh t  kerosene, and JP-4 j e t  fuel .  The r e s u l t s  w i t h  
these feedstocks are given i n  Table 3. A s  can be seen, a higher 
methane content gas can be produced from the l igh ter  hydrocarbons. 
T h i s  r e su l t  agrees w i t h  r e su l t s  of equilibrium calculations shown i n  
Fig. 5. These feedstocks were a l l  highly paraff inic ,  of course, but 
as can be seen from Table 1, the kerosene contained 1.1 volume percent 
o le f ins  and 5.3 volume percent aromatics; the naphtha contained 2.0 
volume percent aromatics, and the j e t  f u e l  contained 4.6 volume per- 
cent olef ins  and 10.6 volume percent aromatics. T h i s  indicates  that 
over short  t i m e  periods, aromatics and o le f ins  a re  not l i ke ly  to  be 
a problem. However, e a r l i e r  s tudies  on the methanation process have 
shown tha t  sulfur  compounds may react  with the n icke l  i n  n icke l  
ca ta lys t s  a h o s t  quant i ta t ively,  resul t ing i n  ca ta lys t  poisoning. 
Therefore, fo r  commercial operation, low-sulfur-content feedstocks 
irou Id  be preferred. 
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A REACTION WHICH PERMITS THE CYCLIC USE OF CALCINED DOLOMITE 
T O  DESULFURIZE FUELS UNDERGOING GASIFICATION 

Ar thur  M. Squ i re s  i 

I P r o c e s s  Consul tan t ,  245 West 104 St ree t ,  New York, New York  10025. 

Raw fluid f u e l s ,  de r ived  f o r  i n s t ance  f r o m  coal and heavy r e s idua l  oi ls  by  
a va r i e ty  of p r o c e s s e s  such  as gasif icat ion,  carbonization, or cracking ,  m a y  be 
substantially d e s u l f u r i z e d  by r eac t ion  at high t e m p e r a t u r e  with calcined dolomite.  
This  sol id  c a n  a l s o  r e m o v e  CO2 f r o m  a g a s  s t r e a m ;  i t  has  the power to convert  
CO and s t e a m  t o  H2; and it m a y  pa r t i c ipa t e  in  the gasif icat ion of ca rbon  by s t e a m  
under  a condition of t h e r m a l  neutrali ty.  

( 

1 

I 

The cycl ic  u s e  of ca lc ined  dolomi te  f o r  t hese  pu rposes  has prev ious ly  been  
hampered  by l a c k  of m e a n s  to r e c o v e r  e l emen ta l  sulfur  f r o m  su l fur ized  calcined 
dolomi te ,  containing Cas ,  while a t  the s a m e  t ime  recover ing  sol id  in a f o r m  
sui table  for r e u s e .  

I 
I 

I 
4 

1 

The r eac t ion  of s t e a m  and CO2 at high p r e s s u r e  with su l fur ized  calcined 
dolomi te ,  

[CaS tMgO]  t H 2 0  t CO2 = [CaCOj tMgO]  t HzS, (1) 

can  be  used to g e n e r a t e  a g a s  s t r e a m  containing HzS a t  a concent ra t ion  well above 
the min imum concent ra t ion  which can  b e  used  by  a Claus sulfur  r e c o v e r y  sys tem.  
L a t e r ,  the so l id  p roduc t  can  be ca lc ined  a t  high t e m p e r a t u r e  to  provide a solid 
containing CaO: 

I 

[ C a C 0 3 t M g O ]  = [CaOtMgO]  t COz. ( 2 )  

The l a t t e r  sol id  can  be used  to r emove  HzS f r o m  a fuel g a s :  

[CaOtMgO]  t HzS = [CaStMgO] t H20. (3) : 
React ions  ( l ) ,  ( Z ) ,  a n d  (3) can be  combined i n  a cycl ic  p r o c e s s  to desu l fur ize  a 
fuel undergoing gasif icat ion.  
f o r  ra is ing or supe rhea t ing  h i g h - p r e s s u r e  s t e a m .  

Heat developed by reac t ion  (1) is a t  a level  suitable 
c 

\ 

Alterna t ive ly ,  the solid product  of r eac t ion  (1) can  be  used  direct ly  to r e -  

f '  

11 

move  HzS from a fuel  gas  a t  high t e m p e r a t u r e  by the r e v e r s e  of reac t ion  ( I ) .  The  
t e m p e r a t u r e  should p re fe rab ly  be  j u s t  a l i t t le  below the equi l ibr ium decomposition 
t e m p e r a t u r e  o f ' C a C 0 3  a t  t h e  prevail ing p a r t i a l  p r e s s u r e  of COz. 

, 

The sol id  p roduc t  of reac t ion  ( 2 )  can  be  used  t o  p romote  CO-shift: 

[CaOtMgO]  t H 2 O . t  CO = [ C a C O j t M g O ]  t H2. 

This  reac t ion  is the basis of the CO-shift  p r o c e s s  developed by Gesellschaft  fu r  
Kohlentechnik dur ing  the 1920 's  ( E ) .  
had poor  thermal e f f i c i ency ,  and never  caught on. 
p r o c e s s  which uses fluidized beds  m a y  find m o d e r n  applications.  

, 
The p r o c e s s  was  conducted in  fixed beds,  

An improved  verlsion of the 
In this  vers ion ,  
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reac t ion  (4) m a y  be combined with r eac t ions  ( l ) ,  (Z), and ( 3 )  i n  a cycl ic  p r o c e s s  
in which elemental  sulfur is  r ecove red .  

The solid product of reac t ion  (2) can  a l s o  par t ic ipate  in  the gasification of 
carbon by s t e a m :  

[CaOtMgO] t 2 H 2 0  t C = [CaCOj tMgO]  t 2H2. (5) 

This reac t ion  is the b a s i s  of Consolidation Coal Company's Carbon Dioxide 
Acceptor Gasification P r o c e s s  (E, 
provide heat to the s t eam-ca rbon  react ion.  
r ecove ry  of e lementa l  sulfur by incorpora t ing  a s t ep  using r eac t ion  (1). 

18, x), which e l imina tes  need f o r  oxygen to 
The p r o c e s s  could be modified fo r  

Residual oils  m a y  be  gasified o r  c r acked  over  calcined dolomite with 
r ecove ry  of e lementa l  sulfur in a cycl ic  p r o c e s s  incorpora t ing  r eac t ion  (1)s  A 
vers ion  of this p r o c e s s  m a y  find a u s e  i n  providing su l fu r - f r ee  fuel to existing 
power-s ta t ion  bo i l e r s  in communi t ies  which impose  r e s t r i c t ions  on  SO2 content of 
flue gases .  

These  new fue l -desul fur iza t ion  p r o c e s s e s  r e j e c t  ve ry  l i t t le  hea t  a t  low 
t empera tu res .  1f.a fuel g a s  i s  to be  used  i n  a combustion, o r  if  the  gas  i s  to  be  
subjected to f u r t h e r  p rocess ing  a t  high t e m p e r a t u r e  - -  GO-shift, for  example  - -  
the new desul fur iza t ion  p r o c e s s e s  have the advantage that t he  hea t  exchange r e -  
quired to cool the gases  to  a low- tempera tu re  su l fu r - r emova l  s t ep  is e l imina ted .  
The p r o c e s s e s  a r e  well  suited f o r  u s e  in  s c h e m e s  to produce a c lean  fuel g a s  to 
be burned a t  high p r e s s u r e  i n  a n  advanced power cycle .  Indeed, the conception 
of the new p r o c e s s e s  was a r e s u l t  of a s e a r c h  f o r  a combination incorpora t ing  
fuel-gasification a t  high p r e s s u r e ,  fue l -gas  cleanup, and a n  advanced power  cycle 
which could provide electr ic i ty  a t  lower  cost .  Such a combination would b e  adopt- 
ed by the power indus t ry  a s  much fo r  r e a s o n s  of economy a s  fo r  t he  advantage 
that the combination would provide  dus t - f r ee  and  su l fu r - f r ee  effluent. 
cycles which offer the p rospec t  of significant improvement  i n  efficiency are the 
supercharged-boi le r  cycle ,  a cyc le  incorpora t ing  a magnetohydrodynamic device 
which "tops" the s t e a m  cyc le ,  and a top hea t  power cycle,  i n  which the t e m p e r a -  
t u re  of s t e a m  i s  r a i s e d  by  d i r e c t  addition of the products  of combustion of a clean 
fuel with oxygen or air (63, 64). 

Power  

Dolomite i s  cheap and widely avai lable ,  and the sol ids  produced by 
reac t ions  ( l ) ,  ( 2 ) ,  and ( 3 )  a r e  rugged and  suitable for u s e  i n  fluidized beds .  

This paper  d i s c u s s e s  the thermodynamic  equi l ibr ia  which govern  the p r o -  
posed new desulfurization p r o c e s s e s ;  
s tudies;  
the potential  applications.  

g ives  r e s u l t s  of explora tory  bench-sca le  
rev iews  the re levant  dolomite c h e m i s t r y ;  and br ief ly  indicates  s o m e  of 

-2 
4 .  

1. 0 Discuss ion  of P r o c e s s  Thermodynamlcs  

1. 01 Review of Thermodynamic  Equi l ibr ia  

F igu re  1 g ives  the equi l ibr ium constant for  the reac t ion  

CaO t HzS = C a s  t H 2 0 .  
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CaO i s  seen  to be a n  effective desu l fur iza t ion  agent a t  t e m p e r a t u r e s  as high a s  
2000" F. 

F igu re  2,  showing the equi l ibr ium cons tan t  f o r  t he  r eac t ion  

C a s  t H2O t COz = C a C 0 3  t HzS, ( la)  

i l l u s t r a t e s  the  basis f o r  the  proposed  new desul fur iza t ion  p r o c e s s e s .  
t u r e s  below about 1 1 0 0 ° F  and at p r e s s u r e s  above about 4 a tmosphe res ,  say ,  
reac t ion  (1)  can b e  u s e d  to  d e r i v e  a g a s  containing HzS at a concentration which 
p e r m i t s  the r ecove ry  of e l emen ta l  su l fur  i n  a Claus s y s t e m .  

At  tempera-  

The c u r v e  of F i g u r e  2 is so s t eep  that the r e v e r s e  o f  reac t ion  ( 1 )  can be 
used  to desu l fur ize  a g a s  a t  t e m p e r a t u r e s  above about 1600°F.  

F igu re  3 g ives  the  equi l ibr ium constant fo r  the r eac t ion  

CaO t H 2 0  t CO = C a C 0 3  t Hz, (4a) 

which m u s t  often be  cons ide red  i n  finding the  composition of g a s  desu l fur ized  by 
the new p r o c e s s .  

The upp-er c u r v e  of F igu re  4 g ives  a n  e s t ima te  of the equilibrium constant 
for  the reac t ion  

C a s 0 4  C a s  
t H 2 = -  t H2O. 

A key to the s u c c e s s  of Consolidation's C 0 2  Acceptor  P r o c e s s  i s  control of condi- 
tions fo r  the ca lc ina t ion  of [ C a C O j t M g O ]  s o  that sulfur is expelled as SOz. By 
using fue l - r ich  combust ion  which provides  a ca l c ine r  offgas containing H2 in an 
amount g r e a t e r  than  ca l l ed  f o r  by the uppe r  cu rve  of F i g u r e  4, one can  prevent 
the oxidation of C a s  t o  C a s 0 4  and the  "fixing" of sulfur i n  the l a t t e r  fo rm.  
i s  then re jec ted  as SO2 by  reac t ion  between C a s  and  C a s 0 4  (19, 2). 

Sulfur 

In con t r a s t  to Consolidation's p rocedure ,  one wishes  to p r e s e r v e  Cas un- 
changed during a ca lc ina t ion  s t e p  in  the new desul fur iza t ion  p rocess .  The lower  
cu rve  of F igure  4 g ives  a n  ex t r eme ly  rough e s t ima te  of the  equilibrium constant 
for  the reac t ion  

C a s 0 3  C a s  
3 3 

t H 2 = -  t Hz0 .  

Since C a s 0 3  d i sp ropor t iona te s  to  C a s  and C a s 0 4  a t  t e m p e r a t u r e s  above about 
930" F (5, c), 
a n  amount g r e a t e r  than  ca l led  f o r  by the lower  c u r v e  of F igu re  4 i f  one wishes to 
avoid rejecting any su l fu r  as S 0 2 .  
new desul fur iza t ion  p r o c e s s .  If the r eac t ion  re jec t ing  SO2 i s  s low by compar ison  
with the r a t e  of reduct ion  of Cas04 by H2, l e s s  hydrogen may  be r equ i r ed  to  p r e -  
vent significant loss of su l fur  as S 0 2 .  

i t  would a p p e a r  that  ca l c ine r  offgas should contain hydrogen i n  

This  h a s  been a r r a n g e d  for  in s tud ies  of the 

Since C a s 0 4  is  readi ly  reduced  by H2 to C a s  a t  9 3 0 ° F  (z), i t  would ap -  
Pea r  des i r ab le  tha t  H2 b e  p r e s e n t  dur ing  r eac t ion  ( 1 )  to avoid oxidation of Cas  by 
s t e a m .  P r e s e n c e  of H2 in  e x c e s s  of the amount ca l led  f o r  by the l o h e r  curve  of 
F igu re  4 has  been  a s s u m e d  i n  s tud ies  of the new desul fur iza t ion  p rocess .  Because 
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of the  tendency of C a s 0 3  to  d ispropor t iona te ,  l e s s  H2 may  i n  fact  be  needed to 
p reven t  a significant d e g r e e  of r eac t ion  between s t e a m  and Cas.  

If CaO is p r e s e n t ,  the s t e a m  p a r t i a l  p r e s s u r e  should not exceed  the  equili- 
b r i u m  decomposition p r e s s u r e  of Ca(0H)Z. 
pointed out, the s t e a m  p a r t i a l  p r e s s u r e  should not exceed  13  a t m o s p h e r e s  i f  both 
CaO a n d  CaC03  are  p r e s e n t  at a t e m p e r a t u r e  a round 1650°F;  
p r e s s u r e s ,  a me l t  is fo rmed .  

A s  Cur ran ,  Rice ,  and  Gorin (2) ( , 
' at higher s t e a m  

Equi l ibr ium is a g a i n s t  t h e  format ion  of MgS under all conditions encoun- 
t e r e d  i n  the new desu l fu r i za t ion  p r o c e s s .  \ I  

1 . 0 2  Sources  of The rmodynamic  Data 

The cu rve  of F i g u r e  1 is based  upon the equation: l o g [ H 2 0 ]  / [HzS] = 1 
(3421. 5 / T )  - 0. 190, w h e r e  [ .  . . ] signif ies  mole  fract ion and T = "K. The 
equation i s  de r ived  f r o m  Rosenqvis t  (z), who studied the equi l ibr ium o v e r  the 

I 
1652" and 2012"F ,  which a g r e e s  well  with Rosenqvist  over  the r ange  of Uno's \ 

da ta ,  but which ex t r apo la t e s  t o  lower  va lues  at lower  t empera tu res .  Data by 
C u r r a n  et a1 (2) between 1310" and 1660°F  fall above the curve  i n  F igu re  1. 
Additional m e a s u r e m e n t s  would b e  d e s i r a b l e  i n  the low- tempera tu re  range ,  and 
equi l ibr ia  for reac t ion  (3a)  might  well be  de r ived  f r o m  ca re fu l  m e a s u r e m e n t s  of 
equi l ibr ia  for r eac t ion  ( la).  

r ange  1396" to  2597°F.  Uno (5) gave  a n  equation, based upon d a t a  between 

1 
11 

( 
Determina t ion  of equi l ibr ium decomposi t ion  p r e s s u r e s  of calci te  h a s  

proved  a durable  p r o b l e m ,  and dubious va lues  have appea red  recent ly  (33, 45).  
Following Hill  and Winter  (2). Kubaschewski and Evans ( E )  adopted the 
equation: log P C O ~  = - (8799. 7 / T )  t 7. 521, where  PCQ = equi l ibr ium d e -  
composi t ion  p r e s s u r e  in a t m o s p h e r e s ;  
Win te r ' s  data w e r e  be tween 840" and 1659°F ;  
m e a s u r e m e n t s  at s u c h  low t empera tu res .  T h e i r  da t a  a g r e e  well with Southard 
and Roys ter  (E) between 1427" and 1652"F,  and with Smyth and Adams (61) 
between 1567" and 1664°F.  
obtained by Consolidation Coal Company between 1472" and 1895°F  a g r e e  well with ' 
Smyth and Adams '  da t a  a t  h igher  t e m p e r a t u r e s  (E) .  Consolidation's m e a s u r e -  
m e n t s  were  conducted o n  a dolomite having a Ca/Mg a tomic  r a t io  of about 1.03. 
An ingenious new technique  was used:  a bed of the solid was  fluidized with N2 and 
COZ, and the t e m p e r a t u r e  of the bed was  cycled a few d e g r e e s  above and a few 
d e g r e e s  below the equ i l ib r ium decomposi t ion  t empera tu re ,  which was identified by 
a t h e r m a l  conductivity c e l l  capable of p r e c i s e l y  de te rmining  the instant  a t  which 

this  equation is used  h e r e .  Hill and 
no one e l s e  has  m a d e  such  careful 

l 

Smyth and  Adams '  da t a  extended to  2266"F,  and data 

< 
the ex i t  gas showed z e r o  change in  composition. I 

In obtaining the c u r v e s  of F i g u r e  4 ,  t he  f r e e  energy  of CaS was  deduced 
f r o m  Uno's da ta  (2) i n  o r d e r  to  provide  e s t i m a t e s  which a r e  probably on the l o w  
s ide .  F r e e  e n e r g i e s  of CaO, CaS04, H2, and  H 2 0  were  de r ived  f r o m  hea t s  of 
fo rma t ion  and  en t rop ie s  at 298°K found in Kubaschewski and Evans  ( E )  and f r o m  
inc remen t s  in these  functions a t  h igher  t e m p e r a t u r e s  found in  Kelley (E). The 
hea t  of format ion  of C a s 0 3  was e s t ima ted  roughly to  be 298, 100 c a l o r i e s  at 18°C 
from the heat of f o r m a t i o n  of CaS03 .  2 H 2 0  given i n  International Cri t ical  Tables. 
~ 0 1 .  v, p. 196. The  en t ropy  of C a s 0 3  was given by Kelley and  Moore  (3) to be 
24. 2 entropy uni ts  a t  298°K. The  hea t  capac i t ies  of C a s 0 3  and C a d 0 3  a r e  within 
0 .  570 of each  o the r  a t  298"K, and so  Kel ley ' s  i nc remen t s  (38)  f o r  the hea t  

,~ 
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content and en t ropy  of C a C 0 3  w e r e  used  to obtain a rough e s t i m a t e  of the f r e e  
ene rgy  of C a s 0 3  at h ighe r  t empera tu res .  

The equ i l ib r ium decomposi t ion  p r e s s u r e  of Ca(0H)Z may  be e s t ima ted  
f r o m  a n  equation b a s e d  upon d a t a  by T a m a r u  and  Siomi  (66): 
- (5464. 5 / T )  t 6. 949. These  au tho r s  m e a s u r e d  decomposi t ion  p r e s s u r e s  over 
the r ange  760" to 930°F. T h e i r  equation a g r e e s  well  with da t a  by Hals tead  and 
Moore  ( 3 2 )  - a t  950"F, and with da ta  by Drkfgert between 570" and 8 3 0 ° F  ( 3 6 ) .  
Berg  and Rassonskaya ' s  d a t a  (1) a r e  probably  faulty.  

log P H ~ O  = 

2. 0 Expe r imen ta l  Studies 

Explora tory  bench- sca l e  exper imenta l  s tudies  were  undertaken by Walter 
C. McCrone A s s o c i a t e s  of Chicago, I l l inois ,  p r i m a r i l y  to demons t r a t e  (a) that 
reac t ion  (1) i s  capable  of producing a g a s  containing HzS a t  a concentration suf- 
f ic ient  fo r  the Claus  p r o c e s s ,  and  (b) that  the solid does  not undergo chemically- 
induced decrepi ta t ion  du r ing  a n  opera t ion  which inc ludes  reac t ions  ( l ) ,  ( Z ) ,  and 
(3). Th i s  was to b e  done at  the  m i n i m u m  poss ib le  cos t ,  and no effor t  was to be 
made  to d e t e r m i n e  r e a c t i o n  kinet ics  o r  to conf i rm chemica l  equilibria.  

2. 01 Summary  of Exper imen ta l  Resul t s  

Dolomite w a s  suppl ied  by Dolese & Shepard  Co. of LaGrange ,  Illinois. 

Reactions w e r e  conducted in  a fixed bed  of p a r t i c l e s  of 16 t o  30 m e s h  
This  i s  a typical do lomi te  of t he  Chicago a r e a ,  and h a s  a Ca/Mg a tomic  r a t io  of 
1. 10. 
(NBS s i eves ) .  

Reaction (4)  w a s  conducted ove r  ca lc ined  dolomi te  a t  about 1250" F and 

T h e  gas  m i x t u r e s  w e r e  humidified 
Effluent con- 

between about 140 and  315 psia .  
H2 /CO i n  r a t io s  1 .  0 and  1. 6 respec t ive ly .  
with s t e a m  t o  a f ford  HzO/CO ra t io s  between about 1. 2 and 1. 8. 
tained no CO o r  CO2 de tec t ab le  by gas -ch romatograph ic  ana lys i s  sensi t ive to l e s s  
than 0 . 0 1 %  of e i t h e r  consti tuent.  

Two ini t ia l  g a s  m i x t u r e s  w e r e  used ,  containing 

No hydroca rbon  syn thes i s  occur red .  

Reactions (3) and  (4)  w e r e  conducted s imul taneous ly  over  ca lc ined  dolo- 
mi t e  a t  about 1200°F and between about 140 and  215 ps i a .  The ini t ia l  g a s  mix ture  
contained about 1% HzS, t he  ba lance  cons is t ing  of equal quantit ies of H2 and CO. 
Concentrations of HzS in  effluent ranged f r o m  -2 to 140 ppm,  and depended upon 
the quantity of steam i n  effluent. 

Reaction (3) w a s  conducted ove r  calcined dolomi te  a t  about 1100°F and 
a tmosphe r i c  p r e s s u r e  unt i l  the  m a t e r i a l  was substant ia l ly  all converted to 
[CaS+MgO] . 
During this opera t ion ,  effluent contained about  10 ppm of HzS. 

Reaction (1) w a s  conducted ove r  the r e su l t i ng  solid [CaS+MgO] at about 
The ini t ia l  g a s  mix tu re  contained about 

The  in l e t  g a s  mix tu re  contained about 8570 N2 ,  10% HzS, and 5% H2. 

1000" to 1100°F and  at about 220 psia .  
82% C 0 2  and about 9% each  of H2 and CO. 
s t e a m  to afford a COz/HzO r a t i o  of about 1. 75. D r y  effluent contained 20 to 24% 
HzS, levels which are  sa t i s f ac to ry  fo r  feed g a s  t o  a Claus sys t em.  I t  is reason-  
ably ce r t a in  that a m u c h  h igher  concent ra t ion  of HzS could have  been obtained by 
using a lower COz/HzO ra t io ,  s ince  effluent appea red  to be  substanlially a t  
chemica l  equi l ibr ium f o r  r eac t ion  (1). 

The  gas  m i x t u r e  was humidified with 
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None of the foregoing chemica l  manipulations of ca lc ined  dolomite  p r o -  

duced a decrepi ta t ion  of the solid,  o r  any  evident change in  the shape of pa r t i c l e s  
viewed under  a mic roscope ;  s h a r p  edges and points w e r e  s t i l l  to  be  seen .  

2 . 0 2  Exper imen ta l  P r o c e d u r e s  

The reac t ion  s y s t e m  used components supplied by Autoclave Eng inee r s ,  
Inc. of E r i e ,  Pennsylvania.  The  r e a c t o r  was 1" I. D. x 36" ins ide  depth ,  and  
was  f i t t ed  with a 5/ 16" thermowell  containing 5 c h r o m e l - P - a l u m e l  thermocouples .  
An ac t ive  dolomite  bed between 8" and 12" i n  depth  was  used ,  the  r e m a i n d e r  of 
the  r e a c t o r  being packed with a lumina  chips.  The  r e a c t o r  was s i tua ted  within two 
Hoskins fu rnaces ,  each  affording a heating length of 12". 
va r ious  m i x t u r e s  of g a s e s  a t  high p r e s s u r e  w e r e  obtained f r o m  Matheson Company 
of Joliet. 
pool of wa te r  in  a s a t u r a t o r  i m m e r s e d  in  a hea ted  oi l  bath. 
t o r  pas sed  upward through the r e a c t o r ,  f r o m  the  r e a c t o r  through a f i l t e r ,  thence 
through a cooling coil, and into a c h a m b e r  collecting water .  
down in  p r e s s u r e  a c r o s s  a needle valve,  and sen t  to ana lys i s .  Most consti tuents 
w e r e  analyzed by a g a s  chromatograph (-Perkin-Elmer Model 154) having a column 
of 1 / 4 "  0. D. copper  tubing, 5 '  long, packed with 28-200 m e s h  s i l ica  gel ,  held a t  
125°C and swept  with helium. Known g a s  m i x t u r e s ,  analyzed by  Matheson,  w e r e  
used  t o  ca l ib ra t e  the  ch romatograph  fo r  C02 ,  CO, and H2. Kitagawa HzS-Low- 
Range Detector  Tubes, w e r e  used  to analyze for H2S at low concent ra t ions .  The 
Kitagawa "pump" was not u sed ;  a tube was  placed in  the gas - sampl ing  l ine ,  and 
by t r i a l  and  e r r o r  the flow through the tube was  ad jus ted  to  about 100 ml i n  3 
minutes .  
high concent ra t ions  (E) .  The method was ca l ibra ted  aga ins t  a g a s  m i x t u r e  
analyzed by Matheson and s ta ted  by Matheson to contain 10. 9% HZS. 

Tanks containing 

Gases  w e r e  m e t e r e d  through a r o t a m e t e r ,  and w e r e  p a s s e d  through a 
G a s  from the  s a t u r a -  

D r y  g a s  was let 

A modification of the Tutwiler  method was  u s e d  to  d e t e r m i n e  HzS at 

Calcinations w e r e  conducted a t  a t m o s p h e r i c  p r e s s u r e  with e i t h e r  N2 o r  
9 0 /  10 N2/H2 flowing through the  r eac to r .  

2. 03 Selected Resul t s  

F i g u r e  5 i l l u s t r a t e s  the breakthrough of CO and CO2 a t  the conclusior. of 
a run  using a n  ini t ia l  g a s  m i x t u r e  containing H z / C O  i n  the r a t i o  1. 62. 
ini t ia l  g a s  a t  breakthrough was about 250 ml (70"F ,  1 a t m ) / m i n ;  
315 ps i a ;  
gas  was humidified to  a H2O/CO ra t io  of 1. 83. 
de tec ted  in  effluent p r i o r  t o  breakthrough.  
e a r l i e r  than  the rise in  C O 2 .  
l y  the s a m e  as the t i m e  in te rva l  during which CO and CO2 rose to t h e i r  f inal  
s teady  va lues .  
reac t ion  f ront  to p a s s  any  given point i n  the ac t ive  bed. 
MgO fo r  the CO-shift r eac t ion  is indicated by p r e s e n c e  of CO2 in t h e  g a s  following 
breakthrough,  for  the ini t ia l  g a s  mix tu re  contained no C O z .  

Flow o i  the 
p r e s s u r e  was 

and t e m p e r a t u r e  in  the  ac t ive  bed ranged f r o m  1217" to  1290°F. The 
Nei ther  CO n o r  C 0 2  could b e  

The rise i n  CO o c c u r r e d  a l i t t l e  
The width of the  t e m p e r a t u r e  peak  w a s  approx ima te -  

This  t i m e  in t e rva l  can  be  in t e rp re t ed  as the . t ime  r equ i r ed  f o r  the 
The ca ta ly t ic  effect  of 

Data  l ike  those  in  F i g u r e  5 w e r e  p re sen ted  by Gluud e t  a1 (24) for o p e r a -  
tions a t  a tmosphe r i c  p r e s s u r e  and about 930°F .  

Reaction (3) was conducted a t  a t m o s p h e r i c  p r e s s u r e  with g a s  containing 
8 5 1  N2,  10% HzS, and 5% H2, humidified a t  7 9 ° F .  T e m p e r a t u r e s  i n  the ac t ive  
bed ranged f r o m  976" to 1138"F ,  t he  t e m p e r a t u r e  sha rp ly  dropping toward the  

I 



28 

1240- 

1280 

1270 

LlJ a 1'260- 
3 

a 
UI n 1240 

2 I250 

f 
1230 

1220 

1210 

, 1 I 1 I I I I 

TWREE INCWES 
FROM EXIT OF 

- TMERMOCOUPLE 

\ - 

- I6 - 

- 1 4 0  - 

- 0  

- 
-.-.-.-. - 

- 

- 2 :  - 
1 I I I I .i I 1 0 

CARBON 
MONOXIDE 

6 2  

4 2  s 
2 0  

rn 
I I I I I ..* 0 

" 210 240 270 300 330 960 990 420 
MINUTES AFTER START OF RUN 

F i g u r e  5. BREAKTHROUGH O F  CARBON OXIDES WHEN SOLID IS 
USED U P  BY REACTION (4) IN A FIXED BED AT 315 PSU 

! 

I 



29 
outlet  end. 
was  approximate ly  14 ,000 ,  a value in  c lose  a g r e e m e n t  with F igu re  1 f o r  the 
t e m p e r a t u r e  a t  the outlet  of the bed. 

The r a t io  of HzO/HZS leaving the bed p r i o r  to breakthrough of HzS 

After reac t ion  (3),  reac t ion  ( 1 )  was  conducted a t  a tmosphe r i c  p r e s s u r e  
with gas  humidified a t  75°F.  
H2, and 9 . 0 %  CO. Dry  g a s  effluent contained 1. 1% HzS. The  ac t ive  bed t e m p e r a -  
t u r e  ranged f r o m  976" to 1138"F,  the  t e m p e r a t u r e  sha rp ly  dropping toward the 
outlet  end. 
which co r re sponds  to 9 9 0 ° F  a t  equi l ibr ium,  accord ing  to  F igu re  2 .  T h e  purpose  
of this a t m o s p h e r i c - p r e s s u r e ,  low-humidity s t ep  was to a s s u r e  that no CaO r e -  
mained  in the ac t ive  bed. 
f o r m e d  a t  s t e a m  p a r t i a l  p r e s s u r e s  to which the solid was l a t e r  subjected.  

The  init ial  g a s  mix tu re  contained 81. 7% COz, 9. 370 

The value of [HzS]  / [HzO]  [COz]  P in r eac to r  effluent was  0 .21 ,  

If th i s  s t ep  had been omitted,  Ca(OH)2 might  have  

\ 
L a t e r ,  the p r e s s u r e  was r a i sed  to 220 ps i a ,  and the sa tu ra to r  t e m p e r a t u r e  

was  r a i sed  to 302"F,  providing a CO2/HzO ra t io  of 1. 79. 
p e r a t u r e  r ema ined  as before .  
sponded to equilibrium fo r  reac t ion  (1) a t  about 1040°F. 
bed was  lowered to the range  891" to 1040"F,  and the p r e s s u r e  fell to 215 psia,  
reducing the CO2/HzO r a t i o  to  1. 7 3 .  
24. 070, which cor responded to equi l ibr ium a t  about 1010°F. 
was a t  about 1000"F,  and C a s  m a y  have been  gone f r o m  solid n e a r  the ex i t  of the 
bed by th i s  t ime,  fo r  conditions had favored  production of H2S nea r  the exit  
throughout the exper iment .  ] 

The  ac t ive  bed t em-  
Dry  gas  effluent contained 20. 2% HzS, and  c o r r e -  

The  t e m p e r a t u r e  of the 

The  HzS content of d r y  g a s  i n c r e a s e d  to 
[ M o s t  of the bed 

These  r e s u l t s  demonst ra ted  the abil i ty of r eac t ion  (1) to provide  a d r y  gas  
containing HzS in a concentration adequate  f o r  the Claus p rocess .  
p rovide  a n  indication tha t  H2S concentrations approaching thermodynamic  equilib- 
r i u m  m a y  be  achieved, and i t  i s  p rac t ica l ly  c e r t a i n  that much  higher concent ra -  
tions of H2S could have been  r eached  by working at lower  COz/HzO ra t io .  

The r e su l t s  

3. 0 Review of Relevant Dolomite Chemis t ry  

P r i m a r y  s o u r c e s  of in format ion  a r e :  (a) the s e r i e s  of p a p e r s  f r o m  the 
Gese l l schaf t  fu r  Kohlentechnik ( E ) ,  repor t ing  in  1930 on s tudies  of a p r o c e s s  to 
manufac ture  H2 by re forming  coke-oven gas  with s t e a m  and the rea f t e r  shifting the 
r e fo rmed  gas  with s t e a m  over  calcined dolomi te ;  
f r o m  Consolidation Coal Company on the  C 0 2  Acceptor P r o c e s s  (16, E, E) .  
The l a t t e r  r epor t s  are pa r t i cu la r ly  valuable for  the evidence that the  so l ids  
[CaOtMgO]  , [CaCOj tMgO]  , and [CaS+MgO] a r e  rugged m a t e r i a l s  which stand 
up under  fluidization, and do not dec rep i t a t e  under var ious  chemica l  reac t ions  
which conver t  the so l ids  f r o m  one to  another .  

and (b) the  s e r i e s  of r e p o r t s  

Dolomite i s  the mixed  carbonate  of Ca  and Mg, "normal" dolomite being 
wr i t ten  C a C 0 3 .  MgC03. 
and often occur s  in a s t a t e  of high purity.  Analyses  of typical do lomi tes  w e r e  
given, fo r  example,  in Sikabonyi (2) and Willman (71). 
of a l a r g e  c l a s s  of rhombohedra l  carbonates ,  which includes ca lc i te  and m a g -  
nes i te .  These  carbonates  a r e  built of a l te rna t ing  l a y e r s  of carbonate  ions and 
cations.  
with p lanes  populated en t i re ly  by Cat+ (13). Natura l  do lomi te  often d ive rges  
f r o m  the ideal of one a t o m  of Mg for  each  Ca ,  t he  l a t t e r  usually bein& p r e s e n t  in 
excess .  T r u e  dolomi tes  r i c h e r  in  Mg a r e  se ldom encountered ( 2 4 ,  2 6 ) .  

It i s  a common rock ,  of wide geographical distribution, 

Dolomite is a m e m b e r  

In dolomite,  ideally,  cation planes populated en t i re ly  by Mg" a l t e rna te  
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3. 0 1 Forma t ion  of. [ CaO+MgO ] 

If dolomite is hea ted  in a vacuum, i t  decomposes  in  one s t ep ,  with evolu- 
tion of C 0 2  and fo rma t ion  of a solid compris'ing an  in t imate  intermingling of tiny 
c r y s t a l l i t e s  of CaO and  .MgO. Br i t ton  e t  a1 ( E )  studied this  p r o c e s s  between 
640" and  720°C, and be l ieved  the decomposi t ion  to occur  with format ion  of a 
t r a n s i e n t  spec ie s  (Ca ,  Mg)O, which quickly b r e a k s  up  into c r y s t a l l i t e s  of CaO and 
MgO. The  product m a y  b e  wr i t ten  [CaO+MgO] as a r e m i n d e r  that i t  is not a t rue 
chemica l  spec.ie's. Decomposition p roceeds  from the outs ide  s u r f a c e  inward. 

In a n  a t m o s p h e r e  of COz, do lomi te  decomposes  i n  two s t eps  (5, 22, 3 4 ) .  
Wilsdorf and Haul (c) followed the f i r s t  s t ep  with X - r a y  diffraction Lcchniques. 
Decomposition p roceeds  f r o m  the s u r f a c e  inward ,  and the s t a t e  of o r d e r  in the 
ke rne l  of undecomposed dolomi te  r e m a i n s  perfect .  At  a round 600°C and 100 m m  
Hg of COz, predominant ly  s ing le -c rys t a l  pa t t e rns  fo r  ca l c i t e  a r e  found, the 
CaC03  c rys t a l l i t e s ' appa ren t ly  being or ien ted  as in  the o r ig ina l  la t t ice .  At 8 0 0 ° C  
and 650 m m  Hg .of COz, powder calci te  pa t t e rns  a r e  obtained, randomization of 
the C a C 0 3  c rys t a l l i t e s  having occur red .  
COz p r e s s u r e s ,  as in  a ca lc ina t ion  p r o c e s s ,  the ca l c i t e  produced. is essent ia l ly  
p u r e  C a C 0 3  (g), and the product  m a y  be wr i t t en  [CaCOj tMgO]  . 
high CO2 p r e s s u r e s ,  the product  is a m i x t u r e  of c rys t a l l i t e s  of MgO and of a 
magnes i an  calcite,,  i . , e . ,  a calci te  containing MgC03  in solid solution (2, 3 3 ) .  

If dolomi te  i s  decomposed  a t  modera te  

At ex t remely  

Bischoff (E )  and MacInt i re  and  Stanse l  (43) found that both s t ages  in the 
Schwob (56) and Graf (z) decomposition of do lomi te  a r e  ca ta lyzed  by s t e a m .  

r epor t ed  a catalyt ic  effect  of a lkal i .  
[CaC03+MgO] is f a s t e r  than that of CaC03  (2). 

T h e r e  is evidence that the decomposition of 

F r o m  the foregoing ,  i t  will be  recognized  that the in t imate  mix tu re  of CaO 
and MgO c rys t a l l i t e s  which r e su l t  f r o m  the total  calcinat ion of do lomi te  re ta in  no 
"memory"  of the o r ig ina l  do lomi te  s t r u c t u r e .  Goldsmith (26)  believed that this 
solid would be ind is t inguishable  f r o m  one which could b e  p r e p a r e d  by  calcining a 
mixed  precipi ta te  of C a C 0 3  and  MgC03.  Such a p rec ip i t a t e  never  shows s igns of 
do lomi t ic  o r d e r  i f  p r e p a r e d  i n  the l abora to ry  f r o m  solutions a t  r o o m  t empera tu re  
(27) .  
and the extensive l i t e r a t u r e  o n  the p rob lem of the format ion  of dolomi te  in na ture  
a r e  not pa r t i cu la r ly  r e l evan t  to the new desul fur iza t ion  p r o c e s s ,  s ince  [CaOtMgO] 
c a n  be p repa red  a r t i f i c i a l ly  f o r  u s e  in the p r o c e s s  without the m a t e r i a l ' s  having 
p a s s e d  through the dolomi t ic  s t a t e .  

Ar t i f ic ia l ly-made  dolomi tes  a r e  known (9, 2, 33) but t hese  ma te r i a l s  

, 

Cla rk  e t  a1 (E) studied the s in t e r ing  of MgO a t  high t empera tu res .  They 
found a sudden i n c r e a s e  in  s t r eng th  to occur  a t  a t e m p e r a t u r e  well below that at 
which s inter ing p r o p e r  with densification s e t s  in ,  and they in t e rp re t ed  this i n -  
c r e a s e  i n  s t r eng th  to b e  a r e s u l t  of des t ruc t ion  of adso rbed  m o i s t u r e  films on the 
s u r f a c e s  of the p a r t i c l e s ,  i. e . ,  the r ep lacemen t  of hydrogen o r  hydroxyl bonding 
between pa r t i c l e s  by p r i m a r y  ionic bonds. 

3 . 0 2  Recarbonation of [CaOtMgOl  to  F o r m  ( C a C 0 3 t M g 0 1  

Gluud e t  a1 (24)  studied the recarbonat ion ,  at about 1050"F,  of samples  of 
[CaOtMgO]  p r e p a r e d  f r o m  a wide var ie ty  of do lomi t ic  rocks .  Uniformly, the 
in i t i a l  reac t ion  with C 0 2  was ex t r eme ly  rapid.  
r eac t ion  was found to depend upon the Ca/Mg a tomic  r a t io  of t he  s t a r t i ng  ma te r i a l .  

The c o u r s e  of la ter '  s tages  of the 

i' 
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' c lose  to unity as could be  found. 
1 f r o m  a s tone  having a high C a / M g  ra t io  w e r e  slow, and the r eac t ion  c e a s e d  f o r  all 
' More-  
! over ,  s tones  having a high Ca/Mg r a t i o  displayed poor r e s i s t ance  to deac t iva t ion  ' when calcined. 
' Gluud et a1 w e r e  ab le  to  achieve  90% recarbonat ion of CaO a t  good r a t e s ,  provided 

If a dolomite  
' was ca lc ined  a t  Z190°F, i t s  reac t iv i ty  was d ra s t i ca l ly  reduced .  1 (9 ,  14, 9) confirmed that recarbonation i s  rap id  and nea r ly  complete  if a Ca/Mg 

Gluud e t  al recommended tha t  a dolomite be se lec ted  having a Ca/Mg r a t i o  as 
The  l a t e r  s t ages  of recarbonat ion of [CaOtMgO] 

pr.acticable pu rposes  f a r  s h o r t  of complete  conversion of CaO to  CaC03 .  

Working with dolomites  having Ca/Mg ra t io s  below about  1. 2,  

: 
the solid had not been exposed to  a t e m p e r a t u r e  above about 1920°F.  

Other  w o r k e r s  

r a t io  below about 1. 1 is used. 

\ , ' ing C a C 0 3  and  MgCO3 i n  the  m o l a r  ra t io  40:60 upon f r e sh ly  m a d e  silica gel. 
Asboth ( 2 )  recommended a n  "artif icial  dolomite", p repa red .by  p rec ip i t a t -  

I 

I C u r r a n  e t  a1 ( E )  subjected a number of dolomites  to t e s t s  of t he i r  su i tab i l -  
' i ty  f o r  the  C 0 2  Acceptor P r o c e s s ,  which inherent ly  r e q u i r e s  u s e  of a high ca l c ina -  

Stone f r o m  the Greenfield formation of 
I Weste rn  Ohio was  se lec ted  as the  bes t  available.  This  s tone  h a s  the unusually low 

' high t e m p e r a t u r e  and a recarbonat ion a t  1650°F.  T h e r e  was no significant loss  of 
'\ reac t iv i ty .  Calcination t e m p e r a t u r e s  of 1900",  1950" and 2000°F  w e r e  used  in  

Pra,ctically no degradat ion i n  pa r t i c l e  s i z e  o c c u r r e d ,  although the  

, 

tion t empera tu re .  (of the o r d e r  of 1950°F).  

Ca/Mg r a t i o  of 0. 987. The s tone  was cycled m a n y  t i m e s  between a calcination a t  

' t hese  t e s t s .  
t e s t s  w e r e  conducted i n  fluidized beds .  In a similar series of t e s t s ,  t he  Greenfield 
stone was  converted to [ C a S t M g O ] ,  f r o m  which [CaOtMgO] was r egene ra t ed  a t  
1 9 5 0 ° F  by  a fue l - r i ch  calcination expelling SOz. The l a t t e r  solid d isp layed  good 

1 reac t iv i ty  a f t e r  a number of the  sulfur cycles'. 

I 
1 evidence bear ing upon the  probable  feasibil i ty of the  proposed new desul fur iza t ion  

C u r r a n  e t  al's experience with the Greenfield s tone  provides  impor t an t  

p r o c e s s e s .  
i n  gas  -production and gas-pur i f ica t ion  s teps  a t  p r e s s u r e s  ranging upward from 100 
a tmosphe res .  

With u s e  of the  Greenfield stone,  the new p r o c e s s e s  should .be operable  

Gluud e t  a1 (E) r epor t ed  that CO2 was taken  up by [CaOtMgO] a t  570°F.  
I 

D r y  CaO a b s o r b s  only a n  insignificant amount of COz a t  this  t e m p e r a t u r e ;  i t  
r e a c t s  marked ly  a t  6 6 0 " ,  and rapidly a t  7 9 0 ° F  (46 ) ;  but t he  r eac t ion  p roceeds  
readi ly  only to a n  extent such that about one-half  of the  CaO i s  r eca rbona ted  (2, 

The solid [ C a C O j t C a O ]  decomposes a t  a r a t e  some 4 to  6 
t imes  f a s t e r  than ca lc i te  (E) .  
kinetics of CaO t C02.  

' - 14, 3, 3, 2, E). 
Shushunov and Fedyakova ( E )  s tudied  the  

\> As Gluud e t  a1 recognized ,  calcination of a Mg-poor dolomite  probably puts 
s o m e  CaO i n  a s t a t e  such  tha t  only about one-half  of i t  c a n  a b s o r b  C 0 2 ,  i n  
acco rdance  with the  behavior of l ime. 

1 of dolomites  having high Ca/Mg ra t ios .  
dolomite  having ca lc i te  s t r a t a .  

This  accounts for the  poor p e r f o r m a n c e  
Gluud e t  a1 warned aga ins t  se lec t ing  a 

I 
Although MgO takes  up C 0 2  readily a t  a tmosphe r i c  t e m p e r a t u r e  in  p r e s e n c e  

of wa te r  vapor ( g ) ,  i t s  reac t ion  with C 0 2  a t  high t e m p e r a t u r e  i s  e x t r e m e l y  slow 

equi l ibr ium decomposition p r e s s u r e  of MgC03 when r eac t ion  (1) is cad r i ed  out. 
~ (2, 14, 12). Litt le recarbonat ion of MgO will occu r  even if CO2 exceeds  the 
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3 . 0 3  Use of [CaO-kMgO] to P r o m o t e  CO-Shift a n d  the HzO-C Reaction 

DuMotay (21) first p roposed  u s e  of l i m e  to promote  CO-shift  in 1880, and 
t h i s  i dea  rece'ived p e r s i s t e n t  attention without i t s  eve r  coming into commerc ia l  
u s e  (r).  Greenwood ( 3 l )  and Tay lo r  ( 6 8 )  reviewed the s t a t e  of the a r t  in 1920 
and  1921 r e spec t ive ly ,  and Schmidt (5) reviewed the subject  in  1935. The mos t  
highly developed i d e a s  w e r e  advanced by Gese l l schaf t  fffr Kohlentechnik (24 )  and ' 

Btlssner  and M a r i s c h k a  (z). 
The Gese l l schaf t  fiir Kohlentechnik recognized  that MgO c rys t a l l i t e s  in  

[ CaOtMgO] are catalyt ic  f o r  CO-shift.  Magnes ia  can be  p r e p a r e d  in  far m o r e  
ac t ive  f o r m s  than c a n  any  of the o ther  a lkal ine e a r t h  oxides;  ac t ive  magnes ias  a r e  
produced  f o r  u s e  as indus t r i a l  adso rben t s  having su r face  a r e a s  of t he  o r d e r  of 
200 m Z / g r a m  (e). Gluud et a1 demons t r a t ed  tha t  [CaOtMgO]  is catalytic fo r  
CO-shi f t  a t  t e m p e r a t u r e s  above  about 750°F.  while CaO showed no catalytic 
act ivi ty  at any t e m p e r a t u r e .  The  catalyt ic  wor th  of MgO was  not a l t e r e d  as the 
sol id  was  conver ted  t o  [CaCOj+MgO] .  
with which CaO i n  [CaOtMgO]  may be  recarbonated ,  it m a y  be  i n f e r r e d  that 
[ C a C 0 3 t M g O ]  h a s  an  open, porous  s t r u c t u r e .  

1 
1 

F r o m  this  fact ,  as well  as f r o m  the e a s e  

I 

The Gese l l s cha f t  fur Kohlentechnik's  CO-shift p r o c e s s  was  conducted a t  
The opera t ion  was cyclic,  a tmosphe r i c  p r e s s u r e  in  a fixed bed of [CaOtMgO] . 

a pe r iod  of H2 manufac tu re  being followed by a per iod  in  which [CaCOjtMgO] was j 
calcined,  t he  bed of sol id  remain ing  i n  place i n  a r e a c t o r .  i 

I t r a t ions ,  gene ra l ly  below 0. 170, w e r e  achieved  i n  opera t ions  at 930°F .  Break- 
through of CO o c c u r r e d  a t  a s p a c e  velocity of about 130 V / h r - V  based  upon CO 1 
content of gas  and  upon the [CaOtMgO] remain ing  in the bed. In opera t ions  of a 
pilot  plant on the s c a l e  of 200, 000 SCF p e r  day, no decrepi ta t ion  o r  loss of 
abso rp t ive  capac i ty  w a s  found af ter  many  cyc les  of operation, and i t  was  repor ted  
that the l ife of a dolomi te  cha rge  should be  th ree  months at the very  l ea s t .  

Low final C O  concen- 

A s e r i o u s  de fec t  in  the Gese l l schaf t  ftir Kohlentechnik's p r o c e s s  thinking 
was  exposed when ope ra t ions  were  conducted on a l a r g e  scale .  So much  heat was 
gene ra t ed  dur ing  the shift s t ep  that the t e m p e r a t u r e  became  too high for good CO2 
remova l  un less  un t r ea t ed  g a s e s  w e r e  introduced cold, but this proved infeasible 
s ince  Ca(0H)z  f o r m e d  and  the solid quickly decrepi ta ted .  The difficulty was got 
a round,  a f t e r  a fashion,  by introducing a cooling phase  i n  the cycle ,  in  which the 
reac t ion  bed was  cooled by circulat ing air a t  7 5 0 ° F  a f t e r  the bed had been  par t ly  
used  up. 

react ivi ty  would suffer .  

consequence  was  that both fuel  g a s  and the CO-containing g a s  t o  be t r ea t ed  had to 
be low in sulfur t o  avoid  convers ion  of l a r g e  amounts  of CaO to C a s 0 4  which not 
only would d e s t r o y  i t s  u se fu lness  but would probably a l s o  lead to  l o s s e s  of H2 
through reduct ion  of C a s 0 4  to C a s  in  the shift  step.  

1 
Another de fec t  was  that s e v e r a l  hundred p e r  cent excess  air had to be 

One consequence of the l a r g e  amount of excess  a i r  was 
used  in  o r d e r  to keep t h e  calcination t e m p e r a t u r e  below a l e v e l  at which solid 

that t h e r m a l  eff ic iency of the ove ra l l  p r o c e s s  was ex t r eme ly  poor .  

I 

Another I 

I1 

DuMotay and Marecha l  (22)  f i r s t  p roposed  use  of l ime  to aid the gasif ica-  
I tion of ca rbon  by s t e a m  in 1867, and a l a r g e  patent l i t e r a t u r e  has  ensued (2-1. 

Taylor  (68) and Schmidt  (S) reviewed the a r t .  
"trouble o c c u r r e d  due to  the caking of the charge"  dur ing  a t e s t  of th,e idea  a t  
28 a tmosphe res .  
Company, and w a s  c i r cumven ted  i n  the C02 Acceptor P r o c e s s  by keeping the 

Dent ( E )  r epor t ed  that 

The na tu re  of this t rouble  was identified by Consolidation Coal 
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par t i a l  p r e s s u r e  of s t e a m  below 13 a tmosphe res .  

A patent l i t e r a t u r e  has  developed around the idea  of us ing  heat f r o m  CaO 

Mar i s i c  (e) visualized us ing  hea t  f r o m  this reac t ion  to sus t a in  
+ c o 2  to supply endothermic  hea t  needed f o r  the re forming  of hydrocarbons  by 
s t e a m  ( 3 ) .  
catalytic c racking .  

3. 04 Use of L ime  and [CaOtMgO] fo r  Desulfurization 

1 

An h i s to r i ca l  method of desu l fur iz ing  towns gas  was  t r ea tmen t  with 

Genera l  information m a y  b e  found i n  Sei1 (E).  
Ca(0H)z  a t  a tmosphe r i c  t empera tu re .  
and until 1905 i-n England. 

The p r o c e s s  was used  until 1870 in  Europe  

Mellor ( 4 6 )  r epor t ed  that d r y  HzS does  not r e a c t  with d r y  CaO in the cold, 
$' but when heated, water  is evolved, and the mass becomes  yellow owing to s e p a r a -  

tion of some elemental  sulfur.  Wickert  ( E )  showed that the speed  of reac t ion  of 
HZSwith CaO r i s e s  sha rp ly  between 750" and 1100"F,  and s ta ted that C a s  i s  much 

1020°F  catalytically conver t s  CSz in  p re sence  of s t e a m  to CO2 and HzS, both of 

using l i m e  fo r  fuel desu l fur iza t ion  (4).  

' h a r d e r  and tougher than CaO. 

I which a r e  fixed by the l ime .  A patent l i t e r a t u r e  h a s  grown up about the idea  of 

Taylor  (e) stated that CaO at around 930" to 

Schenck and Hammerschmid t  ( E )  r epor t ed  that C a s  p r e p a r e d  by contac t -  
I 

ing CaC03  with H2S and C 0 2  a t  1450" to 1 8 3 0 ° F  was uns in te red  and showed no 
s 

i 
1 loss  of chemica l  react ivi ty .  
' by McCrone Assoc ia tes .  

It had a pinkish c a s t ,  as did the [CaStMgO] p repa red  

A Bri t ish,patent  (E) r epor t ed  that CSz, thiophene, and o ther  o rgan ic  sulfur 
I 

compounds a r e  dissociated,  with format ion  of HzS, i f  contacted with hot MgO. 
Carbon i s  deposited,  and m a y  be burned off. 

i 
-5 
\ 
>' with format ion  of HzS, when towns gas  is contacted with calcined dolomite above ' about 1100" F. Kiril lov and Budanov (41) showed that the decomposition of CSz 
I over  do lomi te  was a max imum a t  1200"F,  independent of s t e a m  concentration. ' Kakabadze (E) patented the use  of hot calcined dolomite to purify g a s e s  of 

organic  sulfur compounds. Zahn (73) repor t ed  the calcined anke r i t e  i n  the 
BBssner -Mar ischka  p r o c e s s  (12) was highly effective i n  removing  organic  sulfur ,  
and he c la imed that i t s  catalyt ic  worth fo r  CO-shift was not impa i red  a f t e r  p r o -  

1 Gluud and Klempt (25 )  s t a t ed  that organic  sulfur compounds a r e  sp l i t ,  

1 

i longed u s e  to  r emove  such sulfur .  

Dolomite i s  used  i n  a moving bed to r emove- su l fu r  f r o m  hot "ca rbure t to r  
g a s ' '  of the Wiberg p r o c e s s  used in Sweden f o r  production of sponge i ron (2). 

\, The quantity of dolomite charged  is the t e m p e r a t u r e  control  on reducing g a s e s  to ,' the Wiberg furnace ,  and dolomite is d ischarged  typically containing only about 5% 
to 10% su l fu r .  

3. 05  

No decrepi ta t ion  of the dolomite lumps  i s  experienced. (g) 

Converting [CaStMgO] to [ C a C O j t M g O ]  and HzS 
I 
I 

', 
Riesenfeld ( E )  studied the reac t ion  of s t e a m  and GO2 with C a s  a t  a t m o s -  

He did not intend to m e a s u r e  equi l ibr ia  f o r  the react ion,  a n q  he  did not 
pher ic  p r e s s u r e ,  conducting four explora tory  expe r imen t s  between 896" and 
1526°F.  
e s t ima te  equi l ibr ia  f r o m  his  data .  The m e a s u r e m e n t  a t  1526°F  was  m o r e  
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carefully made  than the other th ree ,  and one can der ive  a reasonably good esti-  
m a t e  of the equilibrium f r o m  Riesenfe ld ' s  resu l t s  a t  this t empera tu re :  the 
es t imate  falls only a t o u t  10% above the cu rve  of Figure 2. Crude es t imates  of 
equilibria f r o m  Riesenfeld's  o ther  t h ree  points lie 20% below, 5070 below, and 
12.0% above the cu rve  of Figure 2. Riesenfeld did not r epor t  H2S concentrations 
in product gas ,  but one can  deduce (very  roughly) that about 2'70 H2S was present 
in  a run at 941"F,  and l e s s e r  amounts a t  other temperatures .  
cluded that the conversion of C a s  to CaC03 by  i t s  reaction with s t e a m  and C 0 2  i s  
not. a practicable proposit ion,  although h is  resu l t s  may now be regarded as con- 
f i rmatory  evidence i n  support  of the conclusions which have been drawn f rom the 
t e s t s  conducted by McCrone Associates  a t  higher p r e s s u r e .  

Riesenfeld con- 

The reaction of liquid water  and C 0 2  with C a s  has been recognized since 
181 7 :  when the towns gas  indus t ry  adopted d r y  purification with slaked l ime. 
Used-up l ime was decomposed by action of water  and C 0 2  when le f t  in the open 
a i r ,  a p rocess  which contributed to the poisoning of a i r  around old-time gas works (s, 60).  (z), which ,recovered HzS f r o m  C a s  waste  f r o m  the Leblanc soda process .  

The reac t ion  was put to  commerc ia l  u se  in  the Claus-Chance process  

Wickert  (70)  incorpora ted  the reaction in a proposed p r o c e s s  to eliminate 
sulfur f rom flue g a s e s  der ived  f r o m  heavy res idua l  fuel oil.  
employ par t ia l  oxidation of the oil with a i r ;  
fuel gas  with C a C 0 3  a t  around 1460" to 1830°F; 
to a tmospheric  t empera tu re ,  s lu r ry  this solid with water ,  and r eac t  the s lu r ry  
with C02-bearing flue gases .  
e s s e s  proposed he re ,  Wicker t ' s  s cheme  has  disadvantages including: (1)  much 
hea t  would be d i scha rged  a t  low t empera tu re  and could not be put to  use ;  and 
(2)  CaC03 would probably be recovered in  such finely divided f o r m  that i t s  
separation from desulfurized fuel g a s e s  might be difficult. 

Wickert  would 
would desulfurize the resulting lean 

and would cool the resulting C a s  

By comparison with the new desulfurization proc- 

( I  
4. 0 P r o c e s s  Applications 

A cataloging and evaluation of potential applications of the new desulfuriza- 
tion p rocesses  would fa 1 outside the scope of this paper ,  which can  only indicate 
briefly some  of the possibil i t ies.  'r. . . : 

Figure 6 i l l u s t r a t e s  a scheme for making a r ich  fuel gas  f r o m  heavy res id-  
ual oi l ,  suitable for  use  i n  a top heat power cycle (63, e) in which the tempera-  
t u r e  of s team i s  r a i sed  by d i rec t  addition of the products of combustion of the rich 
fuel gas with oxygen. 
fluidized bed in which oil i s  gasified by oxygen and s team.  
should preferably be a l i t t le  below the equilibrium-decomposition temperature  of 
CaC03 ,  s o  that CaO is  not produced in the fluidized bed. 
clesulfurized by the r e v e r s e  of reaction (1).  
catalytic for the s t eam-ca rbon  reaction, and one may be ab le  to opera te  the 
gasification s tep  in F igu re  b \vith only a s m a l l  excess  of s t e a m  beyond the amourit 
called for  by s t eam-ca rbon  equilibrium.,  Solid is conveyed f rom the gasifier to a n  
elevated cyclone, which de l ivers  solid via a standpipe to the sulfur deso rbe r .  
H e r e  reaction ( 1 )  i s  conducted in a fluidized bed with use of C02  supplied from the 
heat exchange in which s t e a m  is condensed f r o m  top heat cycle fluid. 
reaction ( 1 )  is used to  r a i s e  o r  superheat high-pressure s t eam.  
cycle using Kuwait heavy res idue  (4. 73% sulfur),  this heat amounts typically to 
about 1 .  5% of the  total  water-heating, s t eam- ra i s ing ,  and s team-superheat ing 

A solid comprising mainly [CaC03tMgO] i s  fed to a 
The temperature  

Gaseous products a r e  
Wickert  (2) repor ted  that C a s  i s  

Heat f rom 
In a top heat 
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I gas  r i c h  i n  H2S is  s e n t  t o  a su l fu r  plant. Rich fuel g a s  fo r  use in a top hea t  cyc le  
duty. 

m u s t  b e  absolutely f r e e  of dus t .  
the g a s  m a y  be considered (E), but s c h e m e s  which work  a t  high t e m p e r a t u r e  a r e  
p r e f e r r e d .  
s c r u b b e r  working a t  about 600"F ,  s a y ,  which r e m o v e s  at l e a s t  a m a j o r  p a r t  of the 

Offgas  from the  su l fur  d e s o r b e r  is cooled to condense e x c e s s  s t e a m ,  a'nd 

Various a r r a n g e m e n t s  for  removing d u s t  f r o m  

An in te res t ing  poss ib i l i ty  is t o  u s e  oil to be  fed to the  gas i f i e r  in  a 

1 dust.  
1) 

I F igu re  7 shows equipment  for ,  su l fu r  r e c o v e r y  when 'desu l fur iza t ion  is a c  - 

, s o r b e r  contains CaO. The su l fu r  d e s o r b e r  in  F i g u r e  7 houses  two fluidized beds :  
' a lower  bed for. conducting r eac t ion  ( l ) ,  .and an upper  bed i n  which r eac t ive  values 
s of CaO in the  solid a re  converted to  CaG03 in the absence  of s t e a m .  P rov i s ion  of 
> t h e  upper  bed allows one to u s e  a h igher  s t e a m  pa r t i a l  p r e s s u r e  i n  r eac t ion  (1) 

for one does not have to w o r r y  about  the f o r m a -  

I 
complished by m e a n s  of r eac t ion  (3) ,  so  tha t  t he  so l id  charged to  the su l fu r  d e -  

than would otherwise be poss ib le ,  
tion of Ca(0H)Z.  

, In the  context of the  top  hea t  power cyc le ,  t h e r e  is advantage in  opera t ing  
the C l a m  s y s t e m  under  p r e s s u r e ,  s i n c e  equipment ex i s t s  both to  provide high- 
p r e s s u r e  a i r  and t o  r e c o v e r  power  f r o m  Claus - sys t em offgases.  

F igu re  8 i l l u s t r a t e s  a n  application i n  which GO-shift is conducted by  m e a n s  
Shift is c a r r i e d  out in  r e a c t o r  A, which houses  two fluidized beds ,  

Spent solid is ca lc ined  i n  
, of r eac t ion  (4). 

1 r e a c t o r  B. 
the upper bed being held a t  a lower  t e m p e r a t u r e .  

By conducting 
the g r e a t e r  por t ion  of the  sh i f t  r eac t ion  i n  the lower  bed, at h igher  t e m p e r a t u r e ,  
the calcining duty i n  r e a c t o r  B is reduced.  ' A l s o ,  the upper  bed of r e a c t o r  A c a n  
be operated a t  a much lower t e m p e r a t u r e  than tha t  needed in  a single-bed r e a c t o r  
i n  o r d e r  t o  avoid Ca(0H)z. 

Flow of gas  and so l id  in  r e a c t o r  A is coun te rcu r ren t .  

I 

.% 
\ 

I 
The s c h e m e  of F i g u r e  8 is obviously m o r e  a t t r ac t ive  if one h a s  need fo r  

? high-level heat,  ava i lab le  to  the  hea t - t r ans fe r  s u r f a c e s  shown in  r e a c t o r  A, as 
well as need for  H2.  1 t r e m e l y  cheap byproduct hydrogen i n  fu tu re  power s ta t ions  which employ s o m e  
combination incorpora t ing  p r e s s u r i z e d  fuel gasification, fue l -gas  cleanup, and 

i a n  advanced power cyc le .  

A. 
The s c h e m e  of F i g u r e  8 would p e r m i t  the  product ion of ex-  

F igu re  9 i l l u s t r a t e s  r ep resen ta t ive  s c h e m e s  in  which o i l -c racking  is 
, prac t iced  together with desu l fur iza t ion .  In genera l ,  r e a c t o r  A of F i g u r e  9 would 
' 

opera t e  a t  a lower t e m p e r a t u r e  than the  gas i f i e r  of F i g u r e  6. If less s t e a m  i s  
' used than the amount  called f o r  by  s t e a m - c a r b o n  equi l ibr ium,  coke gene ra t ed  by 
) cracking reac t ions  in  r e a c t o r  A could s e r v e  a s  a t  l e a s t  p a r t  of the fue l  u sed  t o  
-Ii ca lc ine  the solid in  r e a c t o r  B. ,' r i ch  in  hydrogen and the  o the r  lean ,  i s  advantageous in  the context of the  top hea t  

cycle.  
T h e r e  i s  a n  advantage i n  putting as much of the fue l ' s  Hz content as  poss ib le  into 
the r i ch - fue l -gas  pa th ,  in o r d e r  to  keep  the  wa te r -vapor  content of f lue g a s  
generated by combustion of t he  l ean  fuel g a s  f r o m  r e a c t o r  B as s m a l l  as poss ib le .  

The a i r  o r  oxygen r e q u i r e m e n t s  fo r  r eac to r  A can  be  considerably reduced 

Such 

The  spli t t ing of the oil into two fue l  f r ac t ions ,  one 

H2 i n  r i ch  fuel g a s  is u l t imate ly  d i scha rged  f r o m  the  cyc le  as liquid wa te r .  1' 
) 

1 

by drawing upon hea t  of recarbonat ion of CaO, as well  as  hea t  f r o m  reac t ion  (4). 
A fue l  g a s  of high ca lor i f ic  content can  be produced even with the u s e  of air. 
a g a s  is well  suited for  u s e  in  a top hea t  cycle using a i r  ins tead  of ox$gen. 

'I 

I 
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RICH FUELGAS TO OUST SCRUBBER. + 
MAINLY GAS RICH IN HIS 

[C~S+M~O] TO SULFUR PLANT . 
M CONDENSATE 

SULFUR 
ESORBER 

I 4  STEAM 

C02 FROM CONDENSER 

MAINLY GA5lFlER [CaCO,+Mgd 

OIL 

OXYGEN AND 51EA 

F i g u r e  6. SCHEME FOR MAKING RICH F U E L  GAS 
F O R T O P H E A T P O W E R C Y C L E  

c 

GAS TO 
POWER 
A ECOV ERY 

1 

SULFUR 

Figure  7. SULFUR DESORBER AND SULFUR RECOVERY 
I 
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I 
HYDRO6EN 

REACTOR 
A 

Figure 8. CONDUCTING CO-SHIFT I N  A POWER-STATION CONTEXT 

\ 

RICH FUEL 
4 

' .AIR OR OXYGENJ 
AND STEAM 

RICH FUEL 

Figure  9. REPRESENTATIVE SCHEMES INVOLVING OIL CRACKING 
I 
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An in t e re s t ing  possibi l i ty  is to u s e  air i n  r e a c t o r  A to  produce clean fuel 

of high calor i f ic  value for ex i s t ing  power-s ta t ion  bo i l e r s  in  communities which 
place r e s t r i c t ions  upon SO2 i n  flue gas .  
supply air to  r e a c t o r  B and to r ecove r  power  f r o m  the lean  fuel gas .  
genera ted  in  this gas - tu rb ine  plant would r e p r e s e n t  a sma l l  f ract ion of the capacity 
of the existing power  s ta t ion to  which c l ean  fuel is supplied. 

A gas - tu rb ine  plant would be  requi red  to 
Power  

Al te rna te  r e a c t o r  A in F igu re  9 provides  for  gasification of oil in two s teps:  
oil is  c racked  in  a n  upper  bed in an  a tmosphe re  containing H2, the H2 being 
genera ted  f rom coke in a lower  bed. 

The foregoing examples  by no m e a n s  exhaust the possibi l i t ies .  Modifying 

~ 

Hydrocracking o r  hydrogasifying oil ,  by using H2 a s  
Consolidation’s CO2 Acceptor P r o c e s s  to inco rpora t e  the r ecove ry  of elemental  
sulfur has  been  mentioned. 
the fluidizing gas  to r e a c t o r  A of F igu re  9 ,  i s  a n  interest ing possibil i ty.  

Acknowledgment: Marvin  A. Sa lzens te in  d i r ec t ed  the exper imenta l  studies per  - 
f o r m e d  by Walter C. McCrone Assoc ia tes .  He was a s s i s t ed  

1 by J a n  Markussen ,  now of Copenhagen, Denmark. 
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PRESENT STATUS O F  PROCESSES FOR GASIFICATION O F  PETROLEUM 

Henry  R. Linden 

Inst i tute  of Gas  Technology 
Chicago, I l l inois 6061 6 

INTRODUCTION 

Gasif icat ion of p e t r o l e u m  f rac t ions ,  ranging f r o m  liquefied petroleum gaseF 
through the h ighes t  boi1in.g Bunker "C" fuel  o i l s ,  i s -  pract iced throughout the world 
for  the purpose of producing bas ica l ly  two c l a s s e s  of fuel  g a s e s :  'town gases of ap 
proximately 450 to  550 Btu /SCF g r o s s  heat ing va lue ,  and high-Btu 'gases  with heat-  
ing values ranging f r o m  900 to 1100 Btu/SCF.  The  lower heat ing value town gases  
a r e  used in  a r e a s  in  which fue l  gas  dis t r ibut ion and utilization still follow the p r a c  
t ices  of the manufac tured  gas e r a  during which c o a l  was used a s  the bas ic  raw m a -  
t e r i a l .  They a r e  c h a r a c t e r i z e d  by a relat ively high hydrogen and carbon monoxide 
content ,  and a high burning velocity.  In th is  way,  they s imulate  the propert ies  of 
the dominant s o u r c e  of gas supply - coal  r e t o r t ,  coke oven and water  gas.  The hig; 
Btu gases  a r e  produced in  a r e a s  which have converted to  na tura l  gas  a s  the p r i m e  
s o u r c e  of supply a n d ,  t h e r e f o r e ,  they a t tempt  to  s imula te ,  as c lose ly  as  possible,  t.: 
p roper t ies  of m e t h a n e  - the m a j o r  const i tuent  of n a t u r a l  gas .  

The United S ta tes  i s  typical  of an a r e a  in which>essentially a l l  of the gas  sur 
ply is na tura l  gas  and the only significant amount  of gas  manufactured is to m e e t  
peak demands.  The dominant  s o u r c e  of t h e s e  gases  i s  liquefied pe t ro leum gas mix, 
with - a i r  to reduce  its heat ing value,  with m u c h  l e s s e r  amounts  of high heating valu$ 
gas  produced by  v a r i o u s  pe t ro leum oi l  gasification p r o c e s s e s  and only a negligible, 
amount  der ived f r o m  coal.  Much of Europe  and p a r t s  of J a p a n  and Austral ia  a r e  in 
an  in te rmedia te  s tage .  H e r e ,  . substant ia l  amounts  of na tura l  gas  a r e  becoming a v a i  
a b l e ,  but g a s  i s  s t i l l  l a r g e l y  der ived f r o m  coal-based p r o c e s s e s  and most  of the gas.  
dis t r ibut ion and ut i l izat ion equipment  is for  low heating value manufactured gas .  

K E Y  PROPERTIES O F  PETROLEUM FEEDSTOCKS 

The p r o p e r t i e s  'of pe t ro leum feedstocks for the var ious gasification proc-  
e s s e s  cover a wide r a n g e  s o  that  feedstock select ion to  give opt imum resul ts  is a n  
important  cons idera t ion .  The  feedstock c h a r a c t e r i s t i c  of p r i m a r y  importance i s  tha 
carbon to hydrogen r a t i o ,  normal ly  e x p r e s s e d  in t e r m s  of the weight ra t io .  This i s ,  
a useful  p a r a m e t e r  f o r  c o r r e l a t i n g  key proper t ies  of petroleum hydrocarbons.  The 
C / H  weight r a t i o  was  f i r s t  specif ical ly  applied to the select ion of feedstocks for gas 
making p r o c e s s e s  - p r i m a r i l y  pyrolysis  and hydrogenolysis - in publications f r o m  
the Insti tute of Gas Technology,  and is now in genera l  use throughout the world f o r  
charac te r iza t ion  of p e t r o l e u m  feedstocks for  all types of gas  making processes .  
p a r t  of the work a t  the Inst i tute  of G a s  Technology, s imple means were  developed 
for  es t imat ing  the C / H  weight r a t i o  f r o m  physical  p roper t ies  such  a s  API  gravity 
and average  boiling point ,  A P l  grav i ty  and viscosi ty ,  and API gravi ty ,  anil ine point 
and average  boiling point.  The lower  the C / H  r a t i o ,  the g r e a t e r  i t s  value for gas 
making. The r e a s o n  for this is that  fuel  g a s e s  general ly  contain a relat ively low 
ra t io  of bound c a r b o n  to  f r e e  and hound hydrogen,  compared  to the C /H rat ios  of 
c o m m e r c i a l  pe t ro leum products .  
i t  is n e c e s s a r y  to use  one o r  a combination of the following p r o c e s s e s :  

AS 
f' 

\ I  

, 

T h u s ,  to conver t  pe t ro leum hydrocarbons to g a s ,  

1) El iminat ion o f  e x c e s s  carbon in the f o r m  of coke,  lampblack and high c a r -  
bon content l iquid products  ( a r o m a t i c s ) .  
t empera ture  t h e r m a l  cracking (pyro lys i s )  p r o c e s s e s .  

Destruct ive hydrogenat ion to conver t  excess  carbon to low molecular  weight 
paraffins and olef ins .  This  i s  the pr inciple  used in hydrogenolysis processes  

This i s  the pr inciple  used in high- 

I 
2 )  
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3) Oxidation of e x c e s s  carbon to carbon monoxide and dioxide,  e i t h e r  by de-  

composi t ion of s t e a m  a t  high tempera tures  o r  by p a r t i a l  oxidation with 
f r e e  oxygen. 
o r  s t e a m - a i r  mix tures  and a ca ta lys t ,  o r  oxygen without a ca ta lys t .  

The  g r e a t e r  the e x c e s s  of carbon over  hydrogen,  the m o r e  difficult  gasif i -  

This  pr inciple  i s  used in a var ie ty  of p r o c e s s e s  using s team 

cation becomes .  
( C / H =  3 ) ,  is  a l r e a d y  a gas  and a l s o  the hydrocarbon m o s t  readi ly  converted ( r e -  
formed)  to other  g a s e s ,  s u c h  a s  mixtures  of carbon monoxide and hydrogen. 
pane and butane ( C / H = 4 . 5  and 4 . 8 ,  respect ively)  a r e  a l s o  g a s e s  a t  n o r m a l  t e m p e r a -  
ture  and p r e s s u r e  and a r e  excel lent  feedstocks f o r  re forming  to f u e l  g a s e s  of lower 
heating value.  Near  the end of the sca le  a r e  low-grade res idua l  f u e l  oils  which have 
C/H weight ra t ios  a s  high a s  10 and which a r e ,  t h e r e f o r e ,  not  d e s i r a b l e  feedstocks.  
The effect  of C / H  ra t io  on gasification yields is  g r e a t e s t  in p y r o l y s i s ,  l e s s  in hydro-  
genolysis and gasification with s t e a m  o r  s t e a m - a i r  m i x t u r e s ,  and of l e a s t  e f fec t  in 
par t ia l  oxidation, but it i s  s t i l l  impor tan t  in  a l l  these gasification p r o c e s s e s .  

T h u s ,  methane ,  the hydrocarbon with the lowest  C /H weight ra t io  

P r o -  

Another feedstock p r o p e r t y  of g r e a t  impor tance  in gasif icat ion i s  the coke 
forming  tendency. This i s ,  of c o u r s e ,  indirect ly  re la ted  to C / H  weight  r a t i o  but 
m q r e  d i rec t ly  dependent on the boiling range o r  the equivalent molecular  weight 
range of the feedstock,  coupled with the dis t r ibut ion of C./H ra t io  throughout the 
boiling range.  As the boiling point o r  molecular  weight of any c l a s s  of h y d r o c a r -  
bon - paraff in ,  olefin,  naphthene, a r o m a t i c ,  e tc .  - i n c r e a s e s ,  i t s  coke forming  tend- 
ency i n c r e a s e s .  
Conradson carbon res idue  value. This  i s  in e s s e n c e ,  a des t ruc t ive  dis t i l la t ion t e s t  
under s tandarized conditions which can ,  t h e r e f o r e ,  be d i rec t ly  re la ted  to coke f o r m -  
ing tendency in pyrolysis  p r o c e s s e s .  However ,  in a l l  pe t ro leum gasif icat ion proc-  
e s s e s ,  the feedstock i s  exposed to  t e m p e r a t u r e s  above i t s  l i m i t  of t h e r m a l  s tabi l i ty ,  
s o  that  pyrolysis  o c c u r s  to var ious  degrees .  

A s imple  e m p i r i c a l  m e a s u r e  of this coke forming tendency i s  the 

The o c c u r r e n c e  of coke formation would make any continuous p r o c e s s  even-  
It would a l s o  reduce  the act ivi ty  tually inoperable  through blockage of the r e a c t o r .  

of any ca ta lys t s  used in the gasification s tep.  
employing empty  o r  catalyst-f i l led r e a c t o r s  a r e  general ly  l imited to dis t i l la te  feed-  
s tocks ,  and frequent ly  dis t i l la te  feedstocks with v e r y  low dis t i l la t ion endpoints and 
C / H  ra t ios  to  reduce coke forming  tendencies  to a n  absolute  minimum.  
a r e  p r o c e s s e s  using oxygen for  par t ia l  combustion of the feedstock a t  v e r y  high t e m -  
p e r a t u r e s .  

As  a r e s u l t ,  continuous p r o c e s s e s  

Exceptions 

In these ,  coke accumulation i s  prevented by continuous burn-off.  

An indication of the dominance of the coke deposit ion p r o b l e m  in gas  manu-  
fac ture  f r o m  pe t ro leum feedstocks i s  the development of two types of r e a c t o r  s y s -  
tems  par t icu lar ly  designed to overcome this l imitation. 
which deposited coke can be  burned off a t  sui table  in te rva ls .  
tinuous s y s t e m s  in which sol ids  p a s s  through the reac t ion  zone to allow deposit ion 
and removal  of the coke. 

One i s  the  cycl ic  s y s t e m  in 
The o t h e r s  a r e  con- 

Also of g r e a t  importance i s  the sulfur  content of pe t ro leum feedstocks.  In 
gas  manufac ture ,  the sulfur  in the feedstock i s  converted into gaseous sulfur  com-  
pounds such a s  hydrogen sulf ide,  carbon disulf ide,  carbon oxysulfide,  and the v a r i -  
ety of niercaptans and other  organic  sulfur  compounds.  T h e s e  contaminants  m u s t  
be reduced to acceptable  levels  before the gas  is dis t r ibuted.  In. m a n y  gasification 
p r o c e s s e s ,  the,re i s  a n  addi t ional  disadvantage to high sulfur  content  of the feedstock 
in that su l fur -sens i t ive  ca ta lys t s  a r e  employed. In fac t ,  in s o m e  p r o c e s s e s , s u l f u r  
h a s  to be removed f r o m  the feedstock before gasif icat ion,  to levels  a s  low a s  o.ne 
p a r t  p e r  mill ion o r  l e s s  to avoid poisoning and deactivation of the catalyst .  

In Table  1 ,  typical  p roper t ies  of gasification feedstocks a r e  summar ized .  In 
addition to the proper t ies  d i scussed  above,  c e r t a i n  p r o p e r t i e s  affecting the e a s e  and 
s a f e t y  of s tor ing  and pumping a r e  given such a s  pour point,  the w a t e r  and sediment  
content and the flash point. 
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Feed Hydrocarban, C n  H,, C/H ratio = 12(n/m) 
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caseous Products 
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PYROLYSIS PROCESSES 

T h e r m a l  c racking  o r  pyrolysis  reduces  the average  molecular  weight of hy-  
drocarbon mixtures  by  subjecting t h e m  to t e m p e r a t u r e s  a t  which they a r e  not s table;  
that i s ,  at which the energy  holding toge ther  s o m e  of the carbon and hydrogen atoms 
in  the molecule is  overcome.  In its e x t r e m e  f o r m ,  pyrolysis  can ,  t h e r e f o r e ,  r e s u l t  
in the format ion  of carbon and hydrogen a s  the pr inc ipa l  products .  This  o c c u r s ,  f o r  
example ,  in the manufacture  of carbon black. More  general ly ,  however ,  the des i red  
products  a r e  hydrocarbons of lower molecular  weight than the hydrocarbon making 
up the feedstock.  

Pyro lys i s  i s  not a v e r y  select ive operat ion and normal ly  r e s u l t s  in a broad 
s p e c t r u m  of products ,  ranging f r o m  those of lowest  molecular  weight - hydrogen 
and methane - to the h ighes t  - p i t c h  and coke. However ,  by p r o p e r  cont ro l  of oper -  
ating conditions - p r e s s u r e ,  t empera ture  and res idence  t ime - the re la t ive  abun- 
dance and composition of the gaseous,  liquid and sol id  products  can b e  control led to 
a considerable  extent.  

increa 
ucts.  

I n  the pe t ro leum indus t ry ,  mild pyrolysis  is  used in re f inery  operat ions to 
.se  the rat io  of low -boiling (dis t i l la te)  products  t o  high-boiling ( res idua l )  prod-  
T h u s ,  what i s  d e s i r e d  i s  b reakage  of carbon-carbon bonds without too rad ica l  

a r e a r r a n g e m e n t  of the hydrocarbon molecules .  
range is  usually l imited to 800"-1200"F,  and supera tmospher ic  p r e s s u r e s  a r e  gen- 
e r a l l y  employed to minimize  gas  formation.  

To achieve t h i s ,  the tempera ture  

The  pe t ro leum indus t ry  a l s o  uses  pyrolysis  of low-boiling feeds tocks ,  such 
a s  propane,  butane and naphthas ,  to produce ethylene and propylene and some higher 
molecular  weight olefins and diolefins.  This  i s  done in ex terna l ly  heated al loy tubes 
a t  the lowest  p r a c t i c a l  total  p r e s s u r e s  and with substant ia l  s t e a m  dilution to  lower 
the p a r t i a l  p r e s s u r e  and the residence t ime of the reac t ion  products .  
motes  gaseous olefin format ion  and minimizes  a n y  tendency to pi tch and coke f o r m a -  
tion which could cause  tube blockage. 
type of t h e r m a l  cracking prac t iced  in oi l  refining p r o c e s s e s  but s t i l l  below those n e c -  
e s s a r y  to  obtain acceptable  fuel  gas  yields and composi t ions.  A subs tan t ia l  amount 
of pilot  plant  and ful l  sca le  plant t e s t  work  h a s  been done to develop continuous py- 
ro lys i s  p r o c e s s e s  for  production of high heating value (high-Btu) gas  employing tube 
f u r n a c e s ,  but this has  not  ye t  proved commerc ia l ly  feasible .  

This  p r o -  

P y r o l y s i s  sever i t ies  a r e  g r e a t e r  than in the 

In the gas  indus t ry ,  pyrolysis  of p e t r o l e u m  oils i s  p r i m a r i l y  used  to produce 
high heat ing value gases  for  enr iching lower heating value g a s e s ,  o r  for  supplemen- 
ting na tura l  gas.  
the re f inery  and pe t rochemica l  pyrolysis  p r o c e s s e s :  
t imes  of one to five seconds ,  n e a r - a t m o s p h e r i c  p r e s s u r e  and the use  of s m a l l  
amounts  of s t e a m  a s  a c a r r i e r  gas .  
product  gas heating values range f r o m  900 to 1600 Btu /SCF and the weight percent  
conversion to gas i s  re la t ively constant  and  near  the opt imum obtainable at  approx-  
imately one a tmosphere  p a r t i a l  p r e s s u r e  of gaseous+react ion products .  

The operat ing conditions used a r e  re la t ively s e v e r e  compared  to 
1300" to 1700"F,  res idence 

Within this range of conditions,  i n e r t - f r e e  

P y r o l y s i s  Fundamentals  

The yields of gaseous and nongaseous products  o v e r  this  re la t ive ly  nar row 

The reason  for this is  given in F ig .  1 which shows schemat ica l ly  tha t  the 
range of operating conditions a r e  determined la rge ly  by the feedstock C /H weight 
ratio.  
ga.;eous products  cons is t  essent ia l ly  of high hydrogen content,  low C / H  ra t io  m a -  
t e r i a l s ,  whereas  the nongaseous products  cons is t  of low hydrogen content ,  high C / H  
ra t io  m a t e r i a l s .  
weight ra t io .  
e r y  of the heat of combust ion of the feedstock in the f o r m  of s table  gap (Btu  hea t  of 
combustion o r  t h e r m a l  recovery) .  This i s  shown in Table  2 with data  der ived  f r o m  
cor re la t ions  based on labora tory  pyrolysis  tes t s .  

T h u s ,  the gas yield can be related d i rec t ly  to feedstock C /H 
The weight p e r c e n t  gas  y ie ld ,  in tu rn ,  i s  d i rec t ly  re la ted  to the recov-  

Typical  t e s t  r e s u l t s  of this type 
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a r e  given in Table  3 fo r  NO. 2 Diese l  Oil. 
i ty - that  i s ,  the t e m p e r a t u r e  and /o r  res idence  t ime - i s  i nc reased ,  increased  v o l u ,  
of gas  containing substant ia l ly  moqe hydrogen and l e s s  higher molecular  weight hy( 
ca rbons  a r e  produced. This  is  accompanied by  inc reased  coke format ion ,  and f o r d  
mat ion  of l e s s e r  amounts  .of liquid products having a higher specific grav i ty  and f r e  
ca rbon  content. However ,  Btu r ecove r i e s  r e m a i n  relat ively constant except  that at 
v e r y  s e v e r e  py ro lys i s  conditions they tend to d e c r e a s e  somewhat.  Incomplete py-  
ro lys i s  a t  low s e v e r i t i e s  is indicated by  the high paraffin content (high unsulfonat- 

It can  be seen  that a s  the pyrolysis seve 

1 
ablc res idue)  of the liquid products.  i 

( 

composition with opera t ing  conditions is by means  of the t r u e  ( i n e r t  o r  diluent-free,  
oi l  gas  heating value - t h e  heating value of the hydrogen-gaseous  hydrocarbon f r ac ,  
tion of the 'pyrolysis  products .  As shown in Fig.  2 ,  th is  applies to a wide range of , 
feedstocks and  py ro lys i s  s eve r i t i e s  a t  re la t ively constant o i l  gas p a r t i a l  p r e s s u r e s  
The t r u e  o i l  gas heating value may a l so  be used to c o r r e l a t e  the nongaseous produc 
yields and composi t ions  f o r  any  given feedstock and t rue  o i l  gas pa r t i a l  p re s su re .  I/ 
As would be  expec ted ,  the t rue  oil  gas  heating value i s  an  e m p i r i c a l  measu re  of py; 

i An exce l len t  e m p i r i c a l  method fo r  co r re l a t ing  gaseous pyro lys i s  product 

rolys  is severi ty .  A 

The e s s e n t i a l  independence of gaseous products  composition on feedstock 

F o r  

~ 

I' 

prope r t i e s  e x i s t s  only when the p r i m a r y  decomposition react ions of the feedstock 
have been comple ted ;  o therwise ,  the product  dis t r ibut ion m a y  be dis tor ted.  

bution will be independent of feedstock p rope r t i e s  a t  reac t ion  t empera tu res  above 
1300°F and r e s idence  t i m e s  above 1 second. 

if used as feeds tocks  a t  low pyro lys is  s e v e r i t i e s ,  wil l  appea r  in abnorma l  concen- 
t r a t ions  in the gaseous  products.  

na tu ra l  gasoline,  naphtha and  higher boiling pe t ro leum o i l s ,  

their  higher t h e r m a l  s tabi l i ty ,  will r equ i r e  somewhat m o r e  
P ropane  and butane,  a s  a r e su l t  of 

It h a s  been  found in extensive l abora to ry  tube furnace  s tudies  a t  the Insti-  ' 
tute of Gas Technology that  the gaseous product  distribution in h igh-sever i ty  pyrol-{ 
ysis  opera t ions  can  be  in t e rp re t ed  by a s suming  that it i s  de te rmined  p r imar i ly  by 
these ove ra l l  r eac t ions  : 

a) Hydrogenation of olefins to paraffins with a n  equal  number  of carbon 
a t o m s ,  s u c h  a s :  

, 

C3H6 t €3,- C3H8 

o r  in  m o r e  g e n e r a l  t e r m s  : 

CnHzn t H,= CnHznt 2 

< 
I where  n ,  the number  of carbon a t o m s ,  can be 2 ,  3 ,  o r  more .  

Des t ruc t ive  hydrogenation of paraffins to me thane ,  and a paraffin with 
one less carbon a tom,  such a s :  

b) 

Czfl6 t H, Z 2CH4 

C3H8 f H,= CH4 t CzH6 

f o r  in m o r e  gene ra l  t e r m s :  

CnHzn+r t H, -cH4 t Cn-IH2n , (Sys tem 2) 



l l  

R 
O r  

d .  
'2 3 

49 

V 
al 
Y 

? ?  
0 0  .-. 



e. . .a. 

I 

50 

I When n = 2 ,  the fo rward  and r eve r se .  reac t ions  of Sys t em 1 m u s t  be ex t r e  
ly  r ap id ,  s ince  ethylene,  hydrogen and ethane a r e  always r ecove red  in the approxi- 
m a t e  chemica l  equ i l ib r ium concentrations cor responding  to the effective reaction i 
t empera tu re  and p r e s s u r e .  The s a m e  appea r s  to  be  t r u e  with propylene-hydrogen 
propane (n=  3 )  and,  probably ,  higher molecu la r  weight gaseous olefin-hydrogen-pad 
affin subsys t ems  (except  when the olefin o r  paraffin is a l s o  the feedstock, and the \ 

seve r i ty  of c r ack ing  i s  too low to allow completion of the p r i m a r y  decomposition 
react ions) .  I I 

In compar i son  to the rapid hydrogenation-dehydrogenation of System 1 ,  meti 
ane format ion  by Sys t em 2 i s  v e r y  slow. 
a r e  r ecove red  in concent ra t ions  f a r  removed f r o m  those cor responding  to chemical 
equi l ibr ium a t  the effective reac t ion  conditions. However,  the approach  to equilib-:! 
r i u m  of the ethane -hydrogen-methane and propane-hydrogen-methane-ethane sub-  

the composition of the m a j o r  gaseous products  of h igh - t empera tu re  pyrolysis can 
predicted from the effective t e m p e r a t u r e ,  p r e s s u r e  and  res idence  t ime ,  and f r o m  

Consequently,  the components in Sys tem 

s y s t e m s  is de te rmined  by  only the reac t ion  t e m p e r a t u r e  and r e s idence  

equi l ibr ium cons tan ts  fo r  the subsys t ems  covered  by  Sys tems 1 and 2. 
l i b r i u m  cons tan ts ,  when e x p r e s s e d  i n  t e r m s  of the p a r t i a l  p r e s s u r e s  of 
and r eac t an t s ,  a r e  dependent on the reac t ion  t empera tu re  only. 

The abundance of the minor  const i tuents ,  butadiene and acetylene,  is  indi- ' 

cated by: t 
(System 3) ; 

(System 4) 1 
Simi la r  to Sys t em 1,Systems 3 and 4 a l s o  appea r  to c lose ly  approach  chemical equj 
l i b r ium in the pyro lys i s  zone. However,  in gas production p r o c e s s e s ,  butadiene, a 

cor responding  to the effective pyro lys i s  t empera tu re .  This i s  probably due to con-'i 
tinued reaction of t hese  highly react ive consti tuents a t  the lower t empera tu res  p r e -  

r e l a t ed  to the hydrocarbon f r agmen t s  respons ib le  fo r  the format ion  of a substantial  
vail ing in the p roduc t  offtakes and s e p a r a t o r s .  (Butadiene,and acetylene a r e  d i r ec t  

por t ion  of the liquid products . )  

The re la t ionships  de te rmining  gaseous  products  distribution which have bee! 
descr ibed  above a r e  of g r e a t  impor tance  in the select ion of the conditions for a pro; 
e s s  designed to produce methane  a s  the m a j o r  product.  F o r  example ,  the presently 
used pyro lys i s  p r o c e s s e s  ope ra t e  a t  nea r -a tmosphe r i c  p r e s s u r e  and relatively sholr 
res idence  t imes .  T h i s  f avor s  the production of olefins.  T o  produce a higher p e r -  1 
centage of pa ra f f in s ,  higher p r e s s u r e s  would have to be  used to fo rce  to the right th 
hydrogenation r eac t ions  of Sys t em 1 ,  and  Sys t ems  3 and  4 in  conjunction with Syster 
1.  Th i s  will  happen because  these reac t ions  a r e  in approximate  equi l ibr ium and 
cause  a l a rge  o v e r a l l  volume dec rease .  

par t icular ly  ace ty l ene ,  a r e  r ecove red  in  l e s s  than the equi l ibr ium concentrations 1 
! 

I 
I An i n c r e a s e  in  p r e s s u r e  will  a l s o  produce a higher percentage  of methane 1 

F u r t h e r ,  s ince  methane f o r -  
because  of the inc reased  r a t e  of des t ruc t ive  hydrogenation of the h igher  molecular 
weight paraffins b y  the ove ra l l  reac t ions  of Sys t em 2. 
mation by secondary  vapor-phase  reac t ion  is so  slow, an  i n c r e a s e  in residence timi 
will r e su l t  in  i nc reased  methane concentrations.  However,  this i s  the case  only :' 
within the r ange  of py ro lys i s  s eve r i t i e s  used in high heating value gas production. 

Unfortunately,  an i n c r e a s e  in gasif icat ion p r e s s u r e  will  r e s u l t  in a dec rease  
in feedstock convers ion  to gaseous products  un less  hydrogen is added. 
conclusion c a n  be r eached  f r o m  chemica l  cons idera t ions :  
ply of hydrogen, i n c r e a s e s  in p r e s s u r e  o r  in pa r t i a l  p r e s s u r e  of hydrogen-gaseous 
hydrocarbon consti tuents wil l  favor the condensation and polymerizatiion reactions 
of in te rmedia te  reac t ion  products which f o r m  the high molecular  weight nongaseous 
products ;  compet ing  reac t ions  which f o r m  the low molecular  weight gaseous prod-  4 

The same  
without a n  ex terna l  Sup- 'i 
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ucts  w i l l  consequently b e  s u p p r e s s e d .  

Extensive labora tory  pyro lys i s  s tudies  have  shown that nongaseous products.  
format ion  f r o m  the e n t i r e  range  of liquid hydrocarbon fuels  can  be  substantially.  de-  
c r e a s e d  by the use of a hydrogen-r ich  c a r r i e r  gas  a s  a reac t ion  a tmosphere .  This 
i s  accompanied by a n  i r icrease in the formation of gaseous paraff ins  by the hydro- 
genation react ions which maintain equilibrium. As wil l  be  shown in the sect ion on 
hydrogenolysis p r o c e s s e s ,  t h e r e  e x i s t s  a combination of hydrogen/hydrocarbon feed 
ra t io ,  p r e s s u r e ,  t e m p e r a t u r e ,  and residence ' t ime,  a t  which m o s t  hydrocarbon fuels  
can  be converted to gaseous products ,  with only a minor  quantity of liquid products  
format ion .  Under these  conditions,  the ne t  Btu r e c o v e r y  ( g r o s s  Btu r e c o v e r y  l e s s  
h e a t  of combustion feed hydrogen) approaches  the h e a t  of combust ion of the hydro-  
carbon feedstock. However ,  t o  achieve this with high C /H ra t io  and high molecular  
weight feedstocks r e q u i r e s  high p r e s s u r e s .  

Conversion of liquid feeds a t  n o r m a l  s torage  t e m p e r a t u r e  into pyro lys i s  prod-  
ucts  a t  1400"-1500"F r e q u i r e s  appr,oximately 1500-2000 Btu p e r  pound, which in- 
cludes sensible  h e a t ,  h e a t  of vaporizat ion,  and endothermic h e a t  of reac t ion .  The 
methods of supplying this h e a t ,  and the maintenance of continuity of operat ion under 
conditions leading to the format ion  of coke and pi tch,  a r e  the b a s i c  process ing  prob-  
l e m s  which have led to the development of the var ious  pyrolysis  p r o c e s s e s  s u m m a -  
r ized  in Table  4 and d iscussed  below in g r e a t e r  detail .  

Cyclic Pyro lys is  P r o c e  s s e s 

Cyclic pyro lys i s  of d i s t i l l a te  and r e s i d u a l  oils in a n  a t m o s p h e r e  of s t e a m  at 
n e a r - a t m o s p h e r i c  p r e s s u r e s  unt i l  recent ly  was the only p r o c e s s  used commerc ia l ly  
to produce high-Btu gas f r o m  these feedstocks.  This  s i tuat ion ex is ted  because  man- 
ufactured gas  companies  a l r e a d y  had avai lable  c a r b u r e t e d  water  gas  s e t s  which 
could be  converted a t  m o d e r a t e  c o s t  to s e t s  capable of producing 1000 Btu/SCF g a s  
f r o m  pe t ro leum feedstocks.  
the t h e r m a l  capaci ty  of the s e t ,  and in considerable  s implif icat ion in operat ion 
through ult imate e l iminat ion of sol id-fuel  handling. 
m e n t  sol id  fuel  was used. 
economic r e a s o n s  and g r a t e s  w e r e  e i ther  removed o r  covered with a r e f r a c t o r y  
screen .  

Cyclic pyrolysis  p r o c e s s e s  for  converting dis t i l la te  and r e s i d u a l  pe t ro leum 
oils into high-Btu g a s ,  l ight a r o m a t i c s ,  t a r  and deposited coke a r e  conducted in r e -  
f rac tory- l ined  o r  -fi l led v e s s e l s .  
ing,  supplying p a r t  of the p r o c e s s  hea t  requi rements .  The r e m a i n d e r  of the hea t  to 
maintain the des i red  cracking t e m p e r a t u r e  (1300 "-1700°F) is supplied by the com-  
bustion of hea t  o i l  during the b l a s t  period. 
a make  per iod during which p r o c e s s  oi l  i s  introduced into the heated pyrolysis  zone,  
and finally a second s t e a m  purge and a b las t  purge.  
cycle  in a s y m m e t r i c a l  a r r a y  of v e s s e l s  allowing operat ion in e i ther  direct ion)  is  
usually 3 to 8 minutes ,  with about one-fourth to one-half of the t ime devoted to the 
make  per iod.  

If regenera t ive  heat ing of the b l a s t  a i r  and s t e a m  is  used ,  the t h e r m a l  effi- 
c iency of the p r o c e s s  m a y  be  a s  high a s  85 p e r c e n t  (including the h e a t  of combustion 
of l iquid byproducts).  
feed oil. 
labor .  
only because  of th i s ,  but. a l s o  because  the i r r e g u l a r  production a d v e r s e l y  affects  
marketabi l i ty .  

of ni t rogen and carbon dioxide formed during the b l a s t  purge p a r t  of the cycle.  
t h e r m o r e ,  depending on condensing condi t ions,  the a r o m a t i c  content of r a w  oi l  gas 
can be a s  high a s  5 volume percent .  

This  conversion resu l ted  in a subs tan t ia l  i n c r e a s e  in 

In s o m e  of the e a r l y  develop- 
Subsequently the use  of sol id  fuel  was discontinued for 

Deposited coke i s  burned off by  per iodic  air b las t -  

This  per iod i s  followed by a s t e a m  purge ,  

The length of a cycle  ( o r  half-  

Liquid byproducts consti tute up to 50 weight percent  of the 
Recovery of these products  r e q u i r e s  considerable  investment  in plant  and 

Consequently,  in peak load operat ion ne t  byproduct c r e d i t s  a r e  reduced not 

High-Btu oi l  g a s e s  produced in cyclic p r o c e s s e s  contain subs tan t ia l  quantit ies 
F u r -  

As a r e s u l t ,  combustion c h a r a c t e r i s t i c s  of such 
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SINGLE- BOT TOM SINGLE-GENERATOR TWIN-GENERATOR 

10 WASH BOX P R E M I U M  OIL P R O C E S S E S  TO W A S H  BOX 

BURNER SET SET SET 

TWIN-GENERATOR SET 
WITH BACKBLAST 

THREE- SHELL 
REGENERATIVE SET 

H E A V Y  O I L  P R O C E S S E S  

H A L L  
REGENERATIVE S E l  

Figure  3.-BASIC CARBURETED WATER GAS SET ( T O P ) ,  AND 
TYPICAL CONVERSIONS TO HIGH-BTU OIL GAS OPERATION 
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B L A S T  P R O D U C T S  TO A T M O S P H E R E  
TACK VALVE 

HIGH-BTU OIL G A S  

R E L I E F  HOLDER 

B L A S T  PRODUCTS TO 
W A S T E  H E A T  B O I L E R  TO WASH BOX A N D  

PROCESS OIL A N D  PROCESS OIL  AND 
HEAT OIL  BURNER HEAT OIL  BURNER 
(MAY B E  SEPARATE (MAY BE SEPARATE 
OR COMBINE OR COMBINED) 

BURNER AIR 

REGENERA- REGENERA- 
T l V E  AIR TIVE AIR 

,' DIRECTIONAL 
STEAM 3-WAY VALVE S i E A M  

Figure  4.-HALL HIGH-RTU OIL GAS PROCESS TWO-SHELL SET 
( G a s  Machincry  Company) 
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high-Btu oi l  g a s e s  d i f fe r  rad ica l ly  f r o m  those of n a t u r a l  g a s ,  which normally has\ 
much lower spec i f ic  grav i ty  and c o n s i s t s  p r i m a r i l y  of the slow burning paraff ins ,  
methane and ethane. Oil  g a s e s  tend to f lash  back  because  of the i r  higher burning: 
veloci t ies ,  and to produce luminous f lames  because  of their  high content of unsatt, 
ra ted  hydrocarbons.  Scrubbing with absorpt ion oi l  to remove  low molecular  weig 
a r o m a t i c s  ( l ight  oil)  reduces  yellow-tipping. 
duced in conventional cycl ic  pyrolysis  p r o c e s s e s  a r e  not  substi tuted for  na tura l  g! 
in concentrat ions above 50 volume percent .  

I 

In genera l ,  high-Btu oil  gases p r o -  

The  major  types of converted high-Btu o i l  gas  s e t s  which have been used  

The s i n g l e - g e n e r a t o r  s e t  consis t ing of two she l l s  - t h e  oil  gas generator  
and the s u p e r h e a t e r ;  . I  

The s ingle ,  bo t tom b u r n e r - f i r e d  s e t  consis t ing of th ree  she l l s  - the  combus, 
tion c h a m b e r ,  the oil  gas  g e n e r a t o r ,  and the s u p e r h e a t e r ;  

The twin-genera tor  s e t  consis t ing of t h r e e  she l l s  - t h e  two oil  gas  generato: 
and a s u p e r h e a t e r ,  i 

a)  without backblas t ,  and 
b) with backblas t ;  

! 
The t h r e e - s h e l l  regenera t ive  s e t  consis t ing of a r e g e n e r a t o r ,  a genera tor ,  ' 
and a s u p e r h e a t e r ;  and ' ' ,I 

The Hal l  regenera t ive  s e t ,  consis t ing of four  she l l s  - two genera tors  and twl 
superhea ters .  / 

Schematic  d i a g r a m s  of representa t ive  examples  of these  var ious types of s 
conversion a r e  shown in F i g .  3 .  

Single- and twin-genera tor  units a r e  p r i m a r i l y  sui ted for  operat ion wi th  diq 
t i l late oils .  
have substant ia l ly  g r e a t e r  gas-making  capaci ty  a n d  can  be adapted to res idua l  o i l  
operat ion by addition of genera tor  s t a c k s  and a backblast  (Fig.  3) to remove carbo: 
deposited in t h e  g e n e r a t o r s .  
sa t i s fac tory ,  and t h e r m a l  eff ic iencies  a r e  re la t ively low because  sensible  heat i s  
los t  through the g e n e r a t o r  s t a c k s ,  thereby  increas ing  the heat  oil  requirements .  TI 
t h r e e - s h e l l  regenera t ive  s e t  design a l s o  a p p e a r s  to  have l imited flexibil i ty in r e g a r  

Twin-genera tor  uni ts ,  al though requi r ing  a m o r e  cost ly 'conversion,  

However ,  operat ion on Bunker  "C" o i l  i s  not ent i re ly  

to feedstock quality.  I' 

In c o n t r a s t ,  the  Hal l  high-Btu o i l  gas  p r o c e s s ,  which is completely regenera 
t ive,  has operated w e l l  at high t h e r m a l  eff ic iencies  on res idua l  oi ls  with 13 percen  
Conradson carbon r e s i d u e ,  and has  gained wides t  acceptance  f o r  winter  base load 
operation with low-cos t  oils .  Both new and converted units of the or iginal  four -sh  ) 
design,  a s  wel l  as newly cons t ruc ted  units of two-shel l  design ( F i g .  4), were  put ink 
s e r v i c e  in many locat ions and have been used to provide s ignif icant  quantities of ba 
load,  winter base  load ,  o r  peak shaving gas .  / \  
Table 5. Many Hal l  high-Btu oi l  gas p r o c e s s  designs in addition to that depicted ini 
Fig.  4 a r e  avai lable  s u c h  a s  those developed by the Koppers Company, the Semet-  '' 
Solvay Divisiori of Allied Chemical  Corporat ion,  Ibing/Ibeg,  e t c .  A new s e t  design 
with clean r e g e n e r a t o r s  and capable of handling even the heavies t  feedstock without, 
smoke  formation has  been developed to a l a r g e  pilot  plant sca le  by the Institute of 
Gas  Technology but  h a s  not ye t  found c o m m e r c i a l  use. 

5 

2 
Typical  operat ing data  a r e  given in 

Successfu l  high-Btu oi l  gas  operat ion with low-grade res idua l  oi ls  was a l s o  
achieved in par t ia l ly  and fully regenera t ive ,  upright  "U", twin-shel l  Pacif ic  Coast 
oil  gas  sets or iginal ly  designed for  low-Btu oil  gas (town gas)  producthon and bypro,  
duct lampblack recovery .  The Pacif ic  Coast  oil  g a s  p r o c e s s  opera tes  a t  much bight 
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CYCLONES 

REGENERATOR fi 

Figure  5.-SIMPLIFIED FLOW DIAGRAM 

( F r o m  Refe rence  55) 
O F  FLUID-BED PILOT UNIT 
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Figure  6.-FLOW DIAGRAM O F  I 
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(Surface Combustion Corporation) [ 
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pyrolysis  s e v e r i t i e s  than the high-Btu o i l  gas  p r o c e s s ,  which i s  respons ib le  f o r  the 
lampblack format ion  and the low product  gas heating value.  It i s  now obsolete in 
the U.S. However ,  t h r e e  new Pac i f ic  Coas t  ( Jones)  type o i l  gas  s e t s  were  built  for  
town g a s ,  t a r  and lampblack production in the U. K. a f t e r  World W a r  I1 and a r e  op- 
e ra t ing  sa t i s fac tor i ly  on med ium grade  fuel  oil. 

Btu recover ies  on a weight b a s i s  f r o m  Table  2 can be used d i rec t ly  to es t i -  
mate  re la t ive s e t  capaci t ies  a s  a function of o i l  p r o p e r t i e s  where hea t  s t o r a g e  c a -  
pacity is the l imiting f a c t o r ,  on the assumpt ion  that  the  h e a t  requi rements  for  c rack-  
ing a unit weight of o i l  do not v a r y  s ignif icant ly  with C /H weight ra t io .  

A good approximation f o r  coke o r  carbon depbsi t ion is given by the expres-  

W t  % deposited coke = wt % Conradson carbon res idue  plus  a constant  
s ion : 

The value of the constant  i s  usual ly  taken a s  3 weight percent ,  but m u s t  be increased  
when the t rue  oi l  gas  heating value falls below 1200 Btu /SCF,  to account  for g r e a t e r  
coke formation and retent ion of pi tch in the s e t .  With the computed value f o r  depos-  
ited coke, the yield of liquid products  can  be e s t i m a t e d  f r o m  the to ta l  nongaseous 
product  yields given in Table  2. 

Heat  oil requi rements  depend on the quantity of coke deposi ted,  the efficiency 
of uti l ization of deposited carbon,  and the efficiency of hea t  r e c o v e r y  f r o m  effluent 
p r o c e s s  s t r e a m s .  
par t ia l ly  o r  nonregenerat ive s e t s .  
in the s ize  of the se t .  The h e a t  .oil requi red  m a y  be es t imated  by a s s u m i n g  a n  a v e r -  
age hea t  requi rement  of 1800.Btu p e r  pound of make oi l ,  a t h e r m a l  efficiency of uti-  
l izing hea t  o i l  and deposited coke of 60 p e r c e n t ,  and a hea t  of combustion of depos-  
ited coke of 16,000 Btu p e r  pound: 

Ful ly  regenera t ive  s e t s  r e q u i r e  substant ia l ly  l e s s  hea t  oil  than 
Heat  oi l  requi rements  a l s o  d e c r e a s e  with increase  

H S 3 h  r e q u i r e m e n t ,  MBtu/MMBtu of make gas  = 

3000-( 160)(weight p e r c e n t  deposi ted coke) 
Btu r e c o v e r y ,  MBtu p e r  pound of make  o i l  

On the bas i s  of this e x p r e s s i o n ,  a t  a total  coke deposit ion of approximately 19 weight 
percent  ( a  Conradson carbon res idue  of approximate ly  16 weight p e r c e n t ) ,  no heat  
oil would be required in typical  high-Btu operat ion.  

Continuous P y r o l y s i s  P r o c e  s s e s  

A. Fluid-Bed Cracking 

Oi l  gas  can be produced in  fluid-bed pyro lys i s  units similar to  the fluid c a t -  
a lyt ic  cracking equipment  used in the o i l  industry.  
F ig .  5 ,  o i l  i s  contacted with hot, finely divided solid p a r t i c l e s , ( h e a t  t r a n s f e r  medium) 
in a bed maintained in the fluidized s t a t e  by a n  upward flow of s t e a m  and oi l  vapors .  
Pyro lys i s  on the s u r f a c e  of the hot so l ids  yields  the n o r m a l  dis t r ibut ion of gaseous 
and nongaseous products ,  with coke being deposited on the sol ids .  The vapor-phase 
pyrolysis  products  a r e  withdrawn f r o m  the genera tor  v e s s e l  overhead and passed 
through condensation and separa t ion  equipment.  
ously t r a n s f e r r e d  frurri the react ion zone to a r e g e n e r a t o r  vcssel located adjacent  to 
thc g c n e r a t o r ,  where deposited coke and supplemental  fuel  a r e  burned to r e h e a t  the 
sol ids  for feed oi l  vaporizat ion and pyro lys i s .  
solids a r e  re turned  to the genera tor  to be contacted with f r e s h  oi l  feed. Solids con- 
veyance between the two v e s s e l s  i s  accomplished pneumatical ly  o r  by gravi ty ,  o r  by 
a combination of these methods.  

As shown in the flow d i a g r a m ,  

Coke-covered so l ids  a r e  continu- 

T o  complete  the cyc le ,  regenera ted  

l 
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B. Thermofor  Pyro ly t i c  Cracking  

High- tempera ture  t h e r m a l  c racking  of r e s idua l  oils 'in a moving bed of 1 / 4 -  

I 
The hea t  t r a n s f e r  med ium used in one pilot  plant p r o c e s s  was  30-mesh  s i l ica  

gel ,  a t  circulation r a t e s  gene ra l ly  ranging f r o m  5 t o  20  pounds p e r  pound of feed oil. 
Other ma te r i a l s  which r e s i s t  a t t r i t i on ,  such, a s  g ranu la r  r e f r a c t o r i e s ,  s i l ica-alumina,  
and h igh- tempera ture  coke b r e e z e ,  a r e  sa t i s f ac to ry ,  s ince unlike in  the fluid p roc -  
e s s e s  used in r e f ine ry  ope ra t ions ,  the hea t  t r a n s f e r  solids a r e  not depended upon f o r  
any catalytic effect  at the e leva ted  t e m p e r a t u r e s  n e c e s s a r y  f o r  o i l  gasification. 

5 
I( 

' 

.! 
Distillate and p r e m i u m  res idua l  feedstocks can  be uti l ized in the fluid-bed , 

( gasification p rocess .  
velopment of the o i l  feed s y s t e m  to p reven t  agglomera t ion  of hea t  t r ans fe r  solids 
f r o m  excess ive  pitch and  coke format ion  at the point of oi l  introduction. 

The  use of low-grade r e s i d u a l  oi ls  would r equ i r e  further de -  

1 
Fluid-bed gasification h a s  the advantages  of continuous coke removal ,  and 

II continuous production of h igh-Btu  gas with no flue gas  dilution. High pyrolysis s e -  
ve r i t i e s  can be achieved at re la t ively low t empera tu re  levels ,  s ince  hea t  t r ans fe r  i s  
m o r e  rapid in a bed of h o t  f luidized sol ids  than on cyclically hea ted  s ta t ionary r e -  
f r ac to r i e s .  This p e r m i t s  the production of low specific grav i ty  o i l  gases  of g rea t e r  
substi tutabil i ty fo r  n a t u r a l  gas.  The absence  of cyclic t empera tu re  variations and 
l a r g e  t empera tu re  g rad ien t s  improves  p r o c e s s  control ,  and e l imina tes  pa r t i a l  ove r -  
c racking  and unde rc rack ing  typical  of cyclic operation. 

, 
, 
I 

I 

Operating r e s u l t s  a r e  equiva len t  to those  presented  in Table  3. Es t imates  of , i 
equipment costs  indicate that only v e r y  l a rge  fluid bed units would offer any savings 
ove r  conventional cyclic equipment.  
plant development by  Fa rbenfab r ik  Baye r ,  AG, has been  opera ted  on naphtha a t  r e l -  
a t ively mild py ro lys i s  s e v e r i t i e s  for  t he  production of ethylene,  propylene and C4 
olefins and butadiene. The  ful l -scale  p r o c e s s  is known a s  the Lurg i -Ruhrgas  Sand- 
c r a c k e r .  

A fu l l - sca l e  plant based on an ,ex tens ive  pilot 8 

i 
I 
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The T P C  process  has  the advantage of producing g a s e s  of good subst i tutabi l -  
ity because  of the s e v e r e  pyro lys i s  conditions which can be  maintained without by- 
product handling difficult ies,  and because dilution with high specif ic  grav i ty  combus - 
tion g a s e s  can be  minimized.  The composi t ions of the product  gases  a t  equivalent 
t rue  oi l  gas heating values  cor respond c lose ly  to those  shown in Table  3. 
diff icul t ies  in designing a fu l l - sca le  plant e x i s t  because feed o i l  i s  no t  readi ly  dis-  
t r ibuted over  the heat t r a n s f e r  medium,  due to  lack of turbulence.  Heat  t r a n s f e r  
between the moving bed and the hydrocarbon vapor  phase i s  be t te r  than in fixed r e -  
f r a c t o r y  cyclic opera t ion ,  but not a s  rapid a s  in fluid-bed operation. 

However,  

The economics of the T P C  p r o c e s s  a r e  highly dependent on byproduct  c red i t s .  
As a r e s u l t  of pitch r e m o v a l  during the pebble quench, the highly a r o m a t i c  liquid 
products  have a low viscosi ty  and a v e r y  low f r e e  carbon content. The coke produced 
f r o m  low ash-content  oi ls  wi l l  m e e t  the specif icat ions for  e lec t rode-grade  pe t ro leum 
coke. 

HYDROGENOLYSIS PROCESSES 

The concept of producing high heating value fuel  g a s e s  f r o m  hydrocarbon 
fuels  by p r e s s u r e  hydrogenolysis  was f i r s t  proposed by the Insti tute of Gas Tech-  
nology and the p r o c e s s  designated a s  hydrogasification. L a t e r ,  the B r i t i s h  Gas Coun- 
c i l  a l s o  repor ted  extensive work on the s a m e  concept ,  al though employing a s o m e -  
what different  approach. Hydrogasif icat ion involves pyro lys i s  in a n  environment  r i c h  
in hydrogen and preferab ly  a t  supera tmospher ic  p r e s s u r e  to achieve the following a d -  

Total  gas formation i s  increased  by  suppress ion  of ne t  hydrogen produc-  
tion f r o m  the hydrocarbon feed,  even at a tmospher ic  p r e s s u r e ,  with a t -  
tendant reduct ion of formation of nongaseous products ,  including coke 
and carbon.  

The ra t io  of gaseous paraff ins  to olefins i s  increased ,  thereby  i n c r e a s -  
ing the subst i tutabi l i ty  of the product  gas  for  n a t u r a l  gas.  

Near ly  complete  conversion of low-boiling, low C/H ra t io  feedstocks 
to a high-methane content gas  can  be achieved by proper  ad jus tment  
of hydrogen/oi l  feed ra t io  and reac t ion  t ime in  the usua l  reac t ion  t e m -  
p e r a t u r e  range for  pyrolysis  and a t  re la t ively modera te  p r e s s u r e s .  

P r o c e s s e s  can be designed for  continuous operat ion with m i n i m u m  by- 
product formation for  a wide range  of hydrocarbon fuels.  

In Table 6,  the var ious  hydrogenolysis p r o c e s s e s  a r e  s u m m a r i z e d .  Except  
f o r  the Gas Recycle Hydrogenation (GRH) p r o c e s s ,  none of the continuous p r o c e s s e s  
have been commerc ia l ized ,  although i n t e r e s t  is  g r e a t  in a r e a s  with a l a r g e  supply of 
low-cost  naphtha and a need for  supplementing n a t u r a l  g a s  supplies.  The oldest  hy-  
drogenolys is .process  is carbure t ion  of water  gas  t o - i n c r e a s e  i ts  heat ing value to 
town gas specifications.  
hydrogen-r ich  gas leaving the solid fuel  bed ( a  mixture  of hydrogen,  carbon monox- 
i d c ,  and s o m e  carbon dioxide and undecomposed s team)  a t  essent ia l ly  a tmospher ic  
p r e s s u r e .  Even under these condi t ions,  t h e r e  i s  a substant ia l ly  h igher  yield of g a s -  
eous hydrocarbons than in the equivalent cyclic high-Btu oil  gas p r o c e s s  in which 
t h c r c  is no hydrogen-r ich  c a r r i e r  gas  present .  
water  gas  process  e l iminat ing the need for solid fuel  a s  a s o u r c e  of hydrogen-r ich  
c a r r i e r  gas developed to a l a r g e  pilot  plant sca le  by the Insti tute of Gas  Technology 
but,  aga in ,  this p r o c e s s  has  not  been commerc ia l ized .  

In this cycl ic  p r o c e s s  the make oi l  is' introduced into the hot 

A modification of the carbure ted  

The nature  of the var ious  p r o c e s s e s  for continuous hydrogenolysis  is  bes t  il- 
lus t ra ted  by Tables  7, 8 , a n d  9 based on pilot plant operat ion with tubulbr empty  r e -  
a c t o r s  o r  with a circulat ing fluidized coke bed. In Table 7 ,  operat ion with na tura l  
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Table 7.-SELECTED PROCESS DATA FROM PRESSURE 
GASIFICATION AND HYDROGASIFICATION O F  DISTILLATE 

FEEDSTOCKS 

* 1.3 

P r e s s u r e  P r e s s u r e  Gas  Recycle 
Gasi f ica t ion  Hydrogasification Hydrogenator 

( F r o m  Ref. 22 ! ( F r o m  Ref. 22 ( F r o m  Ref. 77 ) 
Heavy Kern-  Lieht 

Naohtha s ine  NaDIhtha Hydrocarbon Type 4 6  RVP Natura l  Gasohn- 
' A P I  ... . 
CIH Weight Ratio 
Disti l lat ion-End Point.  O F '  

OPERATING CONDITIONS 

Reaction Mass 
Reac tor  Tube Wall  

Average  Tcmp. 'F 
1303 
1535 

R e a c t o r  Pressure. p s ~ a  50. 8 
Residence Tlme. s e c  5. 20 

Hydrocarbon Feed. g a l / h r  47.55 
Hydrogen Feed. S C F / g a l a  _ -  

OPERATING RESULTS 

Hydrogen Reacted 
SCFIgal  _ _  

P r o d u c t  Gas Yleld, S C F l g a l  75. 54 

_ _  

Btu Recovery, Net,  MBtulgal \ 89.44 

Liquid Products ,  wt bob 24.2 

Na T h e r m a l  Recovery. 5' 
Mater ia l  Balance, 5 102.0 

79. 8 
PRODUCT GAS PROPERTIES 

Composition, male "'. 
Hydrogen 
Methane 
Ethane 
P r o p a n e  
Butanes  
Pentanes  -plus 
Ethylene 
Propylene  
Butenes 
Pentenes  
I .  )-Butadiene 
Cyclopentadiene 
Acetylene 
Benzene 
To 1 u e n e 
Carbon Dioxide 
S i t ropen  
Carbon %Ionoxide 

Total  

A s  Made 
Calculated 

As Made 
Calculated 

Heating Value. BtulSCF 

Specific Gravi ty ,  Ai r  = 1 

13. 8 
56. 3 

8. 1 
0. 2 
0. 1 

17. 0 
1. 6 
0.4 

0.4 
0. 1 

1. R 
0. 2 

T race  

-- 

_ _  
_ _  

- -  _ _  
m 

1184 
11x7 

0. 72 
0. 67 

88.7 
5. 0 
3 34 

1.104 
1591 

66. 5 

3. 64 

91.81 
_ _  

- _  _ _  
72. 52 

92.68 

21.3 

101.5 

82. 6 

11.9 
56. 5 

8. 1 
0. 1 
0. 2 

15. 8 
3. 5 
0. 2 
0. 1 

0. 2 
0. 5 
0. 5 
0. 2 
0. 1 
I .  3 

m 

_ _  

0. n 

_ _  

1278 
1196 

0.77 
0. 68 

1322 
1437 

70. 3 

4. 64 

49. 36 

60. 31 

26. 1 
43.2 

116. 96 

107. 76 
_ _  

101.1 

96. 7 

29.3 
43 .0  
IO. 7 
0. 3 
0. 3 
0. 2 

IO. 6 
2. 5 
0. 3 
0 . 1  
0. I 
0. I 
0. L 
1. 2 
0. 3 
0. z 
0. 6 

m 
ion9 

- -  

1060 

0.64 
0. 59 

61 .  I 43. I 
5. 75 6. 21 

3x9 527 

1316 1316 
1438 1439 

71 .5  71.4 

4. 29 3.95 

47.83 45. IO 
87.33 104.26 

34 .1  38.9 
39 .0  37.3 

133. 20 153. 37 

103.79 111. 17 

18.2 20.0 

100.6 ' 100. 5 

87.0 

40. 0 
34 .3  
11 .5  
0.4 
0. 1 

8. 7 
I .  6 
0. 5 

0. 2 
0. I 
0. 2 
1 . 5  
0. 3 

T race  
0.6 

m 
992 
973 

0. 54 
0. 53 

_ _  

_ _  

- -  

86.4 

42. 6 
30. 3 
12.5 
0.8 
0. I 

7. 8 
2. 5 
0. 6 
0. I 
0. 2 
0. 1 
0. 2 
I .  0 
0. L 

Trace  
I .  0 

m 
951 
96 1 

0. 51 
0. 52 

_ _  

_ _  

a Essentially 100% purc 
" 

c 
Weight percent  of Hydrocarbon Feed ,,,[ Ht of combust of prod. gas  - Ht of combust  of feed Hz 

Heat of combustion of feed oil 3 

69. 5 
5.,62 

3 24 

1337 

465  

_-  

- -  
88.9 

113.0 

75. 8 
70.1 

142.3 

100.8 

12 .2  
_ _  

88. 1 

22. 6 
'49.5 
21.2 

962 

0. 58 
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Table 8.-TYPICAL HYDROGASIFICATION TESTS O F  DISTILLATE 
AND UPGRADED CRUDE OILS 

(From Reference 85) 

F e e d  O i l  

011 Rate  
l b  C / h r  
lb  o i l / c u  ft  

r e a c t o r - h r  

a I lydrogen F e e d  Ratio 
::. of s t o i c h i o m e t r i c  

P r e s s u r e ,  p s i s  

T e m p e r a t u  e ,  'F b A \'e r a g e  
M a s i m u m  

Res idence  T i m e ,  s e c C  

Hydrogen Consumpt ion ,  

P r o d u c t  R e c o v e r y ,  wt 

S C F l g a l  o i l  

of oil+ H2 fed 

d 
Keros ine  

3.06 

24.7 

98. 0 
500 

1325 
1400 

51.0 

109 

103. 5 

Product  Dis t r ibu t ion ,  wt "1 

G a s  88.9 
Liquid 11.1 
Solid R e s i d u e  ni 1 

Product  Gas Yield,  
S C F / g a l  o i l  198 
S C F / c u  ft  r e a c t o r - h r  726.9 

Net T h e r m a l  R e c o v e r y ,  
90.4 

P r o d u c t  G a s  P r o p e r t i e s  
Composi t ion ,  m o l e  "; 

N - ! -  co + co, 
H2 
C E14 

Higher  P a r a f f i n s  
Olef ins  
Benzene  + T o l u e n e  

Tota l  

C2Ik 

Heating \'slue, 
B t u l S C F  

0. 8 
38 .8  
40. 3 
17. 1 
0. 5 
1 . 0  
1. 3 rn 
909 

Specific G r a v i t y  
b i r  = 1) 0.495 

0 "-360 " C  Fyaction' 
Prehydrogenated  

Diesele T a p a r i t o  
Oi l  C r u d e  

1. 50 1. 50 

12. 1 12. 1 

99.9 100.3 

1500 1500 

l Z 3 5  1505 
1395 1395 

301 319 

156 158 

101.7  97. 2 

93.2 91. 0 
6 .8  9. 0 
nil  nil  

21 1 205 
362.8 354. 2 

88. 9 80. 1 

0.4 0. 4 
23. 8 27. 2 
69. 7 66. 2 

5. 3 5 .4  
- -  0. 1 

0. 1 
0. 7 0. 7 

T E S T  m 
893 868 

-- 

0.482 0.466 

a Stoich iometr ic  f o r  comple te  convers ion  of C 

Dascd  on a v e r a g e  of t e m p e r a t u r e s  m e a s u r e d  a t  c e n t e r s  of t h r e e  equal 
zones  

B a s e d  on  d r y  product  gas  volume a t  r e a c t o r  p r e s s u r e  and a v e r a g e  
t e m i )  e r a  t u  r e  

H in feed oil  t o  CH, 

(I 44 .  L"AP1, C / H  6.11, 0. O?;, CCR 

37 .  3 ' A P I ,  C l l l  ..- 6. 39, 0. 05, CCR 
f 36 .5 'API ,  C / X  = 6.63, 0.07, CCR 

I 



Table 9.-HYDROGASIFICATION O F  PETROLEUM OlLS 
OVER FLUIDIZED COKE 

( F r o m  References 70 and 77 ) 

Feed Oil 
Heavy f 

Gas Oilc Crude OildCrude Oile Fue l  Oil 

Oil Rate 
lb C / h r  122 
lb o i l /cu  ft  r eac to r -h r  18. 7 

Hydrogen Feed  Ratioa 
% of s toichiometr ic  207 

P r e s s u r e ,  psig 4 70 

Tempera ture ,  " F  1436 

Hydrogen Consumgtion, 

Conversion, wt % C in  
SCF/U. S. gal o i l  119 

feed 
Gas 80. 7 
Liquid 19. 3 

Benzene 12.9 
Naphthalene 4.3 
Higher Aromatics  2.4 

Solid Residue 0. 0 

Product  Gas Yield, 
SCF/U. S. gal  oil 435 
SCF/cu  f t  reac tor  -hrb 11 75 

Net T h e r m a l  Recovery,  % 78.4 

Product  Gas P rope r t i e s  
Composition, mole yo 

Nz + CO + COZ + HZS 3. 20 
HZ 68.0 
Paraffins 

('n Hzn+ 2) 28.8 

Unsaturates  0.0 

Btu/SCF 559 
Heating Velue, 

1. 25 I 1  I 1  . 
lnCnHfn+z 

132 
25. 2 

163 

470 

14 54 

116 

1409- 

75.5 
22. 1 
10.0 
2. 8 
9. 3 
2.4 

357 
1256 

72. 0 

3. 15 
64.2 

32.4 

0. 25 

597 
1. 25 

1110 
25.6 

83 

725 
1382 

111 

80. 5 
25. 7 
11.5 

3. 9 
10.3 

2.4 

205 
731 

71. 5 

b 7. 5 
35.6 

56.9 
-- 

792 
1. 24 

101 
19. 3 

210 

470 

1445 
1391- 

127 

65.8 
29. 2 

9.5 
6.4 

13. 3 
5.0 

543 
1314 

63. 5 

2. 15 
75.15 

22.6 

0.1 

499 
1. 17 

a Stoichiometr ic  for  complete conversion of C+  H in  feed o i l  t o  C& 

' S C F  undefined 

38.6OAP1, C / H  = 6.46. 0.0% CCR 

33.2OAP1, C /H = 6.85, 5% CGR 

e 32.7"APII C /H = 6.84, 3.5% CCR 

16.4"API, C /H = 7.59, 11.0% CCR 
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r Z O N E  HIGH-TEMP 1-1 r Z O N E  INTERMEDIATE-TE 2 7  r-ZONE LOW-TEMP 3-1 

REFORMING AND FIRING PRESS.HYDROGAS16 PREHEAT AND VAPORIZATION 

TOTAL AMINE COOLER DUTY 
532 MMETU 
TOTAL AMINE CIRCULATION 
66,000 GAL 2 0  WT 7. MEA 

cot 
231.1 MCF 

F i g u r e  7.-PRODUCTION O F  l’000 MMBTU/HR OF NATURAL GAS SU&PLEMENTS 
FROM KO. 1 F U E L  OIL  BY IGT INTEGRAL PRESSURE 

HYDROGASIFICATION PROCESS 

i 
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gasoline,  with and. without hydrogen,  is f i r s t  compared  to i l lus t ra te  the t remendous 
e f f e c t  of hydrogen addition a t  p r e s s u r e s  of only 50 to  60 psig on this  low C/H ra t io  
and low-boiling feedstock. 
s tock a r e  completely el iminated by addi t ion of 60 S C F / g a l  of hydrogen at 4 to 5 s e c -  
onds residence t ime,  and gaseous olefins g r e a t l y  reduced.  With heavy naphtha and 
kerosene  at 50 to  60 p s i g  p r e s s u r e  and a r e s i d e n c e  t ime of about  4 seconds ,  about 
20 weight percent  of liquid products  a r e  formed a t  90-100 S C F / g a l  hydrogen addi-  
t ion,  but they a r e  valuable low-boiling a r o m a t i c s .  
of hydrogen,  gas  quali ty is f u r t h e r  improved and liquid products  a r e  reduced by 
about half .  
feedstocks a r e  essent ia l ly  the s a m e  at the s a m e  p r e s s u r e .  

Liquid products  ,of o v e r  20 weight percent  of the feed-  

At 450 psig and with 113 S C F / g a l  

IGT and G a s  Council  pi lot  plant  d a t a  f o r  the l ight and heavy naphtha-type 

In IGT'hydrogasification. pi lot  plant operat ion a t  p r e s s u r e s  of 500 to  1500 
ps ig ,  with feedstocks of up to 6.6 C / H  weight r a t i o  and negligible Conradson carbon 
res idue  (Table  8 ) ,  liquid products  w e r e  on the o r d e r  of 10 weight p e r c e n t ,  again 
most ly  low-boiling a r o m a t i c s .  
300 seconds and sufficiently high hydrogen to o i l  feed ra t ios  to m e e t  the s toichio-  
m e t r i c  requi rements  f o r  complete  convers ion  of the feedstock t o  methane ,  while 
s t i l l  maintaining product  gas  heating values  of n e a r l y  900 Btu/SCF.  
Council  f luidized coke bed hydrogenat ion pilot  plant ,  operat ion with feedstocks up to 
7.6 C / H  weight ra t io  and 11 p e r c e n t  Conradson carbon residue was feasible  (Table  9). 

This  was accomplished a t  res idence  t imes  of 50 to  

In  the G a s  

The basic' p roblem in commerc ia l iza t ion  of all of these hydrogasification 
p r o c e s s e s  i s  a n  economic s o u r c e  of hydrogen supply. When the IGT in tegra l  p r e s -  
s u r e  hydrogasifi.cation p r o c e s s  was  developed,  the catalyst  improvements  neces  - 
s a r y  to efficiently convert  the lower boiling liquid feedstocks to  hydrogen by ca ta -  
lytic s t e a m  reforming a t  supera tmospher ic  p r e s s u r e  had not ye t  been  achieved, so  
that the only p r a c t i c a l  s o u r c e  of h i g h - p r e s s u r e  hydrogen in a self-suff ic ient  plant  
was by catalytic s t e a m  reforming  of a port ion of purified product  ( r e c y c l e )  gas.  Such 
a s c h e m e  is  shown in Fig.  7. 

After I m p e r i a l  Chemical  Indus t r ies  (I. C.I.) developed i t s  s team-naphtha r e -  
forming  p r o c e s s ,  this became a p r e f e r r e d  s o u r c e  of hydrogen supply for .any  con-  
tinuous hydrogasification p r o c e s s  f o r  l ight d i s t i l l a tes ,  and this i s  the hydrogen 
s o u r c e  used for  the B r i t i s h  G a s  Council 's  GRH p r o c e s s ,  as shown in Fig.  8. 
ian t  of this p r o c e s s  has recent ly  been  announced by I.C.I. in which the hydrogas i f i -  
cation s t e p  is  not c a r r i e d  out in a n  empty  r e a c t o r  but in  presence  of a nickel  ca ta -  
lys t ;  the hydrogen supply i s ,  of c o u r s e ,  the I. C.I. s team-naphtha re forming  p r o c e s s .  
The flow shee t  for this approach  is given in  Fig.  9. 

A v a r -  

Final ly ,  the IGT h i g h - p r e s s u r e  hydrogasif icat ion p r o c e s s ,  which is designed 
to uti l ize high-boiling m a t e r i a l s  s u c h  a s  c rude  o i l s ,  approaches the problem of hy-  
drogen  supply e i ther  by re forming  of recyc led  product  g a s ,  o r  by p a r t i a l  oxidation 
of  a portion of the feed oil. 
noted that ,  in this p r o c e s s ,  the feedstock cannot be fed d i rec t ly  to the r e a c t o r  but 
m u s t  be prehydrogenated (hydrocracked)  over  cobal t  molybdate ca ta lys t ,  the r e -  
maining high-boiling m a t e r i a l s  m u s t  be s e p a r a t e d ,  and the dis t i l la te  f rac t ion ,  which 
is  equivalent to No. 2 d i e s e l  o i l ,  fed into the hydrogasif icat ion r e a c t o r .  
B r i t i s h  Gas Council v e r s i o n  of the hydrogasif icat ion p r o c e s s  f o r  high-boiling, high 
C / H  weight ra t io  feedstocks this i s ,  of c o u r s e ,  not n e c e s s a r y  s ince  the fluidized coke 
bed s e r v e s  to remove the pitch and coke f r o m  the r e a c t o r .  

These  s c h e m e s  a r e  shown in Fig. 10. It should b e  

In the 

In view of the advanced s ta te  of commerc ia l iza t ion  of the GRH p r o c e s s  com-  
bmed  with the I.C.I. s team-naphtha re forming  p r o c e s s  ( F i g .  8) ,  i t  should be d e -  
sc r ibed  in m o r e  detail .  .L ight  o r  heavy naphtha i s  f i r s t  vapor ized ,  mixed  with some 
recycled hydrogen and desulfur ized to l e s s  than 1 ppm of res idua l  su l fur  a t  a t e m -  
p e r a t u r e  of about 750°F using a hydrodesulfur izat ion ca ta lys t  (n icke l  molybdate), 
followed by Luxmasse  (alkal ine i ron  oxide) a n d / o r  zinc oxide. 
a b s o r b  the hydrogen sulfide formed in the hydrodesul fur izer  and m u s t  be discharged 
and replaced when they a r e  spent.  About 58  percent  of the naphtha vapor  i s  diver ted 

The l a t t e r  m a t e r i a l s  
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GAS - 

Figure  8.-SIMPLIFIED FLOW DIAGRAM O F  I. C.I. 
NAPHTHA REFORMING-GAS RECYCLE HYDROGENATION 

PLANT 

TO FUEL 
2200 L V W  XI PROCESS 

WPUW 11.500 LVHR 9300 LWHR HYDROGEN REC'CLE 
SECONDARY CONS AIR 16,MM SCF/HR 
PRIMARY COMB AIR 1 ;  7500F 

- .  

H20 11,400 LBMR 

Overal l  t h e r m a l  e f f i c i e n c y  . . . . . . . . . . . . . . . . . . . . . .  9 3 . 5 %  
Feedstock . . . . . . . . . . . . . . . . . . . . . . . . .  224,000 lb/day 
F u e l .  . . . . . . . . . . . . . . . . . . . . . . . . . . .  52,00Olb/day 
Softened boi ler  f e e d  w a t e r .  . . . . . . . . . . . . . . . . .  531,000 lb/day . 
Power ( a i r  cool ing  a s s u m e d )  . . . . . . . . . . . . . . . . . . .  3200 K W H  
CATALYST CHARGE 
Hydrodesul fur izer  (IC1 cata lyst  3 2 - 4 ) :  

(IC1 cata lyst  4 1 - 3 )  2 i O  C F  
R e f o r m e r s  (IC1 c a t a l y s t s  46-1  and 53-1)  ( tota l )  170  C F  
Shi f t  r e a c t o r  (IC1 cata lyst  1 5 - 4 )  801 C F  

dependent on s u l f u r  l e v e l  in naphtha 

i 

! 

Figure  9.-I.C.I. TOWN GAS PROCESS 



RUDE OIL 64,000 L0 IHR 

l b / h r  OUT lb /hr  - -  IN  
011 64,000 Product  Gas 35,000 
Steam 53,900 CO, 43,900 

Crude Aromat ics  5,330 
117'900 Oil for Reformer  F u e l  10,200 

Oil for Prehydrog. P r e h e a t  4,700 
Water 18,000 
Los s 770 

117,900 

- 

- 

STEAM 0500 L0 /HR CRUDE OIL 58.900 L0  /HR 

3620 L B I H R  

'1 
P P  ,- r -  

lb /hr  OUT l b / h r  - -  IN 

Oil  58,900 Product  Gas 35,000 
0 2  22,900 CO, 67,600 
Steam to P a r t i a l  Oxidation 8,500 Crude Aromat ics  3,620 
Steam to Shift  51,400 Carbon f r o m  P a r t i a l  Oxidation 680 

1 4 1  ,700 Water f rom P a r t i a l  Oxidation 4,800 
Water f rom Shift 25.700 
Oil f o r  Prehydrog. P r e h e a t  3,200 
Loss 1,100 

141.700 

- 

F i g u r e  10.-TWO FORMS O F  IGT HIGH-PRESSURE HYDROGASI$ICATION 
PROCESS 



68 

to the hydrogenator plant  while the r e m a i n d e r  i s  mixed with superheated s t e a m  in 
the ra t io  of about 4 lb s t e a m  p e r  lb  naphtha. 
1.C.I. p r o c e s s  r e f o r m i n g  furnace  where i t  is converted to  hydrogen,  carbon monox- 
ide,  methane and c a r b o n  dioxide. 
t e m p e r a t u r e  of about  1 3 8 0 " F ,  a t  p r e s s u r e s  of up to 400 psig.  They  a r e  f i r s t  cooled 
in a w a s t e  heat  boi ler  to ' about  660°F which is a convenient tempera ture  for cata-  
lyt ic  carbon monoxide conversion.  This  is c a r r i e d  out in  a single s tage with a con- 
ventional chromia-promoted  i ron  oxide ca ta lys t  s ince sufficient undecomposed s t e a m  
r e m a i n s  to give a reduct ion of carbon monoxide f r o m  10 percent  to 3 percent.  More 
hea t  is recovered  in a secondary  waste  hea t  boi ler  and this . is  followed by feedstock 

act ivated hot p o t a s s i u m  carbonate  absorpt ion sys tem.  
a heat ing value of  about  435 Btu/SCF and contains s o m e  78 percent  hydroger.. 

This  mixture  p a s s e s  to the tubular 

The gases  leaving the tubes a r e  normal ly  at a 
~ 

II 
!, 
, 
, 
i and w a t e r  preheat ing and  reduct ion of carbon dioxide content to 1.5 percent  in an 

At th i s  point,  the lean gas has  

The re forming  f u r n a c e  is f i red  with liquid naphtha and h e a t  i s  recovered  f r o m  
the flue gases  in  a s t e a m  s u p e r h e a t e r ,  b o i l e r ,  naphtha vapor izer  and combustion a i r ,  
p r e h e a t e r .  I 

The  lean g a s  f r o m  carbon dioxide r e m o v a l  is blended with naphtha vapor and ' 
enr ichment  t a k e s - p l a c e  in the GRH unit. The product  r i c h  g a s ,  a f te r  se rv ing  to p r e -  
hea t  the reac tan ts  in a n  exchanger ,  p a s s e s  through a was te  h e a t  boi ler  to a quench 
tower where  it i s  cooled and heavier  hydrocarbons condense.  The gas  remains  s a t -  
urated with benzene and this i s  then removed in a s tandard  oi l  scrubbing process .  i 

This  p r o c e s s  combination has  a l r e a d y  f o r m e d  the bas i s  f o r  the considerable  

1 number  of c o m m e r c i a l  plants  'which a r e  in operat ion o r  under  construct ion.  
a r e  a l l  designed to  produce town gas with a heating value of about 500 Btu/SCF. 
This  has  no s ignif icant  effect  on the design of the hydrogenator  s ince in these plants 
a port ion of the lean r e f o r m e d  gas bypasses  the hydrogenator  and is mixed again 
with the enriched s t r e a m  af te r  benzol h a s  been  removed.  A higher  proport ion of 
carbon dioxide is  a l s o  r e t u r n e d  in the bypassed gas s ince  this  i s  requi red  a s  a dilu- 
en t  for  specific grav i ty  cont ro l  in the f inal  gas  mixture .  
value obtained in  c o m m e r c i a l  operat ion s o  f a r  has  been 800 Btu/SCF a t  9 2  percent  
o v e r a l l  t h e r m a l  eff ic iency.  
plant d a t a ,  higher hea t ing  values can be achieved by the p r o p e r  combination of p r e s -  
s u r e ,  res idence  t ime and hydrogen to o i l  feed ra t io .  

They 

I 

, 

1 
The m a x i m u m  heating 

However ,  a s  noted in  the d iscuss ion  of var ious pilot 

I 
CATALYTIC STEAM REFORMING OR CRACKING PROCESSES 

These  p r o c e s s e s  involve the react ions of hydrocarbons with s t e a m  in the 
p r e s e n c e  of a ca ta lys t  - normal ly  nickel  containing - a t  t e m p e r a t u r e s  of 800" to 
1900°F.  
p e r a t n r e s  of 1 2 0 0 "  to 1 9 0 0 ° F :  

Carbon monoxide and hydrogen a r e  formed a s  the dominant products a t  t e m -  

t 
m 

C H t nHzO + n C O  t (n t z) H, n m  
I 

These  react ions a r e  highly endothermic (hea t  consuming) s o  that  the question of heat  
supply is a n  impor tan t  considerat ion in p r o c e s s  design. It i s  accomplished in three 
ways :  1 )  heat  is suppl ied continuously f r o m  an ex terna l  source  through alloy s tee l  
tubes containinc the c a t a l y s t ;  ' 2 )  hea t  i s  supplied cycl ical  by s torage  in the catalyst  
bed and r e f r a c t o r y  s h a p e s ;  3)  heat  i s  supplied by par t ia l  combustion through addi- 
tion of a i r  to the s team-hydrocarbon feed. A i r  addition i s  used both to supply a l l  of 
the hea t  requi rements  n o t  m e t  hy reac tan t  prehea t ,  o r  a s  a p a r t i a l  s o u r c e  of heat in 
both ex terna l ly  heated tube furnaces  o r  cycl ic  operation. 

, 

, 
1 

At t e m p e r a t u r e s  of 800"  to 1 0 0 0 " F ,  methane ,  carbon dioxide and hydrogen a r e  
the m a j o r  products .  F o r  example ,  with butane:  I 

I 
CdH10 + 2H7-O- 3CH.4 t COZ t Hz 



Table 10.-CATALYTIC STEAM REFORMING OR CRACKING PROCESSES 

Con1 inuous 
( w l h  f ixed b e d  01 high 
act ivi ty  n i c k e l  cata1y.t) 

R e a c t a n t  p r e h e a t  

C0"fl""O"S 
(wlfh h x c d  bed of low 
ac11v11y nickel  ealalynl) 

Partial combustron and 
reilctant p r e h e a t  

1 . 5 - 5 . 1  
0 

Bclow 3OO.F 
Below 0. L 

Contlnuovs 

high a c t ~ v x t y  nickel  'cata1y.d 

External ly  hea led  alloy tobci  

(with Ilxed bed of m e d i u m  to 

4 . 5 - 6 . 0  
0 

Beloa 42O.F 
Without a11 at htgh p r e s s u r e  

Below 0.0001 

4. 5-6.0 
0 

Below 42O.F 
Below 0.0001 

~~ 

With a i r  at low p r e s s u r e .  
Below 0. I 

Propane .  b u t a n r ,  natural 
gasoline. l ight a n d  heavy 
naphtha 

1200- 1900 
Atrnoephr r i c -450  

0 . 2 - 1 0  

Type. D e 8 u l f u r t z r d  p ropane ,  
butane. natural  gasoline. 
light and heavy naphtha 

P ropane .  butans.  n a t u r a l  
gs#olme.  light naphtha 

Proccss Cundnmn.  
T e m p e r a t u r e .  'F 

Resldcnce  Time ,  see 
Reactant F r e d a  

P I C . . " I L .  pmg 
800- 1000 

250-400 
0 . 5 - 1 5  

1400- I600 
A t m u s p h e r i c  

Below I 

0 . 1 - 2  
50-75 

Seam.  I b l l b  
Air .  S C F l l b  

1 - 3  2-6 
0-LO 

110- I LO 
H e a l  01 C a m b u t t o n  xn Product cas Due 

P r o d u c t s  
cas 

to Procra. Oil. 1. 

Heatrng Value. B t u I S C F  
Composi t ion 

Othe r  

C o m m e r c i a l  Processes (mcludxng 
related pelroch.nncalproc...e* 

1OO-L10 90 

600-800 
C K ,  H p  CO, 

None 

Catalytxc Rich Cas Process 
(Brit ish G a l  Counci l )  

250-350 
Hi. CO. COO CH,. Nz 

N O W  

C i r d l r r  Co.  Proreas, 1. C. 1. 
PIYC~BS, Surlace Combust iwn 
Co. P r a c ~ r a .  H e r c u l e s  P o w d r r  
c o .  process. Otto process. 
K l l n n e  Pruceia, M. W. Krl logg  
Co. Process. p lus  nmny o l h r r s  

Cont inuous 0. N.  I. A. - 
G. E. G. I Proccas. 
Compagnir C h l r a l e  de 
C a n s t r u c f i o n  d e  Fours-  
Dxstrrgaz Proccrs. Crandr 
Paroisrr f i ~ r  C r a c k i n g  P r o r ~ n a .  
Gal d e  Franc-  P-2 Proce.8 

PI101 Plant Procc.aes L o w  T e m p e r a t u r e  Steam R e  
(ICT) 

Table 1 0 ,  Cont.-CATALYTIC STEAM REFORMING OR CRACKING PROCESSES 
C y c l t c  

(wi th  f ixed bcd of low 
act ivi ty  nirkel  caia lyst )  

Cyrllc  
(with [>xed bed of low 
a c t i v i t y  n i c k e l  catalyst)  

Inlernrl ly  healed c a t a l y s t  
a n d  refractory 

4. 5-8.0 
0 - 1 2  

so Ilmlt 
so l l rn i t  

c y c l i c  
(with lucd bed of low a c t i v q  
n i c k e l  catalyst)  Reactor  Type 

Heat  Source 

F e e d s t a c k a  . ' 

I n t e r n a l l y  healed catalyst  
and refrar iury  

4 5 - 8 . 0  
0.12 

No llmlf 
N" I,",ll 

Internally heated catalyst. partial 
Combustion a n d  iea~tilnt preheat 

4 . 5 - 6 . 0  C I H  Weight Ratio  
C o n r a d w m  C a r b o n  Realdue. wt ?. 
D i i t i l l a t i o n  Ranee Bclow 42O.F 

No limit Sulfur. W I  7. 

Al l  p c t r v l c v m  feeds f r o m  
p r o p a n e  t o  bei fpr  grades 
of Bunker ' C fuel 0 1 1  

I NO- isnu 
AtrniBrpheric 

0 . 2 - 1  

1 - 3  

All  pefrcileunr feeds from 
p r o p a n e  1 0  beficr g r i d c s  
of B u n k e r  " C  fuel 0 1 ,  

1 300-1800 
A:mO.>ilclic 

J. 2 - 1  

1 - 3  

Propane .  butane.  natural gasolrne. 
l ight a n d  heavy naphtha 

Proces. Condit ions 
T e m p c r r t u t e .  * F  

R e e l d e n r e  Time.  BCC 

Reactant Feed.  

Prc,.ur.. p.xg 
1300-1800 

A t m o b p h e n c  
Below I 

Steam, I b l l b  
A i r .  S C F I l b  

1 - 3  
5 - 1 5  

Heat of Combu#tion I "  P r o d u c t  Cas Due 
10 Prorcr. 011. 7. hO-110 60-110 90-100 

P r o d u c t s  
Gas 

Heattng Value. BruISCF 
COrnpo.ltl0" 

300-500 
ci4. CJI.. 11'. co, co,. s, 
xons 

M i c r a - S i m p l r x  (MS) ur S t r l n  EL 
Roubaix P r u c e s s .  5. S. C. 1 O . G .  1 
and 0. G. 2 Processes. O t t o - C C l P  
Process. C a z  d e  ?ranee P-9 
Process.  Sllamit Indupa. P-3 
Process. Cyclrc  Catalytac Koppere 
Proce.. 

I 

I 
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This  overa l l  reac t ion  is essent ia l ly  thermal ly  n e u t r a l  a f t e r  p r e h e a t  of the reactants  
to  n e a r  the react ion t e m p e r a t u r e  and ,  t h e r e f o r e ,  not  l imited by hea t  t r a n s f e r  r a t e s .  

A bas ic  problem in catalyt ic  s t e a m  reforming  and cracking  is that the pyrol-  
ysys react ions d iscussed  in the preceding sect ion compete with the s t e a m - h y d r o c a r -  
bon react ions.  
higher  the Conradson carbon res idue  value,  the m o r e  difficult  it becomes to  convert  
the feedstock by  reac t ion  with s t e a m  because of i t s  i n c r e a s e d  tendency to undergo 
pyrolysis  side react ions leading to olefinic gaseous products ,  a r o m a t i c  liquid prod-  
ucts  and coke. This  can  be counteracted only to a l imited extent  by  u s e  of excess  
s t e a m  and the Bddition of air. 
and coke, in addition to reducing gas  yield and choking the r e a c t o r ,  a l s o  deactivate 
the catalyst  above and beyond deactivation by sulfur  poisoning. 
m i n e r a l  contaminants in the feedstock which genera l ly  act a s  ca ta lys t  poisons.  

Thus ,  the higher  the C/H r a t i o ,  the higher  the boiling range and the 

High molecular  weight liquid products  ( t a r  and pi tch) ,  

Another problem is  

In Table 10 a r e  s u m m a r i z e d  the var ious  p r o c e s s e s  developed to handle the 

The t e r m  reforming  is normal ly  applied to convers ion  of one gas  to 
problems of hea t  supply and feedstock proper t ies  in catalyt ic  s t e a m  reforming o r  
cracking.  
another ,  whereas  cracking r e f e r s  to conversion of liquid feedstock to gas.  All  of 
the p r o c e s s e s  a r e  in extensive c o m m e r c i a l  u s e ,  many  on a worldwide bas is .  In fac t ,  
the vas t  major i ty  of new manufactured gas plant construct ion falls within the gener -  
a l  category of catalyt ic  s t e a m  reforming  o r  cracking.  Inasmuch a s  this  presentat ion 
is concerned with gasification of pe t ro leum,  catalyt ic  steam reforming  of n a t u r a l  gas 
and re f inery  gas  is not included. However ,  p r o c e s s e s  for  these  feeds a r e  essent ia l ly  
the s a m e  a s  those for  propane and butane. 

Continuous Low-Tempera ture  S t e a m  Reforming o r  Cracking  
I 

This  process ' involves  the react ion of vaporized,  desulfur ized low-boiling 
feedstocks,  ranging f r o m  propane through heavy naphtha,  with 1 to 3 lb of s t e a m  
p e r  lb of hydrocarbon a t  supera tmospher ic  p r e s s u r c ,  p referab ly  250 to 400 psig;  
and a t  t e m p e r a t u r e s  of 800"  to 1000°F. A v e r y  act ive n icke l  ca ta lys t  is  required.  
An alkal i  p romoted ,  coprecipi ta ted nickel-alumina ca ta lys t  i s  used in the Br i t i sh  
Gas Council p r o c e s s  ( the Catalytic Rich G a s ,  o r  CR,G p r o c e s s )  and a ske le ta l  nickel-  
a lumina-aluminum ca ta lys t  i s  used in the IGT process .  The 600 to 800 Btu/SCF 
product  g a s e s ,  consis t ing of m o r e  than 50 percent  methane and l e s s e r  amounts  of hy-  
drogen and carbon dioxide,  can  be upgraded to 800 to 900 Btu/SCF by carbon dioxide 
removal .  N o  byproducts a r e  formed.  
in F igs .  11  and 12 for  a n  ideal ized feedstock - n o r m a l  hexane. 
s ch,eme, c losely approached in p r a c t i c e ,  i s  : 

Some of the p r o c e s s  fundamentals  a r e  shown 
The a s s u m e d  react ion 

C6H14 t 6H20- 6CO t 1 3H, ( t o  completion) 

2CO t 2H2 CHI t CO, ( i n  chemica l  equi l ibr ium) 

CO t HzO : C 0 2  t H, ( i n  chemica l  equi l ibr ium) 

F r o m  Fig.  1 1 ,  it  can be s e e n  that  i n c r e a s e s  in p r e s s u r e ,  d e c r e a s e s  in s t e a m -  
to-carbon feed r a t i o ,  and d e c r e a s e s  in t e m p e r a t u r e  a l l  i n c r e a s e  methane concentra-  
tions and de.crease hydrogen and carbon monoxide concentrat ions,  with relat ively 
little effect  on carbon dioxide concentrat ions.  Fig.  12 shows that  within the range of 
p r e f e r r e d  operat ing condi t ions,  the hea t  of reac t ion  changes f r o m  modera te ly  endo- 
t h e r m i c  to modera te ly  exothermic.  
methane formation a l s o  i n c r e a s e  the tendency toward exothermic i ty ,  including de - 
c r e a s e s  in feedstock C/H rat io .  

General ly ,  the s a m e  conditions that  increase  

In p r a c t i c e ,  min imum reac t ion  t e m p e r a t u r e s  a r e  s e t  by feeds ock react ivi ty  

Minimum s team-to-hydrocarbon feed ra t ios  a r e  de-  

t and catalyst  act ivi ty;  for e x a m p l e ,  operat ion with propane a t  t e m p e r a t u r e s  a s  low a s  
,750"F has been found feasible .  
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t e rmined  by the r e q u i r e m e n t  to prevent  the  formation of coke o r  o ther  high molecu- 
lar weight byproducts on  the  catalyst .  

Conversion r a t e s  a r e  ex t r eme ly  f a s t  and ,  as noted before, not significantly 
l imi ted  by hea t  t r a n s f e r  cons idera t ions  with the p r o p e r  ad jus tmen t  of r eac t an t  r a t io s ,  ;I 
p r ehea t ,  and opera t ing  t e m p e r a t u r e s  and p r e s s u r e s .  As shown in Table 11 ,  with the 
IGT ca ta lys t ,  s p a c e - t i m e  y ie lds  of 10,000 to 20,000 S C F / C F  ca ta lys t -hr  a r e  readily 
a t ta inable ,  about t e n  t i m e s  those typical in  h igh - t empera tu re  steam reforming and 
cracking. 

Continuous High-Tempera tu re  S team o r  Steam-Air  Reforming o r  Cracking 

Two 'bas i c  p r o c e s s  types ex i s t  h e r e ,  ne i ther  capable of producing utility gas 
d i r ec t ly  because the  hea t ing  va lues  a r e  too low: 
t e rna l ly  heated alloy tubes wi th  s t e a m ,  o r  s t e a m  and re la t ive ly  l i t t le  a i r ,  a t  p r e s -  
s u r e  leve ls  up to the l imi t s  of tube des ign  (no rma l ly  450 ps ig ) ,  and 2) reforming o r  
c racking  a t  a tmosphe r i c  p r e s s u r e  with steam and sufficient a i r  to make the opera- 
tion au to thermic .  
a r e .  widely commerc ia l i zed  (Tab le  10). 

1) r e fo rming  o r  cracking in ex-  

Both types  a r e  l imited to naphtha o r  lower boiling feedstocks and 

Nickel ca ta lys t s  of substantially lower ac t iv i ty  than r equ i r ed  in  low-temper-  
a t u r e  s t e a m  re fo rming  a re  used ,  although with the advent  of h igh -p res su re  alloy 
tube furnace  opera t ion ,  c a t a l y s t s ,  of increas ing  activity a r e  being developed to allow 
lowering of reac t ion  t e m p e r a t u r e s .  The I. C.I. s team-naphtha c racking  p r o c e s s  de- 
s c r ibed  in the sec t ion  on hydrogenolysis p r o c e s s e s  (F ig .  9 ) ,  a l s o  depends on a n  im-  
p roved ,  m o r e  ac t ive  c a t a l y s t  to' successfu l ly  handle the difficult p rob lem of high- 
p r e s s u r e  operation with a nongaseous feedstock. 

The  tube fu rnace  p r o c e s s ,  utilizing e i t h e r  na tu ra l  g a s ,  where available,  o r  
naphtha,  i f  of sufficiqntly low c o s t ,  i s  a m a j o r  s o u r c e  of ammonia  synthes is  gas  
( 3 / 4  hydrogen and 1 / 4  nitrogen).  In this  application, in addition t o  the steam reac -  
tion sec t ion ,  a s econdary  a i r  r e f o r m e r  is genera l ly  used to conve r t  m o s t  of the al- 
r eady  low methane content to  hydrogen and carbon oxides ,  and to en r i ch  the gas with 
nitrogen. Carbon monoxide is. t hen  catalytically converted t o  additional carbon di-  
oi:ide and hydrogen and the  ca rbon  dioxide removed by one of the regenera t ive  
scrubbing p r o c e s s e s .  

Many modern  town (450 t o  550 Btu/SCF) gas plants in areas  with economical 
suppl ies  of propane,  bu tane ,  and na tu ra l  o r  r e f ine ry  g a s ,  o r  of naphtha and one of 
the above high hea t ing  va lue  g a s e s ,  utilize p r e s s u r e  tube furnace  plants to produce 
about 300 B tu /SCF c a r r i e r  gas  a n d  then add high heating value g a s  (cold enr ich)  to 
the des i r ed  level. 
combust ion c h a r a c t e r i s t i c s  of the product  gas  with those  of the base  gas  (normally 
dcr ivcd f r o m  one of thc c o a l  gasification p rocesses )  while maintaining the lowest 
poss ib le  operating cost .  
so le te  coa l  gasification p r o c e s s e s ,  the p rob lem is still e s sen t i a l ly  the s a m e ,  i f  
cos t ly  appliance b u r n e r  ad jus tmen t  o r  conversion is to be kept  a t  a minimum. 

T o  opt imize th i s  type of opera t ion  r e q u i r e s  c lose  matching of the 

In c a s e  of complete r ep lacemen t  of g a s e s  produced by ob- 

Th i s  is the broad a r e a  of gas  interchangeabili ty (also exchangeabili ty o r  sub- 

In the context of g a s  manufacture ,  the ru les  
st i tutabil i ty) a l r e a d y  r e f e r r e d  to in the sec t ion  on pyro lys i s  a s  re la ted  to substi tu- 
tion of high-Btu o i l  g a s  fo r  n a t u r a l  gas .  
i o r  interchangeabili ty con t ro l  a r e  genera l ly :  

1) Ii technically and  economical ly  feas ib le ,  a t t empt  to duplicate the com-  
position of the b a s e  o r  bu rne r  adjustment  g a s .  

If complete  composi t ion matching i s  not f eas ib l e ,  a t t empt  to  doughly 
match heating va lue ,  spec i f ic  grav i ty  and f l ame  speed .  

2 )  
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Table 11. -LOW-TEMPERATURE STEAM REFORMING OF 
HYDROCARBONS WITH SKELETAL NICKEL 

CATALYST 
(Insti tute of Gas Technology) 

Propane 

FEED PROPERTIES 

"A PI -- 
Distillation Range, 'F - -  
C/H Weight Ratio 4.47 

Pressure, psig 355 
Reaction Temperature, "F 710 
Steam/Hydrocarbon Weight 
Ratio 2.59 

Hydrocarbon Space Velocity, 
lb/ C F  catalyst-hr 684 

OPERATING CONDITIONS 

OPERATING RESULTS 
Product Gas Composition, 
mole % 

NZ co 
co2 18. 8 
H2 10.6 

70.6 cH4 
Total m 

- -  
- -  

-- c6+ 

Product Gas Specific Gravity, 

Product Cas Heating Value, 
Btu/SCF 737 

Product Gas Yield, SCF/lb 27. 9 
Product Gas Space-Time Yield, 
SCF/CF catalyst -hr 19, 100 

Material Balance, wt % 106 
Heat of Combustion Recovery, 

SCRUBBED GAS PROPERTIES** 

(air = 1. 00) 0.685 

% ,  * 95 

Composition, mole % - -  -- N2 co 
co2 2. 0 
H2 12. 9 
cH4 

Total m 
Specific Gravity (air=l.  00) 0. 511 
Heating Value, Btu/SCF 889 

85. 1 -- c b  

Hexane 

- -  
- -  

5.11 

375 
839 

1. 84 

512 

0.4 
t r ace  

20. 8 
10. 5 
68. 3 

m 
-- 

0. 706 

7 14 
30. 2 

15,470 
102 

104 

0. 5 
t race 

2. 0 
13. 0 
84. 5 

m 
0. 514 

883 

-- 

Light Light 
Naphtha Kerosine 

70. 3 

5.42 
167-203 

355 
935 

2. 16 

328 

- -  
0. 2 

21. 5 
12.1 
66. 2 

I-FKT 
- -  

0. 705 

699 
31. 2 

10, 230 
101 

101 

- -  
0.2 
2.0 

15.1 
82. 7 - -  
m 
0. 508 

883 

48.8 

' 5.85 
361-445 

375 
846 

2.34 

23 1 

0. 1 
0.5 

24. 5 
21. 3 
53. 6 

trace m 
0.690 

604 
35. 3 

8, 140 
102 

99 

0. 1 
0. 6 
2. 0 

27. 7 
69. 6 

t race m 
0.442 

783 

eat of combustion of feed hydrocarbon 1 Heat of combustion of product gas * loo[A 

Calculated composition 
scrubbed product gas 

assumes 2 mole percent COZ present in ** 

I 
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3)  If this s t i l l  i s  not f e a s i b l e ,  maintain '  the c l o s e s t  possible  m a t c h  of Wobbe 
in,dex (heating value in  Btu/SCF divided by the square  r o o t  of the specif ic  
gravi ty  re la t ive to a i r )  and f lame speed.  

The Wobbe index is designed for  application t o  a tmospher ic  g a s  b u r n e r s ,  the 
m o s t  commonly used  type,  in which the p r i m a r y  combustion air i s  insp i ra ted  by the 
kinetic energy  of a fuel  gas  j e t  emanat ing f r o m  a small or i f ice .  In  s u c h  b u r n e r s ,  
the total  hea t  input o r  b u r n e r  p o r t  loading is  roughly proport ional  .to the Wobbe in- 
dex of the fuel  g a s ,  and the p r i m a r y  aera t ion  is  inverse ly  proport ional .  Together  
with the gas composi t ion,  the Wobbe index thus la rge ly  d e t e r m i n e s  the f l a m e  s tab i l -  
i ty:  
aera t ion ;  blow-off due to low f lame speed a n d / o r  high p o r t  loading; luminous and 
soot-producing f lames  due to a high content of hydrocarbons ,  p a r t i c u l a r l y  of higher  
molecular ,weight  and of nonparaffinic c h a r a c t e r ,  combined with high p o r t  loading 
and low p r i m a r y  aerat ion.  

f lashback.due to high f lame speed a n d / o r  low p o r t  loading and high p r i m a r y  

As applied to town gas  manufacture  by  continuous re forming  o r  c racking  with 
s t e a m  and a i r ,  the m o s t  c r i t i c a l  var iab le  is  the ra t io  of hydrogen,  with its low s p e -  
c i f ic  gravi ty  and high f lame s p e e d ,  to  i n e r t s  (n i t rogen  and carbon dioxide),  with the i r  
high specif ic  gravi ty  and diluent effect. 
"a i r  gas"  la rge ly  control  the Wobbe index and p e r m i t  c lose matching of burning c h a r -  
a c t e r i s t i c s  with any  b a s e  o r  ad jus tment  gas  in the town gas  category.  
m i c  p r o c e s s e s  which depend on air  addition to achieve the n e c e s s a r y  reac t ion  t e m -  
p e r a t u r e s  wi l l ,  of c o u r s e ,  produce g a s e s  with lower hydrogen and high i n e r t  contents.  
They wil l ,  t h e r e f o r e ,  have h igher  specif ic  grav i t ies  and lower  heating va lues ,  and 
will  requi re  m o r e  high heating value gas  addition. The lower i n t r i n s i c  f lame speed 
resul t ing f r o m  lower hydrogen content i s ,  however ,  counteracted by the h igher  p r i -  
m a r y  a e r a t i o n  which i n c r e a s e s  burning velocity up to about 100 p e r c e n t  p r i m a r y  
aerat ion.  

The re la t ive  amounts  of " s t e a m ,  gas"  and 

The au to ther -  

These  p r o c e s s e s  differ f r o m  the continuous p r o c e s s e s  in that  the endothermic 

In the continu- 
F u r t h e r ,  all of the cycl ic  

hea t  r e q u i r e m e n t s  a r e  m e t  in p a r t  by  hea t  s torage  in the catalyst  bed and the n icke l  
ca ta lys t  is al ternat ingly exposed t o  reducing and oxidizing conditions.  
ous p r o c e s s e s ,  the ca ta lys t  is  always in reduced condition. 
p r o c e s s e s  opera te  essent ia l ly  a t  a tmospher ic  p r e s s u r e .  
c ia l ized (Table  10) and ,  a s  of 1965, c o m p r i s e  the l a r g e s t  number  of manufactured 
gas instal la t ions uti l izing pe t ro leum feedstocks.  

They a r e  widely c o m m e r -  

T h e r e  a r e  two types ,  dist inguished by the use  of s t e a m  only dur ing  the make 
per iod ,  and by  the use  of both s t e a m  and a i r  (Table  10). The m o s t  widely used  types 
o f  the cyclic catalyt ic  s t e a m  reforming  o r  cracking p r o c e s s e s  a r e  the U.G.I. CCR 
p r o c e s s ,  the Segas p r o c e s s  and the O.N.I.A. -G.E.G.I. p rocess .  Typica l  s e t  configu- 
ra t ions f o r  these p r o c e s s e s  a r e  shown in F igs .  13 and 14. 
often regenera t ive  - that  i s ,  a port ion o f  the sens ib le  hea t  in the hot flue gas  leaving 
the ca ta lys t  bed during the air b las t  per iod ,  a s  wel l -as  of the hot  product  gas  and un- 
reac ted  s t e a m  leaving the ca ta lys t  bed during the make  per iod ,  i s  s t o r e d  in r e f r a c -  
to ry  shapes  to be given up l a t e r  to reac tan t  s t e a m  and combustion a i r .  This  is en-  
t i r e l y  analogous to  cyc l ic - regenera t ive  high-Btu o i l  gas  operat ion d i s c u s s e d  in the 
sect ion on pyro lys i s  p r o c e s s e s ,  except  that  much m o r e  s t e a m  is  used during the 
make period and s t e a m  is  a reac tan t  instead of j u s t  a diluent and sweep gas .  
nonrcgenerat ive appara tus  uses  a was te  h e a t e r  boi ler  f o r  h e a t  r e c o v e r y ,  and often 
a waste  hea t  bo i le r  i s  a l s o  used with regenera t ive  appara tus  ( F i g s .  1 3  and 14). 

These  p r o c e s s e s  a r e  

The 

The cyclic p r o c e s s e s  which use s t e a m  and a i r  during the m a k e  per iod a r e  
usual ly  s i m i l a r  in design to the nonregenerat ive O.N.I.A. -G.E.G.I. p r o c e s s  (F ig .  14) 
and a r e  l imited to the use o f  feedstocks in the propane through naphtha range.  They 
a r e  normal ly  used to produce only gases  in the 300 to 500 Btu /SCF range .  This  con-  
t r a s t s  with the cyclic re forming  and cracking p r o c e s s e s  using only s t e a m ,  which a r e  
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being used with the e n t i r e  range of pe t ro leum feedstocks to produce gases  f r o m  300 
t o  1000 Btu/SCF.  

r 
I t  is impor tan t  to note the fiinction of the catalyst  beyond that of s imple a c -  

ce le ra t ing  s team-hydrocarbon react ions.  
oxidation of the n icke l  r e l e a s e s  a substant ia l  amount  of h e a t :  

During the heating per iod of the cycle ,  the 

2 N i  t 0, + 2NiO t 1300 Btu/ lb  of nickel 

During the m a k e  per iod ,  the feed hydrocarbon reduces  the nickel  oxide in a 
s l ight ly  endothermic reac t ion :  

(2n t m/2) NiO t CnHm + (2n t m/2) Ni  t nCOz t 

(m/2) H20 -100 Btu/ lb  of nickel 

T h u s ,  the catalyst  becomes  a v e r y  effective h e a t  t r a n s f e r  and oxygen t r a n s f e r  medi- 
um. 
e s s e s  cont ro l  the f r e e  oxygen contacting the reduced  catalyst .  

Because of the v e r y  high h e a t  r e l e a s e  during nickel  oxidation, some of the proc-  

Cyclic opera t ion  al lows the use of sulfur-containing feedstocks a s  w e l l  a s  
feedstocks deposit ing coke and pitch.  Although the act ivi ty  of the catalyst  declines 
during each make p e r i o d ,  in e s s e n c e  changing the p r o c e s s  f r o m  s t e a m  reforming o r  
c racking  to s imple pyro lys i s  in e v e r y  cyc le ,  these contaminants  a r e  burned off during 
the subsequent hea t  per iod.  

I t  i s  apparent  that  the ca ta lys t  m u s t  be e x t r e m e l y  s table  to withstand sucbA 
r a d i c a l  t rea tment .  
supported by alumina i s  sp ine l  formation.  This is  readi ly  de te rmined  by the loss 01. i 
acid -soluble  nickel.  

The  m a j o r  cause  of permanent  act ivi ty  l o s s  ifor nickel  catalyst&% 

The co- impregnat ion  0f.a s m a l l  amount  of m a g n e s i u m  oxide with the nickel 
oxide has  been found to improve  the act ivi ty  and s tabi l i ty  of a lumina-supported ca t -  
a lys t s .  Magnes ia -suppor ted  nickel  ca ta lys t  does not  lose act ivi ty  due t o  sp ine l  f o r -  
mat ion ,  but ra ther  due to solid solution of nickel  oxide in magnesia .  Both types of 
act ivi ty  l o s s  a r e  a c c e l e r a t e d  by exposure to  excess ive  t e m p e r a t u r e s  ( s a y ,  1300°F 
o r  m o r e )  in an oxidizing a t m o s p h e r e .  

The United Gas  Improvement  Company cycl ic  catalytic reforming (CCR) proc-  
e s s  (F ig .  13) was or iginal ly  developed to convert  carbure ted  w a t e r  gas  s e t s  to  the 
production of c a r r i e r  gas  by placing in the f o r m e r  s u p e r h e a t e r  a bed of nickel  cata-  
lyst  on a r e f r a c t o r y  s u p p o r t ,  and by using the c a r b u r e t e r  as  a combustion chamber  
and p r o c e s s  s t e a m  s u p e r h e a t e r .  Natura l  gas o r  o ther  hydrocarbon fuels a r e  burned 
in the combustion c h a m b e r  to hea t  the r e f r a c t o r i e s  and the ca ta lys t  bed, and t o  r e -  
move deposited carbon and sulfur  compounds f r o m  the catalyst .  Heat f r o m  the b las t  
gas  is  recovered  in a w a s t e - h e a t  boiler.  In the subsequent make  per iod,  s t e a m  is  
superhea ted  by c h e c k e r b r i c k  a t  the bottom of the combustion c h a m b e r ,  and the proc-  
e s s  hydrocarbon is  introduced into the bottom connection between the combustion 
chamber  and thc ca ta lys t  chamber .  

Although this p r o c e s s  was or iginal ly  developed for  use  with n a t u r a l  gas  and 
L P G  to produce low heat ing value,  low specif ic  grav i ty ,  c a r r i e r  gases  sui table  for 
rc , - rnr ichment  xvith n a t u r a l  gas  o r  propane ,  in the p a s t  s e v e r a l  y e a r s  it h a s  been  
usctl with hydrocarbon feeds  of increas ing  molecular  weight,  and i s  a l so  sui table  for  
high-Btti gas  prodiiction a t  reduced operat ing tempera tures .  
low-Dtii gas production with kerosunc is shown in F ig .  13. 

Typical  operat ion for  

The Scgas p r o c e s s  was tlcvclopcd by the South E a s t e r n  Gas Board in G r e a t  
Br i ta in ,  and is s i m i l a r  to thc CCR p r o c e s s  and the F r e n c h  0.N.I.A.-G.a.G.1. p roc-  
C S S .  Original ly ,  l imc-bauxi te  o r  l imc-magnes i te  ca ta lys t s  w e r e  used instead of 
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suppor ted  m e t a l  ca t a lys t s .  
covery  in the c o m m e r c i a l  des igns  descr ibed  in  the l i t e r a tu re .  
and O.N.I.A. -G.E.G.I. p r o c e s s e s ,  the r eac t an t s  flow downward through the catalyst  
bed ,  whereas  in the CCR process  the flow i s  upward. 
a l l  of the th ree  cycl ic  catalyt ic  cracking p r o c e s s e s  employ the principle of process  
hydrocarbon introduction into superhea ted  s t e a m  a t  a point where  no d i r ec t  contact 
of feed hydrocarbon and catalyst  bed i s  possible .  

The Segas p r o c e s s  a l s o  uses  only regenera t ive  heat r e -  
F u r t h e r ,  in the Segas 

The m o s t  r ecen t  designs of 

When a c a r b u r e t e d  wa te r  gas s e t  is  conver ted  to the Segas p r o c e s s ,  the blue- 
gas genera tor  becomes  the s t e a m  p r e h e a t e r ,  the ca rbure to r  becomes  the catalyst  
chamber ,  and the supe rhea te r  becomes  the air  p rehea te r .  During the make  period, 
s t e a m  is superhea ted  in  the f i r s t  ves se l ,  oil  i s  introduced a t  the top of the f i r s t  and 
second v e s s e l s ,  and the c racked  products a r e  r egene ra t ed  in the a i r  p rehea te r  and 
then pass  through the washbox. 
carbon is burned off, and additional fuel i s  introduced in the bottom of the a i r  p re -  
heater .  The Segas and  O.N.I.A. -G.E.G.I. p r o c e s s e s  a r e  a l s o  capable of producing 
gases  ove r  the e n t i r e  range  of utility gas r equ i r emen t s .  Operating r e s u l t s  for  self-  
s teaming and r egene ra t ive  O.N.I.A. -G.E.G.I. plants typical  of a l l  of the cyclic cata-  
lytic s t e a m  cracking  p r o c e s s e s  a r e  given in Table 12. 

The b l a s t  is in  the r e v e r s e  direction. Deposited 

A typical cyclic catalytic re forming  o r  c racking  p r o c e s s  fo r  light dis t i l la tes ,  
employing both s t e a m  a n d  a i r  during the make  pe r iod ,  is the Micro-Simplex process .  
Many c o m m e r c i a l  instal la t ions of this p r o c e s s  have been  made  in France  and Eng- 
land. A typical  p roduct  gas analysis  fo r  light naph- 
tha operation i s  ( i n  v o l u m e  pe rcen t ) :  CO, = 3; H, = 43; N, = 17; CO = 20; 
CH, = 9; C,H6 = 1 ;  Olefins = 7 ;  heating value = 450 Btu /SCF;  specific gravity 
( a i r  = 1) = 0.57. 

The cycle i s  shown in Fig.  15. 

PARTIAL COMBUSTION PROCESSES 

Two types of p a r t i a l  combustion p r o c e s s e s  a r e  in commerc ia l  u se  (Table 13). 
In one,  a i r  is used a t  t e m p e r a t u r e s  below 2000°F.  These  a r e  essent ia l ly  pyrolysis 
p r o c e s s e s  in  which the hea t  r equ i r emen t s  a r e  m e t  by  burning a portion of the feed, 
s o  that  the same feedstock p rope r t i e s  a r e  c r i t i c a l  a s  in pyro lys i s  and the same 'bas i c  
considerations apply. 
f teds tocks  boiling above butane and only p r e m i u m  (low C/H ra t io ,  negligible 
Conradson carbon r e s idue )  disti l late feedstocks can be used because of coke and pitch 
deposition problems.  

F o r  example ,  liquid a r o m a t i c  byproducts a r e  formed f r o m  

In the second type of p a r t i a l  combustion p r o c e s s e s ,  pe t ro leum feed is reac ted  
with oxygen in the p r e s e n c e  of s t e a m  a t  t e m p e r a t u r e s  of 2000" to 3000°F to fo rm hy-  
drogcn and carbon oxides .  

,, 
A genera l ized  reac t ion  cha rac t e r i z ing  this p rocess  i s :  

I 3CnHm t ( 2 n  - m/2) H20  t ( n  t m / 4 )  0, - 
11 

(2n  - m / 4 )  CO t m / 4  H2O t (n  - m / 4 )  CO, 

In this ve r s ion  of the p r o c e s s ,  feeds tock  p rope r t i e s  a r e  the l ea s t  cr i t ical .  
Gas  yields s t i l l  d e c r e a s e  a s  C /H rat io  i n c r e a s e s ,  s t e a m  requi rements  i nc rease  and 
there  is  a tendency f o r  i nc reased  carbon (lampblack) format ion .  However,  no basic 
changes in pa r t i a l  combustion p r o c e s s e s  employing oxygen need to be made  over the 
ent i re  range of poss ib le  pe t ro leum feeds tocks ,  which i s  in  s h a r p  cont ras t  with pyro l -  
y s i s ,  hydrogenolysis and catalytic s t e a m  reforming  o r  c racking  p rocesses .  

ammonia  a n d  o ther  synthes is  gases  f r o m  feedstocks ranging f r o m  methane to Bunker 
"C" f u e l  oi l  (Table  1 3 ) .  The Koppers -Totzek  p r o c e s s  opera tes  at a tmospher ic  p r e s -  

T h r e e  oxygen p r o c e s s e s  a r e  in wide c o m m e r c i a l  use for  the production of 
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Table 14.-PARTIAL COMBUSTION O F  PROPANE IN 
A KOPPERS-HASCHE REFORMER 

( F r o m  Reference 145) 

Make Gas  Heating 
Value, Btu /SCF 

Make Gas Composition, 
vol % 

COZ 

CZHZ 
c3 + 
CZH4 

0 2  

co 
HZ 

cH4 
C3H8 

NZ 
Make Gas Specific Gravity, 

A i r /P ropane  Feed  Ratio 

Average Combustion Zone 
Temperature,  F 

Therma l  Recovery, % 

air = 1 

590 - 

2. 1 

0. 7 

2.2 

12.8 

1.8 

6.0 

8.7 

12.3 

5.9 

47.5 

0. 89 

2.3 

1550 

92 

680 - 

2. 0 

0. 3 

4. 0 

12.9 

1.7 

5.0 

7. 1 

12.5 

8. 2 
46. 3 

0.93 

1.9 

1490 

93 

785 - 890 - 

1.4 1.0 

0.2 0. 2 

6. 1 ,  7.4 

12.6 12. 1 

1 . 7  1. 7 

4.4 3.9 

6.4 5. 9 

12.2 11.7 

11.0 14. 5 

44.0 41.6 

0.97 1.01 

1.6 1.4 

1430 1370 

94 95 

HP STEAM SURPLUS - 
\'  '1 

COOLER- 
PROWCT GAS 

SEPARATOR 

ON 

OIL BOILER FEED WATER 

991 - 

0. 7 

0 .2  

7.6 

11.5 

1.7 

3.6 

5.5 
11.0 

19.2 

39.0 

1. 04 

1.2 

1310 

96 

1091 - 

0.7 
0.2 

7.5 
10.7 

1.7 

3.3 

5.2 

10.2 

24.2 

36.3 

1. 07 

1 .1  

1250 

96. 7 

F igu re  1 6.-BASIC SHELL GASIFICATION PROCESS FLOW DIA,GRAM 
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s u r e ;  the Texaco and Shel l  p a r t i a l  oxidation p r o c e s s e s  can  ope ra t e  a t , u p  to 600 psig. 
Only a single unit  of this type (Shell) is known to be  used  fo r  uti l i ty gas  manufacture.  
T h i s  plant is located i n  the U.K. and r e f ine ry  gas is used to cold en r i ch  the low Btu 
product  gas  to town gas  specif icat ions.  High inves tment  and operating cos t  have 
m a d e  these  p r o c e s s e s  non-competit ive f o r  utility gas manufacture with the p rocesses .  
d i scussed  in the preceding  sections.  .Typical operating data  fo r  a feedstock equiv- 
a l e n t  t o  a high-grade r e s i d u a l  fuel  oi l  and based on Texaco r e su l t s  have a l ready  been 
given in Fig.  10 a s  p a r t  of an  o v e r a l l  h igh -p res su re  hydrogasification scheme. A 
flow shee t  for  t he  v e r y  s i m i l a r  Shel l  p rocess  i s  given in Fig.  16. 

Seve ra l  continuous p a r t i a l  a i r  combustion p r o c e s s e s  a r e  s t i l l  in commerc ia l  
use  (Table  13), but they  a r e  now cons idered  obsolete because  of the infer ior  gas 
quali ty and higher liquid byproduct fo rma t ion  than with the var ious  catalytic a i r -  
s team-hydrocarbon gas  manufacturing p rocesses .  
t he r  development. 

The re  is l i t t le prospec t  f o r  fu r -  

T h e r e  i s ,  however ,  a cycl ic  p a r t i a l  a i r  combustion p rocess  that has found 
This is the Koppers-Hasche wide commerc ia l  use and  holds continuing interest .  

p r o c e s s  (Table 13) which i s  cha rac t e r i zed  by ve ry  low inves tment  cost  and s implic-  
i ty of operation. 

I t  is  a r egene ra t ive  p a r t i a l  combustion p r o c e s s  of high t h e r m a l  efficiency, in  
which a mix tu re  of hydroca rbon  gas over  vapor  and a i r  is fed in  sequence through a 
r e g e n e r a t o r ,  a combustion chamber ,  and a second r egene ra to r .  The regenera tor  
t i les  a r e  of a spec ia l  des ign  allowing high sensible  hea t  r ecove r i e s .  
v e r s e d  a f t e r  suitable in t e rva l s  to maintain min imum discharge  t empera tu res .  At 
p r e s e n t ,  the Koppers -Hasche  p r o c e s s  is p r i m a r i l y  used fo r  par t ia l -combust ion  r e -  
forming  of feedstocks ranging  f r o m  propane  t o  l ight naphtha,  to  500-700 Btu/SCF 
gases  of high specif ic  g rav i ty  which a r e  used to sup  lement  o r  rep lace  gases  pro-  
duced by l e s s  economica l  manufac tur ing  p r o c e s s e s  PTable 14). 

I ' 

i ' 
' 

The flow is r e -  

When the p a r t i a l  combustion cycle is  used to  produce 1000 Btu/SCF gases ,  
the high n i t rogen  content and the large percentage  of unconverted Cs-plus hydro- 
carbons  r e su l t s  in  specif ic  gravi t ies  of over  one and,  consequently,  low burne r  heat 
inputs. However,  a f t e r  cold en r i chmen t  with propane to about 1200 Btu /SCF,  the sub- 
st i tutabil i ty for na tu ra l  gas  has  been found to  be .h igher  than that of propane-a i r  gases  
of equa l  heating value. 
expe r imen ta l  opera t ion  by pyro lys i s  in the p re sence  of var ious  amounts of s t e a m ,  
with a conventional h e a t - m a k e  cycle s i m i l a r  to that used in the cyclic high-Btu oil  
gas p rocess .  

I 

Low specif ic  gravi ty ,  high-Btu g a s e s  have been produced in t' 

GAS PROCESSING 
/ 

In a l l  of the catalyt ic  s t e a m  o r  s t e a m - a i r  gasification p r o c e s s e s ,  and i n  the 
pa r t i a l  combustion p r o c e s s e s ,  substant ia l  amounts of highly toxic carbon monoxide 
a r e  formed.  
normal ly  below 3 to  5 volume pe rcen t  in the send-out  g a s ,  by the well-known cata-  

I, 
The ca rbon  monoxide concentration c a n  be lowered to  acceptable levels ,  f ' 

j ,  lytic carbon monoxide s h i f t  react ion:  

CO t HZO zz CO, t Hz 
\ 

With the s tandard  s u l f u r - r e s i s t a n t  chromia-promoted  i ron oxide catalyst ,  this r eac -  
tion proceeds  a t  space  veloci t ies  of 300-1000 S C F / C F  ca t a lys t -h r  a t  t empera tu res  
of 700"  to 850°F.  
ve r s ion  i s  favored  by e x c e s s  s t e a m ,  and by the lowest p rac t i ca l  t empera tu re  that 
allows reasonable approach  to equilibrium. 

!I 

An e x c e s s  of s t e a m  is requi red  to main ta in  catalyst  activity. Con- ' 
P r e s s u r e  has no effect. 

I 
Many pe t ro leum gasification p r o c e s s e s  now incorpora te  this reaction a s  an 

in t eg ra l  p rocess  s t e p ,  p a r t i c u l a r l y  when the exi t  gas  f r o m  the gasification s t e p  is a t  
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the p r o p e r  tempera ture  and contains suff ic ient  unreacted s t e a m ,  o r  c a n  be adjusted 
to this condition by w a t e r  o r  s t e a m  injection. N o  p r i o r  s u l f u r  r e m o v a l  i s  normal ly  
required.  

The carbon dioxide f o r m e d  i n  carbon monoxide conversion,  o r  excess ive-  con-  
centrat ions of carbon dioxide p r e s e n t  a s  the r e s u l t  of the gasification reac t ion ,  m a y  
be removed by a , n u m b e r  of regenera t ive  s.crubbing p r o c e s s e s  - monoethanolamine, 
hot carbonate ,  Rect isol  and others .  T h e s e - p r o c e s s e s ,  a l s o  r,emove hydrogen sulf ide,  
a m a j o r  and highly undesirable  contaminant of all fuel  gases  manufactured f r o m  
sulfur-bear ing pe t ro leum feedstocks.  A m o r e  common method f o r  hydrogen sulf ide 
removal  is with fixed beds of a lkal ized i ron  oxide on a sui table  support .  
pr,ocess and var ious select ive scrubbing p r o c e s s e s  a r e  a l s o  available.  

A fluid-bed 

. .  

Organic  sulfur  - m e r c a p t a n s ,  disulf ides ,  carbonyl  sulf ide,  carbon disulf ide,  
thiophene, etc.  - is  normal ly  not removed except  when sp'ecial  catalyt ic  process ing  
with nickel  o r  other  Group VI11 m e t a l  ca ta lys t  is requi red .  
dioxide and hydrogen 'sulfide) scrubbing p r o c e s s e s  noted above remove  var ious  p r o - .  
port ions-of  the organic  sulfur  compounds,  and the i r o n  oxide p r o c e s s e s  m a y  a l s o  be ' 

used to oxidize mercaptans  to the m o r e  e a s i l y  removed corresponding disulfides.  
P a r t i a l  r e m o v a l  of many  of the organic  sulfur  compounds is a l s o  accomplished by o i l  
sc rubbing ,  pract iced to r e c o v e r  the a r o m a t i c  light oil  content ( p r i m a r i l y  benzene,  I 

toluene and the.xylenes)  f r o m  gases  produced in many of the pe t ro leum gasification 
p r o c e s s e s .  
q u i r e s  passage  through act ivated carbon,  per iodical ly  regenera ted  with superhea ted  
s t e a m  o r  hot gases .  

The acid gas  (carbon 

However,  essent ia l ly-comple te  r e m o v a l  of organic  su l fur  usua,lly r e -  

In addition to carbon monoxide conversion,  two types of catalytic process ing  
of manufactured gases  a r e  becoming of increased  in te res t .  
of g a s e s  containing l a r g e  proport ions of olefins and diolefins a s  wel l  a s  hydrogen. 
This  p r o c e s s  was f i r s t  proposed by the Insti tute of G a s  Technology to  improve  the 
subst i tutabi l i ty  of such gases  for  n a t u r a l  gas by increas ing  the i r  proport ion of p a r a f -  
fins by such react ions a s :  

One i s  autohydrogenation 

, . 

CZH4 t Hz Z C,H, 

C3H6 t H Z =  C3H8 . .  ' 

Thkse proceed readi ly  over  act ive Group VI11 m e t a l  c a t a l y s t s ,  such a s  nickel  on 
kieselguhr  suppor t ,  a t  300" to 500°F and a t  p r e s s u r e s  f r o m  a tmospher ic  on up. 
is  underway in F r a n c e  and Italy to  put this p r o c e s s  into c o m m e r c i a l  operation. 

Work 

A s i m i l a r  catalyt ic  p r o c e s s  i s  methanation of carbon monoxide and hydrogen., 
common consti tuents of s t e a m  reforming o r  cracking and p a r t i a l  combustion proc-  
e s s e s .  This  react ion,  

CO t 3Hz= CH4 t HZO 

procecds rapidly over  highly act ive nickel  ca ta lys t  a t  650" to 900°F and is  favored by 
p r e s s u r e .  Feed  gas su l fur  content m u s t  be reduced to 0.1 ppm o r  l e s s  to avoid rapid 
ca ta lys t  deactivation. Methanation has  been cons idered  act ively a s  a means  f o r . m a n -  
ufactur'ing town gases  and na tura l  subs t i tu tes  f r o m  low heating value gases  for many 
y e a r s ,  although largely with coa l  a s  the bas ic  raw m a t e r i a l .  
1951, the Surface Combustion Company repor ted  pilot  plant resu l t s  on  a naphtha 
s t c a m  cracking-methanat ion p r o c e s s ,  s i m i l a r  to the ones now being act ively consid-  
e r e d  in Europe.  

H o w e v e r , , a s  e a r l y  a s  

. t  
. .  

I 
. .  
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PYROLYTIC GASIFICATION OF Nay Ca AND Mg BASE SPENT W I N G  LIQUORS 

Steven Prahacs 

Pulp and Paper Research, Institute of Canada 
570 St. John's Road, Pointe Claire, Quebec, Canada 

ABSTRACT 

One high temperature process presently being developed for pollution 
control and pulping chemical recovery is the Atomized Suspension Technique 
(AST). When this technique is applied to the treatment of spent pulping 
liquors under purely pyrolytic conditions, it offers the possibility of 
obtaining commercially significant quantities of by-product ammonia and 
methanol synthesis gases and certain unsaturated hydrocarbons from the lignin 
and other organics present in the spent liquors. 
pyrolytic experiments carried out in a 1' x 15' AST reactor with Nay Ca and 
Mg base spent liquors at 600 to 9CO C reactor wall temperatures and 5 - 45 
psig reactor pressures are described. .The data is examined primarily from the 
gasification point, of view, with particular attention to the influence of in- 
organic matter (the pulping base) on the product gas yields and compositions. 
A t  identical operating conditions, the Na base liquor gave the highest yields 
of synthesis gas, and the lowest yields of unsaturated hydrocarbons, while the 
Mg base liquor showed an opposite behaviour. 
intermediate yields of both products. 
liquor produced gas yields similar to the Na base material. The experimental 
results are compared to equilibrium data, and the effect of the various 
inorganic bases on the kinetics of the gasification reactions is discussed. 

Results of pilot scale 

The Ca base liquor produced 
Addition of Na2C03 to the Mg base 

I 



GASIFICATION OF COAL UNDER CONDITIONS SIMULATING STAGE 2 
OF THE BCR TWO-STAGE SUPER-PHESSm PROCESS 

R. A. Glenn, E. E. Donath, and R. J. Grace 

Bituminous Coal Research, Inc . 
Monroeville, Pennsylvania 

INTRODUCTION 

For the  production of pipel ine gas, c o a l  g a s i f i c a t i o n  processes operating 
a t  elevated pressure and a low gas exit temperature produce a raw gas with a 
high methane content; t h i s  in tu rn  leads t o  lower investment and operat ing 
cos t s  than f o r  processes t h a t  produce CO and 
do not  form s ign i f i can t  amounts of methane.(l, 2)* 
ca t ion  process using two react ion s tages  operat ing a t  70 atm pressure of fe rs  
promise f o r  high y ie lds  of methane and the  a b i l i t y  t o  process a l l  types of coal  
regardless  of caking proper t ies  o r  s i ze  cons is t .  

as the  p r i n c i p a l  products and 
An ent ra ined  c o a l  gas i f i -  

To achieve the  required rapid react ion i n  an ent ra ined  system, both a 
reac t ive  f u e l  and a means f o r  rapid heating a r e  necessary. 
t i o n  of bituminous coa l  o r  l i g n i t e  i s  such a f u e l  and to u t i l i z e  it properly 
f o r  generation of gas of a high methane content, a two-stage super-pressure 
process has been devised. In  t h i s  process,  heat  and "Stage 1" 
or synthesis  gas a re  generated in Stage 1 by gasifying recycle  char  under s lag-  
ging conditions with oxygen and steam. 
introduced i n t o  the  hot synthesis  gas i ssu ing  from Stage 1. 
thereby rap id ly  heated t o  react ion temperature of about 1750 F and p a r t i a l l y  
converted i n t o  gas with a high methane content, mainly by pyrolys is  of the  
v o l a t i l e  port ion of t he  coa l  by react ion with steam and Stage 1 gas.  
mate conversion i n t o  high Btu pipel ine gas, t he  combined gases laden w i t h  
unreacted char leave Stage 2 and pass successively through dus t  removal, s h i f t  
reac t ion ,  a c i d  gas removal and methanation s teps .  

The v o l a t i l e  por- 

(See Figure 1.) 

In Stage 2 f r e s h  c o a l  and steam a r e  
The f r e s h  coal  i s  

For u l t i -  

As the  process contains two s tages ,  i t  has two types of problems t h a t  
required fu r the r  study: 
the process. 
pheric  pressure has been done successful ly  on a commercial sca le . (3)  
ging gas i f ica t ion  a t  e levated pressure,  processes have been developed on .an 
experimental sca le  by various groups including the  Bureau of Mines in t he  
United S ta tes ,  and the Gas Council i n  England.(k) These inves t iga t ions  have 
shown t h a t  slagging coa l  gas i f ica t ion  a t  elevated pressure is  f eas ib l e  and t h a t  
development of a commercial process w i l l ,  except f o r  the  c o n t r o l  of meta l l ic  
I ron fonnation, be pr imari ly  a design problem. 

The f i r s t  per ta ins  t o  the  s lagging zone o r  Stage 1 of 
The production of gas by slagging g a s i f i c a t i o n  of c o a l  at atmos- 

For slag- 

This previous work' has a l s o  

* Numbers i n  parenthesis  r e f e r . t o  Li te ra ture  References l i s t e d  a t  end of 
paper- 

I 
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shown t h a t  meaningful r e s u l t s  can only be obtained by experimentation on a scale  
t h a t  Provides a minimum s lag  flow of 200 lb /hr ,  corresponding t o  a 1 ton/hr 
p i l o t  plant  using c o a l  with 10 percent ash. 

The second pertains t o  the "d i r ec t  methanation" zone, o r  Stage 2 Of the  
Process.  
v o l a t i l e  port ion of coa l  f o r  gas production, little information i s  avai lab le  
on the  Primary formation of methane d i r e c t l y  fram it. 

conducted t o  f i l l  the  gap i n  our knowledge concerning the rate of formation Of 
methane under conditions preva i l ing  i n  Stage 2 of t h i s  proposed tWO-Stage super- 
pressure process.  

Although various processes have been devised f o r  u t i l i z a t i o n  Of the  

This paper. reports  the  r e s u l t s  of laboratory-scale  research which has been 

In the  experimental s tud ies ,  t e s t s  have been made on t he  d i r e c t  Steam 
methanation of coa l  i n  two types of equipnent.  
i n  small rocking-type high-pressure autoclaves.  Continuous flow experiments 
have been made in a 1-inch reac tor ,  5 f t  long, under Stage 2 condi t ions using 
simulated Stage 1 gas. 

Tests in Batch Autoclaves 

Batch t e s t s  have been conducted 

In the batch s tudies  of the  d i r e c t  steam methanation of coal ,  dupl ica te  
autoclave systems were employed t o  obtain da ta  a s  rap id ly  as poss ib le  without 
delay f o r  cooling and reheating. One of t he  systems i s  s h a m  diagrammatically 
i n  Figure 2 .  
s t rength  a l loys ,  19-9 s t a i n l e s s  s t e e l  DL a l loy ,  t o  permit operation a t  temper- 
a tu re s  up t o  1500 F and pressures up t o  10,000 p s i .  The s p e c i a l l y  designed 75 
m l  auxi l ia ry  feed vesse l  provides means f o r  charging up t o  30 g coa l  as a 40 
weight percent s lu r ry .  
Figure 3 together  with an exploded view of the  feed v e s s e l  f i t t i n g s .  

Both the  feeder and reac tor  vessels  a r e  fabr ica ted  of super- 

A view of the  o v e r a l l  reac tor  assembly i s  shown in 

In a t y p i c a l  operation, a weighed charge of c o a l  s lu r ry ,  cons is t ing  of a 
mixture of 40 weight percent of minus 325 mesh c o a l  and 60 weight percent 
water w i t h  o r  without added sodium carbonate ca t a lys t ,  was i n j e c t e d  rapidly by 
means of hydraulic pressure i n t o  the  preheated, rocking autoclave containing a 
measured volume of nitrogen t r ace r  gas. 
steam and reacted with the  c o a l  forming methane and o ther  gases. 

The water i n  t h e  s l u r r y  f lashed  i n t o  

The gaseous react ion products were sampled on a spec i f ied  time schedule 
and analyzed by chromatography. After the system had cooled following the 
t e s t ,  the  res idua l  gases were co l lec ted  and the residues,  cons is t ing  mainly 
of carbon and ash, were removed, weighed, and analyzed. 

Tests  were made under control led,  but  widely varied, condi t ions.  The 
time of react ion was var ied frcm 2 t o  I20 minutes; the temperature from 730 C 
t o  770 C; the  pressure f rom 60 t o  350 atmospheres. The experimental  data and 
results a re  summarized i n  Tables 1 and 2. 

In Table 1, the d a t a  and r e su l t s  a r e  given f o r  those t e s t s  i n  which gas 
samples were taken only a t  t h e  end of the tests. 
r e s u l t s  a re  given f o r  those tests i n  which gas samples were taken a t  s t a t ed  

In Table 2, t he  d a t a  and 
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i n t e rva l s  during the test  as wel l  as a t  the  end. 
a d d i t i o n a l  in fomat ion  was obtained on the  e f f e c t s  of time on t h e  react ions.  

By t h i s  latter procedure, 

Tests  in Continuous Flow Reactor 

I n  the flow experiments under Stage 2 conditions using simulated Stage 1 
gas, a continuous flow reac tor  with a design capaci ty  of 5 lb/hr ,  a maximm 
operat ing temperature of 1800 F (loo0 C )  and a maximum working pressure Of 1500 
P s i  (100 a b )  was used. A schematic i l l u s t r a t i o n  of t h e  t o t a l  system Using 
Slur ry  feeding uf c o a l  is shown in Figure 4 and general  view of the  safe ty  s t d l  
and c o n t r o l  a rea  is shown in Figure 5. 

3-inch Outside diameter and a 1-inch ins ide  diameter (Figure 6 ) .  
operat ing conditions,  t he  r e a c t o r  volume of about 800 m l  provides for a resi- 
dence time of severa l  seconds. 
sec t ions  of the  r e a c t o r  furnace are independently cont ro l led  by temperature- 
recorder con t ro l l e r s  t h a t  regula te  sa turab le  core transformers.  
piston-type pump is used t o  feed the  s l u r r y  of c o a l  i n  water. 
Stage 1 gas, i . e . ,  simulated product gas f r o m  Stage 1, is fed  i n t o  the  s l u r r y  
stream at  the  discharge port of the p m p  t o  f a c i l i t a t e  t rouble- f ree  flow of 
t h e  s l u r r y  up the v e r t i c a l  l i n e s  i n t o  the preheater .  

preheater  i n t o  the  r e a c t o r  a t  a temperature of about 600 F. 
reac tor ,  the m i x t u r e  is ra i sed  t o  operat ing temperature i n  the  upper sec t ion ,  
o r  Zone 1, is reacted in t he  middle sect ion,  o r  Zone 2, and is cooled back 
down t o  about 1000 F in the lower sec t ion ,  or Zone 3, before leaving the  
reac tor .  

The 5-foot long r e a c t o r  is fabr ica ted  from Haynes 25 a l loy ,  and has a 
Under 

The preheater  furnace and each of t h e  th ree  

A metering 
Pressurized 

The Stage 1 gas-coal-superheated steam mixture is discharged from the  
Upon en ter ing  the 

The product gases, containing the f i n e l y  divided unreacted solids, are 
discharged from the  r e a c t o r  through a water-cooled condenser i n t o  a c a t c h p t  
where the  water condensate and solids are removed. From the  catchpot  the  gases 
a r e  f e d  through a pressure reducing valve t o  a wet test  meter for measurement 
and then on t o  s torage in a gas holder o r  venting t o  the  atmosphere. 

In t he  condenser, cool ing of t h e  gas and f lush ing  of the  s o l i d s  is f a c i l i -  
t a t e d  by in j ec t ion  of water a t  the  i n l e t  t o  t he  condenser a t  a cont ro l led  r a t e  . 
f r m  an a u x i l i a r y  high pressure metering pump. 

Sampling valves are located a t  the  downstream e x i t  of  the  condenser ahead 
of t he  catchpot. Gas leaves in a small stream t h a t  i s  withdrawn continuously 
from the system and monitored f o r  changes i n  composition by means of a thermal 
conduct ivi ty  meter; during predetermined in t e rva l s  samples are taken from t h i s  
stream f o r  chromatographic ana lys i s .  

Argon, added t o  the Stage 1 gas as a t r a c e r ,  i s  used t o  determine any 
changes in gas quant i ty  t h a t  occur during the test .  
of t h e  Stage 1 gas was as follows: 
carbon monoxide, 55 percent ;  and carbon dioxide,  17 percent .  

The approximate canposit ion 
hydrogen, 18 percent;  argon, 10 percent; 

Material  balances a re  es tab l i shed  using the  usua l  data obtained frm weight, 
flow, temperature, and pressure measurements; these  a r e  v e r i f i e d  by comparison 
with the  argon t r a c e r  data. 

I 
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Figure 5. View of Continuous Flow Reactor Safety Cubicle and 
Control Area (8008P59) 
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Figure 6. View of Top Zones of Continuous Flow Reactor with 
Electric Furnace Open for Inspection (8008P54) 
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To date,  tests have been made i n  t h e  flow r e a c t o r  using both bituminous 
c o a l  and l i g n i t e  over  a range of conditions approximating those which, at the 
moment, are considered optimum f o r  Stage 2 operat ions.  

Experiments w i t h  t h e  Pi t tsburgh seam coal  used i n  t h e  autoclave t e s t  
showed t h a t  it accumulated i n  the reac tor .  
operations were f a l s i f i e d  by t h e  char  present  i n  t h e  r e a c t o r  and r e s u l t e d  i n  
t o o  high apparent c o a l  conversion. 
small p a r t i c l e  s i z e  (3  microns) remedied t h i s  problem and t h e  reac tor  remained 
free of deposi ts  i n  tests of 12-18 durat ion.  
s i l i ca  lead t o  i r r e g u l a r l y  occurr ing and disappearing pressure buildups in the 
preheater  c o i l  and m a d e  a reduction of the c o a l  content i n  t h e  s l u r r y  necessary. 
This was e s p e c i a l l y  t h e  case when temperatures necessary t o  assure  complete 
vaporizat ion of t h e  water i n  t h e  s l u r r y  and t o  superheat t h e  steam were used i n  
t h e  preheater .  Nevertheless, s a t i s f a c t o r y  tests could be made. Concentrations 
of 20 percent l igni te  i n  s l u r r y  were used. 
s t a b i l i z i n g  the temperature, while feeding gas and water, t es t s  approaching one 
hour of coal  i n j e c t i o n  were made wi th  l i g n i t e .  
of s h o r t  durat ion r e l i a b l e  r e s u l t s  are obtained. The r e a c t o r  i n  a l l  cases was 
p r a c t i c a l l y  free of depos i t s .  There were some occasional  i r r e g u l a r i t i e s  caused 
by t r a n s i e n t  pressure  bui ldups i n  t h e  preheater  or t h e  condenser. 

Even the  r e s u l t s  of very shor t  

Mixing of the c o a l  wi th  s i l i c a  of very 

However, t h e  addi t ion  of 

After heat ing up t h e  system and 

This e s t a b l i s h e d  that i n  runs 

I n  the tes ts  made using s l u r r y  feeding, the  concentrat ion of c o a l  i n  rela- 
t i o n  t o  steam and Stage 1 gas was not as high as v isua l ized  for the  commercial 
p r o y s .  Thus, development of a d r y  c o a l  feeder  in which t h e  coal  feed r a t e  i s  
independent of the amount of water fed i n t o  the  reac tor  represented a major 
improvement over t h e  s l u r r y  feeding system. 
flow reac tor  assembly as modified t o  use the  dry  coa l  feeder  i s  shown i n  Figure 
7 .  

The flow diagram for the continuous 

Source and a n a l y t i c a l  d a t a  on the coals  used a r e  given i n  Table 3. The 
experimental data and r e s u l t s  of tests in t h e  continuous flow reac tor  over a 
wide range of  condi t ions  using both s l u r r y  feeding and d r y  coa l  feeding are 
summarized i n  Tables 4, 5, and 6. The da ta  and r e s u l t s  from t e s t s  wi th  high 
v o l a t i l e  k bituminous c o a l  are shown i n  Table 4. Table 5 presents  data and 
r e s u l t s  from tes t s  w i t h  l i g n i t e  fed  as a s l u r r y  and Table 6 ,  with l i g n i t e  fed  
a s  a d r y  powder. 

DISCUSSION 

I n  t h e  production of high Btu p ipe l ine  gas from coal ,  t h e  object ive i . c  to 
convert the carbon i n  t h e  c o a l  i n t o  as much methane as possible  i n  the  i n i t i a l  
gas i f ica t ion  s t e p ,  and if not i n t o  methane, then i n t o  carbon monoxide which in  
another s t e p  can be converted t o  xcthane b y  c a t a l y t i c  hydrogenation. 

Thus, i n  t h e  present  study on the  d i r e c t  steam methanation of coal ,  e i t h e r  
i n  ba tch  autoclave tes t s  or i n  cor.tinucus flow tests, the  product gases of 
pr inc ipa l  concern are methane, hydrogen, and carbon monoxide, and the  grea te r  
the  amount of methane i n  proport ion t o  the amount of carbon monoxide and hydro- 
gen, the  smaller w i l l  be  t h e  f i n a l  cos t  of the  p ipe l ine  gas.  As an index of 
t h i s  r a t i o  of methaye t o  carbon monoxide and hydrogen, t h e  term "preformed 
methane" has been introduced, and, by def in i t ion ,  i s  the amount of methane i n  
the i n i t i a l  product of g a s i f i c a t i o n  expressed as a percent  of the  t o t a l m e t h m e  
poten t ia l ly  a v a i l a b l e  including t h a t  fran conversion of the  carbon monoxide and 
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TABLE 3. SOURCE AND ANALYTICAC DATA ON TEST COALS 

Source 

S t a t e  

county 

Seam 

Proximate Analysis, $, 

- 

M O S i t W 8  

Ash 

Volatile Matter 

Fixed Carbon 

Calor i f ic  Value, Btu/lb 

Ult b a t e  Analysis, % 

C 

H 

N 

S 

0 (by d i f f )  

Ash 

Pennsylvania 

Allegheny 

Pittsburgh 

As Used 

1.02 

4.74 

37.60 

56.64 

14,100 

79 19 

5.48 

1.52 

High Vola t i l e  A 
Bituminous 

1.35 

7.73 

4.73 

Daf 

- 
- 

39.80 

60.20 

14,970 

03-90 

5.71 

1.62 

1.43 

7.34 

Lignite 

North Dakota 

Mercer 

-- 
As Used 

19.4 

10.8 

27.8 

42.0 

8,540 

51.80 

5.54 

0.64 

1.08 

30.14 

10.80 

Daf - 
- 
- 

40.0 

60.0 

12,270 

74.27 

4.85 

0.91 

1.55 

18.42 

, 
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TABLF, 4. OPERATING DATA AND RESULTS FOR TESTS I N  COWINUOUS 
FLOW REACTOR USING HIGH-VOLATILE B-US COAL 

Test limber 

Operating Conditions 
Temperature, F 
Pressure, atm 
Reactor Volume, cc* 
Residence Time, sec 

Water, g/min 
Partial Pressures of Materials 

H20 
H2 

Input 

i n  Feed Stream, atm 

co 
co2 c in coal, g/min 

Heat i n  Coal, kcal/min 

output 
Product G a s  , N l i t e r s / m i n  
Product Water, N l i t e rs /min  
Par t ia l  Pressures of Materials 

in Product G a s ,  atm 
H20 
H2 

co2 
cH4 

GO 

Heat in  m, kcallmin 
Heat i n  (CO + H2), kcallmin 
Heat i n  Total G a s ,  kcallmin 
C i n  Co&l Gasified, g/min 
Preformed Methane, $ 

C in  (3Q+ 
c i n  (CO + cog) 
C i n  Total Gas 

Yields, Percent C in C o a l  

Yields, Percent Btu i n  Coal 
Btu i n  CH4 
 tu in (CO + HO) 

CFR-4 

1730 
70 

320 
6.5 

- 

24 

35.7 
6.2 
i8.8 
5.6 
0.78H 
7.75 

33.0 
27.2 

31.6 

15.2 
8.3 
0.2 
1.7 
5.5 
7.2 
0.1 
27 

11.4 

12 
3 
15 

21 
.n 
92 

- CFR-7 

1690 
70 
280 
5 

30 

38.0 
5.5 
16.0 
5.0 
2.68 
26.6 

33.0 
35.9 

36.5 
8.6 
16 .o 
5.0 
0.7 
6.7 
6.5 

o.n 
60 

16 

13.2 

- - 

29 
24 
53 

m-8 - 
1720 
70 
180 
3.0 

32 

41.5 
5.4 
15.6 
4.8 
2.37 
23.5 

32.5 
39.8 

38.5 
6.4 
16 .o 
5.7 
0.86 
8.5 
8.6 
17.1 
1.9 
56 

36 
37 
73 

* Within 40 F of maximum temperature. 
* Coal without s i l i c a  i n  t h i s  test. 
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TABLE 5. OPERATING DATA AND AVERAGE RESULTS FOR TESTS USING 
LIGNITE I N  COIWPINUOUS FLOW REACTOR WITH SWTRRY FEEDING 

CF'R Tes t  No. 

Operating Condit ions 
Temperature, F 
Pressure, atm 
Reactor Volume, cc* 
Residence Time, sec 

Input 
Water, g/min 
P a r t i a l  Pressures  of  Materials 

i n  Feed Stream, atm 
H20 
H 2  

co2 c i n  L igni te ,  g/min 
Heat i n  Ligni te ,  kcallmin 

Product Gas, N l l t e r s / m i n  
Product Grater, N l i t e r s l m i n  
P a r t i a l  Pressures o f  Materials 

co 

output 

i n  Product Gas, atm 
H 2 0  
H 2  

co2 
CH4 

co 

Heat i n  CH4, kcal/min 
Heat In  (CO + H2) ,  kcal/min 
Heat i n  Total Gas, kcal/min 
C i n  Ligni te  Gas i f ied ,  g/min 
Preformed Methane, '$ 

Yields,  Percent C i n  Ligni te  
C i n  CQ 
c i n  (CO + cog) 
C i n  Tota l  Gas 

Yields ,  Percent Btu i n  Ligni te  
Btu i n  CH4 
Btu i n  (CO + He) 
Btu i n  Totel Gas 

29A 
1740 
70.0 
274 
3.0 

39.1 

39.1 
6.1 

16.8 
5 -1 

4.70 
43.0 

53.5 
40.2 

30.0 
15.4 
8.3 

12.1 
1 .e6 
13.4 
10.0 
23.4 
1.11 
63.0 

16.3 
7.2 

23.5 

31.2 
23.1 
54.3 

29B 
1740 
70.0 
274 
3 09 

37.1 

49.3 
4.1 

11.2 
3.4 

4.60 
42.0 

31.0 
41.1 

39.8 
11.8 
9.3 

10.0 
1.19 
n . 4  
6.9 

18.3 

68.0 
1.30 

14.4 
14.1 
28.5 

16.5 
43.7 

27.2 

30 

72 .o 
283 
3 -2 

39.6 

1740 

40.5 
6.2 

17.1 
5.2 

4.48 
40.8 

55.1 
40.6 

30.6 
15.3 

13.9 

13.9 
9 -1 

8.2 

1.13 

23.0 

66 .o 
2.40 

17 -9 
35.0 
52.9 

34.0 
22.3 
56.3 

* Within 40 F maximum temperature. 

P 
1740 
84.0 
300 
3.9 

43.5 

51 .O 
7.2 

17.3 
5.4 

5 *05 
46.5 

48.4 
44.9 

40.4 
17.6 
7.3 

13.8 
1.64 
17.2 
2.7 

19.9 
1.46 
88 .o 

19.5 
9.5 

29.0 

37.0 

43.0 
6.0 

32 

1740 
72.0 

202 

- 

3.4 

37.2 

52.6 
3.5 

10.7 
3.1 

7.60 
70.0 

24.8 
42.5 

45.5 
12.0 

3.5 
7.6 
1,96 

33.4 

66 .o 

20.1 
13.3 

1.27 

14.5 
2.2 

16.7 

28.9 
19.0 
47.9 

I 



TABLE 6. O ~ I N G  DATA AM, AVERAGE RESULTS FOR TESTS USING 
LIGNITE I N  CONTINUOUS FLOW REACTOR WITH DRY FEEDING 

CFR Test No. 

Operating Conditions 
Temperature, F 
Pressure, atm 
Reactor Volume, cc* 
Residence Time, sec 

Water, g/min 
Partial Pressures of Materials 

Input 

i n  Feed Stream, atm 
%O 
H2 

co2 c i n  Lignite, g/min 
Heat i n  Lignite, kcallmin 

*duct G a s ,  N l i t e rs lmin  

i n  Product Gas, atm 

co 

out u t  

Product Water, N l i ters /min 
Partial Pressures of  Materials 

H20 

co2 
CH4 

H 
C 8  

Heat i n  C q ,  kcallmin 
Heat in (CO + Hg), kcal/min 
Heat i n  Total Gas, kcal/min 
C i n  Lignite Gasified, g/min 
Preformed Methane, $ 

Yields, Percent C i n  Lignite 
C i n  CHI, 
c i n  ( ~ 6  + C O ~ )  
C in  Total  Gas 

Yields, Percent Btu i n  Lignite 
Btu In  CHI, 
Btu i n  (Ca + H2) 
Btu i n  Total Gas 

33 
1720 
72.0 
242 
3.4 

34.0 

43.3 
5.2 

15.6 
4.6 

9-70 
90.0 

41.2 
36.9 

34.1 
13.4 
7.5 

12.6 
2.3 

28.3 
6.3 

34.6 
3.0 

85 .o 

15.4 
13.9 
29.3 

29.7 
6.6 

36.3 

- 34 

1750 
72 .O 
250 
2.4 

55 

51.1 
3.8 
ri .6 
3.4 

137.5 
14.80 

60.2 
63.4 

33.0 
14.8 
6.5 

12.2 
2.66 
43.9 
33.7 
77.6 
5 0 9 0  
60.5 

16.8 

52.6 

3 . 9  
26.9 
9 .e 

35 -8 

3.- 
1725 
70 .o 
210 
4.2 

6.0 

n.7 
10.7 
32.5 
9.5 

17.x) 
154.0 

45.3 
5.8 

6.9 
13.1 
24.9 
14.3 
5.6 

39.4 
4.6 

44.0 
3.94 
92.0 

12.4 
10.0 
22.4 

24.6 
2.9 

27.5 

* Within 40 F of maximum temperature. 

36 
1780 
70.0 
452 

10.4 

12.4 

24.8 
8.3 

25.3 
7.4 

5-90 
53.5 

37.5 
7.4 

l l . 5  
16.9 
18.5 
16 .o 
2.98 
18.1 
5.6 

23.7 
2.83 
81.0 

17.5 
30.5 
48 .O 

33.9 
10.5 
44.4 

I 

_38 

17-70 
81.5 

445 
8.5 

16.9 

34.0 
8.6 

26.4 
8 .O 

18.80 
174 .O 

49.2 
u. .6 

15.5 
18.0 
19.0 
18.0 
7.24 
51.1 
17.6 
68.7 
6.76 
79 .O 

15.5 
20.9 
36.4 

29.4 
10.1 
39.5 
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1 

hydrogen t o  methane b y  c a t a l y s i s .  
lated according t o  the following equation: 

The amount of "preformed methane" i s  calcu- 

"4 CH4*" E 
3 CHq x 100 

CH + 114 ($ CO + 4'p H 4 2j' 

where 

5 CH4, 3 CO, $ H2 

'I$ CH4*" = percent  preformed methane 

= percent  CH4, CO, % i n  product gas  by analysis  

On a volume basis, hydrogen i s  t h e  main component of t h e  product gas from the 
d i r e c t  react ion of steam with coa l  i n  t h e  autoclave t e s t s .  This i s  i l l u s t r a t e d  
i n  Figure 8,which presents  d a t a  from an  experiment a t  770 C with a t o t a l  reac- 
t i o n  time of 2 hours. 

Over t h e  range of temperature s tudied,  an Increase i n  conversion with an 
increase i n  temperature i s  observed i n  experiments a t  both I2 and 120 minutes; 
and an increase i n  conversion I s  observed wi th  an  increase i n  time at  t h e  same 
temperature. This  i s  shown i n  Figure 9 i n  which t h e  gas y i e l d ,  expressed as a 
funct ion of t h e  Btu content  of t h e  c o a l  charged, i s  p l o t t e d  versus temperature 
at  t h e  d i f f e r e n t  r e a c t i o n  times. An increase i n  res idence time from 12 t o  120 
minutes r e s u l t s  i n  an increase i n  gas y i e l d  of about 15 percent  of the  coal  
heat ing value. A similar increase i s  caused by t h e  addi t ion  of s o d i m  carbonate 
t o  t h e  coal;  however, a d d i t i o n a l  data are needed t o  e s t a b l i s h  t h e  f u l l  s ign i -  
f icance of using c a t a l y s t s .  

Over t h e  e n t i r e  range of experimental condi t ions covered by these experi-  
ments, t h a t  is, pressure ,  60 t o  350 atmospheres; temperature, 730 t o  770 C; 
and, react ion time, 2 t o  120 minutes, methane i s  t h e  main product on a heating 
value basis. 
a t  t h e  10 percent  conversion leve l ,  and it s t i l l  i s  more than 70 percent of the 
t o t a l  Btu i n  t h e  gas  formed even a t  60 percent  conversion leve l .  
from batch autoclave t e s t s  are compared i n  Figure 10 on t h e  b a s i s  of conversion 
of c o a l  t o  gas and formation of "preformed methane.'' 

It c o n s t i t u t e s  more than 90 percent  of the  t o t a l  Btu i n  t h e  gas 

A l l  t h e  data 

Methane i s  formed i n  good y i e l d  as w e l l  as i n  high concentration under the 
conditions of t h e  autoclave tes ts .  
shor t  residence time as required i n  a commercial g a s i f i e r ,  the  temperatures 
must be much higher  than those explored i n  t h e  autoclaves.  
tinuous f l o w  r e a c t o r  was used next t o  a e t e m i n e  t h e  rate of methane formation 
and t o  e s t a b l i s h  t h e  f e a s i b i l i t y  of using c o a l  entrainment i n  Stage 2 of the  
two-stage process .  

However, t o  a t t a i n  t h e  same high y ie lds  a t  

I 

I 

Therefore, t h e  COD- 

Data on t h e  q u a l i t y  of the  product gas obtained i n  t h e  continuous flow 
reac tor  using both P i t t sburgh  seam c o a l  and l i g n i t e  are summarized i n  Figure 11; 
i n  t h i s  graph t h e  y i e l d  of preformed methane i s  p l o t t e d  aga ins t  conversion 
expressed on a Btu basis. I n  addi t ion ,  t h e  curve for t h e  cor re la t ion  of  the 
batch autoclave data and the  y ie lds  used f o r  c o s t  es t imat ing  purposes are shmn 
f o r  comparison. On the  lower r i g h t ,  a cor re la t ion  of t h e  r e s u l t s  obtained with 
Pi t tsburgh seem c o a l  i n  t h e  presence of s i l i c a  i s  given. Lower methane coucen- 
t r a t i o n s  are indica ted  than i n  t h e  autoclave t e s t s .  

i 
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Methane concentrat ions are espec ia l ly  low i n  those tests in which the  
preheat ing of t h e  c o a l  s l u r r y  d i d  not lead t o  complete vaporizat ion of t h e  
water. 
temperature i n s i d e  the r e a c t o r  drops considerably below t h a t  of t h e  reac tor  
walls under such condi t ions,  and thus would e a s i l y  cause these low conversions. 
In l a te r  tests wi th  l i g n i t e ,  methane concentrations and conversions were 
obtained equivalent  t o  those observed i n  t h e  autoclave tests with bituminous 
c o a l .  

In tests with thermocouples ins ide  the  reac tor ,  it was found that t h e  

Experimental r e s u l t s  on only t h e  y i e l d  of methane i n  tests i n  t h e  contin- 
uous flow un i t  a r e  shown in Figure 12; t h i s  is a p l o t  of t h e  methane yield,  
expressed as percent  of t h e  c a l o r i f i c  value of the  c o a l  converted i n t o  methene, 
versus  the percent  of t h e  Btu i n  c o a l  converted i n t o  gas.  The methane coI?cen- 
t r a t i o n s  obtained i n  t h e  flow u n i t  are, as s t a t e d  above, lower than those i n  
t h e  autoclave tests; consequently, the poin ts  i n  t h i s  graph f o r  t h e  continuous 
flow experiments a lso l i e  below the  autoclave cor re la t ion  curve a t  a l l  leve ls  
of conversion. 
c lose t o  those assumed for  t h e  c o s t  ca lcu la t ions  i n  t h e  o v e r a l l  engineering 
evaluat ion of t h e  process  projected t o  c m e r c i a l - s c a l e  operat ion.  ( 2 )  

However, the  poin ts  f o r  t h e  methane y i e l d  on a Btu b a s i s  a r e  

The wide s c a t t e r  of po in ts  on t h e  Figures 11 and I2 are a r e f l e c t i o n  of 
t h e  wide v a r i a t i o n  i n  condi t ions used i n  the tests, and examination of them 
revea ls  c e r t a i n  c o r r e l a t i o n s  t h a t  mer i t  f u r t h e r  considerat ion and study. For 
t h i s ,  the  experiments using l i g n i t e  may be categorized as follows according 
t o  the condi t ions used: 

( a )  Less than 3.5 seconds residence a t  70 atm and e i t h e r  below or above 
a peak r e a c t i o n  temperature of 1760 F. 

Same as ( a ) ,  b u t  more than 3.5 seconds residence t h e .  

Same as ( a ) ,  b u t  a t  81 a t m .  

Same as ( a ) ,  b u t  more than 3.5 seconds residence time and a t  81 atm. 

(b)  

( c )  

(d)  

In Figure 13, t h e  rate of  formation of methane i s  shown as a s t r a i g h t  l i n e  
funct ion of the rate of feeding the l i g n i t e ,  and thus as a f irst  approximation 
independent of other react ion condi t ions.  However, c l o s e r  examination of the 
operat ing condi t ions f o r  each point  on the  graph shows t h a t  high hydrogen 
par t ia l  pressure (above 15  atm) a t  the r e a c t o r  o u t l e t ,  h igh t o t a l  pressure 
(81 versus 70 atm), and high peak reac tor  temperature (above 1760 F versus 
below 1760 F) r e s u l t  i n  methane formation rates higher than those indicated by 
t h e  l i n e  on t h e  graph. 
with hydrogen p a r t i a l  pressures  below 1 3  atm a t  the r e a c t o r  o u t l e t .  

Also data poin ts  below the  curves are f o r  t e s t s  made 

The e f f e c t  of hydrogen p a r t i a l  pressure a t  t h e  r e a c t o r  o u t l e t  (p%) on the 
Except f o r  two poin ts ,  t h e  cor re la t ion  y i e l d  of methane i s  shown i n  Figure 14. 

is good, showing t h a t  increased p% r e s u l t s  i n  increased y ie lds  of methane. 

This ind ica ted  dependence of methane y i e l d  on pH2 leads  t o  a consideration 
of t h e  f a c t o r s  t h a t  a f f e c t  t h e  hydrogen p a r t i a l  pressure a t  t h e  reac tor  o u t l e t .  
The mater ia l  balances f o r  the  various t es t s  show t h s t  the s h i f t  react ion is a 
major source of hydrogen i n  the  product gas.  
to  t h i s  source can be ca lcu la ted  from t h e  equation: 

The amount of hydrogen a t t r i b u t a b l e  

I 
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Figure 13. Effect of Feed Rate on Methane Formation in Continuous 
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Methane Formation in Continuous Flow Reactor Tests Using lignite 



where Q, CO, C%, +O are t h e  partial pressures of these gases in the feed 
stream enter ing the reactor--where X is the  f rac t iona l  increase or decrease in  
the partial pressure of these gases due t o  reaction--and, w h e r e  K is the equi l i -  
brium constant. Solving this  equation for X t o  obtain the amount of % produced 
by the s h i f t  react ion leads to  a cumbersome quadratic expression. 

sion may be simplified t o  1/2 flm; the  t o t a l  expression for  the  feed 
stream composition (E)  then becomes: 

For use in evaluating experimental resu l t s ,  t h i s  complex quadratic expres- 

E = €I2 + 1/2 4-y 
and is' found t o  cor re la te  wel l  with hydrogen partial pressure at the reactor  
o u t l e t  ( p 5 ) .  

The correlat ion of the yield of methane w i t h  E (Figure 15) is  not as good 
as with p+ (Figure 14); however, t h i s  correlat ion should prove useful  i n  the 
evaluation of data from future  experiments. 
sion of a term i n  the expression E re f lec t ing  the Stage 1 gas/coal r a t i o  w i l l  
improve the correlat ion s ignif icant ly .  

Present indicat ions are that inclu- 

while hydrogen concentration affects  mostly the methane yield the  concen- 

In sp i te  of the sca t te r ,  it is apparent t ha t  high 
t r a t i o n  of the stem/lignite ratio is most pronounced on the y ie ld  of (CO + I$); 
t h i s  is sham in Mgure 16. 
steam/$gnite r a t i o  favor increased yields  of (CO + %). 

In carbon gasif icat ion processes, changes in gasif icat ion rate with 
increased carbon "burn-off" are often observed. 
percent of the Btu i n  l ign i te"  increases with 'burn-off"; it is plo t ted  in Figure 
17 versus the  gasif icat ion rate expressed as kcal/hr/kcal inventory. 
cates that experimental conditions that lead t o  high conversion lead also t o  
high  lignite r e a c t i v i t y  as expressed by the gasif icat ion rate refer red  t o  l i g n i t e  
inventory. The points  obtained in tests with residence time between 2.3 and 4.2 
seconda fa l l  close to  the curve; however, to the left of the curve, sharing a 
lower gas i f ica t ion  rate, are points for two tests with residence time of 8.5 and 
10.4 seconds. 

The quant i ty  of %tu in gas as 

This indi-  

SUMMARY AND CONCLUSION 

In summry, it can be stated that the  experiments i n  bench-scale equipment 
have shown that methane i s  formed from high v o l a t i l e  coals  a t  70 atm pressure 
a t  a r a t e  and in a yield consistent with previous assumptions f o r  the  second 
stage of a conceptual process f o r  gasifying coal. 

operation of a 100 lb/hr internally-heated process and equipnent developient 
uni t .  Shock heating by means of hot Stage 1 gas w i l l  produce a w e l l  defined 
Stage 2 reactor  volume and a temperature gradient simiLar t o  that expected in 
a commercial plant .  A previous economic evaluation of such a two-stage coal  
gasif icat ion process led t o  a pipel ine gas manufacturing cos t  of about 5Qp!/M 
sc f .  

A more def in i t ive  study of the process variables is being planned by 

I 
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Figure 16. Effect of Steam/Lignite Ratio on (CO + Hn) Formation 
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Decaking of Coal i n  Free F a l l  

S. J. Gasior ,  A .  J. Forney, and J. H. F i e l d  
U .  S. Bureau of Mines, 4800 Forbes Avenue, 

P i t t sbu rgh ,  Pennsylvania 15213 

INTRODUCTION 

Most bituminous c o a l s  mined near  Eas te rn  populous a r e a s  a r e  caking .  
Yet t hese  are t h e  a r e a s  which r e q u i r e  l a r g e  q u a n t i t i e s  of high-Btu p ipe -  
l i n e  gas.  Our o b j e c t  has been t o  f ind  a p r a c t i c a l  way t o  conve r t  t hese  
s t rong ly  caking  c o a l s  t o  noncaking f u e l  s u i t a b l e  f o r  f ixed-bed g a s i f i c a t i o n - -  
a pre l iminary  s t e p  i n  making p i p e l i n e  gas .  A fixed-bed g a s i f i e r  a p p l i c a b l e  
t o  production of s y n t h e s i s  gas con ta in ing  methane has  been used commercially 
in seve ra l  p a r t s  of t h e  world.  

In  prev ious ly  r epor t ed  experiments we have converted caking  c o a l s  of 

2 1  1/8-l%-inch s i z e  t o  noncaking c o a l  char by t r e a t i n g  i t  f o r  3 hours  i n  a 
s t a t i c  bed,L/ c o a l  of 18-100 Tyler  mesh f o r  5 minutes i n  a f l u i d i z e d  bed,- 
and c o a l  of 4-8 Tyle r  mesh f o r  2 seconds i n  f r e e  f a l l . ? /  Nitrogen and 
carbon d iox ide ,  steam, o r  a mixture of a l l  t h ree  with small amounts of 
oxygen was t h e  h e a t i n g  and t r e a t i n g  gas i n  these  s t u d i e s .  

In  r e c e n t  exper imenta l  work we have converted s t r o n g l y  caking  b i -  
tuminous c o a l  from t h e  Pit tsburgh-seam of 114-3/8 inch s i z e ,  i n  a d d i t i o n  
t o  c o a l  of  4-8 Tyler  mesh, t o  a noncaking form i n  about 2 seconds by 
dropping i t  through a coun te rcu r ren t  flow of steam con ta in ing  oxygen. 
I n  a l l  cases  t h e  t r e a t e d  or decaked c o a l s  had a f r ee - swe l l ing  index (FSI) 
of 2 .0  o r  l e s s ,  which i s  i n d i c a t i v e  of a weakly-to-noncaking c o a l .  
Furthermore,  when t h e  t r e a t e d  c o a l s  were exposed t o  hydrogen a t  600' C 
and atmospheric p re s su re  f o r  5 minutes they  showed l i t t l e  or no tendency 
t o  cake. 

APPARATUS 

The exper imenta l  work was done in  t h e  p i l o t  p l an t  shown i n  f i g u r e  1; 
a schematic flow diagram of the  system i s  shown i n  f i g u r e  2 .  The system 
con ta ins  a steam gene ra to r ,  feed and r ece ive r  hoppers ,  a screw feede r ,  
and a t rea tment  v e s s e l .  This v e s s e l ,  c a l l e d  a t r e a t e r ,  i s  a 2-inch 
d iameter ,  schedule  80 p ipe ,  20 f e e t  long, and made of 304 s t a i n l e s s  s t e e l .  
It i s  surrounded by 16  i n d i v i d u a l l y  con t ro l l ed  e l e c t r i c  h e a t e r s  t h a t  
compensate f o r  r a d i a t i o n  l o s s  and supply a d d i t i o n a l  h e a t  when needed. 
The main supply of hea t  f o r  the  t rea tment  i s  from steam; a l i t t l e  comes from 
p a r t i a l  ox ida t ion  of t h e  coa l .  Temperature i s  measured by thermocouples 
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Figure 1. A View of t h e  P i l o t  P l a n t  for  Decaking Coal. 
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l o c a t e d  a t  6 - ,  12 - ,  and 16- foot  l e v e l s  o f  t h e  t r e a t e r .  I n  some e a r l y  ' 

t e s t s  a s p i r a l  r o d ,  shown i n  f i g u r e  2 ,  was i n s e r t e d  i n t o  t h e  t r e a t e r  I 
t o  i n c r e a s e  t h e  c o a l - t o - g a s  c o n t a c t  t i m e ,  bu t  c o a l  p a r t i c l e s  tended t o  
s t i c k  t o  t h e  s p i r a l  r o d ,  and it was removed. 

/ 

Coal - 
Pi t t sbu rgh- seam c o a l  was s e l e c t e d  f o r  t h e  t e s t s  on account  of i t s  

commerc ia l  impor tance ,  i t s  r e p u t a t i o n  a s  a t y p i c a l l y  s t r o n g  caking  c o a l  
and e a s y  a c c e s s  a t  our expe r imen ta l  mine a t  Bruce ton ,  Pa. The maximum 
s i z e  of t h e  c o a l  t r e a t e d  (3/8 i nch )  was,  l i m i t e d  by t h e  i n s i d e  diameter 
t h e  t r e a t e r  (1 .939  i n c h e s ) .  Dur ing  t r ea tmen t  t h e  c o a l  t ends  t o  become 
s t i c k y  w h i l e  s w e l l i n g  t o  about  1-1/2 t imes  i t s  o r i g i n a l  s i z e .  c 

Procedure  

A weighed amount of c o a l  of 4-8  T y l e r  mesh o r  1 /4-3 /8- inch  s i z e  wa 

! 
cha rged  t o  t h e  f eed  hopper and hea ted  r a p i d l y  wi th  steam t o  j u s t  below 
the s o f t e n i n g  t empera tu re  of t h e  c o a l ,  which f o r  P i t t sburgh-seam coal  
350" C .  Th i s  t empera tu re  was p rev ious  ly'/determined a s  t h a t  temperatu 
a t  which a f i x e d  bed o f  c o a l  o f f e r e d  an  i n c r e a s e  i n  r e s i s t a n c e  t o  gas 
flow,. The hea ted  c o a l  was f ed  from t h e  hopper a t  a c o n t r o l l e d  r a t e  by /  
a.. sc rew feede r  i n t o  t h e  20- foot  long  t r e a t e r  where i t  f e l l  f r e e l y  throu  
a c o u n t e r c u r r e n t  f low of steam c o n t a i n i n g  oxygen t o  a r e c e i v e r  where i t  
was quenched w i t h  i n e r t  gas .  The i n e r t  gas  con ta ined  about  88 p e r c e n t /  
n i t r o g e n  and 1 2  p e r c e n t  carbon d i o x i d e .  The f a l l i n g  c o a l  was i n  contac  
w i t h  t h e  steam-oxygen mix tu re  f o r  abou t  2 seconds .  To de te rmine  the 
deg ree  of decak ing ,  che t r e a t e d  c o i l  was exposed t o  hydrogen f o r  5 minu 
a t  600' C .  I f  i t  d i d  n o t  cake  d u r i n g  hydrogen exposure ,  t h e  decaking w 
c o n s i d e r e d  s u c c e s s f u l .  C o r r e l a t i o n  o f  hydrogen-exposure r e s u l t s  with 
f r e e - s w e l l i n g  i n d i c e s  (ASTM T e s t  D-720-57) i n d i c a t e d  t h a t  decaked coa l  
produced from c o a l  of i n i t i a l  h igh  F S I  v a l u e s  was noncaking du r ing  the , ,  
hydrogen  exposure  when i t s  FSI had been reduced t o  1.5 o r  less, and on1 
weakly c a k i n g  when i t s  FSI  was 2 . 0 .  

I 

i 

R e s u l t s  

T e s t s  7 7 ,  115, 917, and 1028 (Table  1 )  a r e  t y p i c a l  of experiments 
performed t o  d a t e .  I n  t e s t  7 7 ,  2 pounds of 1 /4-3 /8- inch  c o a l  was heate) 
t o  330" C i n  10 minutes  wi th  s t eam.  Before t h e  c o a l  could be t r e a t e d  
e f f e c t i v e l y ,  i t  had t o  be hea ted  t o  j u s t  below i t s  s o f t e n i n g  tenperatur,  
Dur ing  t h i s  p r e h e a t i n g  t h e  c o a l  showed only  a - l o s s  of moi s tu re .  Then 1 

dropped  through the  20 - foo t  long  t r e a t e r  a t  a r a t e  of 60 pounds of c o a l  
per  hour  (3,000 l b / h r - s q  f t ) .  I t  f e l l  through a c o u n t e r c u r r e n t  flow of 
s team c o n t a i n i n g  5.5 mole-percent  of oxygen a t  a n  ave rage  temperature 0 
680" C and 250 p s i g .  The s t eam- to -coa l  weight r a t i o  was 2.0,  and the  I 

; 

I 
I 

i 



oxygen-to-coal weight r a t i o  was 0.21. Each c o a l  p a r t i c l e  expanded about 
50 percent and f i s s u r e d  as shown i n  f i g u r e  3. The t r e a t e d  c o a l  d id  no t  
cake when exposed t o  hydrogen f o r  5 minutes.  It had a FSI of 1 .0  and 
was considered decaked. Its v o l a t i l e - m a t t e r  con ten t  was 24.9 pe rcen t .  

TABLE 1.- Condi t ions  f o r  t r e a t i n g  a Pittsburgh-seam 
c o a l  i n  f r e e - f a l l  

S ize  of c o a l  Coa 1 Trea t ing  gas r a t e ,  
Pressure ,  Tyler  f e e d ,  l b /h r  

T e s t  No. P s i g  inch mesh l b l h r  Steam 02 

77 2 50 114 -318 60 120 12.4 
11 5 300 4 -8 50 40 10.4 
917 300 4 -8 40 56 10.4 

1028 330 4 -8 70 40 6.0 

Gas- to-coa l  r a t i o ,  Average Coal hea t  cyc le  Weight l o s s  
l b / h r  r e a c t o r  Temp., Time, of c o a l ,  

T e s t  No. Steam o2 temp.,  'C "C sec  , pct 

77 2.0 0.21 680 330-430 2 15 .3  
115 0.8 .21 560 310-430 2 4 .0  
917 1.4 .26 605 310-430 2 10.2 

1028 0.57 .12 605 310-430 2 6.9 

In t e s t  115, a 4-8 Ty le r  mesh c o a l  was hea ted  t o  310' C i n  10 minutes 
wi th  steam and then  dropped through t h e  t r e a t e r  a t  a r a t e  of 50  pounds of 
c o a l  per hour through a coun te rcu r ren t  flow of steam con ta in ing  12.7 mole- 
percent  oxygen a t  560' C and 300 ps ig .  The steam- and oxygen-to-coal 
weight r a t i o s  were 0.8 and 0.21, r e s p e c t i v e l y .  
very  s l i g h t l y  when exposed t o  hydrogen a t  600" C .  
Its v o l a t i l e - m a t t e r  conten t  was 30.8 pe rcen t .  

The t r e a t e d  c o a l  caked 
It had a FSI of 2 .0 .  

In  t e s t  917 t h e  same s i z e  c o a l  was s i m i l a r l y  hea ted  and then  dropped 
through t h e  t r e a t e r  a t  a r a t e  of 40 pounds of c o a l  per hour .  
t a i n i n g  9.4 mole-percent oxygen flowed coun te rcu r ren t  t o  t h e  c o a l  a t  
605' C and 300 ps ig .  The steam- and oxygen-to-coal weight r a t i o s  were 
1 .4  and 0.25, r e s p e c t i v e l y .  The t r e a t e d  c o a l  d id  n o t  cake when exposed 
t o  hydrogen a t  600' C .  
w a s  26.7 percent .  

Steam con- 

It had a FSI o f  1.5.  Its v o l a t i l e - m a t t e r  con ten t  
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I n  t es t  1028, a 4-8 Tyler  mesh c o a l  was s i m i l a r l y  preheated t o  
310" C and then fed  t o  and through t h e  t r e a t e r  a t  a r a t e  of 70 pounds 
of c o a l  per hour. Steam con ta in ing  7.8 mole-percent oxygen flowed 
countercur ren t  t o  the  c o a l  a t  605' C and 330 ps ig .  The steam- and 
oxygen-to-coal weight r a t i o s  were 0.57 and 0.12, r e s p e c t i v e l y .  The 
treat 'ed coa l  caked only s l i g h t l y  when exposed t o  hydrogen a t  600" C .  
It had a FSI of 2.0. Its v o l a t i l e - m a t t e r  con ten t  was 31.9 pe rcen t .  
Analyses of t he  coa l s  before  and a f t e r  t r ea tmen t  a r e  shown i n  Table 2 .  

TABLE 2.-  Analys is  of c o a l  and decaked coa l  

Proximate,  percent  Ul t imate ,  maf, percent Free-  
T e s t  V o l a t i l e  Fixed swe 1 l i n g  

No. Moisture ma t t e r  carbon A s h  H C N 0 S index 

P i t t sbu rgh  - 
seam c o a l  2.0 35.6 54.4 8.0 5.6 84.3 1 .7  7.0 1.4 8.0 

77 0.3 24.9 67.2 7.6 4.5 85.4 1 . 7  7 . 1  1.3 1.0 
115 .3 30.8 63.8 5.1 4.6 84.6 1 .6  7 .5  1.7 2.0 
917 .5 26.7 63.8 9.0 4.9 83.9 1.8 8.2 1.2 1.5 

1028 .6 31.9 62.3 5.2 4.8 84.2 1.8 7 . 7  1.5 2.0 

DISCUSSION 

To e f f e c t i v e l y  a l t e r  or des t roy  t h e  caking  proper ty  of a s t r o n g l y  
caking  c o a l  of s m a l l  lump s i z e  i n  f r e e  f a l l ,  bo th  t r ea tmen t  tempera ture  
and gas composition must be kep t  w i th in  f a i r l y  narrow l i m i t s .  We de- 
caked c o a l ,  which had been preheated t o  310"-330' C ,  i n  a 20-foot t r e a t e r  
i n  2 seconds a t  560'-680' C wi th  steam con ta in ing  5.5-12.7 mole-percent 
oxygen. When e i t h e r  t h e  prehea t  OK r e a c t i o n  tempera ture  was too  low, 
t h e  c o a l  never reached decaking temperature du r ing  the  2 seconds t h a t  
i t  took t o  f a l l  20 f e e t .  Thus t h e  caking  proper ty  of t h e  c o a l  remained 
unchanged. When t h e  r e a c t i o n  temperature was too  h i g h  o r  t h e  oxygen was 
i n s u f f i c i e n t ,  t h e  c o a l  agglonera ted  and plugged t h e  t r e a t e r .  

Resul t s  with 4-8 Ty le r  mesh and 1/4-3/8 inch s i z e  c o a l s  i n d i c a t e  
t h a t  l a r g e r  s i z e  c o a l  would r e q u i r e  h ighe r  tempera ture  and more oxygen. 

This  decaking technique  o f f e r s  promise a s  p a r t  of an  i n t e g r a t e d  
c o a l  pre t rea tment  and h igh  pressure  steam-oxy en c o a l  g a s i f i c a t i o n  

wi th  g a s i f i c a t i o n  should be simple.  Both processes  a r e  at t h e  same 
p res su re  and use t h e  same gases.  The process  would be economical be- 
cause  t h e  steam-to-coal weight r a t i o  f o r  decaking i s  equal  t o  or l e s s  

process  which r e q u i r e s  no-~agglom@rating feed .-/ 5 Inco rpora t ing  decaking 



1/ than  t h a t  r e q u i r e d  by the  commzrcial Lurgi- g a s i f i e r ;  a l s o  t h e  oxygen- 
t o - c o a l  we igh t  r a t i o  i s  l e s s  than  t h a t  r e q u i r e d  i n  t h e  Lurg i  g a s i f i e r .  
Fur thermore ,  the  g a s e s  and t a r s  produced from v o l a t i l e  m a t t e r  i n  t h e  
c o a l  d u r i n g  decak ing  can be fed  d i r e c t l y  t o  t h e  g a s i f i e r  as f u e l ,  thus 
c o i ~ s e r v i n g  ene rgy  and a l s o  s o l v i n g  t h e  problem of e f f l u e n t  o r  o f f -gas  
from t h e  p r e t r e a t m e n t .  The t r e a t e r  might s e r v e  as f eed  lock  hoppers f o r  
p r e s s u r e  ' g n s i f  i e r s ,  t hus  minimiz ing  a d d i t i o n a l  c a p i t a l  inves tment .  

CONCLUSIONS 

A p i l o t - p l a n t  s tudy  h a s  shown t h a t  t h e  cak ing  p rope r ty  of b i -  
tuminous c o a l  of sma l l  lump s i z e  can be a l t e r e d  o r  des t royed  by r ap id ly  
h e a t i n g  t h e  c o a l  t o  o r  through i t s  p l a s t i c  t empera tu re  range  while i t  
fa115 f r e e l y  through a c o u n t e r c u r r e n t  f low o f  h igh - t empera tu re  steam- 
c o n t a i n i n g  oxygen. La rge r - s i zed  p a r t i c l e s  r e q u i r e  more s e v e r e  t r e a t i n g  
c o n d i t i o n s  a s  ev idenced  by a comparison of t r e a t m e n t  of 4-8  mesh and 
1 / 4 - 3 / 8  inch  s i z e s .  Cond i t ions  r e q u i r e d  t o  decake c o a l  could  be met a t  
commercial c o a l  g a s i f i c a t i o n  p l a n t s  wi th  l i t t l e  a d d i t i o n a l  expendi ture  
o f  ene rgy .  However, g a s i f i c a t i o n  p l a n t s  commonly use c o a l  of p a r t i c l e  
s i z e  l a r g e r  t han  were used in  our  s t u d y .  We were l i m i t e d  t o  a maximum 
s i z e  of  3 / 8  i nch  by t h e  s w e l l i n g  of t h e  c o a l  and t h e  d i ame te r  of t h e  
t r e a t e r .  A t r e a t e r  of l a r g e r  d i ame te r  would be r equ i r ed  t o  determine 
t h e  optimum c o n d i t i o n s  f o r  l a r g e r  p a r t i c l e s .  

Because wi th  l a r g e r  s i z e d  p a r t i c l e s  of 3 / 8  i n c h ,  t he  s i z e  of t he  
expanded c o a l  p a r t i c l e  was an a p p r e c i a b l e  p a r t  of t h e  f r e e  tube c r o s s  
s e c t i o n .  A d d i t i o n a l  s t u d i e s  should  be made i n  a l a r g e r  p r e t r e a t e r  t o  
de t e rmine  optimum c o n d i t i o n s  of o p e r a t i o n .  
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COAL PRETREATMENT IN FLUIDIZED BED 

V. J. Kavlick 
B. S. b e  

Institute of Gas Technology 
Chicago, Illinois 

INTRODUCTION 

During development of the IGT coal hydrogasification process 
for making synthetic pipeline gas, 4J 

for producing methane was found to correspond to its volatile matter. 
meref ore, research efforts were concentrated on high-volatile bitumin- 
ous coals. However, when such coals were exposed to an atmosphere of 
hydrogen at high temperature and pressure, rapid and severe msion of 
the coal particles caused caking and agglomeration in the reactor bed. 
To prevent this agglomeration, the coal must be pretreated to destroy 
its agglomerating tendency before being used as hydrogasification feed. 
This program was initiated to 1) establish operating conditions that 
would produce, with a minimum or pretreatment, a nonagglomerating ma- 
terial that retains maximum volatile matter, and 2) supply sufficient 
feed for the hydrogasification test program. 

the most reactive part of coal 

BACKGROUND 

Much work has been reported on the destruction of caking pro- 
perties of coal. Low-temperature carbonization, if carried far enough, 
drives off enough volatile matter so that the remaining char does not 
agglomerate. Examples of this are Consolidation Coal Company’s Montour 
char used in much of the early hydrogasification work, and the more re- 
cent char produced by FMC Corp.by multistage pyrolysis.6 However, the 
Montour char contains only about 17s volatile matter, while the origi- 
nal Montour bituminous coal contained 31%. 

concluded that the agglomerating 
tendency is destroyed by oxidation of the surface of the coal particles. 
Treatment in small fluidized-bed reactors with nitrogen, steam, carbon 
dioxide, or all failed to destroy the caking properties. But 
adding a small amount of oxygen to these inert gases produced nonagglo- 
merating coal. Minimizing pretreatment, therefore, requires minimizing 
the extent of such oxidation. 

ized bed would be necessary to dissipate the heat released and to main- 
tain a uniform bed temperature without hot spots. However, much of the 
reported work was conducted in small batch  reactor^."^ 
continuous unit, the uniformity of pretreatment and the residence time 
required would be quite different than with a batch system. In addition, 
batch reactors, after being charged, require a time to heat the charge 
up to the reaction temperature. This makes the residence time at reac- 
tion temperature uncertain. A continuous operation avoids this problem, 
but tie backmixing in a fluidized bed leads to short-circuiting of some 
untreated coal. For this program, a continuous unit capable of fairly 
high throughput was designed and built. 

3 

Several investigations2’ ” 

Investigators agree that since oxidation is involved, a fluid- 

In a large 

/ 

I 



I 

r a t e s  of' up t o  100 lb/hr can be at ta ined.  
pipe controls the bed height. 
i s  periodically dumped i n t o  ,drums. Fines from the  bed were originally 
returned t o  the bed by an in te rna l  cyclone with a dipleg sealed i n  the 

A j-in.-diameter overflow 
The overflot: col lects  i n  a receivei- aid, '  

1 
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Figure 1. CONTINUOUS-FEED C O A L  PRETREATMENT UNIT 
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Figure 2. Fluid-Bed Pretreat 
Feed Hopper, and Panel Born 
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Figure 3. Fluid-Bed Pretreater - 
Residue Receiver. 
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' to Pittsburgh No. 8 Seam coal from Ireland mine, with some imts on Ohio 
1: 

Proximate and ultimate analyses of these are given in 1 Table 1. Typical run data and product analyses are shown in Table 2. 

Besides the visual evaluation from the agglomeration test, the 1 
" volatile-matter content was chosen as the quantitative index of pretreat- 

' ment Severity. Operating experience with the hydrogasifier showed that , minimum coal pretreatment must reduce the volatile matter to 24-26%. Var- 
I ious aspects of pretreatment are discussed in more detail below. 

Pretreat me nt Temperatur e 

Perhaps the most critical operating variable is temperature. 
The coals tested have a plastic point temperature around 700'F. Below 
this temperature, we could not produce a free-flowing coal with a 2-hr 
residence time and a wide range of oxygen concentrations in the pretreat- 
ment gas. On the other hand, localized combustion begins at bed tempera- 
tures near 775'F. The heat released can not be dissipated by the bed and 
runaw2y temperature results. Similar observations were made by Agarwal, 

' -- et al. in operating a fluidized coal dryer. They noted that combustion 
occurred on the air distributor deck when stagnant pockets of coal caused 
by poor gas distribution reached temperatures of about 800'~. 

') ly the practical pretreatment temperature range is quite narrow: between ' 725' and 750'F. 
1 with a fluidized bed. 

No. 6 Seam coal from Broken Arrow mine and a highly volatile West Virginia 
No. 5 Block coal. 

\ ' 
1 
, 

Consequent- 

The necessary close temperature control can be maintained 

1' Extent of Coal Oxidation 

1 
( dation is clearly related to the extent of pretreatment. \\ minimum pretreatment required reaction of more than 1.0 SCF of oxygen per 

Since pretreatment is an oxidation process, the extent of oxi- 1 
We found that 

pound of coal fed. 
temperature and oxygen consumption required for successfil pretreatment. 
Increasing the oxygen consumption would produce more and more devolatilized 
coal, which is contrary to our desire to preserve as much volatile matter 

\' of 1.0-1.5 SCF/lb coal fed. 

to 21% (air) by volume in the pretreatment gas, by blending the correct 
I amounts of air and nitrogen. 

sume all the oxygen fed so no oxygen breakthrough was noted in the effluent 
I gas. Pretreatment is governed by the amount of oxygen reacted rather than 

by the oxygen concentration. However, at high oxygen concentration, faul- 
t ty gas distribution leads to localized combustion. Moreover, with the 

fluidizing velocity essentially fixed by the coal particle size distribu- \ tion, the coal residence time must be shortened at the higher oxygen con- 
centration to maintain the same oxygen consumption per pound. 
10% oxygen to be satisfactory. In large-scale operations, such a mixture 
can be obtained cheaply by adding air to the recycled pretreater effluent 

We are, however, studying the use of air (21% 

Figure 4 shows the region of operation in terms of 

' as possible. M i n i m u m  Pretreatment, therefore, requires oxygen consumption 

We investigated the effect of oxygen concentrations of from 2% 

The oxidation rate was rapid enough to con- 

We found 

'\ in the proper proportions. 
1 oxygen) in pretreatment. 

1 Coal Residence Time 

Because the rate of oxidation is very fast, there is essentially 
In a plug flow reactor, no residence time required for chemical reaction. 

I 
I 

1 
I) 
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T a b l e  1. ANALYSES OF HIGH-VOLATILE-CONTENT 
BITUMINOUS COALS TESTED I N  PRETREATER 

Pi t t sburgh  No. 8 Ohio No. 6 West Vi rg in ia  
Coal Source I r e l a n d  Mine Broken Arrow Mine No. 5 Block - 
Run No. FP-44 FP-38 FP-48 
Proxihate  Analysis, w t  % 
Mol s t w e  1.1 
V o l a t i l e  Matter 34.7 
Fixed Carbon 52.5 
Ash 11.7 

T o t a l  100.0 100.0 100.0 

2 .4  
40.2 

1.1 
34.6 
56.5 I 

_7.8 I 

Ultimate  Analysis (dry), x t  % 
Carbon 71 .1  
Hydrogen 5 .01  
SUlW 4.04 
Ash 11.88 

Screen Analysis, USS, w t  $ 
+20 3 .2  
+30 21.7 
4 0  24.6 
4 0  26.4 
+80 12.4 

T o t a l  100.0 
4 0  11.7 

75.3 
5.63 
3.53 
5.00 

4;5 
23.8 
24.3 
25.4 
11.3 
10.7 
100.0 

77.1 
I 

5.25 ' 
1.17 
1.86 

4.0 
21.0 

24.4 
12.6 

100.0 

4 22.7 

2 . 2 2  

T a b l e  2 OPERATING DATA AND PRODUCT ANALYSES OF 1 
SELECTED PRETREATMENT RUNS I 

C o a l  so'~7c6 - Pittsburgh No. 8 - - Ohio Nd. 6 - W.Va. No.5 ! 

Run so. i FP-11 FP-14 FP-25 FP-31 FP-33 FP-35C FP-39 FP-48 
Tempratme, OF 

Average 76 5 
MaxirmUn 775 
Coal Feed Rate, lb/hr ' 49 
Coal Residence Time, m i n  53 
Feed Gas Rate, SCF/hr 603 
Oxygen Concentration, 

V O l  % 21.0 
Oxygen/Ccal, SCF/lb 2.6 
Agglomeration Test Resul ts* C 
Proximate &lys i s ,  w t  
Moisture 0.4 
Volat i le  Matter 27.4 
Fixed Carbon 58.5 

Total  100.0 

Carbon 69.8 
Hydrogen 4 . 1 1  
3ulflI.r t 
Ash 13.74 

Ash Xd 
Ultimate Analysis (dry) ,  wt 5 

C = caked 

t Not h l y z e d  

F = f ree  flowing 
PC = p a r t i a l l y  caked 

666 
698 
76 
5 1  

590 

9.8 
0.76 

C 

0 .3  
30.3 
55.6 

100.0 

69.7 
4.33 + 

13:88 

749 
757 

% 37 
111 
760 

9.8 
2.0 
F 

1.0 
24.7 
65.0 
22 
100.0 

72.0 
3.81 
t 

9.38 

750 749 634 739 738 f 

584 630 574 663 619 1 

751 752 648 746 744 I 

18 28 56 47 51  . 228 120 116 98 81 

f 
9.9 10.5 21.0 9.3 5 .9 
3.2 2.4 2 .1  1.3 0.72 
F F C F PC 

0.8 0 , 3  0.4 1.5 0.3 
21.3 24.6 36.6 26.6 25.2 
63.8 68.6 58.5 66.9 67.9 
1 4 . 1  6.5 ,A 5.0 6.6 1 - 
100.0 100.0 100.0 100.0 100.0 ,/ 
69.2 75.7 74.9 74.9 77.9 

3.37 3.85 4.91 3.83 4.33 

14.21 6.56 4.49 5.09 6.59 
t t t 2.75 0.96 
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Coal feed rate would depend only on the oxJgen input rate and the unit 
oxygen consumption. Moreover, if gas distribution is uniform, the o x i -  
dation would be uniform. In a continuous fluidized-bed reactor, how- 
ever, residence time must be long enough to minimize the effect of the 
short-circuiting of untreated feed into the product. The solids mixing 
in the fluid bed results in a coal particle age distribution, and hence 
a distribution in the extent of oxidation. Therefore, the average re- 
sidence time and unit oxygen consumption are greater for a continuous 
fluidized bed than for a batch unit. Also, gas of higher oxygen concen- 
tration Cannot be used with a correspondingly higher coal feed rate - and 
hence shorter residence time - to maintain the same unit oxygen consump- 
ti0nJbeCaUse shortened residence time leads to increased short-circuit- 
ing of untreated coal. If the residence time is not shortened,the vo l -  
ume of bed material required would exceed the capacity of our unit. So 
most of o u r  work has been done at oxygen concentrations of 10% or less. 

Figure 5 shows the region of operation for successfulpre- 
treatment in terms of coal residence time and u n i L  oxygen consumption. 
The two are related in almost direct proportion. Residence times Of 
1/2 - 2-1/2 hr were investigated. Minimum pretreatment at reasonable 
feed rates requires coal residence times of between 1 and 2 hours. 

Petroffraphic Study 

To better understand the mechanism of the Pretreatment reac- 
tion, samples of coal before and after pretreatment were mounted and 
examined petrographically.* 
the coal particles by the surface oxidation. Variation in the skin 
thickness was not significant, indicating rapid surface reaction and 
slow penetration below the skin. Short-circuited untreated coal parti- 
cles can be idEntified cs those without this skin. A free-Flowing sam- 
ple had fewer skinless particles than a sample that caked. 

A skin of high reflectance was formed on 

SUMMARY 

A 10-in.-diameter continuous fluidized-bed reactor system is 
baing operated to produce nonaggiomerating coal from high-volatile bi- 
timinous coal by mild surface oxidation. Minimum pretreatment is de- 
fined by acceptability of the coal as a feed to the hydrogasifier. This 
corresponds to 24-26% volatile matter in the pretreated coal. The fol- 
lowing operating variables, in the order of importance, contribute to 
satisfactory pretreatment: reaction temperature of 725O-75OoF, oxygen 
reacted/coal feed ratio of 1.0-1.5 SCF/lb, and a coal residence time 
of 1-2 hours. 
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COAL AND CHAR TRANSFORMATION 
I N  HYDROGASIFICATION 

D. M. Mason 
F. C.  Schora, Jr. 

I n s t i t u t e  of Gas Technology 
Chicago , I l l i n o i s  

INTRODUCTION 

I n  t h e  present IGT hydrogasification program we have under- 
taken a study o f  t h e  petrographic and physical propert ies  of t h e  coals 
used and t h e  chars produced i n  the  various stages of t he  gasif icat ion 
process. I n  t h e  past ,  we have attempted t o  study t h e  k ine t i c s  and op- 
e r a t i o n  o f  t h e  system without knowing what w a s  r e a l l y  happening t o  t he  
coal.  The usual  chemical analyses were conducted, but t h e  r e s u l t s  
f e l l  far shor t  o f  ind ica t ing  what w a s  occurring within t h e  individual 
coal p a r t i c l e s .  Also we believed t h a t  t h e  iden t i f i ca t ion  of what made 
coal desirable  f o r  gas i f i ca t ion  m i g h t  hinge on more  than the  usual 
coal analysis.  We therefore  s t a r t e d  a study of t he  petrographic and 
physical p roper t ies  o f  coals and chars w i t h  two objectives: 

1. To find out a s  much as  possible about what happens t o  the  coal and; 

2 .  To develop a co r re l a t ion  between the  petrographic propert ies  of  

1 
how it behaves i n  t h e  process. 

coals and t h e i r  s u i t a b i l i t y  f o r  hydrogasification. 

Changes i n  The process concept as  i t  i s  developed add t o  t h e  

1 
i oI" a c o a l ' s  s u i t a b i l i t y  may be subs t an t i a l ly  modified, as w i l l  be show 

complexity of t h e  second objective.  For example, i f  pretreatment be- 
cones unnecessary a s  a r e s u l t  of process improvements, t h e  assessment 

i n  t h i s  paper. The work reported here appl ies  mainly t o  t h e  first ob- 
j ec t ive ,  although i t  provides a background f o r  t he  second. 

For t h e  process study, seven coals ranging i n  rank from low- 
v o l a t i l e  bituminous t o  l i g n i t e  have been selected.  (Progress of t h i s  
work i s  reported i n  another paper o f  t h i s  symposium.) O f  these, two 
s t rongly caking coals - Pittsburgh No. 8 and Ohio No. 6 seams - have 
been selected for t h e  i n i t i a l  and most extensive hydrogasification 
study because they a r e  t h e  most d i f f i c u l t  t o  rocess.  The work re- 
ported here i s  l imited t o  the  Pit tsburgh No. 8 coal. 

%re successive with respect t o  the coal: 

Pretreatment t o  destroy the agglomerating power of the coal. 

3irst-st ;ge hydrozasification, a t  1200' t o  1300°F, with pretreated 

I 

1 
) 

i 

I 

The nydrogasification process cons i s t s  of three stages that  

5 

coal as feed. 
I '/ Second-staze hydro-asificstion, at 1700' t o  2000'F, with f i r s t -  

s7,age residue as feed. 
\ I  

The r e s u l t a n t  chars fron each o f  t hese  stages a s  well a s  t h e  
LnLtial coal feed have been exmined. I 

1 
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PROCEDURES 

Petr oaraphy 

Petrographic work was done with a Zeiss Universal microscope. 
A 4OX Antiflex objective and 12.5X Kpl eyepieces were used for maceral 
analysis. Reflectance was determined at a wavelength of 548 millimi- 
crons, essentially as described by Schapiro and Gray' and by Harrison.4 
A 4% 0.85  NA achromat "Aufl POL' objective and the same kind of eye- 
piece as above were used. The aperture in the eyepiece restricted the 
field to about a 2.5-micron diameter. The Photovolt 520M photometer 
was modified so that the recorder signal was obtained from a 2000-ohm 
Precision potentiometer. A switch served to connect either the 2oten- 
tiometer or the photometer output meter to the cathodes of the two 
(reference and signal) tubes of the cathode follower circuits. 

Glass standards obtained from Bituminous Coal Research, Inc., 
were used for reflectance determinations below 2%. 
above 2$, a brilliant-cut diamond was used as a standard. 

The fragile, hollow particles of our pretreated coal and hy- 
drogasification residues were crushed and shattered when mounted in 
epoxy resin by the mounting method usually used for coal, where hydrau- 
lic pressure is applied to impregnate the coal. An apparatus and pro- 
cedure for vacuum mounting was developed which will be described in a 
later publication. 

Particle density was determined by Ergun's gas flow method.2 
The method was shortened by making measurements with only three rates 
of flow on each of two bed densities. The estimate of the standard de- 
viation from 21 duplicate determinations was 7%. 

True density was determined by helium displacement in a Beck- 
man air pycnometer. 

Feed Coal and Pretreatment 

of the Consolidation Coal Company. Proximate, chemical, sieve, and 
maceralanalyses of the feed in a typical pretreatment run are given in 
Table 1. 

For reflectance 

The Pittsburgh No. 8 coal was obtained from the Ireland mine 

Table 1. TYPICAL ANALYSES OF IFELAND MINE COAL 
FED TO PFBTFBATER 

proximate Analysis, wt % Ultimate Analysis (Dry Basis) , wt % 

Volatile Matter 32.7 Hydrogen 4.62 

Fixed Carbon 52.3 Nitrogen 1.18 
Total 100.0 Ash 14.22  

Oxygen (By Difference) 8.05 
Total 100.00 

Moisture 0.9 Carbon 6 7 . 6  

Ash 1 4 . 1  Sul fir 4 .33  



Table 1. TYPICAL ANALYSES OF IRELAND MINE COAL 
FED TO F'RETREXTER (Cont. ) 

PetrograPhic Analysis, vo l  $ Sieve Analysis, 

V i t r i n i t e  88 20 

Fus in i te  1 -40 + 60 
Semi f i s i n i  te 4 -60 + 80 
M i  c r i n i t  e 

(Mineral-Matter Free ) 

Exini te  2 -20 + 30 
Res i n i t e  (<I) -30 + 40 

-80 + 100 
-100 + 200 
-200 + 325 

- 325 

Total  

Total  

uss, w t  % 

3.7 
22.4 
24.8 
25.5 
11.7 
5.2 
4 . 3  
1.1 
1.3 

100.0 

The important petrographic cha rac t e r i s t i c s  of the coa l  a r e  the con- 
t e n t  of :1)  ex in i te ,  the  group of macerals having the lowes t  r e f l ec t -  
ance and highest hydrogen content, 2 )  v i t r i n i t e ,  t he  component com- 
p r i s ing  t h e  bulk of t he  coa l  and having an intermediate ref lectance 
and hydrogen content,  and 3 )  i n e r t  o r  semi-inert  components having a 
high re f lec tance  and low hydrogen content. 
components i n  the  Pi t tsburgh seam can be infer red  from petrographic 
ana lys i s  by  t he  Bureau of Mine:, though these components a re  reported 
w i t h  a d i f f e ren t  nomenclature. 

meration power cons is t s  of t r e a t i n g  the crushed coal  w i t h  n i t r o  en- 
d i lu t ed  air  i n  a continuous, s ingle-s tage f lu id  bed a t  700' t o  800'F. 
The most s t r i k i n g  feature of  the  pre t rea ted  coal  pa r t i c l e s  (Figure 1) 
i s  that many have been i n f l a t e d  t o  thin-walled hollow spheroidal forms. 
Because of t h e  mixing i n  the f l u i d  bed and r e su l t i ng  var ia t ions i n  
p a r t i c l e  residence times, the extent  of modification var ies  great ly  
from p a r t i c l e  t o  p a r t i c l e .  A few have a re f lec tance  as low as that 
o f  the o r ig ina l  coa l  and appear t o  be unchanged, w i t h  ex in i t e  s t i l l  
present i n  a t t r i t a l  areas. Appearance of vesicles ,  disappearance o f  
ex in i te ,  and increase i n  the  re f lec tance  occur as the pretreatment 
progresses.  Micr ini te  becomes d i f f i c u l t  t o  dis t inguish.  An outer 
zone of ref lectance g rea t e r  than that of t h e  i n t e r i o r  appears on most  
p a r t i c l e s .  The high re f lec tance  of t h i s  sk in  i s  a t t r i bu ted  t o  reac- 
t i o n  w i t h  oxygen; increased re f lec tance  i n  the mass of t he  pa r t i c l e  
may be caused only by carbonization. Reflectance of the  skin ranges 
from 2 t o  2.6%; re f lec tance  of the  i n t e r i o r  ranges from about 0.8% 
as observed on the v i t r i n i t e  of Lhe o r ig ina l  coal, up t o  about 2%. 
The s k i n  extends i n t o  cracks and i s  present  in t h e  i n t e r i o r  of some 
ves ic les ,  though usua l ly  w i t h  reduced t h i c b e s s .  

A quant i ta t ive  measure of the s w e l l i n g  during the  various 
s tages  i s  given by the  average poros i ty  determined f o r  two sieve frac- 
t i o n s :  66% on the -30+40 mesh f rac t ion ,  and 59% on the -60+80 mesh 
f r a c t i o n  (Table 2 ) .  

Variation of most of these 

P i lo t  p lan t  pretreatment of t he  coa l  t o  destroy i t s  agglo- 

I 

Hydroaasification Residues 

Residues from f i r s t -  and second-stage runs that a re  believed 
t o  represent t y p i c a l  conditions f o r  t he  in tegra ted  process1 were chosen 
f o r  intensive study. In the f i r s t - s t a g e  run the reac tor  temperature 
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Figure 1. PRETREATED COAL 
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averaged 1205OF, and the pressure was 1030 psig. 
treated coal (W) was gasified. In the second-stage m the tempera- 
ture averaged 1825'F, and the pressure was 1023 psig. 
feed was gasified, equivalent to 41% of the pretreated coal. 

In a petrographic examination of the first-stage residue no 
trace of the high-reflectance skin that is conspicuous in the pretreat- 
ed coal was present in any particle (Figure 2 ) :  Occasional particles 
of the second-stage residue had a dark skin (Figure 3 ) .  Kinship of 
this dark skin with the pretreatment skin was evident from their simi- 
larity in form and in pattern of occurrence, particularly in cracks 
and around uesicles. While the contrast gives an appearance of dark- 
tfess to this skin, measurements showed that the reflectance of this 

ed coal. Evidently the reflectance of the substrate has, during the 
second stage, increased more rapidly and become greater than that of 
the skin. 

Particles from both first- and second-stage runs showed great 
variation in both reflectance and strmture. Reflectance of the first- 
stage residue ranged from 2.5% to 7.2$, of the second-stage residue 
from 3.5% to 8.6% (Figure 4). 
ture from the pretreated coal. In others, additional vesicles, parti- 
cularly small ones, have formed. In some of the particles the vesicle 
walls are extremely thin, or have partly disappeared to leave only a 
skeleton structure. In these highly inflated particles the exterior 
wall frequently appears more substantial than the interior vesicle 
walls. This may be an effect of the pretreatment skin. 

also examined. 
different mine - Consolidation Coal Company's Montour 4 mine. 
hydrogasification reaction was conducted entirely in 18 feet of free 
fall. The run could not be completed because of agglomeration of coal 
in the feed tube and in the reactor. However, the structure of single 
particles recovered from the base of the reactor is of interest (Figwe 
5). They are much more uniform in appearance and reflectance than re- 
sidues from runs with pretreated coal. Almost all of the particles 
are filled with small vesicles whose walls are perforated. The exter- 
ior walls sometimes appear thicker than interior walls, resembling, to 
some extent, the pretreated coal residue. However, the free-fall par- 
ticles show numerous exterior wall perforations that are absent in the 
pretreated coal residue. Also, the particle density and porosity 
(Table 2) show that the particles have, on the average, swelled much 
more than pretreated coal. 

About 21% of the pre- 

About 52% of the 

dark" skin was actually greater than that of the skin of the pretreat- 

Some particles appear unchanged in struc- 

Particles from a run in which untreated coal was fed were 
This coal was from Pittsburgh No. 8 seam but from a 

The 

DISCUSSION - 

The necessity for pretreatment strongly affects the charac- 
terization of high-volatile bituminous coal for hydrogasification. From 
previous work it is well known that high hydrogen-to-carbon ratio, low 
rank, and high-volatile matter are conducive to high reactivity and 
yield in hydrogasification. It is also well known that the reflectance 
of the vitrinite in a coal is a good indicator of its rank and volatile 
matter content. Thus, if pretreatment were not necessary, both high 
exinite content and low reflectance of the vitrinite would be very de- 
sirable. However, with the present degree of pretreatment in which 

I 

R 
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Figure 2. RESIDUE FROM FIRST-STAGE HYDROGASIFICATION 



Figure 3. RESIDUE FROM SECOND-STAGE HYDROGASIFICATION 
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Figure 5 .  RESIDUE FROM FREE-FALL HYDROGASIFICATION 
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efinite is almost entirely destroyed, this component is of little value. 
Similarly, decrease of reflectance of the vitrinite below a yet unde- 
terixined level is also of little advantage, because the excess volatile 
matter is removed in the pretreatment. Thus our second objective - the 
characterization of coal with respect to its suitability for hydrogasi- 
fiCatiOn - is highly dependent on process development in this area. 
There is some likelihood that in a large commercial plant pretreatment 
may be avoided. 

ses of residues from the first sta e of hydrogasification show no in- 
crease (sometimes a small decrease? in average particle size; thus, 
essentially no additional swelling of the coal particles occurs in 
this stage, although the rate of heating is probably as high and the 
103s of volatiles more than in pretreatment. We attribute the dimen- 
sional stability of the particles to rigidity of the pretreatment skin. 
A few particles that escaped substantial pretreatment probably swell, 
but this may be balanced by attrition and gas-solid reaction 3n the ex- 
terior surface of the particles. Later runs with less severely pre- 
treated Coal show that additional swelling does occur in this stage. 
This is advantageous because the larger particles present a greater 
amount of easily accessible surface for reaction. Also, they settle or 
fall more slowly in free fall, thus providing a longer reaction time 
for such a stage. 

The first-stage residue shows an increase in average poro- 
sity (Table 2), which we attribute to gasification of coal in the in- 
terior of the particle. 

the char decreases several percent. We attribute this mainly to attri- 
tion, although there may be some decrease in average diameter by way of 
asification reactions on the exterior surface. Decreased porosity 7 Table 2) is attributed to attrition of char particles, which leaves 
a greater proportion of low-porosity shale particles. 

The particle-to-particle variation of the residue in struc- 
ture and reflectance is of interest because it probably indicates var- 
iation in reactivity. The possibility that the subclass of vitrinite 
in the original coal may have an effect has been considered. There is 
the well-known differentiation between telenite and collinite. Brown, 
Cook and Taylor have suggested a different subclassification: 
and nonattrital vitrinite. However, many of o m  coal particles are 
not composed of a single subclass, while single residue particles are 
rather uniform in both structure and reflectance. 
the history of the particle in the process is a likelier source of the 
observed variation, although the vitrinite sublcass may have a minor 
role. Structural variation can easily be explained on the basis of 
variation in volatile matter content of the pretreated coal, and per- 
haps also in variation in the thickness of pretreatment skin. 

The variation in reflectance is more difficult to explain if 
it is assumed that a particle's reflectance should be a function of its 
temperature-time history only. The reflectance variations among resi- 
due particles of the three hydrogasification runs that have been dis- 
cussed are shown in Figure 4. For comparison we also show the reflec- 
tance of retreated coal heated at different temperatures for 20 min- 

fication runs show much wider variation than either the heated coal or 

Pretreatment affects the process in other ways. Sieve analy- 

In the second stage of hydrogasification, particle size of 

attrital 

Thus it appears that 

Utes and t 0 minutes. The residues from the two moving-bed hydrogasi- 
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t he  residue from t h e  f r e e - f a l l  hydrogasification run. The bed tempera-! 
tu re ,  as measured by i n t e r n a l  thermocouple, d i f fe red  by less than 1 0 0 ~ ~  
from t h e  average reactor-wal l  temperature ( the  normal o r  reported one) 
zhroughout the %-minute reslfience of the coal .  However, the tempera- 
cure of individual  p a r t i c l e s  may r ise  subs tan t ia l ly  above the bed t e m -  
perature,  because o f  the  heat evolved i n  the react ion.  No explanation 1 

1 
i cr' Ihe low re f lec tance  values i s  avai lable  yet .  
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GISIFICUIOT' OF COAL I N  A SLAGGING PRESSW G!SIFIJD 
3.  A. Lacey 

The Gas Council, Midlands Research S ta t ion ,  Sol ihul l ,  England. 

IfiTRODUCTION 

I n  IS55 The Gas Council, Midlands Research S ta t ion  at Sol ihul l ,  began t o  be 
ac t ive ly  concerned i n  the  development of  a 'fixed bed siegging' g a s i f i e r  a6 a 
possible  means for  providing' the 'gas' industry with la rge  gas i f ica t ion  u n i t s  t o  
gasify a wide range of  s o l i d  fuels', a t  high eff ic iency and low cost .  
with a l o w  Carbon monoxide content, t o  be enriched with hydrocarbons t o  a 
c a l o r i f i c  value of 500'Btu/ft3, was required. A t  this time the Lur& process  was 
well es tabl ished i n  many p&ts of the  world, but i t  used an excess of steam i n  
the steam oxygen mixture supi l ied t o  the  g a s i f i e r  t o  prevent c l inker  formation i n  
t h e  f u e l  bed. As a r e s u l t  i t  w a s  des i rab le  t o  use coal of a high ash fusion 
temperature, and the comparatively small steam decomposition i n  the short  contact 
time i n  the hot gas i f ica t ion  zone l imited the throughput of the g a s i f i e r  and 
produced l a r g e  volumes of phenolic l iquor  with its attendant disposal problem. 
It appeared then t h a t  b e t t e r  performmce could be achieved by increasing the hot 
zone temperature of the  g a s i f i e r  and operating under slagging conditions. 

The essence of s lagging gas i f ica t ion  i s  tha t  the.stearc supplied per  uni t  
volume of oxygen is only tha t ' requi red  f o r  gasif icat ion.  
temperatures some hundreds of dej-ees Centigra.de above t h e ' f u s i o n  point ,o f . the  ash 
a r e  generated at  the steam oxygen i n l e t ,  and the  ash fuses t o  a l iquid slag. 
Certain advantages follow from t h i s ,  ins1udir.g high thermal efficiency,; high 
throughput, a choice of f u e l  unres t r ic ted  by low ash fusion temperature or 
r e a c t i v i t y ,  and the absence of .  a i:iechanical grate. Gasif icat ion under .sla&ng 
conditionsdoea,however, introduce the  hazards of high temperatures o t  elevated 
pressures. 

The first slngging g a s i f i e r  erected at  S o l i h u l l  was operated on coke a t  
5 atm. presskre and was used t o  mdie an assessxent of the mater ia l  requirements 
for gas i f ica t ion ,  End t o  inves t iga te  m thods of cont ro l l ing  s l c g  flow and 
removing slag from a pressure system('!. A fea ture  of t h i s  g a s i f i e r  was a f la t -  
bottomed hear th  with a s ide  s l a g  o u t l e t  consisti?ig of a % inch s i l i c o n  carbide 
tube 30 inch long. 
the  high heat  l o s s  from the s lag,  u n t i l  an in te rmi t ten t  systeria of tapping was 
developed. 
tube hot combustion gases from a tunnel burner, and was then run off a t  a high 
r a t e  by def lec t ing  t h e  burner and applying a d i f f e r e n t i a l  pressure across  the 
hearth. It was considered t h a t  t h i s  system of operation j u s t i f i e d  fur ther  
development, but the s ide  offtc&e was not sa t i s fac tory .  
f o r e  redesigned t o  take a new hearth with a shor t  water-cooled slag t a p  at the  
cent re ,  and w a s  r e b u i l t  toge therwi th .  the necessary auxi l ia ry  p lan t  to provide f o r  
operat ion on bituminous coal  at 25 atm. pressure and a gas output of 5 m i l l .  f t3 /  
day(2). 

DESCR1FTIOI.I OF PLANT. 

A. lean gas 

Under, these condi t ions 

Frequent blockages of the s l a g  o u t l e t  were experienced due t o  

Slag was allowed t o  accumulate i n  the hearth by d i rec t ing  up the  tap  

The g a s i f i e r  was there- 

D e t a i l s  of the g z s i f i e r  and the  gas cooling plant  a r e  shown i n  Fig. I. The 
f u e l  bed, 3 f t .  diameter by 10 f t .  deep, was contained within a re f rac tory  l ined 
pressure vessel ,  a t  the top of which was mounted a water-cooled stirrer t o  h r e a k  
up m y  agglomerations i n  t h e  f u e l  bed. Coal premixed with a sui tPble  f lux  entered 
the  g a s i f i e r  through the  f u e l  lock hopper, flowed by gravi ty  through the  s t l r r e r  
u n i t ,  and was d is t r ibu ted  over the  top of the f u e l  bed as the  s t i r r e r  rotated.  
The f u e l  capacity wi th in  t h e  s t i r r e r  un i t  was j u s t  suf f ic ien t ,  when operat ing a t  
tr.e designed load, to ensure t h a t  the  feed was maintained t o  the  fuel  bed during 
t h e  period t h a t  the lock hopper was being rechLrged. Coal. moved down the g a s i f i e r  
as  i t  was continuously gas i f ied  by t h e  stem oxygen mixture tha t  w a s  i n j e c t e d  i n t o  





the  bottom of the f u e l  bed through four water-cooled tuyeres. I n  f ront  of the  
tuyeres t h e  temperature generated by the combustion of the  f u e l  with the  oxygen 
melted the  ash which drained i n t o  the hear th  below. The hot 7 ~ n e  was confined 
t o  the  cent re  of t h e  gasifier away from the  re f rac tory  w a l l s  by project ing t h e  
tuyeres  6 inch i n t o  the f u e l  bed, and using a b l a s t  veloci ty  of about 200 ft/sec. 

8 carrier r i n g  f i t t e d  between the  main f langes of the gasifier and the  quench 
chamber. 
where it  formed a glassy black f r i t  t h a t  s e t t l e d  i n  t h e  s l a g  lock hopper. 
wa6 c i rcu la ted  a t  a high rate, from the s l a g  hopper through a cooler and back i n t o  
the  quench chamber v i a  a perforated r ing ,  t o  c r e a t e  highly turbulent  condi t ions 
t h a t  avoided s t r a t i f i c a t i o n  and helped to quench and break up the slag. 

t h a t  kept  i t  f ree  from deposi ts  of tar and dust ,  and were quenched by l iquor  
rec i rcu la ted  from t h e  base of che waste heat bo i le r .  After  leaving the waste heat 
bo i le r  the gases passed through a f i n a l  cooler t o  a reducing valve t h a t  controlled 
the p lan t  pressure. Tar  and liquor condensate from t h e  gas w a s  blown down throueJl 
valves control led by the  l e v e l  of l i q u i d  i n  the sumps of the waste heat boiler and 
f i n a l  cooler ,  and passed i n t o  a l a r g e  storage tank where separation of the  two 
phases occurred, 

The cooled gases from the  plant  were burnt a t  ground l e v e l  within M 
acous t ica l ly  l ined  enclosure a t  the base of a 120 f t .  high chimney stack. 

The hearth of the g a s i f i e r  was contained within a water jacket supported from 

Slag  was discharged v e r t i c a l l y  downwards i n t o  water i n  the quench chamber 
Water 

The product gases l e f t  the gasifier through an off take f i t t e d  with a scraper 

-- PEVELOP1~~~ OF THZ SLAG TAP. 

In Small slagging g a s i f i e r s  t h e  heat capacity of t h e  s l a g  stream even when 
the ash content of the f u e l  i s  increased a r t i f i c i a l l y  by f luxing is low i n  
proportion t o  the high rate of heat  losfi, and problems with viscous s lag ,  
s o l i d i f y i n g  slag, and s t a l a c t i t e  formation are common when continuous tapping i s  
attempted. 
g a s i f i e r  was based on in te rmi t ten t  tapping from a reservoi r  of s l a g  contained i n  
the  hearth. 
enabled gasifying media t o  be introduced through the tap  hole i n  an attempt t o  
control  the  s lag  temperature independently of the main gas i f ica t ion  reac t ions ,  but 
t h e  increased slag residence time i n  the hear th  encouraged the separation of 
l i q u i d  i ron.  

w a s  the presence of t h e  i ron  compounds t h a t  gave the  ash the  low melting point  and 
good flow propert ies  for  which the  f u e l s  were or ig ina l ly  chosen. 
reducing conditions i n  the hear th  inevi tably led  t o  the  formation of i ron ,  although 
the  degree of reduction was grea t ly  reduced by introducing oxygen through the tap 
hole. In  the  absence of e s u i t a b l e  re f rac tory  it was necessary t o  develop a water 
cooled metal s l a g  tap  t h a t  was compatible with the  s l a g  under the conditions 
e x i s t i n g  i n  the hear th  and t h a t  would a l s o  withstand l i q u i d  i ron,  which a t  temper- 
atures above 150@"' has a very high heat capacity. 
necessary t o  have a very high heat  t r a n s f e r  r a t e  t o  the cooling water t o  form a 
pro tec t ive  layer  of s o l i d i f i e d  s l a g  and t o  f reeze any i r o n  before it damaged the 
s l a g  tap. 
a hi& thermal conductivity, use high cooling water r a t e s ,  and avoid any 
accumulations of i r o n  i n  t h e  hear th .  
used f o r  the s l a g  tap  because of the type of s l a g  t a p  burner employed, but l a t e r  
carbon s t e e l  was found t o  be sa t i s fac tory .  

through several  stzgefi of development, and these have been described i n  d e t a i l s  by 
Hebden(2) et  al. Tha hcarth depicted i n  Fig. I was abandoned a t  an e a r l y  stage. 
It  was unsat isfactory because of the  erosion of the carbon t i l es  h the Visizlity 
of the t a p  hole by the s l a g  tap  gases, 2nd its shape permitted i r o n  t o  co l lec t .  
The s l a g  t a p  withstood small q u a n t i t i e s  of i ron ,  but  i t  was found t h a t  masses of 

To avoid these d i f f i c u l t i e s  the  tapping system for  the  experimental 

This gave a homogeneous s l a g  w i t h  c o n d s t e n t  flow propert ies  and 

The fuels used i n  t h e  s lagging g a s i f i e r  had a high i r o n  content. In  f a c t  i t  

The s t rongly 

To preserve the s l a g  t a p  it was 

It was therefore  des i rab le  t o  construct  the slag t a p  with metal having 

Original ly  a u s t e n i t i c  s t a i n l e s s  s t e e l s  were 

~s a consequence of i r o n  a t t a c k  the hear th ,  slag t a p  and s l a g  t a p  burners went 



I 
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10 t o  30 lb. i r o n  accumulated and deeitroyed the s l a g  tap as they flowed uncontral l -  
ably from t h e  hear th .  
towards the t a p  h o l e  with t h e  minimum opportuni ty  f o r  i r o n  t o  colle& at any point. 
Thus, t h e  h e a r t h  and s l a g  t a p  were made funnel  shaped, and t h e  slag t a p  was tapped 
as f requent ly  8 s  p o s s i b l e  t o  limit t h e  q u a n t i t y  of  i r o n  t h a t  could c o l l e c t .  

The hear th  a d  s l a g  t a p  t h e t  proved r e l i a b l e  f o r  more than  100 hours  
opera t ion ,  and which were used for the performance tests, are shown i n  Fig.  11. 
The f l o o r  of  t h e  r e f r a c t o r y  hear th  s loped downwards at  45” t o  a carbon s t e e l  s l a g  
te?  assenbly,  a t  t h e  c e n t r e  o f  which was t h e  s l a g  t a p  tube 1% inch diameter by 2 
inches  1006. 

I 

inches  diameter i n  t h e  c e n t r e  of the  g a s i f i e r ,  a d  t h e  r e f r a c t o r y  w a l l s  at the s i d e  ,I 

were protected by unburyt f u e l .  3elow t h e  s l a g  t a p  two swinging burners  were 
mounted. The t a p  burner  c o n t r o l l e d  t h e  s l a g  tapping and was used t o  introduce air, 
oxygen and town gas i n t o  t h e  s’-;g t a p  tube,  where combustion occurred, giving a 
l ine-  gas v e l o c i t y  s u f f i c i e n t l y  high t o  hold back t h e  s l a g  i n  the  hearth. The 
a w i l i e r y  burner which had a r e f r a c t o r y  t u n i e l  was norna l ly  i n  the  r e t r a c t e d  
Bos i t ion  and was i n s t a l l e d  t o  c l e a -  t h e  t a p  hole  i n  the event of a b l o c b g e  a 
purpose for  which t h e  tap  burner was unsuited. It was necessary to use this 
burner  only on very r a r e  occasions. 

which \?her? i t  d id  occur ,  w a s  i n v a r i a b l y  confined t o  an a r e a  a t  the  outer  edge of 
t h e  tap  cone en t rance  t h a t  wzs most d i f f i c u l t  t o  cool  e f f e c t i v e l y .  To give t h i s  
vulnerzble  a r e a  added p r o t e c t i o n  water-cooled c o i l s  o f  copper tub ing  were 
i n s t ? l l e d  i n  t h e  hear th .  
tub ing  enzbled i t  t o  v i t h s t a n d  l a r g e  amomts o f  i r o n  rrithout s u f f e r i n g  any damage. 
It is considered t h a t  co2per i s  a very promising Inater ia l  f o r  t h e  construct ion of  
tine s l a g  t q ,  and t h e  slag t a p  h a s  been redesigned t o  enable it to be fabr ica ted  
fro!,: this mater ia l .  

/ 

I 

Ekperience i n d i c a t e d  that t h e  hear th  should s lope s teegly 

,J 

Very l i t t l e  e r c s i o n  of t h e  r e f r a c t o r y  heaz th  occurred f o r  it was 
found thc.t t h e  high temperature gases  and slag were confined to  a zone about 20 

I 
) 

1 
The s l a g  t a p  shown i n  Fig. I1 was not  com2letely immune from i r o n  a t t a c k ,  I 

) 

I The high heat transfer r a t e s  p o s s i b l e  with the  copper 

1 
1 

SLAG T.tPPII.!G. - 
The i n t e r m i t t e n t  s la& tapping system proved t o  be s o  easy t o  opera te  and i 

t r o u b l e  f r e e  thet  it was p o s s i b l e  t o  ado2t an autoaslat ic  tapping  system. 1 
t h e  tapping was c o n t r o l l e d  on a time b z s i s ,  bu t  l a t e r  it was cont ro l led  by  the slag ‘., 
l e v e l  i n  t h e  hear th .  
t h e  t a p  hole  t h e  s l a g  l e v e l  i n  t h e  h e r r t h  increased.  On reaching t h e  l e v e l  of a f 

col l imated beam o f  g m a  r a y s  from t h e  l e v e l  d e t e c t o r ,  about  12 inches above t h e  
’ 

t a p  h o l e ,  a sequence o f  opera t ions  was s t a r t e d  t o  tap t h e  slag. 
swung away from t h e  tap hole ,  and oil reaching its f u l l y  r e t r a c t e d  p o s i t i o n  a 
c o n t r o l  valve on a v e n t  l i n e  from t h e  quench chsrnber w a s  opened t o  reduce the 
pressure  i n  the  quench chamber below t h a t  of  t h e  g a s i f i e r .  
t i a l  pressure a c r o s s  t h e  h e a r t h  was maintained f o r  a pre-set  time per iod t o  force  
t h e  s l a g  t o  flow fro51 t h e  h e s r t h ,  End t h e  c o n t r o l  valve w a s  then  closed. 

burner ,  the s l a g  flow stopged, and t h e  tsp burner was swung back to the t a p  hole. 
I n  e t y p i c a l  t apping  c y c l e  t h e  s l a g  was ta;>ped f o r  20 seconds every 4 t o  6 minutes. 

I n i t i a l l y  

Yith t h e  s l a g  ta? burner d i r e c t i n g  t h e  hot  gases  up through i 

i The t a p  burner was 

.i A cont ro l led  d i f fe ren-  

I 
As the  

pressure  i n  t h e  slag quench chcmber b u i l t  up, due t o  t h e  gases  suppl ied to the , .  

During the  development work on coke t h e  slag was tapped a t  d i f f e r e n t i a l  \ 

p r e s s u r e s  of 5 t o  .I5 lb/in.2. ’;!hen c o d  was t e s t e d  i t  was found t h a t  at  these 
d i f f e r e n t i a l  p r e s s u r e s  f u e l  yas  en t ra ined  i n  the  slac s t r e z a .  The d i f f e r e n t i a l  

A t  these 

! 
i, 

ta?ping pressures  werc p z d u a l l y  reduced and i t  was p o s s i b l e  t o  dra in  slag from t h e  
h e a r t h  z t  2. r a t e  of more than 70,000 lb/hr. with a p u l l  of  1 lb/in.2. 
lo:! d i f f e r e n t i a l s  carbon could not be de tec ted  i n  the slag, and the tempercture of 
t h e  s l a g  stream wi8.s more uniform t h a t  a t  t h e  higher d i f f e r e n t i a l  p r e s a r e s .  

\!hile t h e  arrangement of  swinging burners  ;forked well on t h e  p i l o t  p l a n t  
mechznical devices  of t h i s  tyyx would not  be a p r a c t i c a l  p ro2os i t ion  i n  a la rge  
p l m t .  
t a ?  which would cllorr i r o n  t o  piss out  through t h e  t a p  hole  .at any t i m k  while , t h e  

t 
They co??ld be r e p l x e d  by a. f i x e d  burner wrange!:.!ent momted below the sl?.g 

‘ 
, 

.I 



s l a g  was retained and in te rmi t ten t ly  tapped t o  maintain a constant l e v e l ,  o r  
reservoi r ,  in t h e  hearth. 

\ 
GASIFIER PKFFOR&UVCE 

The first phase of the  experimental programme was t o  develop the hear th  

_I 

design and the  s l a g  tapping system, and for  t h i s  purpose a f r e e  flowing s l a g  w a s  
required. Avenue coke was selected as a su i tab le  f u e l  on the b a s i s  of i t s  s i l i c a  
r a t i o ,  a parameter of chemical composi i n t h a t  gives a good cor re la t ion  between 
the viscosi ty  and temperature of slagst37. The coke was mixed with b l a s t  furnace 
s l a g  i n  the  proportion 2 p a r t s  s l a g  t o  1 p a r t  ash t o  increase the volume of s l a g  
t o  be tapped. This  sin.plified plant  operation and avoided any complications t h a t  
might a r i s e  with coal, so t h a t  a t ten t ion  could be concentrated on the hear th  and 
s l a g  tap. \:hen the  d e s i p  of the hearth and s l a g  t a p  had progressed s u f f i c i e n t l y  
t o  enable the p lan t  t o  be operated continuously f o r  4 days the changeover w a s  made 
from coke t o  coal, 

The f i r s t  experimental runs with coal  were made with Donisthorpe washed 
doubles, a weakly caking coal  t h a t  w a s  known t o  behave well i n  slagging boi le rs .  
It was mixed w5th b l a s t  furnace slag t o  increase its ash content and w a s  success- 
f u l l y  gasif ied a t  300 p.s.i. and ail oxygen r a t e  of 40,000 ft3/hr. Using the Same 
fue l  t h e  g a s i f i e r  was next operated a t  its designed gas output of 5 m i l l .  ft3/day 
f o r  a test period of 81 hours t o  obtain d a t a  from which the performance of the 
g a s i f i e r  could be accurately assessed. 

proportion of advent i t ious ash, i.e.,  m t r e a t e d  s ingles  with an ash content of 
11%. 
but t o  preserve approximately the same s i l i c a  r a t i o  a f l u x  of dolomite was added 
in the  r a t i o  0.3 l b i l b .  ash. 
any d i f f i c u l t y  with t h e  f l e l  bed, o r  with tapping the  slag. 

output, and a run was made a t  an output of 7% m i l l .  ft3/day, i.e., !X% above t h e  
designed output. The g a s i f i e r  operated smoothly and s l a g  tapping was consis tent ,  
but as t h e  run progressed d i f f i c u l t i e s  were experienced with the gas cool ing 
system and run was terminated a f t e r  10 hours. The fac tor  t h a t  l imi ted  the  output 
was the lock hoppering of the fuel .  
before recharging and repressur i s ing  o f  the lock hopper could be completed. This 
resu l ted  i n  a widely f luc tua t ing  gas out le t  temperature which w a s  normally f a i r l y  
steady a t  350 t o  m 0 C ,  it  now f lcctuated between 200 and m " C .  A grea ter  
capacity i n  t h e  d i s t r i b u t o r  and another lock hopper would be required before any 
material increase i n  output could b e  attempted. 

handle a coal  with a high fusion point ,  and a coal  i n  the highest range of s i l i c a  
r a t i o s  w a s  se lected from Newstead Coll iery i n  the  East Midlands coa l f ie ld .  The 
ash content of 6% was fluxed by the addi t ion of doiomite t o  reduce the s i l ica  
r a t i o  t o  65 and, i n  a run of 10 hours, no d i f f i c u l t y  was experienced i n  tappink 
the  s l a g  which was i n  f a c t  remarkable f o r  i ts f r e e  flowing character. 
ind ica t ions  were t h a t  a lower flux:ash r a t i o  or steam:oxygen r a t i o  could have been 
employed. 

The next run was t o  attempt t o  gasify a smaller and d i r t i e r  coal with a high 

With the  higher ash content it was no longer necessary t o  b a l l a s t  the  fue l ,  

The g a s i f i e r  worked well on the d i r t i e r  coal  without 

It w a s  then considered of i n t e r e s t  t o  e s t a b l i s h  the l i m i t  of the g a s i f i e r  

A t  t h i s  output the d i s t r i b u t o r  w a s  empty 

The f i n a l  run made with t h e  slagging g a s i f i e r  was t o  t e s t  its a b i l i t y  t >  

The 

a) Gu. 

nsed i n  the  perforrflance t e s t s  a r e  given i n  Tables 1 and E. 
The d e t a i l s  of the  f u e l  and the  chemical composition 02 the  f u e l  rsh  and f lux  
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TABU 1. Fuel  Analysis 

I 

f Test  No. i i 54 : 67 70 I 71 1 72 1: 
I 

! 

i -  

r 1 

1 Fuel 

i Nominal s i z e  1 11'2 - 1 I 1% - 1 ; 1 - }'z j 1% -. 1 ; 2 - 1 j 
! ( in . )  ! 

r I 

902 902 I 802 1 I 902 
I i 

I 1 
I I 

74.6 ' 73.8 I 
1 

71.3 * 68.7 j I 

j R a n k  i -  
' . -  U l t i m a t e  A n d y s i .  i 

Carbon w t .  z '  88.0 
' Hydrogen I' * 0.75 

1.05 I Kitrogen 'I 

?.?5 j Suiphur 

i 
i 
I 

I ,  ! 

: Chlorine 18 i 0.05 

1.45 I Oxygen, e r r o r s ,  
, e t c .  

5.0 
1.55 
-I -45 

0.15 

13-2 
I 

Ash II I 7.55 7.35 

4.75 I 5.0 
1.5 ~ 1.55 
1.8 1 e 3  
0.05 0.2 

11.75 j 11.7 

11.45 i 5.65 
I - 1  

'1O0,o : 190.0 ! Ior).O ; 100.0 j 
i - I  - 

, - !  - 
i - ,  

' Moisture ds . 9.45 12.7 I 15.1 i 13.8 

i charged 

! 

I 
11.15 I 

! 
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?\ TABLE 2,. Ae'l acd Flux C o m p ~ . j  t ions 

I I 

i "2'3 / 26.81 : 28.50 27.52 
1 44.18 ' 38.60 f 44.53 

15.60 15.49 
1.17 i 1.22 ' 

0.22 j 0-23 
0.49 0.32 

1.09 ! 0.55 
1.38 2.17 
5.71 4.75 

Newstead 
Doubles 

32.40 
47.0 

-- 

4.52 
0.95 
0.20 

1.25 
2.14 
0.80 
5.95 

i ' !MgO : 1.05 2.06 2.17 ' 1.70 
6.21 2.59 I 3.49 

I 
1 --c--- 

1.46 1 /$) : so3 i 
In I 

: Ash Properties I 
0 ,  

69 ' 80 
I i ' S i l i c a  RatiQ ; 67 i 62 i 

I 
'0, 1 Fusion Temps., O C  

i I n i t i a l  1110 ! - ' 1165 
Reformation I 

c Hemisphere Point  1215 1250 1350 , I 

Flow Point ' 1330 ' 1345 , 1470 

1235 

1355 
1545 

Si02 x 100 
Si l ica  Ratio = 

Si02 i Equiv. Fe 0 i CaO i M@ 2 3  

i 

B l a s t  
Pwnace 
Slag 

20.6 
33.40 
1.63 
0.73 
1.26 
0.12 

0.53 
1.26 

6.15 
1.0 

33-10 

--- 

46 

1230 

Dolomite 

2.18 
0.86 
1 e 0 7  

0.04 
0.18 

0.17 
0.08 
0.12 

30.2 
21.6 
0.01 1 
i 

1 
- i  

I 
t 

'\ 
I 

Q 

I 



b) Ferformance ikta. 

The performance d z t c  obtained duriiig one test on coke and f o u r  tests on coal  
ere s m x r i s e d  ia Table 3 ai+. cover chnnges i n  f u e l ,  f u e l  s i z e ,  g a s i f i e r  output 
m d  a s h  fusion p-0:ertie.s. The f u e l  q u a n t i t i e s  a r e  e q r e s s e d  as clry and ash f r e e  
and a l l  prodnct g2s volumes a r e  given on -the n i t rogen  f r e e  b a s i s  t o  s implify 
corni;arison. 
or i&nnted from t h e  L-ir su:,plied t o  t h e  s1a.g t2.p b'urner and v a r i e d  between 5 and 7 
Ter  cent  deiending 011 t h e  opei-z-tion of t h e  s L g  t a p  and t h e  g a s i f i e r  o u t y t .  
obt- in  2 -,roduct g~ .s  l.Iith 6 101: ni t rogex  content  s u i t c b l e  f o r  synthes is  gas the  
s l a g  t a p  burner' could be run  on E mixture of  Inzke gas, o-,ygen aid steam. 

vo l .  gave s? . t i s fac tory  s lagging  condi t ions  on c o a l ,  being s l i g h t l y  reduced when 

supply of g:.s, air ?lid oxygen were not v m i e d  by s i g n i f i c a n t  amounts. 
The gas  composi t ions are charac te r i sed  by l o w  carbon dioxide and high carbon 

aonoxide contents .  
t h e  c a l o r i f i c  volue of  t h e  g2.s w a s  unaffecled.  The organic  sulphur  content  was ,, 
r a t h e r  higher than expected;  

' 

1 
The greater :;art af  the  n i t r o g e n  content  of t h e  g a s  produced ' 

To 

The s t e z  oxygen r o t i o  was nic&ntained almost constant .  k r a t i o  o f  1.1 vol./ /, 
opern t ing  vr;-th t h e  h igher  mel t ing 2oin t  ash (Test 72). S imi la r ly ,  t h e  ra- tes  of f 

It is . i n t e r e s t i n g  t o  note  t h a t  i n  t h e  high output  r u n  (Test 71) 

L u r g i  gzs usual ly  conta ins  l e s s  than 10 grains/lOO 
ft.3.. 

Duri,:g t h e  tests on c o a l  the  r a t e  of s lag flow through t h e  t a p  hole ,  calcul- f, 
a t e d  from the  s l a g  tq ,p i i ig  tii,ies, w?.s betveeii 10,000 and 14,000 bl./hr. whereas t h e  
r - t e s  were 2s high 2s ~0 ,000  l b , / h r .  r S t h  coke. T h i s  wzts not due t o  any difference 
ir .  the  i i ieologiczl  p r o p e r i i e s  of the  slags, but t o  t h e  use of lower d i f f e r e n t i a l  ; 
p r e s s u r e s  z c r o s s  t h e  hezxth when tapping  coa l  s lag .  i 

r The ebsence of v o l z t i l e  !?.atter and t h e  lower r e a c t i v i t y  r e s u l t  i n  coke h m i n s  
a h igher  oxygen consumption than  C O C . ~ .  The v,-rietion i n  t h e  oxygen consum?tion 
fiziu-es for  c o a l  .%re hs-rdly s i g n i f i c a n t ,  but they r e f l e c t  t h e  increase  which can be 

Ected with h igher  a& c o n t e n t s  and t h e  use  of a f lux.  
' a e s  a r e  noteworthy i n  t h a t  f o r  t h e s e  condi t ions  a g s i f i c n t i o i i  r a t e  of 1 , ~ -  . 

The s p e c i f i c  througnput 
(; 

1,500 l b .  d.2.f. coal /hr .  f t ?  would Lippezr t o  be r e a e i l y  a t t a i n a b l e  without m y  
undue s z c r i f i c e  i n  perforcsnce.  
i s  e::uivdent t o  more thsii 30,OOO t o  42,000 f tc3 /hr .  per  f t .2  of f u e l  bed. 

Gas  output  from t h e  f u e l  bed i s  extremely high and ,i 

Due t o  t h e  s c a l e  of  o l x r a t i o n s  i t  was d i - f f i c u l t  t o  accura te ly  measure the make i' 
gc;s, and a chrboi-! balailce v::s used t o  obt,-.in t h i s  m?..jor item. 
b r l m c c  i s  given i n  Table  4. The Sydrogen 2nd oxygen ite;;s show di f fe rences  which ./ 
a r e  r e l a t i v e l y  snall 2nd ccn be e t t r i b u t e d  t o  t h e  l o s s  of f l a s h  steam during the  
blowing down of l i q u o r  from t h e  mste hea t  b o i l e r .  . 

c e n t  of t'.e t o t n l  h e a t  suppl ied is l o s t  2 s  high gr;.de heat  from the  hear th  0.2 per  
c e n t  being i n  t h e  slag stream and 0.7 per cent  being i i l  t h e  cool ing wcter from t h e  
t u y e r e s  a d  slag tap.  ::>,e h e a t  l o s t  iroin the  jacke t  xd s t i r r e r  m o u n t s  t o  2% 

s i r . i i l x  qu,?.ntitg but ,  i n  L co.:!rnerci: 1 s a s i f i e r  t h i s  voul6. be recovered as g t s i f i k -  
n t i o n  s t e m .  

E; t y p i c a l  mass 

I 

hezt  bcli..i:ce for t h e  s a l e  t e s t  is Given i n  Table 5. It shows that 1.5 per  i ;  

Of the  t o t z l  hect  suppl ied 6C.j y e r  celit eppears  i.s ? o t e n t i a l  hea t  i n  I 

cis @r.d 30.3 p e r  cent  a s  :ote:itiel he::t i n  :..,:s p l u s  by-Droducts. 1 
J 
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TABLE 4, Mass Balance f o r  Test 67 - 1 b . B .  

972 Moisture 

S t e m  and Oxygen 
Slag Tap Burner 41 

, 

- I  - 
5,364 ' 737 I 7,449 I 

- 1  

' 
- I  - 1 

I 
I 

OUT Gas 

Dust 

T a r  38 45 I 

9 7 '  

I 406 
' 

I Liquor I I Difference 
i 

12 I 

I 

I 1 5,364 1 737 ' 7,449 ! 

0 ,  
1 -  1 -  i -  i 

I - ,  - 1 -  1 

TABLE 5. Heat Balance f o r  Test 67. 

merm/h. 1 % I I 
 TO^ gas (poten t ia l )  13.5 1.35 i 

- I Steam and Oxygen ( l a t e n t  and sensible)  

1ooo.o loo 1 

958 15.8 IN coa l  ( p o t e n t i d )  

2.85 1 28.5 - 
- - 

I 803.0 80.3 I 
5.55 ' OUT Gas (poten t ia l )  

and vapours ( l a t e n t  and sensible)  55.5 
T= (poten t ia l )  84.4 

H ~ S  ammonia, e tc .  (potent*) 4.6 0.46 

Slag  (sensible)  
cooling water from tuyeres  and hearth (sensible)  

Cooling rrater from g a s i f i e r  jacket  and s t i r r e r  
(sensible)  

Unaccounted f o r  l o s s e s ,  e tc .  

8.44 I Dust ( p o t e n t i d )  8.6 0.86 

8.0 0.8 

I 

i looo.o I l ~ . ~  I 

6.6 

15*2 

1.41 
1 14.1 - I I - 
1 -  - 1  

I 
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d) A s h  and Slag Balances. 

By making a mass ba lance  of c o n s t i t u e n t s  i n  the  f u e l  ash ,  f l u x  and slag and 
assuming a q u a n t i t a t i v e  recovery of such r e f r a c t o r y  oxides  as alumina lime, magnesia 

l o s e s  increased as t h e  temperature i n  t h e  tuyere  zone increased ,  and t h e  percentage 
and titania the loss of t h e  o ther  c o n s t i t u e n t s  were evaluated. 

loss o f  each c o n s t i t u e n t  would be c o r r e l a t e d  with t h e  steam oxygen r a t i o .  Actual 
temperatures  measured by s i g h t i n g  2.n o p t i c a l  pyroneter  through t h e  tuyeres  ranged 
from 1800QC a t  a steam oxygen r a t i o  o f  1.3 v/v t o  more than 1950°C a t  1.10 V/V. 

I n  addi t ion ,  to  t h e  l o s s  of the  more v o l a t i l e  c o n s t i t u e n t s  such as sulphur 
phosphorus, ch lor ine  and oxides  of sodium and potassium t h e r e  was a loss of i r o n  
oxides  due t o  t h e  formation of  m e t a l l i c  i r o n ,  and also o f  s i l i c a .  
due t o  its reduct ion t o  \ - o l a t i l e  s i l i c o n  monoxide, w h i c h  was subsequently reoxj  dised 
and c a r r i e d  away i n  t h e  gas stream as s i l i c a  fume. With coke t h e  loss of .silica was 
yk a t  a steam oxygen r a t i o  o f  1.3 but t h i s  increased  very r a p i d l y  a t  a r a t i o  of about 
1.10 v/v t o  more than I.%. 
sulphur  were 5, 5 and 40% r e s p e c t i v e l y  at  1.5 v/v, i n c r e a s i n g  to 40, 40 and @i% a t  a 
r a t i o  of 1.10 v/v. 
o f f t a k e  and i n  t h e  sumps of t h e  waste h e a t  b o i l e r  and f i n a l  cooler .  The depos i t s  i n  
t h e  gas o f f t a k e  were enr iched  with a l k a l i  metal oxides  and had a s i l ica  concentrat ion 
of  more than  m~.  
b o i l e r ,  bu t  f i n e l y  d iv ided  s o l i d s  with an a s h  conten t  g r e a t e r  than gC%, of which 75'k 
was s i l i c a ,  separated from t h e  gas  i n  t h e  f i n a l  cooler  and was removed i n  t h e  blow 
down. 

f o r  coke, with t h e  except ion  of  c h l o r i n e  and sulphur. 
a p a r t  from the test with unt rea ted  coa l  that contained a high propor t ion  of shale. 

The loss of i r o n  oxides  is of  considerable  importance i n  t h e  opera t ion  of  a 
s lagging  g a s i f i e r  due t o  t h e  hazard presented by l i q u i d  i r o n ,  and t o  t h e  e f f e c t  upon 
the  flow p r o p e r t i e s  o f  t h e  s lag .  
mel t ing  p i n t ,  and by i n c r e a s i n g  t h e  silica ra t io  produces an i n c r e a s e  in t h e  s l a g  
v i s c o s i t y .  A c o n t r o l l e d  series of e x p e r h e n t s  xrith cake %lowed t h a t  t h e r e  w a s  l i t t l e  
e f f e c t  on the reduct ion  of  i r o n  oxides  by decreasing t h e  steam oxygen r a t i o  from 1.40 ,) 
t o  1.20 v/v, b u t  a f u r t h e r  decrease t o  1.10 v/v almost doubled t h e  i r o n  formation. 
However, i t  was found t h a t  t h i s  t r e n d  could be reversed  by supplying extra oxygen t o  
t h e  gases  pass ing  through t h e  tap  hole ,  and reduct ion  of t h e  i r o n  oxides  was decreased, 
t o  l5$:. Although i n  t h e  experiments with c o a l  between 20 and reduct ion  occurred 
i t  is  considered t h a t  

, 1 As was expected the 

Loss of s i l i c a  was 

1 
i 

Typical  l o s s e s  o f  sodium oxide, potassium oxide and 

These materials were deposi ted i n  varying degrees  i n  t h e  gas  

Most o f  t h e  mater ia l  was removed i n  t h e  bottom of t h e  waste heat 

1 The loss o f  a s h  c o n s t i t u e n t s  from t h e  c o a l s  t e s t e d  were s i g n i f i c a n t l y  lower than  
S i l i c a  l o s s e s  were negl ig ib le  

I 1 I ron  oxide acts  as a f l u x  and its l o s s  raises the  

1 
t'nis could have been much improved by supplying a l a r g e r  (4 

propor t ion  of t h e  g a s i f y i n g  media through t h e  t a p  hole. J 

e )  Tar and Liquor. 

Although t h e  t a r  and l i q u o r  condensates from t h e  gas were separated i n  two stages ' 

A they wel'e discharged i n t o  a common separa t ing  tank f o r  ease of handling. 
toge ther  with t h e  h i g h  l i q u o r  c i r c u l a t i o n  rate from t h e  sump of  t h e  waste h e a t  b o i l e r  
t o  provide  the gas  quench, produced a tar water eauls ion.  However, t h e  emulsion was 
not  p e r s i s t e n t  and three phases t h a t  could be separa ted  without much d i f f i c u l t y  were 
formed; 

The l i q u o r  o r i g i n a t e d  almost e n t i r e l y  from t h e  moisture i n  t h e  coa l  and had a 
permanganate value of  ~ , O O O  p.p.m., i.e., more than twice t h a t  from a Lurgi gas i f ie r .  
Its smaller vohme and, hence its reduced capac i ty  t o  take i n t o  s o l u t i o n  oxygen 
absorbing agents means, however, t h a t  i ts  t o t a l  oxygen absorbing p o t e n t i a l  p e r  therm 
of gas is only h a l f  t h a t  o f  L u r g i  l iquor .  

4% suspended s o l i d s .  I t  has been analysed by t h e  Coal Tar Research Association(4) a d /  
found t o  have t h e  g e n e r a l  c h a r a c t e r i s t i c s  assoc ia ted  with a v e r t i c a l  r e t o r t  tar, i.e., 
a similar p i t c h  y i e l d  and conten ts  of naphthalene and tar acids .  The high r a t i o  of 
2 t o  1 methyl naphthalene and the high content  of l i g h t  o i l ,  which w a s  greater than 
t h a t  normally found i n  a carbure t ted  water gas t a r , i n d i c a t e d  a high temperature of 
formation. 

This, 

a lower l a y e r  of s o l i d s ,  a middle l a y e r  o f  t a r  and a n  upper l a y e r  of  l iquor .  

I 

The tar, even a f t e r  prolonged s tanding,  r e t a i n e d  about 20 t o  25% water and about 

i 
I 

i I 
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f )  

There was no evidence of channelling as a r e s u l t  of blockage of p a r t  of the  
f u e l  bed with f ines ,  or any other  abnormal behaviour during the operation of the 
slagging g a s i f i e r  for a t o t a l  of 500 hours with coke and 300 hours with coal. 
Screen ana lys i s  of  the  f u e l  bed at  t h e  end of the experimental t e s t s  with Coal 
indicated t h a t  degradation increased as the  f u e l  moved down the bed, but there  were 
two main zones where t h i s  occurred, in  the caking mne at t h e  top of the  bed due t o  
t h e  ac t ion  of the stirrer, and i n  the  tuyere zone due to the  highly turbulent  
motion of the fuel .  Table 6 shows the  s i z e  d i s t r i b u t i o n  i n  the f u e l  bed immediately 
below t h e  s t i r r e r ,  and rt the  tuyere l e v e l ,  when the  f u e l  charged t o  the  g a s i f i e r  
w a s  1% inch t o  1 inch .?rd 1 inch t o  fi inch. Th6 proportion of f u c l  below 1: inch at  
the  tuycrc lcvcl showed l i t t l e  v r r i n t i o n  i n  the  t c s t s  on c o d  -.nd aVCrz.&d % 

Behaviour of the b e l  Bed. 

I 
Size : 

As I Below 

TABLE 6. 

A t  
. Tuyere 1 

i 

The f u e l  below % inch en ter ing  the g a s i f i e r  i n  Test 70 was more than double 
t h a t  i n  Test  67 but there  w a s  no s igni f icant  change i n  the amount of dust  carryover. 
I n  each of  these t e s t s  the gas output was equivalent t o  four  times t h a t  of 3. typ ica l  
Lurgi g a s i f i e r  but  the f u e l  carryover was l e s s  than 1% of the  f u e l  charged. 
However, on raising the  gas  output by 5'34 (Test 71) the carryover was doubled. With 
coke t h e  carryover was only  hal f  t h a t  associated with coal, due t o  the absence of 
any mechanics breakage by the  s t i r r e r  and t h e  lower gas  veloci ty  above the  f u e l  bed. 
There is  l i t t l e  doubt that the  carryover could be reduced by giving a t t e n t i o n  t o  
s t i r r e r  design and perhaps by adopting the  rec i rcu la t ion  of tar dust mixtures as 
prac t i sed  on the commercial Lurgi gas i f ie r .  

h)  
The Donisthorpe coal used i n  the slagging g a s i f i e r  f o r  Test 67 and 71 is similar 

t o  the  coa l  used at the Lurgi gas i f ica t ion  plant  at  Westfield, so that i t  i s  possible 
t o  make a d i r e c t  comparison between the performances of the two types of g a s i f i e r .  
I n  Table 

Comparison w i t h  a L u r g i  Gasifier. 

the  performance da ta  from Test 67 i s  compared with da ta  given by 
Ricket ts(  ? ). 

Recent developments i n  the  Lurgi process have resu l ted  i n  lower steam 
consumptions and corresponding increases  i n  g a s i f i e r  output, but the output is still 
much lower than a slagging gas i f ie r .  
nearly ZocL more crude gas than the  guaranteed maximum o f  12 m i l l .  ft.3/day, although 
a t  the higher loads more exacting operat ing condi t ions a r e  required t o  avoid cl inker  
formation. 

P.t l!estfield i t  has been possible  t o  obtain 

This compares with an output from the slagging of  5.2 mill. ft.3/day of 

Level 
I - .  
! 

21.4 ! 9.2 

1% t o  1 i 24.6 ' I 
i .  1 t o  % j -40.0 1 - i -  I -  i -  I - 1 21.0 

$ t o  fi j 21.0 / 59.1 I 10.9 i 15.6 i 



164 

~EXJ  having a higher c a l o r i f i c  va lue ,  which can be increased  by t o  7.3 mill. 
ft.3/day without any s i g n i f i c a n t  loss  of performance. 
tal s lagging  g a s i f i e r  when o p e r a t i n g  a t  a lower pressure  is t h e r e f o r e  more than 
h a l f  t h a t  of the  commercial L u r e  gasifier. When expressed as t h e  w e i g h t  of f u e l  
g a s i f i e d  or  t h e  volume of  s y n t h e s i s  gas (03 + H2) per unit  c r o s s  s e c t i o n a l  area of 
shzft t h e  output  of  t h e  s lagging  gasifier is at  least four  t imes greater than the  
Lur& g a s i f i e r .  

In  l k b l e  7 t h e  m a t e r i a l  requirements  of t h e  two g a s i f i e r s  a r e  compared f o r  t h e  
product ion of a therm o f  crude g a s  and f o r  1,ooO ft.3 of s y n t h e s i s  gas. 
requirements  show the greatest d i f fe rence ;  
about one f i f t h  o f  t h e  L u r g i  g a s i f i e r .  
should be considered when comparing steam consumption i f  t h e  gas is  t o  de toxi f ied  
o r  i f  s y n t h e s i s  gas is required.  I n  t h e  Lurgi  crude gas t h e r e  is s u f f i c i e n t  
undecomposed steam t o  c a r r y  out  the requi red  reduct ion  i n  carbon monoxide content  
without  added steam o r  l i q u o r ,  but  e x t r a  steam would be needed with t h e  slagging 
g a s i f i e r  because of its high carbon monoxide conten t ,  smal l  volume of  undecomposed 
steam and l o w e r  o u t l e t  temperature. 
l o s e s  some o f  its advantage i n  steam consunption. 

about 10 t o  1Ph higher than t h a t  of t h e  Lurgi gasifier. 
formation of a a n a l l e r  propor t ion  o f  t h e  exothermic products carbon dioxide and 
methane, and t o  t h e  loss of high grade heat to t h e  hear th  slag t a p  and tuyere  
cool ing  water. The oxygen consumption p e r  unit volume of synthes is  gas shows 
l i t t l e  d i f fe rence  between t h e  two g a s i f i e r s .  

The output  of the  experimen- 

Steam 
t h a t  o f  the slagging g a s i f i e r  being 

However, t h e  composition of the crude gases 

Under t h e s e  condi t ions  the s lagging  g a s i f i e r  

The oxygen consumFtion per  therm of  crude gas from the s lagging  g a s i f i e r  is 
This is due t o  t h e  

I 



TABLE 7. Comparison cf the  results from t h e  s l a g g h g  
g a s i f i e r  and a commercial L u r g i  P l s  

2 Operating pressure (lb./in. ) 
Fuel: 

R a n k  
Size range (in.) 
Ash, including i l u x  (%) 
Moixture 6%) 
Steam/oxygen r a t i o  (vol./vol.) 

Crude G a s  Composition, ($: Vol.) 
c02 
cn"m 

co 
H2 
cnH2, + 2 
N2 

Calor i f ic  value ( B t ~ / f t . ~ )  

Steam consumption (lb./therm crude gas) 
Steam consumption 

Oxygen consumption 

(lb./loOO ft.3(C0 + H2) 
( f t .  3 /therm crude gas) 

(ft.311000 ft.3(co + H ~ )  Oxygen consumption 
Synthesis gas (co + H2) ( f t . 3 b .  per ft. 2 
output 
Gasif icat ion r a t e  (lb. d.a.f. coal/hr. per)  

2) f t .  
(Poten t ia l  heat  a s )  

Efficiency t p o t e n t i a l  heat  Eooal] 

LWgl 
Gasif ier  

355 

902 
1% to I 
14.6 
15.6 
5.4 

24.6 

1.1 
24.6 
39.8 
8.7 
1.2 

100.0 

309 

- 
- 

11.6 
56.1 
49.5 

Slagging 
Gas i f ie r  

300 
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- 
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2.56 
10.7 
55.2 
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I 
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C ~ C L U S I O ~  f 

A p i l o t  s c a l e  s l agg ing  g a s i f i e r  h a s  beep developed t h a t  Wil l  gas i fy  cQke and 
vealdy cakhg coa l s ,  and performance data have been obtained at 20 atm. pressure. 

" The gamfier had a l o v  eteam consumption, high output, high thermal e f f i c i ency  and 
I handled coal wlth a wide range of ash fusion temperatures  provided t h a t  dolomite 

was used t o  flux the more r e f r a c t o r y  ashes. A crude gas output  of ?% mill, ft.3/ ' day equiva len t  t o  42,000 ft,3/hr. per  f t .2  of fuel bed w a s  o b t d n e d  v i t h o u t  tiny 
l i m i t a t i o n  by t h e  f u e l  bed. 

a t e m  consumption and l i q u o r  volume were one f i f t h ,  and  t h e  &as output  per  unit 
area of  the  f u e l  bed w a s  from four  to  seven 
The alagging gasifier produced a gas with a Ugh carbon monoxide content  and t he re  
w a s  l i t t l e  uudecamposed steam t o  convert  it. 
neceseary t o  convert  t h e  carb0.i monoxide t o  t h e  l e v e l  requi red  f o r  syn thes i s  gas 
t h e  o v e r a l l  steam consumption would be lower than f o r  t he  Lurgi gas i f i e r .  
d e t o d f i c a t i o n  t o  t h e  l e v e l  requi red  in t h e  United Kingdon it would be l og ica l  t o  
convert  p a r t  of t h e  carbon monoxide and use methane syn thes i s  to remwe t h e  
remainder, a t  t h e  same time inc reas ing  its c a l o r i f i c  value. 

maintained i n  the h e a r t h ,  and enabled t h e  s l a g  t o  be run of f  a t  a high rate by t h e  
app l i ca t ion  of a con t ro l l ed  d i f f e r e n t i a l  p ressure ,  proved t o  bs  very sa t i s f ac to ry .  
Coal  with a low ash fus ion  temperature, uncleaned coa l  wlth a high proport ion of 
adVent%tiOU6 ash and coal with a r e f r a c t o r y  ash when bui tab ly  f luxed ,  gave a 
homogeneous slag that vas  tapped without blocking the  dag tap. This  tapping 
system could be used f o r  sca l e  up t o  a commercial s i z e ,  by making modif icat ions t o  
the d a g  t a p  burner  des ign  t o  a l low t h e  f r e e  drainage of Lron f r o m  t he  hearth. 

r Dcperiance with t h e  slagging g a s i f i e r  i nd ica t ed  t h a t  water cooled metal 
wrrfaces  were e s s e n t i a l  f o r  t h e  slag t a p  and a r e a s  of t h e  hea r th  exposed t o  hot 
slag,  o u t  were prone t o  a t t a c k  by l i q u i d  iron. , 
maxhieingheat transfer throu& t h e  metal su r faces ,  by p r e v e n t b g  i r o n  frm 
accumulating in t h e  hea r th ,  and by in t roducing  oddising gases through t h e  tap hole ; 
t o  r e t a i n  tbe bulk of  the iron i n  so lu t ion  in t h e  slag.  
t a p  used in t h e  gasifier proved capable of withstanding hot  slag and i r o n  fo r  long  
per iods ,  but  occas iona l ly  su f fe red  Borne damage from iron a t tack .  
reeds tance  t o  iron a t t a c k  is an obvious demgn requirement, and recent  exparimente 
suggest that this can be achieved by t h e  use of copper. 

t h e  p r d g  of des igns  and m a t e r i a l s  f o r  longer  pe r iods  of time, poss ib ly  on a 

f u e l s ,  even v i t h  the improvements of fe red  by opera t ion  under s lagging  condi t ions,  
cannot a t  p resent  compete on economic grounds with the  new oil g a s i f i c a t i o n  
processes  DOY ava i l ab le .  

on the p i l o t  p l a n t  scale. 

{ 

I 

i Comparison of the rerrul ts  with those of a L u r e  i n s t a l l a t i o n  showed that the  

j l  

times grea te r  than  the  L u r e  gasifier, , 
However, wi th  t h e  added steam 

For , 
The system of i n t e r m i t t e n t  tapping,  i n  which a r e s e r v o i r  of s l a g  was / 

, 

Iron a t t ack  was g r e a t l y  reduced by 

The water cooled h e e l  slag 

Complete 

I The development of t h e  alagging @ d r i e r  has now reached a stage t h a t  require8 

pro to type  gadfier. However, i n  t h e  United fin@om t h e  g a s i f i c a t i o n  of so l id  L ( I  

f An a l t e r n a t i v e  r o u t e  f o r  producing gas from coa l ,  by 
hydrogenation and g a d f i c a t i o n  in a f l u i d i s e d  bed, is t he re fo re  being inves t iga ted  1 1 
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INTRODUCTION 

i 

i 
The gasification of coal with hydrogen-steam mixtures for the ' 

production of a gaseous product of high heating value in a practical ) 
continuous reactor is of paramount importance to the gas industry. A ' 

number of research programs are now under way to develop an efficient ' 

and economically feasible process for the production of high-heating- 

Technology, has led to the work reported here. 
value gas from coal. One of these, a study at the Institute of Gas I 

a system 
present. 
inherent1 

The reaction of coal with a steam-hydrogen mixture represents I 
of heterogeneous reactions in which solid and gas phases are 
The study and interpretation of two such phase reactions is ,' 

-y more complex than those of homogeneous reactions in which , I 
only a single phase is present. For a reaction to proceed between a 
fluid and a solid, a combination of diffusional and kinetic processes 
wTth adsorption and surface-reaction steps are considered to occur. 

The literature contains a number of papers'' 4' 13' 14' 16' 19' 21' 
' 
1 

i 

i 

23-25' 27' 30' 31' 33-36 concerned with the kinetics of these reactions. 
Ti-5 carbon studied in thess papers ranges from coal to graphite. 

Because it requires a large number of possible variables, such 
es temperature, pressure, the nature of chemical reaction, and the char- 
acter of the solid surface, and because it incorporates a large number , 
of constants which require experimental evaluation, the general mathe- 
matical model to estimate the product gas distribution for different 
levels of carbon conversion can become exceedingly complicated. Prac- 
tical application of this model is particularly difficult when a choice 
has to be made between reaction mechanisms, each of which can generate 
complex functions with a sufficient number of arbitrary constants to 
fit any given experimental curve. The purpose of the work discussed in 
this paper was to study the influence of temperature and the partial 
pressure of hydrogen and steam on the rate of steam-hydrogen and coal 
char reactions and to develop a correlation to estimate the performance 
of a hydrogasification reactor in terms of its product gas distribution 
for dirferent levels of carbon conversion. 

/ 

' 
, 

1: 

GEYERAL CONSIDERATIONS 
f 

iiiincf n n r l "  Q - 0  mnrir\ 7>m 
I I v L I v  bvu.LL) ,,,sub up of a nlmber of racerals. Carbons de- 

rived from different mcerals differ in reactivity. As gasification 
proc€eds, a decline in rate is expected since carbon of propessively 
lover reactivity rernains. Differences in the chemical reactivity og 
mcerals have been revieried by Brorm3 and Channabasappa and Linden, 

I 

I 
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who found, in increasing order for hydrogenation, that fisain, durain, 
and vitrain have different reactivities. 

In their study of coal pyrolysis, Chermin and Van Krevelen6 

The highly 

showed that, upon heating, coal first becomes metaplastic and then gives 
Off volatile matter, leaving a rather stable coke. Thus coal char con- 
sists of two portions which differ greatly in reactivity. 
reactive portion is related to the amount of volatile matter character- 
ized by the aliphatic hydrocarbon side chain and to the oxygenated fine- 
tional groups present. The low reactivity portion is the residual car- 
bonaceous stable coke. Thus the gasification of coal by simultaneous 
reactions with steam and hydrogen at elevated temperatures is divided 
into first- and second-phase reactions, each reaction representing One 
of the two distinctly different reactivities of carbon present in Coal. 

FIRST- PHASE REACT1 ON 

C* + 2H2 -+ CH4 
C* + H20 -+ CO + H2 

where C* is the reactive carbon present in the first phase. 

dicated by the above simple schemes. It has been demonstrated” that the 
gaseous products due to the first-phase reactions are predominantly meth- 
ane, carbon monoxide, and hydrogen. The experimental data of the same 
investigations show that the hydrogen and steam reactions in the first 
phase are taking place independently of each other and are probably un- 
dergoing pyrolysis followed by the vapor-phase reaction of hydrogen and 
steam. The rates of the two first-phase reactions, therefore, are as- 
sumed to be additive. 
to hydrogen and steam respectively, then the overall conversion of car- 
bon is simply: 

Hydrogen-Char Reaction 

ted by: 

Of course, the actual reactions are much more complex than in- 

Let X H ~  and XH~O be the conversions of carbon due 

x = XHa + XH20 ( 3 )  

The hydrogen-char reaction in the first phase may be represen- 

Or 7* [fiH 1 = klo 1-x (pH2-pH2*) (5) 
\ 

r \  

1 
, 
1 
) 

$ 

where kl is the rate constant obtained, which has the unit of (atm-hr)-’, 
and f is the fraction of carbon that reacts according to the first-phase 
reaction. 
in such a way that the rate of reaction at any time is proportional to 
the mass (or volume) of the unreacted portion of the volatile carbon 
still present in the particle and to the effective partial pressure of 
hydrogen. Figures 1, 2, and 3 compare the proposed rate equation with 
the experimental results obtained from a semiflow system” at three 
temperature levels. 

This mechanism states that the first-phase reaction occurs 

1, 
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Equilibrium of Coal Char Hydrogen Reaction 

The coal-hydrogen reaction has been shown to exceed the carbon4 
hydrogen-methane equilibrium at low conversion and to reach the carbon- 
hydrogen equilibrium at nearly complete conversion. 36 From the equil-, 
ibrium composition of the hydrogen-char systen, a pseudo-equilibrium con- 
stat, Kp, is defined as: ! P",, * 

which has been calculated as a flmction of the carbon conversion level. J 

Figure 4 indicates the general trend of the Kp values at 1300' 
with respect to the fraction of carbcn converted. A n  empirical relation 
ship was developed to convert the equilibrium constant from one tempera- 

i 
ture to mother. The relationship is: 1 

where T is in degrees Rankine. 

Effect of .Hydrogen Partial Pressure 

Apart from the equilibrium hindrance, the rate of gasification' 
is affected by the partial pressure of hydrogen. The rate of reaction o j  
coal with hydrogen in the r'irst pkise Ls shom by Figaes 1, 2, and 3 t.0 
be roughly proportional to the partial pressure of hydroges;J3$ similar ) 
type of reaction was proposed for hydrogen-char reactions. This ha: 
been shown to agree with the majority of previous investigators who foun 
that th:6reaction is approximately a first-order one with hydrogen. Gorij 
-- et al., showed that the methane formation rates with pure hydrogen and 
kqidrogen-steam mixtures at the same partial pressure as hydrogen are a I strong function o f  the partial pressure of hydrogen. Wen and H~ebler~~' 

to the difference between the partial pressure of hydrogen and the hzgro 
demonstrated that the rate of methane formation is roughly proportional 

gen partial pressure in equilibrium with the char. Von Fredersdorff 
observed that an increase in hydrogen partial pressure would increase 
the rate of hydrogen01 sis. This relationship is further confirmed by 
Moseley and Paterson,2x who reported that the rate of hydrogenation of / 
coal to methane is directly proportional to the hydrogen partial pressure 
even in the very early stages of the reaction. 

I 

Effect of Temperature c 
Figures 1, 2, and 3 show that the fraction of the carbon that ' 

reacts according to the first phase, f, increases with the temperature. 
MGSeleY and Faterson2' pointed out that the fraction of carbon that re- 
acts according to the first phase is a function of both temperature a n d /  
Press-me. Since the total pressures employed in the present investiga- 
tion were nearly constant at approximately 70 atm, total pressure had no 
SlEnificant effect on the value of f. Previous investigators'' observef 
t,h:.t an Lncrease of pressure broadens the rarqe of the initial high-rat 
period. But, for a spa11 range of pressures, the fraction of carboii 
goes into the first-phase reaction can be assumed to be a mction Of 
only the temperature. 
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The values of f for various temperatures are tabulated as 
follows : 

Temperature, O F  f 
1300 0.22 
1500 0.23 
1700 0.25 

Above 1800°F, the rate of the hydrogen reaction is not sub- 
stantially affected by the temperature, as shown in Figure 3 .  This is 
probably because, at these high temperatures ( 1800°-20500F) , the chemi- 
cal reaction is so rapid that the rate becomes controlled by diffusion. 
In addition, at such high temperatures, the reaction rate for the re- 
mainder of the relatively stable carbon is no longer small enough to be 
neglected. Thus differentiation of the first-phase reaction from the 
second-phase reaction becomes so difficult that an accurate value of f 
cannot be obtained. 

Steam- Char React ion 

The steam-char reaction in the first phase is represented by: 

[d-] = k2 (f-X) 
de 1 

and 
y. 

‘$ 
\ 

(9) 

where k2 is the rate constant having the unit of hr-’, and f is the 
fraction of carbon that will react according to the first-phase reac- 
tion. As in the hydrogen-char reaction, the first-phase reaction of 
stsam-char is a volume reaction, the rate of which is proportional to 
the amount of the meacted portion of the volatile carbon still pre- 

’ 
( y sent in the particle. 

Effect of Partial Pressure of Steam 

Contradictory conclusions have been reported in the litera- 
ture regarding the effect of the partial pressure of steam. The reac- 
tion has been variously reeorted to be of the zero orderJ3’ fractior&o 
order, first order, 12’ 

the steam-char reaction is not affected by the partial pressure of steam, 
with respect to steam. As shown in Figures 5, 6, 7, and 8, the rate of 

3 so far as detectable by the ex eriment. This is in agreement with the 
previous investigators. 13,252 2” 2 s  

I Effect of Temperature 

i, 

\) 

7 

/ 
’ 18’20and between first and second order 

! 
I 

The fraction of carbon that w i l l  react according to the first- 
phase mechanism for steam also increases with increasing temperature. 
As shown in Figures 5, 6, 7, and 8, the temperature dependency of f and 
k2 can be evaluated by the proposed mechanism. However, these correla- 
tions must be treated with caution since the second-phase reaction may 
become so rapid at temperatures above 1900’F that the isolation of the 
first-phase reaction from the second-phase reaction would becdme diffi- 
cult; thus the evaluation of f might no longer be accurate. 

\\ 

\ 



Figure 5 .  RATE OF STEAM-CHAR REACTION DURING 
THE FIRST-PHASE REACTION AT 1700'F 

X(0VERALL CONVERSION) 

I Figure  6. RATE OF STEAM-CHAR REACTION DURING THE 
FIRST-PHASE REACTION AT 1900'F 
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Figure 7. RATE OF STEAM-CHAR REACTION DURING THF 
FIRST-PHASE REACTION AT 2000°F 

Figure 8. RATF OF STEAM-CHAR REACTION DURING THE 
FIRST-PHASE FG3ACTION AT 2050’F 
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I SECOND-PHASE REACTION 

The second-phase reac t ion  i s  a heterogeneous react ion which 
occurs a t  the surface of the pa r t i c l e .  "he react ion causes the  reacting 
surface t o  shrink and leaves an ash layer as the pa r t i c l e  moves through 
the reac tor .  Unlike t h e  f i rs t -phase react ion which i s  only s l i gh t ly  af- 
fected by temperature, the second-phase react ion i s  qui te  sensi t ive t o  
var ia t ions i n  temperature. A t  temperatures below 1700°F, the  first-phase 
react ion r a t e  i s  an order o r  two larger  than the  second-phase reaction 
rate ,  but as  the temperature approaches 2000°F, the two r a t e s  become corn-! 
parable. This is ,  of course, t rue  only when the react ion i s  controlled 
by the chemical s tep .  

Hydropen Reaction 

1 
i 

C + 2H2 s CH4 

As discussed previously, 35' 36 i f  this reac t ion  under experi- , 
4 mental conditions i n  the  continuous flow reactor  i s  controlled by gas 

diffusion, the reac t ion  rate may be characterized by: 

(11) 1 
i 

where (Kg)H3, bhe e f fec t ive  mass t ransfer  coeff ic ient  fo r  hydrogen, i s  
defined as: 

I and can be obtained from the  moving-bed data  by the  re la t ion :  ) .  

I In  the  above equation xu2 d i f f e r s  f r o m  X H ~  and i s  the f r ac t iona l  conver- 
s ion of  carbon present in the second-phase reaction, i . e .  based on (1-f). 
(@&)avg is the mean hydrogen p a r t i a l  pressure difference,  (;E, - P H ~ * ) ,  
a t  t he  gas i n l e t  and at the point where X equals f i n  the moving-bed 
reactor .  

Since i n  the flow reactor  the react ion i n  the second phase has 
been proved t o  be controlled by the d i f f i ~ i o n , ~ ~ ' ~ ~  the r a t e  i s  less sen- 1 
s i t i v e  t o  the change i n  temperature than t o  the change i n  gas velocity. 

The values of (Kg)& from the moving-bed reactors  using both 
pure hydrogen feed and hydrogen-steam mixture feed are calculated and 
are  plotted ir, Figure 9 as a function of  average pa r t i c l e  Reynold's num- 
ber, at the operating conditions listed. Two correlat ion l i nes  are ob- 
ta iped:  
peratures above 1500'F. A t  the  higher temperatures, coal  par t ic les  may 
crack due t o  sudden and severe heating immediately a f t e r  being fed t o  the 
reactor .  This heating r e s u l t s  i n  ra ther  violent  devola t i l i za t ion  and / 
the subsepent  first- p h a e  reaction. However, the pa r t i c l e  disintegra- 
t i o n  due t o  devola t i l i za t ion  can reach only a ce r t a in  magnityde. Between J 

15OO0and 1800°F, ( K  )H 
1 

one a t  ari average temperature of 1300'F and the other at tem- 

i s  affected l e s s  by the  temperature. The two 
correlat ions may bg & i t t e n  as : 



(Kg)H2 - - = 1.2 X (NRe)l'llfor T> 1500'F 
?? (@Hz)avg 

= 0.35 x 1 0 - 5 ( ~ ~ ~ ) ~  lS1' for T = 1300'F (14) 

Figure 9 includes the data from the char feed that contains approximately 
17% volatile matter and the spent char feed that contains less than 5% 
volatile matter. 
ing of the data points may be attributed to many causes. 
the temperature uniformity and the particle size distribution can be 
considered significant. Because it was difficult to maintain a uniform 
temperature throughout the bed, an average temperature (nominal) is used 
in the correlation. In addition solid feed contains a fraction of pas- 
ticles that are so small that during their inigration through the reactor 
they must be in a state of semifluidization. Since these factors can 
make the mass transfer characteristics extremely complex and since many 
variables are involved, the correlations obtained in Figure 9 must be 
regarded as satisfactory. 

Steam-Char Reactions 

Because of the complexity of the process, the scatter- 
Among them, 

C + H20 -t CO + H2 (15)  
The steam-char reaction during the second phase is probably 

very similar to the carbon-steam reaction occurring at the char surface. 
Analogous to the hydrogen-char reaction in the second phase, the rate 
of the steam-char reaction in the continuous-flow moving-bed reactor is 
probably controlled by gas diff'usion and may be characterized as: 

m20 and (flH20)avg are defined as analogous to those for the hydro en 
char reaction. 
The amount of carbon conversion due to steam is evaluated from the ex- 
perimental product gas analysis based on carbon oxides. Figure 10 shows 
the relationship between (K )H 0 and (NRe)m. As is evident from the 
figure, at temperatures aboee f5OO0F, the effective mass transfer co- 
efficients are metions of the particle Reynold's number and are insen- 
sitive to the temperature variations. At 130OoF, the steam-char reaction 
is very slow and probably controlled by the chemical step at the reaction 
surface of the char particles. Reasons similar to those given for the 
hydrogen-char reaction can be given here to account for the scatteri 
of the data points. 
can be given as: 

m20* is calculated based on unit carbon activity.3g'3' 

I% The correlation line for temperatures above 1500 F 



Figure 9. EFFECTTvX IWSS TRANSFER COEFFICIEWT FOR 

NUMBER RELATION INDICATING DIFFUSION 
CONTROL MECHANISM 

HYDROGEN-CHAR REACTION AND REXNOLD'S 

Figure 10. ?3FFECTIVE MASS TRANSFER COEFFICIENT FOR STEAM-CHAR 
R.?lACTION I N  SECOND PHASE INDICATING DIFFUSION CONTROL 
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The overall reaction, including both the first phase and the second 
phase, may now be written as: 

Overall Reaction Rate: 

- = - + -  dX -H dXHaO 
dR dR dR 

Hydrogen-Char Reaction Rate: 

f o r  X 4 f 

for X > f 

Stea2n-Cha.r Reaction Rate : 

%o = kz( f -X)  + 

\ for X < f 
1 
\ 
\ 

\ 
’ 3 

I 

/ for X > f 

WATER-GAS SHIFT REACTION 

C02 is assumed to be produced solely by the water-gas shift 
reaction: 

CO + H20 2 C02 + H2 (24) 
\ 
I,> 
/ 
1 1, char surface or homogeneously in the gas phase, or by a combination of 

This reaction, which occurs simultaneously with the gasification of car- 
bon by steam and hydrogen, can proceed either heterogeneously on the 

gas shift reaction probably occurs predominantly on the char surface1’7-9 
and is catalyzed by the inorganic ashes present in char. 

fraction of the steam produced. Opinions concerning the extent of this 
reaction differ greatly from investigator to investigator. Some1’ have 
pointed out that it appears to be fast enough to reach equilibrium in 
a reacting steam-carbon system. The data reported by support 
the view that quasi-equilibrium is reached between Char and product gas. 

\ both, depending upon the reaction and operation conditions. The water- 

The water-gas shift reaction may account for a substantial ‘ 

> 
?\ . 

In calculating the product gas distribution for the moving- 
bed reactor in the present work, water-gas shift equilibrium at the exit 
is assumed. l 

? 
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I APPLICATION TO MOVING-BED F3ACTOR DESIGN 

For a small-diameter, long- length shaft-type reactor, the 

1 assumption of plug flow for both solids and gases is valid. 
a carbon balance for the differential volume, dV: 

Below is 

1 Substituting Equations (20) through ( 2 3 )  in Equation (25) and integrat- 
ing, we get: 

< I  

Numerical or graphical integration of Equation (26) may be per- 
formed to obtain the reactor volume necessary for a carbon conversion of 
X: 

The fraction of carbon converted by hydrogen can be found by: i 

and.the fraction of carbon converted by steam is given by: ! 

Then, knowing the fractions of carbon converted by hydrogen and 
steam and assming water-gas shift equilibrium at the exit, product gas 
composition can be calculated. The evolution of gases from coal is neg- ' 
lected in making this calculation. However, this evolution can easily 
be accounted for by assuming that the gases H2, H20, H2S, and NE are 
evolved instantaiIeous1.y at ic = f and by adding corresponding &iou++tS t o  
the gas stream at that point. i 

I As an approximation, the second-phase reactions may be neglec- I 
ted for carbon conversions less than f. This w i l l  simplify Equations 
26 and 28 considerably. 
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CONCLUSION 

The gasification of coal char with a hydrogen and steam mix- 
ture at high temperatures and high pressures can be satisfactorily re- 
presented by the proposed mechanism to estimate the product gas distri- 
bution for different levels of carbon conversion. 

represented by the first-phase and the second-phase reactions. The first- 
phase reaction is related to the amount of volatile matter and ray be re- 
garded as a volume (or mass) reaction. The second-phase reaction is 
characterized by the heterogeneous reaction at the carbon surface, a 
reaction which is controlled by gas diffusion for the range of operating 
conditions in the continuous moving-bed reactor. 

considered as taking place independently so that the rates of the reac- 
tions are additive. 

The coal char reaction with a hydrogen and steam mixture is 

The char-hydrogen reaction and the steam-char reaction are 

N O M E N C L A W  

D = average char particle diameter, ft P 
f = fraction of carbon in the coal char which potentially can react 

with hydrogen and/or steam according to the first-phase reaction 

F = coal char feed rate, U/hr 

G = mass velocity of the gas, lb/sq Et-hr 

k l  = hydrogen reaction rate constant in the first phase, (atm-hr)-' 

k2 = steam reaction rate constant in the first phase, hr- l  

k = mass transfer coefficient, lb/sq ft-hr g 
hKg)A2 = effective mass transfer coefficient for hydrogen, ft/hr-atm 
!h pg)HBo = effective mass transfer coefficient for steam, ft/hr-atm 

= c1J DG the particle Reynold's number log-mean 
I 
i ;, PcH* = partial pressure of methane, atrn ' and methane, atrn 
1 

\ 'H20 

\,'H~o and H2, atm 

$ 4  

= partial pressure of hydrogen, atm PH2 
* = partial pressure of hydrogen in equilibrium with coal char 

= partial pressure of steam, atm 

* = partial pressure of steam in equilibrium with C, CO, C02, 

T = temperature, O F  
'!! 

I 



la2 

V = volume of the reactor ,  CF 

W = weight of coal  char i n  bed, l b  

X = f rac t ion  of carbon converted 

XH2 = fraction of carbon converted by hydrogen 

XH20 = f ract ion of carbon converted by steam 

= f iac t ion  of carbon converted i n  the second phase by hydrogen, xH, 
= f rac t ion  of carbon converted i n  the  second phase react ion by 

x ~ 2 ~  steam 

D~ = density of carbon i n  coal char, lb/CF 

~g = bulk densi ty  o f  coal  char i n  bed, lb/CF 

8 = time, hr 

p = viscos i ty  of the gas, lb/ft-hr 
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HIGH BTU GAS BY THE DIRECT CONVERSION OF COAL 

P a u l  S. L e w i s ,  Sam Friedman, and Raymond W .  H i t e shue  

P i t t s b u r g h  Coal Reeearch Cen te r  
Bureau o f  Mines,  U . S .  Department of t h e  I n t e r i o r  

P i t t s b u r g h ,  Pennsy lvan ia  'I 
INTRODUCTION 1 

P r o c e s s e s  f o r  t h e  p roduc t ion  of high-Btu gas  from c o a l  a r e  being developed f o r  1 
f u t u r e  use when t h e r e  i s  an economic need f o r  manufactured g a s . & 5 ) '  
p r o c e s s e s  based on b o t h  c o a l  and petroleum are a v a i l a b l e ,  and v a r i o u s  e s t i m a t i o n s  
of p roduc t ion  c o s t s  o r  s e l l i n g  p r i c e  have been pub l i shed . (1 ,3 ,4 ,6 )  Those processes  
based on c o a l  can  be d i v i d e d  i n t o  two g e n e r a l  c a t e g o r i e s :  i n d i r e c t  and d i r e c t .  I n -  
d i r e c t  p rocesses  are t h o s e  r e q u i r i n g  t h e  c o a l  carbon t o  be conve r t ed  i n t o  s y n t h e s i s  

and removal of i m p u r i t i e s ,  i s  r e a c t e d  c a t a l y t i c a l l y  a t  moderate p r e s s u r e  and tempera- 
gas  (hydrogen and carbon monoxide) which,  a f t e r  ad jus tmen t  of t h e  gas  composition 

t u r e  t o  produce methane.  Direct processes  are t h o s e  i n  which t h e  c o a l  carbon i s  com 
bined w i t h  hydrogen t o  produce methane i n  a n o n c a t a l y t i c  o p e r a t i o n  t a k i n g  place a t  
h i g h  p r e s s u r e  and h i g h  tempera ture .  Each approach t o  t h e  p roduc t ion  of  high-Btu gas  
has  advantages as w e l l  a s  d i s a d v a n t a g e s ,  and thus  f a r ,  a c l e a r - c u t  s u p e r i o r i t y  h a s  
n o t  been demonstrated f o r  one o r  the  o t h e r .  This  paper  r e p o r t s  t h e  progress  made by 
t h e  P i t t s b u r g h  Coal Research Center  of  t h e  United S t a t e s  Bureau of  Mines i n  develop- 
i n g  a d i r e c t  p r o c e s s  f o r  c o n v e r t i n g  c o a l  t o  high-Btu g a s .  

A number o f  ' 

I 
{ 
I 
i 

The Bureau 's  concep t ion  o f  hydrogenat ing c o a l  t o  methane i n  d i l u t e - p h a s e  con- 
' 

J 

1 

c u r r e n t  flow o r i g i n a t e d  from a n  e a r l i e r  a t tempt  t o  produce hydrocarbon gases  by en-  
t r a i n i n g  feeds  of  s t r o n g l y  caking  and noncaking c o a l s  i n  a s t ream of hydrogen which 
passed through a h o t  r e a c t o r  i n  t u r b u l e n t  f low.  
h i g h ,  c a r b o n i z a t i o n  of  c o a l  i n  t h e  r e a c t o r  always s topped t h e  f low.  These e x p e r i -  ; 
ments i n d i c a t e d  t h e  p o s s i b i l i t y  of  d e v o l a t i l i z i n g  t h e  c o a l  t o  dry  char  providing the  
coal p a r t i c l e s  w e r e  s m a l l  and d i s p e r s e d  throughout  a s t r e a m  of h o t  gas .  Under these '  
c o n d i t i o n s  t h e  c o a l  p a r t i c l e s  would be h e a t e d  v e r y  r a p i d l y ,  and ,  i f  t h e  diameter  of 
t h e  r e a c t o r  was l a r g e  r e l a t i v e  t o  t h e  e n t e r i n g  feed  s t r e a m ,  t h e  c o a l  would pass  
through i t s  p l a s t i c  range  wi thou t  agglomerat ing i n t o  a l a r g e  mass o r  s t i c k i n g  t o  t h e  
w a l l  of  t h e  r e a c t o r .  
ago us ing  s t r o n g l y  c a k i n g  c o a l ,  hvab P i t t s b u r g h  seam, and hydrogen a t  1,000 ps ig .  
The r e a c t o r  had a d i a m e t e r  of  3 i n c h e s ,  and w a s  h e a t e d  t o  a nominal temperature  o f  
800' C whi le  t h e  e n t e r i n g  s t ream of c o a l  had a d iameter  of 5/16 i n c h .  
f lowing ,  nonagglomerated char  was produced d u r i n g  f r e e - f a l l  through a hea ted  zone 
4 f e e t  i n  l e n g t h .  

Even though t h e  g a s  v e l o c i t y  was 

T h i s  was s u c c e s s f u l l y  demonstrated e x p e r i m e n t a l l y  s e v e r a l  year? 

,' 
A d r y ,  f r e e -  

/ 
Since t h a t  t i m e ,  a dependable  system f o r  hydrogas i fy ing  c o a l  i n  d i l u t e - p h a s e  ha. 

have been o b t a i n e d  f o r  t h e  hydrogena t ion  of d i l u t e - p h a s e  c h a r .  ' 

r e s u l t s  a r e  p r e s e n t e d ,  and a c o n c e p t i o n a l  p r o c e s s  i s  d i s c u s s e d  wherein t h e s e  two 
o p e r a t i o n s  a r e  i n t e g r a t e d  f o r  t h e  p roduc t ion  of high-Btu g a s  on a commercial s c a l e .  f 

n 
DILUTE-PHASE HYDROGENATION il 

been developed,  and expe r imen ta l  d a t a  a r e  be ing  o b t a i n e d .  I n  a d d i t i o n ,  some d a t a  B 
These experimental  

The r e a c t i o n  o f  c o a l  w i t h  hydrogen i n  d i l u t e - p h a s e  i s  in tended  t o  be a means ' 
whereby s t r o n g l y  c a k i n g  c o a l s  can  b e  r e a c t e d  a t  h i g h  tempera tures  i n  t h e  "as  r e c e i v e <  
c o n d i t i o n  w i t h o u t  i n c u r r i n g  agglomera t ion .  The pr imary products  a r e  hydrocarbon gas% 

- I /  Underl ined numbers i n  p a r e n t h e s e s  r e f e r  t o  i tems  i n  t h e  l i s t  o f  r e f e r e n c e s  a t  
t h e  e d  of t h i s  r e p e r t .  

I 1 ,  
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and a s o l i d  res idue of c o a l  which i s  a dry ,  f ree-f lowing,  nonagglomerated char  t h a t  
can be processed f u r t h e r  by hydrogenat ion,  g a s i f i c a t i o n ,  or  burned a s  f u e l ;  i n  addi-  
t i o n ,  a minimal amount of hydrocarbon l i q u i d s  might be produced. One a n t i c i p a t e d  
a p p l i c a t i o n  of d i lu te -phase  hydrogas i f ica t ion  i s  t h e  d i r e c t  conversion of c o a l  t o  
high-Btu gas .  

U n t i l  recent ly ,  a major p o r t i o n  of t h e  work w a s  concerned w i t h  the  development 
of  means f o r  feeding s t r o n g l y  caking c o a l  i n t o  gas mixtures  a t  h igh  temperatures and 
high pressures .  When t h i s  problem was so lved ,  experiments w e r e  made w i t h  the  objec-  
t i v e s  of determining t h e  o p e r a b i l i t y  l i m i t s  o f  the  system wi th  r e s p e c t  t o  c o a l  through- 
put  and t o  explore  the  e f f e c t s  of hydrogen-to-coal r a t i o  on the  q u a l i t y  of  the  product 
gas  and char .  

A l l  experiments i n  d i lu te -phase  hydrogas i f ica t ion  used a feed of P i t t s b u r g h  seam 
c o a l  having a f ree-swel l ing  index of 8 and a v o l a t i l e  conten t  of 4 1  p e r c e n t ,  moisture-  
ash- f ree  b a s i s .  U l t i m a t e  and proximate analyses  are given i n  t a b l e  1. This  choice 

TABLE I 

ANALYSES OF HIGH-VOLATILE A BITUMINOUS COAL 

A s  
rece ived ,  Maf, 

percent  percent  

U 1 t i m a  t e  
Carbon ................. 78.5 84 .0  
Hydrogen ............... 5.4 5.7 
Nitrogen ............... 1.6 1 . 7  
S u l f u r  ................. 1.4 1.5 
Oxygenl l  ............... 7.2  7 . 1  
Ash .................... 5.9 
Moisture  ............... 0.1 

Proximate 
Moisture  ............... 0.1 
V o l a t i l e  mat te r  ........ 38.2 40.9 
Fixed carbon ........... 55.2 59.1 
Ash .................... 5.9 

- i /  By d i f f e r e n c e . '  

of feed was based on t h e  premise t h a t  procedures f o r  overcoming agglomeration would 
apply t o  any o t h e r  c o a l ,  whereas t h e  reverse  might n o t  be t r u e .  The feed  was s ized  
50 x 100 mesh s i e v e  f r a c t i o n ,  U.S. Standard.  

The feed gas  was a mixture  of methane and hydrogen having a composition simu- 
l a t i n g  t h a t  which could be obtained by t h e  p a r t i a l  conversion of char  w i t h  hydrogen 
t o  produce methane; var ious  gas  compositions were used.  
approximated 175 scfh .  
d i lu te -phase  using a methane-rich mixture  could conceivably r a i s e  the  hea t ing  value 
of  the  gas leaving the  r e a c t i o n  zone t o  b e t t e r  than 900 Btu per  s c f  on a c l e a n ,  dry 
b a s i s .  While t h e  c o a l  was being p a r t i a l l y  d e v o l a t i l i z e d ,  i t  w a s  a l s o  being t r a n s -  
formed i n t o  dry ,  f ree-f lowing char  which could be hydrogenated i n  a moving bed without  
agglomerating. 

The feed rate c l o s e l y  
The a d d i t i o n a l  methane produced by hydrogenating c o a l  i n  
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-Equipment and Procedure 

The b a s i c  e l emen t s  of  t h e  d i l u t e - p h a s e  system are shown s c h e m a t i c a l l y  i n  
f i g u r e  1. 
of methane and hydrogen i n  a g a s h o l d e r  which supp l i ed  t h e  gas  mix tu re  t o  a compressor 
The 
b a t h  t o  700' C and e n t e r e d  t h e  top  o f  a r e a c t i o n  vessel  h e a t e d  by e x t e r n a l  furnaces  
where i t  con tac t ed  t h e  incoming stream o f  c o a l .  The c o a l  e n t e r e d  t h e  r e a c t o r  through 
a n o z z l e  having a d i a m e t e r  as l a r g e  as one-half  i n c h  and i n  concur ren t  f low with t h e  
h o t  g a s ,  passed th rough  t h e  r e a c t i o n  space  which was 8 f e e t  i n  l e n g t h  by 3 inches i n  
d i a m e t e r .  The r e a c t o r  was hea ted  t o  a nominal temperature  of  725' C which means t h a  
i t s  temperature  w a s  b rough t  t o  a maximum of  725O C and c o n s t a n t  temperatures  were 
a t t a i n e d  over t h e  sys t em b e f o r e  s t a r t i n g  t h e  c o a l  f eed .  Of c o u r s e ,  some v a r i a t i o n s  
i n  temperatures  o c c u r r e d  e s p e c i a l l y  a f t e r  c o a l  feed w a s  s t a r t e d .  P r e s s u r e  equa l i za -  
t i o n  throughout  t h e  coal f e e d i n g  system was ob ta ined  by p rov id ing  a p a r a l l e l  flow 
p a t h  between t h e  f e e d e r ,  t h e  n o z z l e ,  and the  r e a c t i o n  space.  Product  gas  passed 
through a wa te r - coo led  v e s s e l  i n  which wa te r  and a s m a l l  q u a n t i t y  of o i l  vapors w e r e  
condensed and c o l l e c t e d ,  and t h e  gases  were then  reduced i n  p r e s s u r e ,  metered,  and 
c o l l e c t e d  i n  a g a s h o l d e r .  A s m a l l  f low of  gas  was withdrawn and passed through an  
a n a l y z e r  which c o n t i n u o u s l y  r eco rded  t h e  s p e c i f i c  g r a v i t y  of  t h e  g a s ,  thereby showin 
when s t eady  c o n d i t i o n s  had been a t t a i n e d ;  about  15 minutes  were r e q u i r e d  t o  reach 
s t e a d y  c o n d i t i o n s .  

Feed g a s  o f  a g i v e n  composi t ion w a s  made by b l end ing  metered q u a n t i t i e s  

compressed g a s  w a s  h e a t e d  du r ing  f low through c o i l e d  tub ing  immersed i n  a lead , 1 

ti 

! 
1 

Samples of the p roduc t  gas  were withdrawn a t  i n t e r v a l s  and analyz 

R e s u l t s  and Di scuss ion  t 

1 I n  d i l u t e - p h a s e  h y d r o g a s i f i c a t i o n ,  t h e  composi t ion of  t h e  e f f l u e n t  gas  i s  d e t e r -  
mined by the feed g a s  r a t e  and composi t ion and t h e  g a s  y i e l d .  
composi t ion can  be s e l e c t e d  w i t h  some degree  o f  freedom, b u t  t h e  gas  y i e l d  i s  depende 
upon many v a r i a b l e s  some o f  which i n t e r a c t .  c j  
r a t e ,  maximum tempera tu re  a t t a i n e d  by t h e  s o l i d s  and t h e  vapor s ,  r e s i d e n c e  times of 
t h e  s o l i d s  and t h e  v a p o r s ,  t o t a l  p r e s s u r e ,  hydrogen p a r t i a l  p r e s s u r e ,  p a r t i c l e  s i z e  'i 
and d e n s i t y ,  gas  v i s c o s i t y ,  h e a t  c a p a c i t y  o f  t h e  f eed  g a s ,  and thermal  conduc t lv l ty  
of t h e  gases .  Obv ious ly ,  i n  an  i n v e s t i g a t i o n  which i s  p r i m a r i l y  concerned with ! 
development o f  a p r o c e s s ,  a s t u d y  of t h e  v a r i a b l e s  i s  i m p r a c t i c a l .  However, some ' 
expe r imen ta l  d a t a  have been o b t a i n e d  showing t h e  g r o s s  e f f e c t  of several important 
v a r i a b l e s .  
t a b l e  3 fo r  3,000 p s i g .  

The f eed  gas  r a t e  and 

Most prominent o f  t h e  v a r i a b l e s  are:  

1 The r e s u l t s  are g i v e n  i n  t a b l e  2 f o r  experiments  a t  1,500 p s i g  and i n  

The e f f e c t  of  c o a l  r a t e  on the  conve r s ion  of c o a l  t o  gaseous and l i q u i d  products  
was i n v e s t i g a t e d  a t  bo th  p r e s s u r e s  u s i n g  ho t  f eed  gas  a t  a ra te  of 175 s c f h  and an 
approximate compos i t ion  of  50 p e r c e n t  hydrogen, 4 8  p e r c e n t  methane, and 2 percent  
n i t r o g e n .  Over t h e  r e l a t i v e l y  narrow range  o f  5 t o  7 pounds p e r  hour ,  the q u a n t i t y  
of c o a l  converted t o  g a s e s  p l u s  a s m a l l  amount of o i l  and water w a s  approximately 
35 percen t  t o  33  p e r c e n t  based on maf c o a l .  Coal conve r s ion  decreased w i t h  i n c r e a s -  
i n g  c o a l  ra tes ,  be ing  approximately 27 p e r c e n t  a t  a rate of  9 pounds pe r  hour because 
of t he  g r e a t e r  h e a t  l oad  imposed by t h e  inc reased  coal r a t e  w h i l e  t h e  h e a t  i npu t  w a k  
he ld  c o n s t a n t .  
a t  6 t o  7 pounds p e r  hour and dec reased  t o  about  22 o r  2 3  p e r c e n t  a t  9 pounds per  ho6 

The e f f e c t  o f  c o a l  r a t e  on  the  y i e l d  of  hydrocarbon g a s e s  (methane and ethane)  p 
i s  shown i n  f i g u r e  2 .  Approximately 2 4  p e r c e n t  of t h e  maf c o a l  was converted t o  
methane p l u s  a l i t t l e  e t h a n e  a t  6 t o  7 pounds p e r  hour c o a l  ra te  and 3 , 0 0 0  ps ig  whi1F 

. t h e  co r re spond ing  y i e l d  a t  1,500 p s i g  w a s  approximately 2 0  p e r c e n t .  The g r e a t e r  
y i e l d s  were o b t a i n e d  a t  3 , 0 0 0  p s i g  because bo th  t h e  hydrogen p a r t i a l  p r e s s u r e  and 1 
t h e  r e t e n t i o n  t i m e  o f  t h e  c o a l  v o l a t i l e s  were twice a s  g r e a t  as t h a t  ob ta ined  a t  ,, 
1,500 p s i g ,  which a c c e l e r a t e d  t h e  thermal  decomposi t ion and hydrogenat ion of the 
high-molecular  we igh t  v a p o r s .  Hydrocarbon gas  y i e l d s  showed t h e  same dec reas ing  / 
t r end  w i t h  i n c r e a s e d  c n e l  rate a s  w a s  ohge~-ved_ fo r  cnnve r s ion ,  r e s i l l t i n g  from the  

I i 
i nc reased  h e a t  load c a u s i n g  c o a l  t empera tu res  t o  d e c r e a s e .  

1 

/ 

Carbon conve r s ions  were about  28 p e r c e n t  t o  27 p e r c e n t  o f  maf c o a l  

f 
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The e f f e c t  o f  p r e s s u r e  upon c o a l  convers ion  appeared  t o  be less than  the 

accuracy  of t h e  c o n v e r s i o n  da ta- -about  3 p e r c e n t .  
s u r e  was changed o t h e r  dependent  v a r i a b l e s  a lso changed and t h e r e b y  e f f e c t e d  con- 
v e r s i o n .  A c o a l  r a t e  of 9 pounds p e r  hour  appeared t o  be c l o s e  t o  t h e  l i m i t  of 
o p e r a b i l i t y  because  c o a l  tempera tures  were low and the c o a l  was n o t  be ing  devola- 
t i l i z e d  s u f f i c i e n t l y  t o  produce d r y  c h a r .  

Of c o u r s e ,  when t h e  t o t a l  p res -  

I n  another  s e r i e s  of  exper iments ,  t h e  c o a l  and g a s  ra tes  were approximately 

1 c o n s t a n t  a t  6 t o  7 pounds p e r  hour  and 175 s c f h  w h i l e  t h e  q u a n t i t y  of hydrogen SUP- 

p l i e d  w i t h  t h e  feed  g a s  w a s  v a r i e d  over  a f a i r l y  wide range  between 50 and 175 s c f h .  ’ 

Coal  and carbon c o n v e r s i o n s  and y i e l d s  o f  hydrocarbon g a s e s  decreased  w i t h  decreas ing  
hydrogen c o n c e n t r a t i o n  i n  t h e  feed  g a s ;  however, some of  t h i s  change can  be a t t r i -  
buted t o  lower r e a c t i o n  tempera tures  which r e s u l t e d  from t h e  change i n  feed  gas com- 
p o s i t i o n .  The change i n  carbon c o n v e r s i o n  o v e r  t h e  range  o f  hydrogen-to-coal  r a t i o s  
between 10 and 30 i s  shown i n  f i g u r e  3 .  A t  3,000 p s i g ,  reducing  t h e  hydrogen-to-coal  
r a t i o  from 30 t o  10 s c f  p e r  pound of  c o a l  reduced t h e  carbon convers ion  from 35 perce  

i 
t o  24 p e r c e n t  based on maf c o a l .  ? 

1 , The hydrogen- to-coa l  r a t i o  h a s  a n  i m p o r t a n t  b e a r i n g  on t h e  q u a l i t y  of  t h e  gas  
l e a v i n g  the d i l u t e - p h a s e  zone.  I f  high-Btu g a s  i s  t o  be produced,  t h e  feed  gas  must 3’ 

have a composi t ion  t h a t  p r o v i d e s  adequate  hydrogen f o r  convers ion  o f  t h e  c o a l  carbon 
t o  hydrocarbon g a s e s  i n  s u f f i c i e n t  y i e l d  t h a t  t h e  e f f l u e n t  gas  exceeds 900 Btu per  
s c f  i n  g r o s s  h e a t i n g  v a l u e .  
v a l u e  of  t h e  e f f l u e n t  g a s  changed w i t h  t h e  hydrogen- to-coa l  r a t i o  at  t o t a l  p r e s s u r e s  
of  1 ,500  and 3,000 p s i g .  Condi t ions  were t h e  same as t h o s e  r e l a t i n g  t o  f i g u r e  3 .  
The i n c r e a s e  i n  h e a t i n g  v a l u e  w a s  least  a t  t h e  lowest  hydrogen- to-coa l  r a t i o ,  an 
i n c r e a s e  of about  100 Btu p e r  s c f  w i t h  feed  g a s  c o n t a i n i n g  75  s c f  p e r  pound of c o a l  
a t  a t o t a l  p r e s s u r e  o f  3,000 p s i g ;  however, t h i s  was t h e  feed  ra t io  needed t o  produce’ 
an e f f l u e n t  g a s  having  910 Btu h e a t i n g  v a l u e .  An i n c r e a s e  o f  200 Btu i n  t h e  h e a t i n g  , 
val -e  was o b t a i n e d  a t  t h e  c p p c s i t e  extreme where t h e  hydrogei i - to-coal  r a t i o  was 33 sslf 
p e r  pound. The r e d u c t i o n  i n  t h e  d i f f e r e n t i a l  h e a t i n g  v a l u e  r e f l e c t s  bo th  decreas ing  I 
hydrogen p a r t i a l  p r e s s u r e  and t h e  r e s u l t i n g  l o s s  of  h e a t  of  r e a c t i o n .  Of course ,  
t h e s e  d a t a  r e p r e s e n t  one of  many p o s s i b l e  feed  g a s - t o - c o a l  r a t i o s ,  a number of  which 
c e r t a i n l y  would g i v e  a high-Btu e f f l u e n t  g a s .  Many exper iments  would be requi red  
b e f o r e  an optimum f e e d  r a t i o  could  be s e l e c t e d .  

1 
i 

T h i s  can  be seen i n  f i g u r e  4 which shows how t h e  hea t ing  

i 
HYDROGENATION OF CHAR I 

1 
f o r  a p a r t i c u l a r  c o n v e r s i o n .  I 

,I 

Char from t h e  hydrogenat ion  o f  c o a l  i n  d i l u t e - p h a s e  was hydrogenated cont inuous1 
i n  a moving bed a t  3,000 and 1,500 p s i g .  The o b j e c t i v e  w a s  t o  de te rmine  t h e  hydrogent- 
t o - f e e d  r a t i o  t h a t  would produce a n  e f f l u e n t  g a s  of  a c e r t a i n  s e l e c t e d  composition 

Equipment and Procedure 

A schemat ic  d iagram of  t h e  system i s  shown i n  f i g u r e  5 .  The r e a c t i o n  v e s s e l  ’ 

f i l l e d  comple te ly  w i t h  d i l u t e - p h a s e  c h a r  c o n s i s t e d  of  a 5 - f o o t  l e n g t h  of 1- inch p i p e  
connec ted  t o  a 6 - f o o t  l e n g t h  of 1 /2- inch  p i p e .  The l e n g t h  of  t h e  hea ted  zone was 
a d j u s t e d  between l i m i t s  o f  6 and 24 inches  a c c o r d i n g  t o  t h e  c h a r  convers ion  r e q u i r e -  
ments of a p a r t i c u l a r  exper iment .  A v a r i a b l e  speed s c r e w  c o n t i n u o u s l y  discharged / 
r e a c t e d  char  from t h e  bottom of t h e  v e s s e l .  A f low o f  compressed hydrogen was i n t r o - ’  
duccd i n t o  t h e  screw h o u s i n g ,  and h e a t i n g  o c c u r r e d  d u r i n g  upward f low i n  contac t  w i t h  
the  descending s t r e a m  of  hot  c h a r .  The g a s e s  and v a p o r s  were withdrawn a t  t h e  top 
o f  t h e  hea ted  zone and flowed through a c o l d  v e s s e l  where t h e  vapors  condensed and 
werc c o l l e c t e d .  The uncondensed g a s e s  were reduced i n  p r e s s u r e ,  metered ,  and e i t h e r  
c o l l e c t e d  i n  a h o l d e r  from which samples  were withdrawn o r  were d ischarged  t o  the 
atmosphere.  A small  s i d e s t r e a m  was passed c o n t i n u o u s l y  through a meter t h a t  measured 
i t s  s p e c i f i c  g r a v i t y .  
c h a r  r a t  0, and c h a r  c o n v e r s i o n  could be c o n t r o l l e d  by v a r y i n g  t h e  r e & n t i o n  time of  
t h e  c h a r  i n  t h e  r e a c t i o n  zone .  

I 

t 

~ 

Gas composi t ion could  be c o n t r o l l e d  by vary ing  t h e  hydrogen-to- 
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i R e s u l t s  and Di scuss ion  

J 

I 

Tab le  4 shows t h e  r e s u l t s  ob ta ined  when d i l u t e - p h a s e  c h a r  was hydrogenated.  A t  

TABLE 4 1 
HYDROGENATION OF DILUTE-PHASE CHAR 

P r e s s u r e ,  psi! ............. 1,500 
Temperature ,  C ........... 900 
Residence t i m e ,  minu te s  .... 3 . 5  

s c f  p e r  pound 11 

of maf c h a r  .............. 34 

. Hydrogen/char r a t i o ,  

Conversion,  w t  p c t  
............ 

E f f l u e n t  g a s  compos i t ion ,  p e r c e n t  
Hydrogen .............. 31 
Methane ............... 67 
Ethane ................ 1 
Carbon monoxide ....... 1 

1,500 
900 
7 . 5  

32 

52 

3 5  
63 
1 
1 

3,000 
7 00 
3.5 

25 

26 

62 
36 
1 
1 

I 
1 

V o l a t i l e  c o n t e n t  of r e s i d u e ,  
w t  p c t  ma€ b a s i d  ....... 2.6 2.4 2.6 

i - i /  V o l a t i l e  c o n t e n t  of f eed  char-12.8 p e r c e n t .  

i 
i,500 p s i g ,  900' C, and a ---- LS=;dcncc tine c?f a b x t  3-1!2 minu tes  t h e  conversion 
of  d i l u t e - p h a s e  c h a r  was 34 p e r c e n t ,  based on maf f e e d .  A t  t h e  hydrogen-to- , 
c h a r  feed (maf) r a t i o  o f  11 s c f  p e r  pound, t h e  e f f l u e n t  gas  con ta ined  67 percent  ' 
methane, 31 p e r c e n t  hydrogen,  and 1 p e r c e n t  each  of e t h a n e  and carbon monoxide. 
When the r e s i d e n c e  t i m e  w a s  i nc reased  t o  7-1/2 minu tes ,  t h e  conve r s ion  of char  
i nc reased  to. 52 p e r c e n t .  The composi t ion of  t h e  e f f l u e n t  gas  w a s  63 pe rcen t  
methane, 35 p e r c e n t  hydrogen, and 1 p e r c e n t  each  of e t h a n e  and carbon monoxide. 
The hydrogen-to-maf-char needed t o  produce g a s  of  t h i s  composi t ion was 32 sc f  
p e r  pound. An expe r imen t  a t  700' C and 3,000 p s i g  produced a c h a r  conversion 
o f  26 p e r c e n t  w i t h  a r e s i d e n c e  t i m e  of 3-1/2 minu tes .  
r a t i o  of  25 s c f  p e r  pound was used i n  t h i s  expe r imen t ,  t h e  c o n c e n t r a t i o n  of  
methane w a s  o n l y  36 p e r c e n t ;  t he  o t h e r  c o n c e n t r a t i o n s  were 62 p e r c e n t  hydrogen 
w i t h  1 p e r c e n t  e a c h  o f  e t h a n e  and carbon monoxide. 

I 

,I 
I Because hydrogen-to-char 

These d a t a  emphasize t h e  c o n s i d e r a b l e  r ange  of cha r  conve r s ion  and e f f l u e n t  
g a s  compos i t ions  t h a t  could be ob ta ined  s imul t aneous ly  by v a r y i n g  hydrogen-to- 

q u i r e d  t o  c o n v e r t  one -qua r t e r  t o  o n e - t h i r d  of  t h e  c h a r  t o  methane under the  
c o n d i t i o n s  used .  For e q u a l  r e t e n t i o n  t i m e s ,  more c h a r  was converted a t  
1 ,500  p s i g  and 900' C t han  was conve r t ed  a t  3,000 p s i g  and 700' C ;  hence,  
t empera tu re  had a g r e a t e r  i n f l u e n c e  than  p r e s s u r e  on c h a r  conversion.  

c h a r  r a t i o s  and r e t e n t i o n  t imes.  Only a few minu tes  r e t e n t i o n  t i m e  was re- 1 

( 

I 

,I CONCEPTIONAL PROCESS 

TWO r e a c t i o n  s t a g e s  a r e  r e q u i r e d  i n  t h i s  c o n c e p t i o n a l  p rocess  f o r  the 
d i r e c t  c o n v e r s i o n  of  c o a l  to high-Btu gas:  
c o a l  is p a r t i a l l y  d e v o l a t i l i z e d  i n  a stream o f  ho t  gas  c o n t a i n i n g  a f a i r l y  
h i g h  c o n c e n t r a t i o n  of  methane; decomposi t ion and hydrogena t ion  of t he  c o a l  
v o l a t i l e s  i n c r e a s e s  t h e  methane c o n c e n t r a t i o n  of  t h e  gas  l e a v i n g  t h i s  s t a g e  t o  t 

t h e  e x t e n t  t h a t  removal o f  i m p u r i t i e s  w i l l  g i v e  a p roduc t  exceedqng 900 B t u  Per 
s c f  h e a t i n g  v a l u c ,  and (2 )  a dense-phase s t a g e  i n  which t h e  c h a r  from the f irst  , 

i (1) a d i l u t e - p h a s e  s t a g e  i n  which 

. 



s t a g e  i s  hydrogenated i n  a moving bed thus producing the  hot  methane-hydrogen mixture 
t h a t  i s  fed i n t o  the  f i r s t  s tage .  
range through choice of res idence  t i m e ,  p ressure ,  and temperature;  however, res i -  
dence time of char  i n  t h e  r e a c t i o n  zone has t h e  g r e a t e s t  in f luence  on  o v e r a l l  con- 
v e r s i o n .  Coal conversion i s  he ld  a t  a l e v e l  t h a t  w i l l  supply s u f f i c i e n t  char  f o r  
t h e  production of  the  required amount of  hydrogen. 
approximately 54 percent ,  based on maf c o a l ,  and about 45 percent  of  t h e  c o a l  carbon 
would appear a s  hydrocarbon gases  i n  the product. 

Overa l l  c o a l  conversion can be v a r i e d  over a wide 

Conversion of c o a l  would be 

Figure 6 i s  a s impl i f ied  flow diagram of the  concept iona l  process .  Coal t h a t  
has  been crushed,  d r i e d ,  and s ized  t o  minus 100 mesh s i e v e  s i z e  i s  fed through lock- 
hoppers i n t o  the top of a r e a c t i o n  v e s s e l  where i t  becomes d ispersed  i n t o  a d i l u t e -  
phase during f r e e - f a l l  through hot gas  e n t e r i n g  i n  concurrent  flow. The res idence  
time o f  the c o a l  i n  t h e  d i lu te -phase  s t a g e  i s  about b t o  8 seconds and i s  assumed 
t o  r e s u l t  i n  the conversion of  approximately 25 percent  of the  c o a l  whi le  t h e  c o a l  
v o l a t i l e s ,  having a res idence  time of about 30 seconds,  a r e  hydrocracked t o  gas .  
T h e  p a r t i a l l y  d e v o l a t i l i z e d  c o a l  o r  char  i s  held f o r  3 t o  5 minutes i n  t h e  bottom 
s e c t i o n  of the  r e a c t o r  where the  hydrogen feed e n t e r s .  Approximately 35 percent  
( a s h - f r e e  bas i s )  of t h e  char  i s  converted t o  methane. The gas  leav ing  the  top of 
t h e  char  bed mixes wi th  a p o r t i o n  of the gas from the d i l u t e - p h a s e  s t a g e  and t h e  
combined stream i s  re turned  t o  t h e  top of the  d i lu te -phase  s t a g e .  T h i s  very  hot  g a s  
s u p p l i e s  the  h e a t  needed t o  b r i n g  the  c o a l  feed t o  r e a c t i o n  temperature .  The h o t ,  
outgoing char  res idue  exchanges hea t  wi th  the  cold incoming hydrogen feed before  
being discharged i n t o  lock-hoppers and conveyed t o  an en t ra ined  g a s i f i c a t i o n  p l a n t  
where t h e  hydrogen i s  produced. The raw product gas  i s  withdrawn from the  lower 
p o r t i o n  of  the d i lu te -phase  s t a g e  and conta ins  mostly methane wi th  some hydrogen and 
water  vapor and small  q u a n t i t i e s  of carbon oxides ,  ammonia, and hydrogen s u l f i d e .  
This  g a s ,  being a t  200 atm and about 800° C ,  has cons iderable  p o t e n t i a l  f o r  producing 
u s e f u l  work. We propose t o  recover  e l e c t r i c a l  power by f i r s t  removing t h e  en t ra ined  
s o l i d s  (dust)  and then expanding t h e  gas through a turb ine  t o  an e x i t  p ressure  of 
40 atm and temperature of 520' C (970' F) .  The g a s ,  fol lowing cool ing  and c leaning  
a t  pressure  t o  remove contaminants, could go d i r e c t l y  i n t o  t h e  t ransmission system, 
o r  i t  could be processed f u r t h e r  t o  obLain some a d d i t i o n a l  methane from t h e  smal l  
q u a n t i t y  of r e s i d u a l  carbon monoxide and hydrogen. 

The hydrogenation r e a c t i o n ,  being s t rongly  exothermic,  r e q u i r e s  t h e  removal of 
h e a t  t o  c o n t r o l  the  temperature. This  could be done by pumping water  a t  3,000 ps ig  
through thin-walled tubing d i s t r i b u t e d  throughout the  char  hydrogenation s t a g e .  The 
superheated steam generated i n  t h e  tubing i s  c o l l e c t e d  and expanded through a turb ine  
t o  genera te  a d d i t i o n a l  power, and t h e  condensate i s  re turned t o  the  pump. 

CONCLUSIONS 

Exploratory experiments have shown t h a t  s t r o n g l y  caking c o a l  can be p a r t i a l l y  
d e v o l a t i l i z e d  by d i s p e r s i n g  i t  i n  a d i lu te -phase  i n  a methane-hydrogen mixture  which 
becomes enriched with hydrocarbon gases  from the  c o a l  v o l a t i l e s  and thereby increased  
i n  g r o s s  hea t ing  va lue  t o  900 Btu per  s c f  o r  more. The c o a l  r e s i d u e  was a d r y ,  f r e e -  
flowing char  which i s  very  r e a c t i v e  and e a s i l y  hydrogenated t o  produce a methane- 
r i c h  g a s .  
and t h e  hydrogen-to-char feed r a t i o s ,  while  the  char  conversion was f i x e d  by t h e  
res idence  time and r e a c t i o n  temperature. The two opera t ions  were combined t o  form 
a concept ional  process  f o r  producing high-Btu gas  on a commercial s c a l e .  

The composition of  t h i s  gas  w a s  determined by the  hydrocarbon gas  y i e l d s  

Development of d i lu te -phase  h y d r o g a s i f i c a t i o n  i s  cont inuing with t h e  o b j e c t i v e  
o k  determining t h e  e f f e c t  of h igher  c o a l  temperatures on y i e l d s  and g a s  composition. 
Coals o t h e r  than P i t t s b u r g h  seam a l s o  w i l l  be t e s t e d .  

i 
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2 .  What a r e  the  k i n e t i c s  of g a s i f i c a t i o n  and combustion? 

3 .  What a r e  the  e f f e c t s  on g a s i f i c a t i o n  of -- feed s tock ,  product 
gases ,  bed he igh t  , steam prehea t  , s u p e r f i c i a l  steam v e l o c i t y ,  
ash  content  i n  m e l t  and o the r s?  

4 .  Can coa l  ash be removed from t h e  m e l t  and t h e  sodium recovered 
economica l l y ?  

\ 
Some of t h e  answers on g a s i f i c a t i o n  and t h e  problems of g e t t i n g  the  
answers a r e  presented i n  t h i s  r e p o r t .  Other t o p i c s  w i l l  be discussed 

I i n  subsequent r epor t s .  
I 
I 

! 
11. EXPERIMENTAL 

A .  Apparatus 
1 

Most of the  experimental  work has  been concerned with r a t e s  of 
g a s i f i c a t i o n .  The equipment f o r  t h i s  c e n t e r s  about t he  r e a c t o r ,  which 

, based upon e a r l i e r  molten s a l t  r e sea rch ,  was made ou t  of 2-inch I . D .  
Inconel  600 p ipe ,  schedule 40,  26 inches long. A thermowell made out  
of %-inch Inconel  tubing en tered  a t  t h e  bottom of  the  r e a c t o r .  ' Inconel  tube f o r  steam and n i t rogen  en tered  from the  top and extended 

" t o  wi th in  % inch of the bottom of the  r e a c t o r .  

A $-inch 

Also a f f ixed  t o  the  top  
of the  r e a c t o r  was a %-inch p ipe  wi th  two quick opening b a l l  type  va lves  
which served a s  a lock hopper f o r  in t roduct ion  of the  carbonaceous 

i n t o  %-inch p ipe  which connected t o  a 4-way tee through which a h o r i z o n t a l  
and a v e r t i c a l  d r i l l  s ea l ed  by Conax f i t t i n g s  could be employed t o  

'\ 
?\ 
' > s o l i d  a s  12/20 mesh m a t e r i a l .  Gases ex i t ed  near  the  top  of t he  r eac to r  

1 keep the  e x i t  l i n e  open. A water condenser was followed by a s e p a r a t o r ,  
:$,a back pressure  r e g u l a t o r ,  sample t aps  f o r  gas  chromatography , and a w e t  

\ 
t e s t  m e t e r .  

Water was pumped us ing  a Ruska p o s i t i v e  displacement pump o r  Lapp 
!,diaphragm LS-10 and 2 0  pumps. 
, i n t o  a 40-inch long steam genera tor  made ou t  of  1-inch p ipe  and 
\ appropr i a t e ly  wound wi th  hea t ing  w i r e .  

This water wi th  a ni t rogen  sweep went 

A superhea ter ,  made o u t  of 20 
f e e t  of %-inch tubing i n  a c o i l  10 inches long,  employed a 12-inch long 
furnace.  The o u t l e t  was connected t o  the  +-inch tubing t h a t  went 
i n t e r n a l l y  t o  the  bottom of t h e  r e a c t o r .  A l l  exposed p ip ing  from t h e  I genera tor  t o  the  r e a c t o r  and the  hopper t o  the  r e a c t o r  was wound wi th  

1 covered r e s i s t a n c e  wire .  
' convent ional  equipment through c a l i b r a t e d  rotameters .  The 90% steam- 

'\ veloc j  t y  i n  the  r eac to r .  

Nitrogen and o the r  gases  w e r e  de l ive red  wi th  

10% ni t rogen  stream was normally fed a t  0 .5  f t / s e c  s u p e r f i c i a l  gas  

1 
f po in t  r eco rde r s  w e r e  used. 

A 24-inch long Kanthal furnace of 2.75-inch diameter se rved  t o  
h e a t  t he  r e a c t o r .  A l l  thermocouples w e r e  chromel-alumel. Mul t ip le  

Gases w e r e  analyzed using a p a r t i t i o n e r  
Y I 
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t o  o b t a i n  N2, CO2, CO and hydrogen by d i f f e r e n c e .  Mass spec t romet ry  

1 
and o t h e r  gas  chromatography equipment w e r e  u t i l i z e d  when necessary .  

B .  Procedure 

Opera t ion  c o n s i s t e d  i n  i n t r o d u c t i o n  normally of 414 grams of p u r e ,  
dense  sodium c a r b o n a t e  which was mel ted  and brought  t o  t h e  a p p r o p r i a t e  
t empera tu re  wi th  a f low o f  n i t r o g e n  through t h e  s team i n l e t .  This 
amount of  molten s a l t  measured f o u r  inches  i n  dep th  under qu ie scen t  
c o n d i t i o n s .  Steam r a t e  was then  s e t  and t h e  carbonaceous s o l i d  i n t r o -  
duced. S u f f i c i e n t  s o l i d  was charged ,  based  upon i ts .  t o t a l  carbon con- 
t e n t ,  t o  g ive  4% b y  weight  of carbon i n  t h e  m e l t  i n i t i a l l y .  C o l l e c t i o n  
of an a l i q u o t  of t h e  g a s  s t r e a m  was made t o  g e t  t h e  average  composi t ion 
f o r  t h e  f i r s t  f i v e  minu tes .  Product  g a s  was ana lyzed  a t  i n t e r v a l s  o f  
f i v e  and t e n  minutes  u n t i l  t h e  run  was t e rmina ted .  T o t a l  carbon 
g a s i f i e d  per  f i v e  minute  o r  o t h e r  i n t e r v a l  was c a l c u l a t e d  and t h e  per -  
c e n t  carbon remain ing  a t  each  t i m e  r ead ing  was used t o  p l o t  f i r s t - o r d e r  1 
k i n e t i c s .  

1 

,' 
1 

1 
,r 

f 

F i r s t - o r d e r  k i n e t i c s  was found t o  s a t i s f y  t h e  d a t a  a t  least  t o  
50% carbon consumption and i n  many o f  t h e  runs  t o  90%. Although some 

e x c e l l e n t  method f o r  i n t e r p r e t a t i o n  of t h e  d a t a .  From t h e  h a l f  l i f e ,  
t h e  s p e c i f i c  r e a c t i o n  r a t e  c o n s t a n t  i s  o b t a i n e d .  I n  o r d e r  t o  g ive  t h i s  
more i l l u s t r a t i v e  s i g n i f i c a n c e ,  it h a s  been conver ted  i n t o  pounds o f  
carbon g a s i f i e d  p e r  hour  p e r  cub ic  f o o t  of  molten s a l t  charged when 4% 

d e v i a t i o n s  have o c c u r r e d ,  it has  been found t h a t  t h i s  s e r v e s  a s  an 4 

1 
carbon i s  p rese i i t  i n  the melt. 4 

i High v o l a t i l e  b i tuminous  c o a l  from I s l a n d  Creek No.  27 mine, 
Holden, W e s t  V i r g i n i a ,  was used .  The proximate  a n a l y s i s  was: 1.31% 
w a t e r ,  37.3% v o l a t i l e  m a t t e r ,  57.6% f i x e d  carbon and 3.8% ash .  The 
u l t i m a t e  a n a l y s i s ,  on a d r y  b a s i s ,  wa6 83.6% carbon,  5.14% hydrogen, 
1.48% n i t r o g e n ,  0.66% s u l f u r ,  5.27% oxygen and 3.85% ash .  

i 
I 

111. RESULTS 

Th i s  r e p o r t  p r e s e n t s  t h e  i n i t i a l  s t u d i e s  cons ide red  o f  major i' 
importance to  t h e  o v e r a l l  p r o c e s s .  
c o r r e l a t i o n s  of  t h e  d a t a  w i l l  be made a t  a l a t e r  d a t e .  

It  i s  planned t h a t  more i n t e n s i v e  

A .  G a s i f i c a t i o n  S t u d i e s  -- E f f e c t  of Var i ab le s  1 
1. Temperature ,I 

The g a s i f i c a t i o n  r a t e  a t  a tmospher ic  p r e s s u r e  a t  0.5 f t / s e c  I 
s u p e r f i c i a l  g a s  v e l o c i t y  was determined f o r  b i tuminous  c o a l  a t  t h r e e  
tempera ture  l e v e l s .  The r e s u l t s  a r e  shown i n  t h e  fo l lowing  t a b u l a t i o n .  r 

i I 
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Temperature - 'F lb C Gasified/hr/CF 

1740 6.5 

1840 15 .2  

1940 33 

The jumps in gasification rate with increasing temperature are high 
and give an apparent activation energy of 50  kilocalories. 

2. Pressure 

The effect of steam pressure was determined with 30% steam in 
nitrogen at 1 atmosphere and with 90% steam in nitrogen at 1, 2 ,  3 ,  
4 and 10 atmospheres. The data have been obtained from runs using 
bituminous coal, cokes derived from this coal by coking to lllO'F 
(Coke 11) and to 1740'F (Cokes I11 and IV). Initial runs were made at 
1840'F but the high gasification rates decreased the accuracy as shown 
by scatter in the points for the top curve in Figure 1. Dropping the 
melt temperature to 1740'F gave an excellent series of points as depicted 
in the bottom curve of Figure 1. All these runs were made at 0.5 ft/sec 
superficial gas velocity with a 4-inch bed of molten sodium carbonate 
and at an initial concentration of 4% carbon in the bed. 

There appears to be a linear relationship between the logarithm 
of the rate and of the steam pressure above one atmosphere which 
allows a reasonable extrapolation to the desired commercial pressure 
of 400 psi. For the conditions given, rates of 3 5  and 66 pounds of 
carbon gasified per hour per cubic foot of melt at 1740'F and 1840'F, 
respectively, appear possible at 400 psia. Runs at higher pressures 
will be made in a pilot plant unit now being designed. 

3 .  Bed Heiqht 

The effect of the height of the molten salt bed on the kinetics 
is of importance for commercial design which at the present calls for 
bed heights of 10 to 20 feet. Ideally for ease of design, one would 
like to have no effect of bed height on the kinetics of gasification. 
Physical limitations of the test equipment have allowed only a limited 
amount of evidence to be obtained in this area. 

The effect of bed height was studied from 3 to 8 inches in the 
2-inch diameter reactor. The results at 3, 4 and 6 inches are shown 
in Figure 2. Conditions for these runs are given in the figure. 
Adjustment of the position of the reactor in the furnace allowed iden- 
tical temperature profiles to be obtained for 3 to 6-inch beds but not 
with the 8-inch high bed. 
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I t  was concluded t h a t  t h i s  he igh t  
A s i g n i f i c a n t  e f f e c t  of bed he igh t  on g a s i f i c a t i o n  r a t e  was obtained 

i n  t h e  two-inch diameter r e a c t o r .  
e f f e c t  must be due t o  poorer con tac t  of carbon and steam with increas ing  
he igh t .  S ize  of steam bubbles  and d i s t r i b u t i o n  of carbon a r e  the 
p r i n c i p a l  va r i ab le s .  The l a t t e r  appears  most suspec t  a t  t h i s  t i m e .  
I t  is be l ieved  t h a t  l a r g e r  diameter  r e a c t o r s  w i l l  a l low better mixing 
t o  be achieved and thus  l e s sen  t h e  e f f e c t  observed he re .  Fur ther  

1 1  eva lua t ion  must awai t  cons t ruc t ion  of p i l o t  p l a n t  equipment. 

\ 4. S u p e r f i c i a l  Steam Veloc i ty  

Or ig ina l  adopt ion of  0.5 f t / s e c  s u p e r f i c i a l  steam and n i t rogen  
v e l o c i t y  Was based upon simulated v i s u a l  experiments with aqueous z inc  
ch lo r ide  system of 2 gr /cc  d e n s i t y  and charcoa l  which showed exce l l en t  

The run a t  

I 
b mixing a t  0.25 f t / s e c  and h igher  v e l o c i t i e s .  
\ study under g a s i f i c a t i o n  cond i t ions  a r e  shown i n  Figure 3. 

2 f t / s ec  taxed the  steam genera t ing  and condensing system a s  we l l  a s  
1 t h e  h e a t  supply from t h e  Kanthal furnace.  '> 1740' t o  1710'F i n  the  i n i t i a l  p a r t  of t h e  run and requi red  a co r rec t ion  

The r e s u l t s  of a s epa ra t e  

Temperature dropped from 

back t o  1740'F. Thus the dashed p a r t  of t he  curve i n  Figure 3 i s . a n  
ad jus ted  value.  It does appear t h a t  t he  r a t e  l e v e l s  o f f  around 2 f t / s ec .  

The v e l o c i t y  e f f e c t  very  d e f i n i t e l y  i n d i c a t e s  t h a t  t h i s  system i s  
s e n s i t i v e  t o  mixing. I t  appears  t o  confirm t h e  conclusions reached 
above i n  the  s tudy of bed he igh t .  

I, 5. Ash Content i n  M e l t  

a Normally, opera t ion  has  been wi th  non-ash conta in ing  m e l t s  of 
sodium carbonate  because of g r e a t e r  ease  of removal by washing and 
less cor ros ion  on the  Inconel  r e a c t o r s .  

of which w i l l  depend on v i s c o s i t y ,  degree of sodium recovery,  e t c .  The 
presence of ash increases  t h e  tendency of  t h e  m e l t  t o  f r o t h  which 

\ 
f ' 
I s teady  s t a t e  conten t  of ash w i l l  e x i s t  i n  the me l t ,  t he  concent ra t ion  

I n  commercial ope ra t ion ,  a 

1 i nc reases  t h e  i n t e r f a c i a l  a r ea .  Comparison of runs conta in ing  10% 
4 bituminous coa l  ash i n  t h e  m e l t  wi th  non-ash m e l t s  a t  two temperatures ,  

[ t abu la t ion .  
0.5 f t / s e c  ve loc i ty  and.4-inch bed he igh t s  a r e  shown i n  the  fol lowing 

Gas i f i ca t ion  Rate - lbs C/hr/CF 
Temperature, OF Non-Ash 10% A s h  

1740 7.5 13.6 

1 1840 14.7 31.9 i ' Approximately a twofold enhancement of  r a t e  appears due t o  t h e  presence 

'' ash  a r e  about equiva len t  t o  r a t e s  f o r  runs w i t h  ash a t  0.5 f t / s ec .  Some 
of ash.  The r a t e s  of some runs  a t  1 ft/sec s u p e r f i c i a l  v e l o c i t y  without  w 

I / 
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r u n s  a t  1 f t / s e c  w i t h  a s h  p r e s e n t  showed even s l i g h t l y  h i g h e r  r a t e s  
ove r  s i m i l a r  r u n s  w i t h o u t  a sh .  Melts w i t h  a s h  have been maintained 
under carbon d i o x i d e  u n t i l  nea r  t h e  s t a r t  of the run  t o  d e c r e a s e  t h e  
s o l u b i l i z a t i o n  o f  a s h  components. 

I 6 .  Misce l l aneous  

Some i n i t i a l  work on p a r t i c l e  s i z e  o f  c o a l  i n d i c a t e d  the r a t e  w a s  A ! unchanged i n  u s i n g  40/60 mesh r a t h e r  t h a n  the u s u a l  12/20 m e s h - c o a l  
p a r t i c l e s .  A poor tes t  w i t h  -200 mesh m a t e r i a l  q u a l i t a t i v e l y  i n d i c a t e d  
an enhanced r a t e .  More work i s  planned f o r  . t h i s  a r e a .  

Only ve ry  l i t t l e  h a s  been done on v a r i a t i o n  i n  f eed  s t o c k .  B i t u -  
minous c o a l  and coke d e r i v e d  from t h i s  c o a l  appear  t o  r e a c t  a t . a b o u t  
t h e  same r a t e  w h i l e  R e n n e r ' s  Cove l i g n i t e  showed double t h e  r a t e .  
Ra te s  a r e  t a b u l a t e d  below f o r  r u n s  a t  a tmospheric  p re s su re . ,  0.5 f t / s e c  
v e l o c i t y  and 4- inch m e l t  h e i g h t .  

1 - 

I 

G a s i f i c a t i o n  Rate  - lbs C/hr/CF 
1740 OF 1840 OF 

i 
16 .5  27.i .5 

1 

Bituminous. Coa l  6 .5  15.2 

Bituminous Coke I V  - 14 .8  

Renner ' s  Cove L i g n i t e  

Some concern t h a t  g a s  t empera tu re  may have been below m e l t  t e m -  
p e r a t u r e  was caused by t h e  p roduc t  g a s  composi t ion i n d i c a t i n g  e q u i l i b r i u  
f o r  t h e  water g a s  r e a c t i o n  was 200' t o  300°F b e l o w  t h e  m e l t  temperature .  
S e v e r a l  r u n s  w i t h  supe rhea ted  steam e n t e r i n g  t h e  r e a c t o r  a t  1500° t o  
1600'F had no e f f e c t  on t h e  r a t e  of g a s i f i c a t i o n .  Equ i l ib r ium f o r  t h e  
wa te r  g a s  r e a c t i o n  i's n o t  d i c t a t e d  by the m e l t  t empera tu re  a lone  b u t  by 

composi t ion.  
some t empera tu re  a t  t h e  w a l l  b e f o r e  c o o l i n g  and f i x i n g  of t h e  g a s  I 

1 I n  a p r e l i m i n a r y  s tudy  o f  t h e  e f f e c t  o f  p roduc t  q a s e s  upon r a t e ,  
30% steam i n  hydrogen was found t o  g i v e  about  t h e  same r a t e  a s  30% 
steam. i n  n i t r o g e n .  Hence, hydrogen had no e f f e c t  upon t h e  k i n e t i c s  a t  
a tmospheric  p r e s s u r e  and 1840'F. Although 30% steam i n  carbon d iox ide  
l e d  t o  about a 25% d e c r e a s e  i n  r a t e ,  t h i s  i s  viewed w i t h  c a u t i o n  s i n c e  
t h e  d i f f e r e n c e  between two l a r g e  numbers, 10.60 and 9.53 moles ,  r ep re -  I 

i 
s e n t s  t h e  carbon g a s i f i e d .  Carbon monoxide added t o  steam (30%) I 

r e a c t e d  wi th  t h e  steam f i , r s t .  B 

I t  i s  p l anned  t h a t  a t  some f u t u r e  d a t e ,  s t u d i e s  o f  combustion, ! 
v i s c o s i t y ,  sodium recove ry  and s o l i d  c a r r y o v e r  w i l l  be p re sen ted  t o  
complete  t h i s  i n i t i a l  p i c t u r e .  
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HYDROGASIFICATION OF PFZTREATED COAL 
FOR PIPEUNE GAS PRODUCTION 

B. S. I;EE I 

E. J- PYRCIOCH 
F. C *  SCHORA, JR. 

Institute of Gas Technology 
Chicago, Illinois 

INTRODUCTION ' I  
II 

There has been a long-standing need for an economic process to 
produce synthetic pipeline gas either as a supplement to or a substitute1 
for natural gas. 
coal to form an essentially methane gas has been in progress at IGT sin& 
1955. Various facets of this hydrogasification process have been report 

Process concepts were revised as experimental re- 
sults became available. 

In the current concept hydrogasification is carried out in two 
stages, with the gas flow countercurrent to the solids flow. The first 
stage, at temperatures of 1200°-14000F, rapidly gasifies the most reac- 1 
tive fractions of the incoming coal, forming methane almost exclusively. 
The second stage, at 1700°-20000F, gasifies the less reactive remainder I 
from the first stage with hydrogen and steam to yield methane along wit3 
carbon oxides. The carbon residue from the second stage is used to gen;- 
erate the required hydrogen. 

ane concentration in the gas. 
cther hand, favors the steam-carbon reaction for in situ hydrogen pro- 
duct i on. 

Development of a process for direct hydrogenation of 

ed, 3 9  5, 6 ,  8, 9, 11, 12, 13 

1 

The low-temperature first stage permits high equilibrium 
The high-temperature second stage, on th 

The overall process is shown schematically in Figure 1. Raw 4 

The hydrogasifier effluent gas is first purified, then cleaned UP/ 

coal is first rendered nonagglomerating in the pretreater, then is fed 
to the hydrogasifier. The residue is used to generate external hydro- 
gen. 
in a methanator to reduce its carbon monoxide content and to upgrade 
the heating value. The entire system, except the pretreater, operates 
at 1000 psig or higher. 

Although in our present program, coals ranging in rank from 
lignite to anthracite will be studied, we are focusing attention on 
high-volatile-content bituminous coals because the volatile matter in 
coal gasifies easily and produces a rich yield of methane. However, 
the high vola5ile content tends to make the coals strongly agglomerat- 
inz when exposed to the hydrogasification conditions. As an operating 
necessity, the coals are pretreated by mild oxidation to destroy the 
agglomerating tendency. Such treatment is held to a minimum to pre- 

1 

I ' 
I 

I / 

1. To establish tkzough operating experience the minimum pretreatment J 

serve a m a x i m  amount of the volatile matter for reaction. 

The program objectives are : 

for coal. 
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To simulate in sequence the operation of the two-stage hydrogasi- 
f icat ion. 

2. 

1 
3. To study different modes of gas-solid contact, aiming at maxim 

4. To determine the extent of reaction equilibrium and kinetics limi- 

5. To test and observe the mechanical operation of this high-pressure, 

throughput and controllable reaction rates. 1 
1, 

1 tations that relate to scale-up beyond this pilot unit. 

high-temperature reactor system, in terms of materials of construe- 4 
tion, instrumentation and control, special equipment, and safety. 

i EQUIPMENT AND PROCEDURE 

The pilot reactor system has been described in detail.4 
Briefly, referring to the schematic flowsheet in Figure 2, the' bal- 
anced-pressure reactor is a 4-inch Schedule 40 pipe, made of Type 446 
alloy steel, 21 feet in length of which 18 feet is electrically heated. 
The reactor is designed to withstand 2000 psig and 2200'F. Coal is 
stored in the hopper and fed to the reactor through a screw feeder. A 
screw at the bottom of the reactor discharges the residue to the re- 
ceiver. Inlet gases are preheated in f'urnaces and enter the reactor 
at the bottom. Effluent gases leave at the top and are condensed, 
filtered, metered, sampled, then flared. Reactor operation is corkin- 
uous within the limits 
treated coal. The entire system is tested at the pressure of the run 
before coal feed is charged to the hopper. 

In simulating the two stages sequentially, pretreated coal 
is contacted in the low-tem2erature stage with a hydrogen-steam-nat~- 
a1 gas mixture which approximates - except for the absence of carbon 
oxides - the gas leaving the high-temperature stage. The partially 
gasified coal is collected and fed against a hydrogen-steam mixture 
in the high-temperature stage. 

By adjusting the feed and discharge rates of the coal, the 
reaction can be made to take place either in free fall, or in a com- 
bination of free-fall and moving-bed conditions. The moving bed was 
operated at a height of either 7 or 3.5 feet. Gas sample probes in 
the bed indicated reaction profile. 

responded to less than 0.1 y s e c  linear superficial velocity in order 
to stay below the threshold of fluidization and thus maintain true 
countercurrent gas-solid contact along the entire reactor length. 

, 

of the 400-pound feed hopper capacity for pre- 

1 

i 
I 

1 

I Coal feed rates r ed from 8 to 23  lb/hr. Gas rates cor- , 

RESULTS AND DISCUSSIONS 
t 

Typical results of the hydrogasification tests are shown in 
Tables 1, 2, and 3. Reported coal residence times are based on measured 
bulk densities of the reactor residues and the coal bed vo m e .  Time in' 

times are based on the flow rate at average bed conditions and coal bed 
volume. Time in the free-fall section is not included. 

free fall was negligible compared to that in the bed. Fee i gas resident; 
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Figure 2 .  SCHEMATIC FLOWSHEET FOR PILOT 
HYDROGASIFICATION SYSTEM 
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Minimum Coal Pret-reatment 

Two high-volatile-content bituminous coals were tested, one 
from the Pittsburgh No. 8 seam (Ireland mine) and the other from the 
Ohio No. 6 seam (Broken Arrow mine). 
with the former. The proximate and ultimate analyses of these two coals 
are shown in Table 4. These coals were pretreated to various extents 
and then hydrogasified. Using volatile matter content as an index of 
severity of pretreatment, we found that pretreated coal with 24-26$ 
volatile matter can be processed without agglomeration. Raw coal was 
tested but it swelled badly during the reaction and stuck to the reac- 
tor to cause bridging. It is entirely possible that in larger size 
reactors in which the coal feed would not contact reactor walls immed- 
iately, coals with less pretreatment - or even raw coal- could be fed 
successfully. However, we consider our ability to feed pretreated coal 
with as much as 24-26% volatile matter a significant achievement. Ad- 
justment of feed tube size, length, and location; the amount of nitro- 
gen purge gas through the tube; and the start-up sequence are factors 
that were learned through experience. 

Two-Stage Simulation 

The stage-by-stage simulation procedure used is realistic ex- 
cept for the fact that the partially gasified coal is fed to the second 
stage at ambient temperature instead of between 1200' and 1400OF. Since 
hydrogen represents the largest share of the total pipeline gas cost, 
practically all the runs were conducted at the minimum hydrogen/coal ra- 
tio that would produce a total carbon gasification of about 50%. 
b d . 3  &&Tee of gasification, suff%ciefit resickal carbon wo1~ld be avail- 
able for generating the necessary hydrogen. These figures resulted 
from an overall system analysis based on existing data on equilibrium, 
kinetics, and heat and material balances. 

Key results obtained in two-stage simulations are summarized 
in Figure 3a with pretreated Pittsbwgh seam coal, and in Figure 3b 
with pretreated Ohio seam coal. Product gas analyses were adjusted to 
a nitrogen-free basis because of the high nitrogen purge rates actually 
used in the tests. The purge gas was needed to prevent hot reactor 
gases from entering the coal feed tube. 

High concentrations of unreacted hydrogen in the product gas 
from the low-temperature stages limited the heating value to about 700 
Btu/SCF. To obtain a high-Btu gas (900 Btu/SCF) requires catalytic 
methanation of the carbon oxides. Note the absence of carbon oxides in 
the feed gas to the first stage. Because of the low temperature in the 
first stage, no steam-carbon reaction is expected. Thus, CO is con- 
sidered an inert insofar as methane formation is concerned. Therefore, 
to simplify preparation o f  the simulation gas mixture, CO was not in- 
cluded in t h i s  feed. This assumption appears valid, judging from the 
low carbon oxide concentration in the first-stage effluent. The amount 
measured cane from the organic oxygen in the coal rather than from the 
steam-carbon reaction. 

Most of the work to date has been 

At 
LL 

Steam, however, appears to play an active role in the low- 
temperature gasification. Two runs were made, one with a steam-natur- 
a1 gas-hydrogen mixture and the other with a nitrogen-natural gas-hy- 
drogen mixture. Significantly greater amounts of carbon oxides were 
formed and significantly less water was released from the cbal when 
steam was used. Steam, then, seems to suppress the release of organic 

/ 

i 



215 

Table 4. ANALYSES OF HIGH-VOLATILE-CONTENT 
BITUMINOUS COALS 

Seam Pittsburgh No. 8 
Mine Ireland 
Proximate Analysis, w t  % 
Moisture 1.0 

Volati le Matter 35.9 
Fixed Carbon 51.8 
A s h  11.3 

Total 100.0 

Ultimate Analysis (dry),  wt ’$ 
Carbon 71.1 
Hydrogen 4.95 
Nitrogen 1.18 
oxygen 7.35 
Sulfur 4 .03  
A s h  11.39 

Total 100.00 

Par t ic le  Size, USS 
( A s  prepared fo r  pretreatment) -1640 

Ohio No. 6 
Broken Arrow 

1.0 
39.6 

1 53.6 
5.8 

100.0 

74.1 
5.41 
1.39 
9.42 
3.87 
5.81 

100.00 

-16+80 

I 
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oxygen from coal as water, but forces the  oxygen t o  leave as carbon ox- 
ides.  This phenomenon seems plausible from the m a s s  act ion standpoint. 
From a process standpoint, the release of organic oxygen i n  coal as 
carbon oxides i s  more desirable than as water. I n  the l a t t e r  case, hy- 
drogen ( e i the r  from coal or from external  sources) i s  lo s t  by being 
combined w i t h  the oxygen t o  form water. 
is released as carbon oxidesa these can be converted t o  more hydrocar- 
b on by subs e quent ca ta ly t ic  m e  thanat i on. 

Methane Formation 

In  contrast, when the oxygen 

Equilibrium 

It has been w e l l  established that the hydrogenation of the 
vo la t i l e  matter i n  coal proceeds very rapidly, l*  and yields  methane 
concentrations higher than the equilibrium value i n  a u-graphite-hy- 
drogen system. This excess i s  conveniently a t t r ibu ted  t o  a greater-  
than-unity coal  a c t i v i t y  i n  reference t o  R-graphite ac t iv i ty .  I n  f a c t ,  
of course, the hydrogenation of the react ive carbon groups proceeds by 
s p l i t t i n g  of f  the carbon chains and functional groups rather than by 
reacting w i t h  graphi t ic  carbon. Such reactions lead t o  methane forma- 
t i on  because methane i s  the predominant s table  hydrocarbon at the t e m -  
perature and pressure i n  question. The f i r s t - s tage  hydrogasification 
demonstrates th i s  type of react ion as  showna fo r  example, by the pre- 
dominance of methane versus other hydrocarbons or carbon oxides i n  t h e  
eff luent  gas (Figure 3a) .  

Figure 4 preserits the  calculated "equilibrium ra t io"  obtained 
from the p i l o t  plant tests as  a m c t i o n  of the maximum bed temperatures. 
The curve represents t rue  equilibrium r a t i o  for the reaction: 

C (@-graphite) + 2H2 2 CHq 

We note the  many runs yielding equilibrium ra t io s  higher than the curve. 
The group of points below the curve between 1450° and 1550'F came f r o m  
runs i n  which a high hydrogen/coal r a t i o  w a s  used, resu l t ing  i n  low 
methane concentration. 

carbon was gasif ied in merely free-fal l ing through a distance of 18 
feet .  There appears t o  be l i t t l e  equilibrium hindrance i n  view of the 
mechanism o f  methane formation discussed above. However, once the re- 
ac t ive  carbon i s  gone, the remaining fixed cmbon reacts  much more slow- 
l y  i n  the second stage. Here  we check the approach t o  R-graphite equil- 
ibrium t o  see i f  the coal, a f t e r  the first stage, s t i l l  has suff ic ient  
react ive carbon l e f t  t o  show ac t iv i ty  greater than unity.  Since methane 
formation i s  exothermic, from the process standpoint, the  more methane 
that i s  formed i n  the second stage, the more heat there would be avai l -  
able t o  fUTnish the endothermic heat for  the steam-carbon reaction, 
which, i n  turn, would produce hydrogen i n  s i t u  and reduce the external 
hydrogen requirement. 
coal, we have s o  f a r  observed a carbon a c t i v i t y  between 1 and 2 a t  

We found the initial gasif icat ion s o  rapid that 20% of the 

With p a r t i a l l y  gasif ied Pittsburgh No. 8 seam 

1700°-19500F* 

Reaction Rate 

W e  compared the in tegra l  methane fo rmt ion  r a t e s  from 0 1 1 ~  
p i l o t  plant t e s t s  w i t h  those reported by others. l a  2' 6' l4 Tp do s o  



on the same basis, we took the reaction rate to be pseudo-first order 
with respect to the hydrogen partial pressure. The calculated reaction 
rate constant for each run is plotted against carbon gasification in 
Figure 5. Several observations can be made: 

1. The rate of methane formation for pretreated Pittsburgh coal is not 
slowed by the presence of methane in the feed gas. This is in 
agreement with Zielke and Gorin14 in their study of hydrogasifica- 
tion of Disco char. 

2. The pretreated coal is quite reactive. For example, at 25-30$ car- 
bon gasification with steam-hydrogen mixtures , the rate consLant is 
more than twice that reported by Feldkirchner and Linden' in react- 
ing low-temperature bituminous char with hydrogen. The greater re- 
activity is most likely attributable to the higher volatile content 
of OUT pretreated coal (24-26s) than that of their char (17%). 

temperature second stage, gave rate constants quite similar to 

coal, 

1 . 
3. Partially hydrogasified coal, upon f'urther reaction in the high- 

those obtained with Disco char14 and residual Australian brown / 

both containing very little volatile matter. 

Steam-Carbon Reaction 

peratures above 1700°F, and was found to increase with temperature. 
For exam le at 1695'F (Run HT-80), 50% of the feed steam decomposed, , 
but at 825'F (Run HT-72), 70% was decomposed. 
tion wa.5 related directly to the steam fed and to the steam decomposi- 
tion. As much as 5.5 SCF of carbon oxides per pound of coal were pro- , duced at the maximum 70% steam decomposition. With little or no feed 
steam decomposition, carbon oxides formation was about 1 SCF or less ,, 
per pound of coal. In the low-temperature first stage, the presence of 
steam in the feed gas is responsible, through the laws of mass action, 
for converting a major fraction of the oxygen in coal to carbon oxides. 
This oxygen is converted to water when steam is omitted from the feed, 
e. g. , when only hydrogen is fed. 

ly temperature-dependent, ' 
equilibrium. 
2000'F in order to preserve the methane formed, the carbon-steam reac- 
tion is expected to be substantially remove: from equilibrium. 
fact is shown by Figure 6 where calculated equilibrium ratios" are 
plotted against maxim bed temperature. The curve represents tPue 
equilibrium for comparison. 

point not only as a source of generating in situ hydrogen, but also as 
a temperature controller. When pure hydrogen is the gasifying medim, 
the strong heat release by the methane-forming reaction causes runaway 
temperatures. In a hydrogen-steam mixture, this released heat is ab- 
sorbed by the carbon-steam reaction, thereby stabilizing temperature. 

The reaction C + H20 t CO + Hg was significant only at tem- 

Carbon oxides forma- 

I ,  

The rate at which the steam-carbon reaction proceeds is high- 
requiring heat above 2000'F to approach 

Since hydrogasification tests are conducted at less than (I 

This 

/' 
The carbon-steam reaction is important from the process stand- 

I 

/ r  ' "  

React ion Profile 

To gain some insight into the path of reaction in,free-fall 
or moving-bed zones, gas sample probes were located at several levels I 
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MAXIMUM BED TEMPERATURE, O F  

I 

FZgure 6. APPROACH TO STEAM-CARBON REACTION 
E UIILBRIUM FOR PRETREATED 

PI&ESmH SEW1 BITUMINOUS COAL I 
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L? :!.e bed. 
z-b+rm lq7JnJ ET-67, and a high-temperature run, I-IT-72. Both runs were 
YEde ~ 2 ~ 3  a 7-foot-deep moving bed. 
t e s t ,  t?:? reac t ion  was p r a c t i c a l l y  complete i n  the lower ha l f  of  the bed, 
slit:-. very I . i t t l e  r eac t ion  i n  t h e  upper half  of the bed .and i n  the  free- 
?all. zone abcve the  bed. On the other hand, i n  t h e  low-temperature t e s t ,  
;::e rsverse  was t r u e :  The bulk o f  the  r eac t ion  took place i n  the  f ree-  
fall zone and at t h e  top of the bed, with very l i t t l e  r eac t ion  i n  the 
rest SI" the bed. It follows then t h a t  at both temperatures t h e  bed 
:?eis.ht could be retiuced t o  3 .5  fee t  without any loss of  gas i f ica t ion .  
T h i s  i s  i n  f a c t  the case as shown i n  Table 5 by the  probe Samples from 
ET-%, a hi$!-temperature rfm using a 3.5-foot-deep bed. 

The high-temperature react ion i s  apparently equilibrium- l i m i -  
t?d; i t  attatins i t s  l i m i t  i n  a r e l a t i v e l y  s h o r t  contact time, i n  a short 
bed. The low-temperature react ion i s  extremely rapid,  requir ing only. a 
:.latter of seconds t o  complete. The r eac t ive  port ion of  coal, discussed 
'c;r Win and Huebler, l2 i s  quickly gasif ied,  a f t e r  which t h e  remainder of 
rile cerbor! i s  nct r e a c t i v e  a t  the low temperature. In view of these 
- =. -- r. 7- "a, 3 e 
perzture f r e e - f a l l  zone followed by a shallow high-temperature Stage. 

Compare ' (Table 5 )  t h e  probe gas analyses from a low-temper- 

Note t h a t  i n  the high-temperature 

- .- 

. -  
, l ike ly  hydro;asifier configuration would incorporate a low-tem- 
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F l u i d  -Bed G a s i f i c a t i o n  o f  P r e t r e a t e d  P i t t s b u r g h  -Seam Coals  

A .  J. Forney ,  R.  F. Kenny, S. J. Gasior, and 3 .  H. F i e l d  
U .  S .  Bureau of Mines ,  4800 Forbes  Avenue, 

P i t t s b u r g h ,  Pennsy lvan ia  15213 

INTRODUCTION 

An e f f i c i e n t  c o a l  g a s i f i c a t i o n  p rocess  o p e r a t i n g  a t  800' -1,000" C 
and a t  p r e s s u r e s  of 20-30 a tmospheres  i s  d e s i r a b l e  f o r  producing  a syn- 
t h e s i s  gas  which can  be used t o  make a high-Btu g a s .  A t  t h e s e  tempera- 
t u r e s  c o n s i d e r a b l e  methane i s  produced and less oxygen i s  consumed than  
a t  t h e  h i g h e r  t e m p e r a t u r e s  of 1,10O0-1,2OO0 C used g e n e r a l l y  i n  e n t r a i n e d  
g a s i f i c a t i o n  sys t ems .  A f l u i d i z e d  bed can  be  o p e r a t e d  a t  t h e  lower 
t empera tu re  w i t h  s u f f i c i e n t  r e s i d e n c e  t ime t o  o b t a i n  h igh  conve r s ion  of 
t h e  c o a l .  Because m o s t  of t h e  c o a l s  found i n  t h e  E a s t  and Midwest a r e  
c a k i n g ,  t h e y  must  be t r e a t e d  t o  d e s t r o y  t h e i r  c a k i n g  p r o p e r t i e s  b e f o r e  
t h e y  c a n  be  used  i n  a f l u i d i z e d  bed. The purpose  of t h e s e  t e s t s  was t o  
i n v e s t i g a t e  a n  i n t e g r a t e d  p r e t r e a t m e n t  and g a s i f i c a t i o n  sys tem whereby 
t h e  p r e t r e a t e d  coal would be p rocessed  i n  a f l u i d - b e d  g a s i f i e r  a t  con-  
d i t i o n s  t o  produce  a s y n t h e s i s  gas w i t h  h i g h  methane c o n t e n t .  

Two methods of p r e t r e a t i n g  c a k i n g  c o a l  i n  a f l u i d  bed t o  produce 
a f r e e - f l o w i n g  c h a r  have been developed--one a t  h i g h  tempe a t  re and 
one a t  l o w  t e m p e r a t u r e .  In t h e  h igh  t empera tu re  t r e a t m e n t  h,~ c o a l  
i s  f l u i d i z e d  i n  s t eam p l u s  a i r  o r  oxygen a t  430" C f o r  5-10 minu tes .  
The oxygen- to-coa l  r a t i o  is about  0 . 4  SCF p e r  pound. In t h e  low 
t empera tu re  t r e a t m e n t , l /  c o a l  i s  f l u i d i z e d  i n  a i r  a t  240' C f o r  30-40 
minu tes .  The oxygen- to -coa l  r a t i o  i s  abou t  2 . 4  SCF per  pound. 

EXPERIMENTAL PROCEDURE AND RESULTS 

Equipment and Method of Opera t ion  

B r i e f l y ,  t h e  t e c h n i q u e  used i n  t h e  expe r imen t s  w a s  t o  t e s t  t h e  
t r e a t e d  c o a l s  i n  t h e  g a s i f i e r  t o  f i n d  i f  t h e  c o a l s  were s u f f i c i e n t l y  
noncaking  t o  u s e  i n  t h e  g a s i f i e r .  I f  t h e  g a s i f i c a t i o n  were o p e r a b l e ,  
t h e n  t h e  p r e t r e a t e r  and g a s i f i e r  would be ope ra t ed  i n  series s t a r t i n g  
w i t h  a raw c o a l  f e e d .  When t h e  c o a l  was p r e t r e a t e d  u s i n g  s team p l u s  
oxygen, t h e  gas  from t h e  pretreater,  as w e l l  a s  t h e  p r e t r e a t e d  c o a l ,  
would be s e n t  t o  t h e  g a s i f i e r .  

The equipment  used is shown i n  f i g u r e  1. In t h e  u s u a l  method of 
o p e r a t i o n ,  raw P i t t sbu rgh- seam c o a l  from t h e  Bruceton mine (70 pe rcen t  
t h rough  200 mesh w i t h  c o a r s e r  t han  35 mesh removed) i s  fed  i n t o  a 
f lu id -bed  p r e t r e a t e r ,  1 inch  d i a m e t e r  by 30 inches  long ,  ope ra t ed  a t  

I '  
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e i t h e r  450" o r  260" C .  The f l u i d i z i n g  gas  i s  steam p l u s  a i r  ( o r  oxygen) 
The p roduc t s ,  g a s ,  t a r s ,  and t r e a t e d  c o a l ,  pas s  from t h e  t o p  o f  t h e  
p r e t r e a t e r  and f l o w  w i t h  a d d i t i o n a l  steam ( o r  steam p l u s  oxygen) i n t o  
t h e  f l u i d - b e d  g a s i f i e r  (3 inches  d i ame te r  by 30 inches  long ,  topped 
by a n  expanded s e c t i o n  6 inches  i n  d i ame te r  by 12 i n c h e s  long) .  The 
product  g a s  and c o a l  f i n e s  pass  t o  a cyc lone  and bag f i l t e r  t o  remove 
t h e  d u s t ,  t h e n  t h r o u g h  a condenser  and e l e c t r o s t a t i c  p r e c i p i t a t o r  t o  
remove wa te r  p l u s  t a r ,  and f i n a l l y  t o  a gas  m e t e r .  An i n l i n e  chromat- 
ograph a n a l y z e s  t h e  gas  f o r  s i x  components e v e r y  20 m i n u t e s .  An oxygen 
a n a l y z e r  c o n t i n u o u s l y  mon i to r s  t h e  p roduc t  g a s .  The r ange  of p rocess  
v a r i a b l e s ,  such  as gas  f l u i d i z i n g  v e l o c i t y  and c o a l - f e e d  r a t e ,  is 
l i m i t e d .  An i n c r e a s e  i n  t h e  c o a l  feed  r a t e  d e c r e a s e s  t h e  r e s i d e n c e  
t ime o f  t h e  c o a l  i n  bo th  t h e  p r e t r e a t e r  and g a s i f i e r .  The s u p e r f i c i a l  
gas  v e l o c i t y  f o r  m o s t  t e s t s  was abou t  0 .25  f o o t  per  second.  

T e s t s  w i th  P r e t r e a t e d  Coa l s  

The f i r s t  t e s t s  i n  t h e  g a s i f i e r  were made wi th  c o a l s  which were 
p r e t r e a t e d  i n  a s e p a r a t e  u n i t  so  t h e  f r e e - s w e l l i n g  i n d i c e s  (FSI)  and 
o t h e r  c o a l  p r o p e r t i e s  cou ld  be de t e rmined .  P i t t sbu rgh- seam c o a l  was , 

used i n  a l l  t e s t s .  The t es t s  were made w i t h  h igh  t empera tu re  t r e a t e d  
c o a l s  (HT) hav ing  i n d i c e s  of 2; 1, and noncaking ,  r e s p e c t i v e l y ,  and 
l o w  t empera tu re  t r e a t e d  c o a l s  (LT) w i t h  i n d i c e s  o f  1 - 1 / 2  and noncaking ,  
r e s p e c t i v e l y .  The g a s i f i e r  was o p e r a t e d  a t  2-1 /2  a tmospheres  and 

a n a l y s i s  of t h e  c o a l s  and t h e  method of p r e t r e a t m e n t .  
8710 c Ca-2 LSSY r - t  roL2 of 0.4 poi;nd p e r  h=.;r. T a b l e  1 chews t h e  

The main d i f f e r e n c e  between t h e  LT and HT c o a l s  i s  t h a t  t h e  l o s s  
o f  v o l a t i l e  m a t t e r  i s  g r e a t e r  i n  t h e  HT c o a l s  (35.6 p e r c e n t  i n  t h e  raw 
c o a l  and 26 .0  p e r c e n t  i n  HT-440), and t h e  oxygen c o n t e n t  i s  g r e a t e r  
i n  t h e  LT (8 .1  p e r c e n t  i n  t h e  raw c o a l  and 11.8 p e r c e n t  i n  LT-56). 
HT c o a l s  w i t h  a n  FSI of  2 and t h e  LT coals w i t h  a n  FSI  of 1 - 1 / 2  were 
caked i n  t h e  r e a c t o r ,  w h i l e  t h e  c o a l s  w i th  FSI  o f  1 o r  l e s s  were 
o p e r a b l e .  

The main d i f f e r e n c e  i n  g a s i f y i n g  LT and HT c o a l s  i s  t h a t  t h e  HT 
c o a l s  y i e l d  more gas and a r e  less l i k e l y  t o  agg lomera te  i n  t h e  g a s i -  
f i e r .  T e s t  6 1  made wi th  HT-2 c o a l  had a y i e l d  o f  22 SCF (CO2- and NE- 
f r e e )  per  pound compared t o  17  i n  t e s t s  58 w i t h  LT-56 c o a l .  The 
t empera tu re  was h e l d  c o n s t a n t  i n  bo th  t e s t s ,  but  1 / 2  SCFH of  oxygen 
had to  be f ed  t o  t h e  g a s i f i e r  i n  t es t  58 t o  p reven t  c a k i n g .  In t e s t s  
62 and 59,  oxygen w a s  f e d  t o  t h e  g a s i f i e r .  The HT-2 c o a l  y i e l d e d  23 
SCF per pound compared t o  22 f o r  LT-56, even  though t h e  LT c o a l  had 
g r e a t e r  ca rbon  c o n v e r s i o n .  The q u a l i t y  o f  t h e  product  gas  was about  
t h e  same in a l l  t h e  above t es t s .  (See Tab le  2 . )  



TABLE 1 . -  Analyses  of p r e t r e a t e d  c o a l s  used i n  t h e  g a s i f i e r  

Raw Raw 
~ o a  C o a l l l  

D-2 D - 1  HT-4OOL1 HT-44O2I HT-li' LT-55?' LT-56- 6 /  

Xol,titi  e 1 . 5  1.5 0 .5  0 . 8  0 . 8  0 . 9  0 . 9  
\ i O l a C l l ~  m a t t e r  36 .6  35 .6  30.4 2 6 . 0  22.7 3 4 . 0  31 .2  
Fixed carbon 53.2 56 .5  62 .2  67 .1  6 9 . 3  56 .2  57 .5  
A s h  8 .7  6 . 4  6 . 9  6 . 1  7 . 2  8 . 9  10.4 
Hydrogen 5 .1  5 .2  4 . 8  4 . 5  4 . 1  4 .7  4 . 2  
Carbon 7 5 . 2  7 7 . 4  7 7 . 8  7 8 . 8  78 .2  7 3 . 6  7 0 . 9  
Li t rogen  1 .5  1 . 5  1.4 1.5 1.7 1 . 5  1.4 
O\ygc n 8 . 1  8 . 4  8 .0  8 . 1  7 . 8  9 . 8  11.8 
S u l f u r  1 .4  1.1 1 . 1  1 .o 1.0 1 . 5  1.3 
FSI 8 8 2 1 NC L1 l& NC 71 

- I /  Brucfton c o a l ;  7 0  percen t  th rough 2 0 0  mesh wi th  c o a r s e r  than  35-mesh 

- 2 /  P r e t r e a t e d  a t  400' C;  O, . /coa l  r a t i o  = 0 . 4  SCF/lb.  Residence t ime i s  

- 3 1  P r e t r e a t e d  a t  440" C ;  O:./coal r a t i o  = 0 . 4  SCF/ lb .  Residence t ime i s  

- 4 /  P r e t r e a t e d  a t  440" C ;  0.  / c o a l  r a t i o  = l . l ' S C F / l b .  Residence t ime is 

- 5 1  P r e t r e a t e d  a t  240' C wi th  a i r ;  O , / c o n l  r a t i o  = 2.4 SCF/lb. 

- 61 Prc%treatc.d a t  250° C wi th  a i r ;  0.  / c o a l  r a t i o  = 2 .4  SCF/lb.  

- 7 /  Noncaking. 

removed. 

10 minu tes .  

30  minu tes .  

3 0  m i n u t e s .  

t ime i s  3 0  minu tes .  

time i.s 3 0  minu tes .  

, 

Residence  

Res idcnce  

P r e t r c n t e r  and G a s i f i e r  i n  S e r i e s  

In  t h c s v  t c s t s  t h e  p r e t r e a t e r  and g a s i f i e r  were ope ra t ed  i n  s e r i e s ;  
t i l { .  produc t s  from thc. r n w  c o a l  p r c t r e a t m e n t - - t h e  c h a r ,  t a r s ,  and g a s e s - -  
w r t ~  s c n t  d i r c c t  l y  t o  t h e  g a s i f i e r .  T h e  g a s i f i e r  ope ra t ed  s a t i s f a c t o r i l y  
wi th  n o  agglomcra t ion  of t h c  c o a l s .  T a b l e  2 shows a comparison of t he  
gas iC ic l i t i on  oC thc .  two types  of t r c a t e d  c o a l .  The c o a l s  p r e t r e a t e d  
a t  $50" C y i t . I d c d  more product  gas than those  t r e a t e d  a t  260" C .  When 
no osygL,n was Icd t o  thc. g n s i f i c r ,  tht ,  \IT c o a l  ( t c s t  3 6 )  y i c l l d e d  22 SCF 
o f  I { .  sCO+cII.: compnrctl t o  18 SCF pc'r pound  coal. ,  Erom t h e  LT c o a l  ( t e s t  6 0 ) .  

pound i n  t c s t  3 3  ~ompar i~c l  t o  19 f o r  t c , s t  h 3 .  
11 was f c d  t o  t h c  g a s i r i c r  tliC r e s u l t s  were s i m i l a r ;  21 SCF 'per 
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TABLE 2 . -  C o n d i t i o n s  of o p e r a t i o n  and r e s u l t s  of tes ts  u s i n g  p r e t r e a t e d  
c o a l s  i n  t h e  f l u i d - b e d  g a s i f i e r ;  p r e s s u r e  i s  2% a tmospheres  

T e s t  No. 

~ 

62 59 36 60 33 63 61 58 

R a w  
c o a l  

D - 1  

R a w  
c o a l  

D-2 

R a w  
c o a l  

D - 1  

Raw 
coa l  
D-2 

Coa 1 HT-2 LT-56 HT-2 LT-56 

I n p u t  
S t e a m ,  SCFH 14 
Oxygen, SCFH, p re -  

t r e a t e r  0 
Oxygen, SCFH, g a s i f i e r  0 
Ni t rogen ,  SCFH 9 
Coa l ,  I b / h r  0.38 

Pre t r e a  t e r  - 
G a s i f i e r ,  a v g  868 
G a s i f i e r ,  max 87 5 

Tempera ture ,  O C  

Oxygen/coal,  SCF/lb 0 
S team/coa l ,  SCF/lb 37 
Carbon conversion, p c t  5? 
Steam c o n v e r s i o n ,  p c t  
Product gas  11 SCF/lb c o a l  
Product g a s i 7  p c t  

22 

Hz 59 
CH4 3 
CO 20  
COZ 18 

/ 

1 7  15  15  

0 0  
0 . 5  2 . 5  

10  10 
0 .40  0.38 

15 15  13  14 

1 .o 
1.4  

10 
0.36 

0 
2 . 5  

10 
0.36 

1.0 
0 

10 
0.37 

1 .6  
0 

0.36 
10 

1.6 
1.1 1 
10 

0.36 

450 
860 
874 
2.7 
4 1  

20 
22 

';1 
> A  

26 1 
869 
877 
4 .5  

36 
54 

18 

450 
857 
873 
6.7 ' 

39 
68 
17 
2 1  

2 58 
863 
866 
7 .5  
47 
? 3  

19 ' 

871 872 
874 877 
1 . 3  6 .6  
38 4 1  
4 3  7 7  

1 7  23 

87 3 
878 
6 .3  
42 
83  

22 

55 45 
3 2 

22 2 5  
20 2 8  

44 
2 

26 
2 8  

55 
4 

22 
19  

48 
3 

24 
25  

45 
3 

29 
23 

42 
2 

24 
32 

- 1/ Ni t rogen-  and COz-free. 
- 2 /  N i t r o g e n - f r e e .  

These  t e s t s  show t h a t  p r e t r e a t m e n t  a t  450"-460' C w i th  l e s s  oxygen I 
is  s u p e r i o r  t o  p r e t r e a t m e n t  a t  250' C ,  n o t  o n l y  i n  i n c r e a s e d  gas pro -  
d u c t i o n ,  bu t  a l s o  because  t h e r e  i s  less l i k e l i h o o d  of t h e  c o a l  cak ing  i n  
t h e  g a s i f i e r .  
t r ea tmen t  because  of oxygen added t o  t h e  c o a l  d u r i n g  p r e t r e a t m e n t  as  shown 
i n  t a b l e  1 .  
t e s t s . l /  These  p r e s e n t  tes ts  a l s o  show more gas  is produced i n  t h e  2-Stage 
p rocess  w i t h  raw c o a l  f eed  than  i n  t h e  g a s i f i c a t i o n  of a c o a l  p r e t r e a t e d  
s e p a r a t e l y  c o n s i d e r i n g  t h e  15-20 p e r c e n t  l o s s  of c o a l  i n  p r e t r e a t m e n t .  

The re  i s  more COz made from t h e  c o a l s  w i t h  t h e  250'-260' c 

T h i s  e v o l u t i o n  of COP from t h e  LT c o a l  was a l s o  noted  i n  e a r l i e r  

1 

/'i 

I 



Table 3 shows some r e s u l t s  i n  t e s t s  where oxygen, c o a l ,  and steam 
rates were va r i ed  t o  g ive  a range of o p e r a b i l i t y .  A t  a cons t an t  coa l  feed 
rate,  an  inc rease  i n  t he  oxygen r a t e  from 2.4 t o  9 .1  SCF per pound c o a l  
increased  t h e  convers ion  from 46 t o  80 percent  and a l s o  t h e  product gas 
(H2+CH4+CO) y i e l d  from 19 t o  23 SCF per pound c o a l .  The hydrogen and 
methane y i e l d s  decreased .  Inc reas ing  t h e  steam from 26 t o  56 SCF per 
pound ( t e s t s  31 and 35) r e s u l t e d  in  only minor changes i n  carbon con- 
vers ion  and gas y i e l d .  The hydrogen content  of t h e  product gas i n -  
c reased  from 42 t o  48 pe rcen t .  An inc rease  in  the  c o a l  r a t e  from 0.36 
t o  0.91 pound per hour decreased t h e  carbon convers ion  from 68 t o  50 
percent  and  t he  gas y i e l d  from 21  t o  16 SCF per pound c o a l .  

TABLE 3 . -  The e f f e c t  of v a r i a b l e s  on t h e  g a s i f i c a t i o n  of Bruceton 
c o a l  us ing  t h e  p r e t r e a t e r  and g a s i f i e r  i n  s e r i e s ;  

p r e s s u r e  i s  2-1/2 atmospheres 

T e s t  No. 39 37 31 35 33 30 

Input  
Steam, SCFH 11 15 10 22 14 35 
Oxygen, SCFH, p r e t r e a t e r  1.0 1.0 1 .5  1 .0  1.0 1 .5  
Oxygen, SCFH, g a s i f i e r  0 2 . 2  0.9 1 .4  1.4 4.5 
Nitrogen, SCFH 8 10 1 2  10 10 12  
Coal ,  l b /h r  0.33 0.35 0.39 0.39 0.36 0.91 

P r e t r e a t e r  450 450 450 450 450 450 
G a s i f i e r ,  avg  860 865 867 858 857 858 
G a s i f i e r ,  max 874 876 875 875 873 871 

Oxygen/coal, SCF/lb 2.4 9.1 6.2 6 .1  6.7 6.6 
Steam/coal,  SCF/lb 32 43 26 56 39 38 
Carbon convers ion ,  pct 46 80  61 64 68 50 

Product g a s , l /  SCF/lb c o a l  19 23 19 21 2 1  16 
Product gas,?/ pc t  

H z  56 42 42 48 45 47 

co 21  29 30 24 29 30 
co2 19 27 26 25 23 20 1 

Temperature, "C 

Steam convers ion ,  p c t  20  13 11 11 17 10 

cn4 4 2 2 3 3 3 

- 1/ - 2 /  Nz- and HzO-free. 
N2-, H 2 0 ,  and Cos-free.  

I 
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The E f f e c t  of F’ressure 

The e f f e c t  of p r e s s u r e  on t h e  methane y i e l d  and on t h e  c a k i n g  
p r o p e r t y  of t h e  c o a l  t r e a t e d  a t  h igh  t empera tu re  was s t u d i e d  at 2-112,  
5 ,  and 8 a tmospheres  ( t a b l e  4 ) .  With an i n c r e a s e  i n  p r e s s u r e ,  however, 
t h e  gas f low of s t eam p lus  oxygen must be inc reased  t o  ma in ta in  t h e  same 
l i n e a r  v e l o c i t y  in  t h e  f l u i d - b e d .  To m a i n t a i n  t h e  d e s i r e d  r a t i o s  of 
oxygenlcoa l  and s t ea rn /coa l  t h e  c o a l  feed  must b e  i n c r e a s e d ,  bu t  wi th  a 
f ixed -bed  h e i g h t  t h e  r e s i d e n c e  t ime of t h e  c o a l  in t h e  p r e t r e a t e r  and 
g a s i f i e r  w i l l  d e c r e a s e .  A t  8 a tmospheres  p r e s s u r e  o p e r a t i o n  of t h e  
g a s i f i e r  w a s  d i f f i c u l t  because of coal agg lomera t ion  due t o  t h e  decreased  
r e s i d e n c e  t ime i n  t h e  pretreater. A t  0.4 pound per  hour  t h e  r e s i d e n c e  
t i m e  of t h e  c o a l  i n  t h e  p r e t r e a t e r  was abou t  40 minu tes ,  and at  1.25 pounds 
per hour abou t  13 minu tes ,  a p p a r e n t l y  t o o  s h o r t  a t i m e  f o r  p re t r ea tmen t  at 
t h e s e  o p e r a t i n g  c o n d i t i o n s .  When t h e  c o a l  r a t e  was dec reased  t o  about  
1 pound per  hour t h e  u n i t  ope ra t ed  s a t i s f a c t o r i l y ,  w i t h  no c o a l  agglomera- 
t i o n ,  bu t  t h e  ca rbon  conve r s ion  was low, i n d i c a t i n g  i n s u f f i c i e n t  r e s idence  
t i m e  o f  t h e  c o a l  i n  t h e  g a s i f i e r .  

TABLE 4 . -  E f f e c t  of p r e s s u r e  on g a s i f i c a t i o n  of Bruce ton  c o a l  u s i n g  
p r e t r e a t e r  and g a s i f i e r  i n  s e r i e s  

T e s t  No. 
P r e s s u r e ,  a t m  
Inpu t  

Steam, SCFH 
Oxygen, SCFH, p r e t r e a t e r  
Oxygen, SCFH, g a s i f i e r  
N i t rogen ,  SCFH 
C o a l ,  l b l h r  

Temperature  , ‘C 
Pre t r e a  ter  
G a s i f i e r ,  avg 
G a s i f i e r ,  max 

Oxygenlcoal,  SCF/lb 
S team/coa l ,  SCFIlb 
Carbon c o n v e r s i o n ,  pc t  
Steam c o n v e r s ’ o n ,  p c t  

P r o d u c t  g a s , q /  p c t  
Product gas,, 1) SCF/lb c o a l  

H P  
C h  
co 
COT 

39 
2.5 

11 
1.0 

0 
8 

0.33 

4 5 1  
860 
874 
2.4 

32 
46 
2 0  
19 

56 
4 

2 1  
19 

4 1  
2.5 

16 
2 . 0  
1 .o 

8 
0.37 

451 
855 
867 
8.1 

38 
66  
18  
18 

46 
3 

22 
2 9  

45 
5 

36 
1.6 

0 
11 

0.75 

455 
862 
873 
2.1 

52 
16 
20 

54 
5 

20 
21 

4a 

4 4  
5 

34 
1.6 
4.0 
11 

0.73 

456 
8 3 1  
874 
7.6 

46 
66  
13 
20  

4 6  
3 

2 3  
28  

46 
8 

65 
2 .2  
0 . 6  

8 
1.25 

456 
842 
869 
2.2 

52 
43 

16 

52 
8 

18  
22 

55 
8 

50 
2 . 0  
‘ 0  

22 
0.91 

453 
823 
869 
2.2 

55 
4 1  
14 
17 

58 
6 

13 
23 

54 
0 

42 
1.2 
5.2 

27 
0.97 

452 
864 
866 
7 .O 

43 
53 
0 
15 

45 
5 

20 

~ ~~~ ~~~ 

- 11 - 2 1  N2- and H2O-free. 
N 2 - ,  H 2 0 - ,  and C02-f ree .  
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The methane c o n t e n t  of t h e  p roduc t  gas i n c r e a s e d  from 4 p e r c e n t  
a t  2-1/2 atmospheres  ( t e s t  39)  ' t o  8 p e r c e n t  a t  8 a tmosphe res  ( t e s t  4 6 )  
when t h e r e  was no.oxygen fed t o  t h e  g a s i f i e r .  Less  amounts o f  methane 
a l ~ d  hydrogen were formed when oxygen was used i n  t h e  g a s i f i e r .  

There was a l s o  less  methane formed a t  8 atmospheres  when t h e  c o a l -  
feed r a t e  was ' dec reased  from 1.25 t o  1 . 0  pound p e r  hour .  A t  t h i s  lower 
r a t e  t h e  n i t r o g e n  r a t e  had t o  be r a i s e d  t o  m a i n t a i n  f l u i d i z a t i o n  s i n c e  
t h e  steam and oxygen r a t e s  a r e  f i x e d  by t h e  c o a l  f e e d .  
n i t r o g e n  d t ,c reased  t h e  p a r t i a l  p r e s s u r e  o f  t h e  r e a c t i n g  g a s e s .  T o  
o p e r a t e  a t  t h e  d e s i r e d  20  atmospheres  t o  produce t h e  maximum y i e l d  o f  
methane t h e  g a s i f i e r  h e i g h t  must be i n c r e a s e d  t o  i n c r e a s e  t h e  r e s i d e n c e  
t ime ,  o r  p o s s i b l y  t h e  product  gas  c o u l d  be r e c y c l e d  so  t h a t  t h e  c o a l  
r a t e  could  be dec reased .  A r e c y c l e  p robab ly  would n o t  be e f f e c t i v e  i f  
oxygen were b e i n g  fed  t o  t h e  g a s i f i e r  s i n c e  p r e s e n t  t e s t s  showed t h a t  oxygen 
would r e a c t  w i t h  gas  i n  p r e f e r e n c e  t o  t h e  c o a l .  

T h i s  . i n c r e a s e  i n  

Methane y i e l d s  i n  t h e s e  t e s t s  may be compared w i t h  y i e l d s  from t h e  
Lurg i  gas i f i c r ? /where  11 p e r c e n t  o f  methane i s  produced a t  a p r e s s u r e  of 
8 a tmosphe res ;  however,  t h e  ca rbon  conve r s ion  o f  t h e  brown c o a l  u sed  i n  
t h e  Lurg i  i s  much h i g h e r  t han  i n  o u r  t e s t s .  

The b e s t  coal-fec,d r a t e  f o r  t h i s  s i z e  g a s i f i e r  a t  2-1/2 atmospheres  
i s  abou t  0.G pound per h o u r .  The minimum oxygen r a t e  t o  t h e  p r e t r e a t e r  i s  
1.2 SCF per  pound of c o a l  f eed  when oxygen i s  fed  t o  t h e  g a s i f i e r  a l s o  but  
2 .0  SCF per pound w i t h  no oxygen t o  t h e  g a s i f i e r .  These f i g u r e s  compare 
wi th  o n l y  0 . 4  SCF oxygen pe r  pound needed i n  t h e  e a r l i e r  t e s t s? / to  p r e t r e a t  
t h e  same c o a l .  

Advantages of thL, 2-Stage P rocess  

The advan tagcs  o f  thc. p r e s e n t  p rocess  u s i n g  two f l u i d i z e d  beds i n  
. ; t .r i<:h a rc ' :  

1 .  Ra:.: c a k i n g  c o a l  can  be fc,d t o  t h i s  system w i t h o u t  d i f f i c u l t y .  
Coal  which tiad been d r a s t i c a l l y  p r c ~ t r c a t c ~ d  d i d  no t  agg lomera te  i n  t h e  
gas  i f i e r  . 

2 .  Y i x i i i X  t h i  t r c a t c d  c o a l  from t h e  p r e t r e a t e r  w i t h  a s h  i n  t h e  
g a s i f i e r  ri.ducc,d t h c  possibi1i :y  or  thc, c o a l  c a k i n g  i n  t h e  g a s j f i e r .  

3 .  F c ' ~ . d i t i g  t r c a t c d  c o a l  i n t o  thc, bottom of t h e  g a s i f i e r  w i t h  oxygen 
and s t~ 'nn1  a l s o  rcducc,d t h i  p o s s i b i l i t y  o f  t h c  c o a l  c a k i n g  i n  t h e  g n s i r i c r .  
T h i s  i s  shown i n  tlic t e s t s  whc'rc osygcn f c d  i n t o  t h e  g a s i f i c r  p rcven tcd  
agg lomera t ion  o i  t h c  c o a l  trt.atc,d a t  250' C i n  t h c  p r t : t r c a t c r .  



Disadvan tages  o f  t.he 2-Stape  P rocess  

The d i s a d v a n t a g e s  o f  t h e  2 - s t age  sys tem are :  

1. Two f l u i d  beds i n  series a r e  d i f f i c u l t  t o  o p e r a t e .  Any s u r g e  i n  
t h e  p r e t r e a t e r  th rows  u n t r e a t e d  c o a l  i n t o  t h e  g a s i f i e r .  

2 .  The c o a l ,  g a s e s ,  t a r s ,  and oxygen e n t e r i n g  a t  t h e  bottom of t h e  
g a s i f i e r ,  make t e m p e r a t u r e  c o n t r o l  d i f f i c u l t .  

I 

3 .  A t  l e a s t  1 .2  SCF oxygen pe r  pound c o a l  is needed f o r  p re t r ea tmen t .  
T h i s  is almost o n e - t h i r d  t h e  r equ i r emen t  f o r  g a s i f i c a t i o n  i n  t h e  Lurg iz /  
which r e q u i r e s  4 SCF per  pound. 

4 

4 .  Produc t ion  o f  methane i s  lower than  t h e  L u r g i  because  i n  t h i s  
system t h e  g a s - s o l i d s  f low i s  n o t  c o u n t e r c u r r e n t .  

New G a s i f i c a t i o n  System 

I n  an  a t t e m p t  t o  overcome t h e s e  d i f f i c u l t i e s ,  t h e  sys tem h a s  been 
r e v i s e d  as shown in  f i g u r e  2 .  Now t h e  c o a l  i s  fed  i n t o  t h e  t o p  of a 10- foot  
l o n g ,  6 - inch  d i a m e t e r  p i p e  and f a l l s  f r e e l y  th rough  a n  upward f low of gas 
from t h e  3- inch  d i a m e t e r  f l u i d - b e d  gasifier. ikn'nc c o a i ,  as it d r o p s ,  is 
ca rbon ized  and d e v o l a t i l i z e d  so by the ' t ime  i t  e n t e r s  t h e  f l u i d  bed i t  
should be noncaking .  P r e l i m i n a r y  t e s t s  of t h e  r e v i s e d  sys tem i n d i c a t e  t h a t  
i t  i s  o p e r a b l e ,  bu t  no d a t a  a r e  a v a i l a b l e  a t  t h i s  t i m e .  The methane y i e l d  
should be h i g h e r  due t o  c o u n t e r c u r r e n t  f l ows .  

! 

. CONCL~JS IONS 

Low-tempera ture  (250' C )  t r e a t e d  c o a l  and h igh - t empera tu re  (450' C )  
t r e a t e d  c o a l  can  be r e a c t e d  i n  a f l u i d - b e d  g a s i f i e r  ope ra t ed  a t  870' C 
wi thou t  agg lomera t ion  o f  t h e  c o a l .  The P i t t sbu rgh- seam c o a l  pas ses  f i r s t  
t o  a p r e t r e a t e r  a n d  t h e n  t o  a g a s i f i e r ,  t h e  t w o  b e i n g  in  s e r i e s .  The raw 

c o a l  was  p r e t r e a t e d  s e p a r a t e l y .  The minimum ,oxygen needed is  1 . 2  SCF per 
-pound of c o a l .  A t  a p r e s s u r e  of 8 a tmospheres  t h e  methane c o n t e n t  of t h e  
product  gas is 8 p e r c e n t .  An inc reased  methane y i e l d  i s  a n t i c i p a t e d  by 
u s e  of c o u n t e r c u r r e n t  f r e e - f a l l  sys t em.  F u r t h e r  improvement in  t h e  
g a s i f i c a t i o n  can  r e s u l t  i f  means a r e  found o f  s u p p l y i n g  h e a t  i n d i r e c t l y  
t o  d e c r e a s e  t h e  oxygen r e q u i r e m e n t .  

c o a l  used  in  t h e  2 - s t age  sys tem y i e l d e d  more product  gas  than  when t h e  (J 

I 
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CT-EANUP METHANATION FOR HYDROGASIFICATION PROCESS 

INTRODUCTION 

Catalyt ic  methanation i s  t h e  f i n a l  gas cleanup s t ep  i n  the pro- 
for  producing a high-Btu pipel ine gas from coal being developed at 

he I n s t i t u t e  of Gas Technology. The development project  i s  sponsored 
jGintly by the American Gas Association, Inc. ,  and the U. S. Department 
aof the In te r ior ,  Office of Coal  Research. 

The first s t ep  i n  the overa l l  methanation study is  t o  f ind the 
lbest commercial ca ta lys t  f o r  t h i s  cleanup s tep.  The ca ta lys t  used must 
f i r s t  of a l l  be able  t o  ac t ive ly  catalyze the methanation reac t ion  w i t h -  
out catalyzing carbon deposit ion react ions.  It must a l s o  be highly ac t ive  

!and long-lived a t  high temperatures . These propert ies  of t he  ca ta lys t  are.(  
d i r e c t l y  related t o  chemical events occurring on i t s  surface. 

Instead of the commonly used packed-tube reactor ,  I G T  i s  using 6 continuous stirred tank c a t a l y t i c  reactor  (CSTCR)3 which permits study- 
ips these chemical events without any complicating control  of t h e  react ion 
r a t e  by gas-solid mass or heat t ransfer .  T h i s  reac tor  has several  other 
advantages : 
i 
\ 
1. 

f 

The i:STCR operates a t  conditions where "perfect  mixing" prevai ls ,  a n d  
bulk gas temperature and concentration gradients a re  eliminated. 

. b, i th  suf f ic ien t  gas veloci ty  a t  the ca ta lys t  surface,  temperature and 
concentration gradients  between the b u l k  gas and the ca ta lys t  surface 
2 x 1  be x:lnimized. 

nczr ly  :sotherml conciitions and near ly  complete conversion. 

I 

. ,11 -'ui xhe i'crstesi anci mo?t e;/othermic react ions can be studied a t  
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3 .  Because a l l  the ca t a lys t  surface "sees" gas of t he  same composition 
and temperature, the reaction rate can be calculated by.a simple 
algebraic equation: 

T h i s  procedure is, i n  general, s impler 'md more accurate than rate 
calculat ion from data obtained w i t h  packed-tube reactors .  

J .  Finally,  s tud ie s  can be made using ca t a lys t  p e l l e t s  of commercial 
s i z e  and shape. 

This type of reactor  has been used i n  the past  t o  study solid- 
catalyzed gaseous react ions.  Tajbl, Simons, and Carberry= used a CSTCR 
t o  study the  highly exothermic oxidation of carbon monoxide on a commer- 
c i a l  palladium c a t a l y s t .  Ford and Perlmutter2 used a CSTCR with a cata-' 
l y t i c  w a l l  t o  stGdy =-butyl alcohol dehydrogenation. I n  both s tudies ,  
t he  authors found data were obtained more e a s i l y  and accurately with a 
C STCR . 1 

This paper deals  with: 

1. 

2. 

Defining the operating range for  "perfect mixing" i n  the  IGT reactor 

Determining whether gas-solid heat or mass t r k s f e r  e f f e c t s  were pre 
sent  a t  the conditions of operation. 

Preliminary s c x m l n g  of commercial methanation ca t a lys t s .  3.  

APPARATUS I 

Figure 1 i s  a flow diagram of  the ca t a lys t  t e s t i n g  uni t .  The 
?zs i n l e t  system and the components operating at elevated temperatures 
&sl pressures a r e  s t a i n l e s s  s t e e l .  
cylinders,  i s  metered by an or i f ice .  Orifice pressure, pressure drop, , 
an& temperature are recorded. The feed gas i s  preheated before i t  en- 
t e r s  the bottom of  t he  reactor .  Both the reactor  and the preheater are 
e l e c t r i c a l l y  heated. 

Exit gas leaves the  top of the reactor  and passes through a ,! 
hezlted l ine  ( t o  avoid condensation of liquids) t o  a cooler-condenser. 
Liquid products a r e  collected i n  a knockout pot and are  drained through 
a sclenoid velve actuated b y  a sonic l iquid l e v e l  control ler .  A dome- 
loaeed back-pressure regulator controls the reactor  pressure and reduced' 
the pressure of the exLt gas. The e x i t  gas r a t e  i s  measured by a Wet- I 

.test meter. Carbon monoxide and carbon dJ oxide concentra.tions i n  t h e  I 

r'se6. and e x i t  Iases a r e  measured by tbro continuous infra.red analyzers 
aEci a r e  recorded. Ali?uc,t samples of feed and e x i t  gases are  taken J .durin;: nech Lest period f o r  analysis of a l l  com onents by mass spec- 
t r one t er  ( C ons o li ria t ed Erg  ineer inr:, Iricde 1. 2 1- 10 77. 

F i F r e  2 'shows the construction of the reactor,  b u i l t  by Auto: 
cl-tve Engineers, Inc.  It was c,onstructed of' Type 316 s t a in l e s s  s t e e l  SOI 
tha t  it could be used i n  the fixture to  t e s t  the e r f e c t s  cf elevzted t.em- 
peret-wes cr! c a t a l y s t  s t a b i l i t y .  A x q n e t i c  d r i v e  r o t a t e s  khe s t i r r e r  f 
S ? A , ~ , .  T3:c reaci-,r tics an ?Inside ::r;2:;1 of 12 i n .  .and an i s i d e  

Feed gas, stored i n  high pressure 

..i 
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P i m e t e r  o f  3 i n .  For CSTCR operation, two i n s e r t s  a re  in s t a l l ed  which 
reduce the inside depth t o  2-13/16 w. 

Two methods of catalyst  mowting are employed. Catalyst can , 
be placed i n  an annular basket o r  i n  a paddle-basket arrangement as ShoT 

When the  paddle basket i s  used it replaces the r a d i a l  i m -  
p e l l e r  which i s  used only with the annular basket. For e i t h e r  arrange- 
neni. tke propel lers  remain i n  place. The e. l i n d r i c a l  w a l l  and the top 

The w a l l '  
b a f f l e s  extend along the t o t a l  height of the s t i r r e d  chamber; the top ar 
bcttom baffles extend r a d i a l l y  t o  the cy l ind r i ca l  w a l l .  

Catalyst  temperatures are measured eas i ly  i n  the annular baskc 
Since the c a t a l y s t  i s  stationary,  a thermocouple i s  simply inserted i n  : 
hole d r i l l e d  i n t o  the  center  of a ca t a lys t  p e l l e t .  

For e i t h e r  basket arrangement, the gas temperature i s  measurer 
wiT;h a 0.025-in. -OD magnesium-oxide-insulated thermocouple made of Chro 
mel-Alumel v i t h  a swaged s t a in l e s s  s t e e l  sheath. 

L 4n Figure 3 .  

end botton of t he  r e a c t o r  each have fou r  1/ 8 -in.-wide baff les .  

I 

DISCUSS1 ON 

Mixing Theory 

Several t r a c e r  techniques can be used t o  check for  perfect m i -  
inz .  These consis t  o f  measuring the response i n  the reactor effluent t 
e i t h e r :  

1. The in j ec t ion  of a very small amount of  t r ace r  i n t o  t h e  reactor oveL 

2 .  The instantaneous switching from a steady flow of i n e r t  gas t o  a 

a very short  time (pulse t e s t ) ;  05 

s t eady  flow o f  t r a c e r  ( s t e p  t e s k )  or  vice versa (purge t e s t ) .  

After the t r a c e r  concentration reaches a maximm value, the 
response f o r  any of these t e s t s  i s  an exponential decay of tracer concen 
t r a t i o n  w i t h  time. For t h e  pulse t e s t  the response i s :  

C -tF/V 

where CM is the gas concentration i n  the reactor  a t  the instant  the pul5 
enters,  and - i n  a c t u a l  t e s t s  - the  maximum gas concentration measured i i  

t h e  e f f luen t .  

Fcr the s t e p  t e s t  the response is :  L 

I .  

where Cs is t h e  s teady-state  t r a c e r  concentration. 
,::e reswrise i s  r;he same as Equation 2 except that cs = CM. 
::fir c/ci:l versus,,tF/V yielding a s t r a igh t  l i n e  of slope -1 ,indicates 

For t h e  purge t e s t  
A plot of 

perfect  r-rLzin;. 
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techniques were used i n  our n k d n g  studies .  Because 

out. I n  s p i t e  of th i s ,  the pulse t e s t s  have an 
f t h e  d i f f i c u l t y  of i n j ec t ing  a perfect  pulse of t racer ,  the s t e p  or purge 

of the small amount of t r ace r  used. I n  s t e p  or purge 
must be made for t r ans fe r  of t r ace r  (or  purge) contained 
volume before switching, i .e . ,  i n  the l i n e s  t o  t h e  pres- 

iure gages, e tc .  This, i n  e f fec t ,  increases the  volume t o  be purged and 
LffeCts the slope of the l i n e  C/CM versus tF/V p lo t .  

n systems w i t h  extensive dead volumes. 

1 

Of the  three t r a c e r  t e s t s ,  then, the pulse t e s t  is most accurate 

Typical t e s t  r e s u l t s  are p lo t t ed  i n  Figure 5. The data a t  200 

terphase Transport 

Transport phenomena between the ca t a lys t  surface and the bulk 
pas may control  the react ion r a t e  f o r  very f a s t  - or very exothermic or 
hdothermic - reactions.  To study chemical events on the ca t a lys t  s u r -  
'ace these transport  e f f e c t s  must be minimized. It i s  simple t o  check 
lor the  influence of transport  e f f e c t s  i n  a CSTCR. 
.yst mounted i n  a s ta t ionary basket, the s t i r r e r  speed i s  varied while 
111 other variables a r e  held constant. 
.ng s t i r r e r  speeds indicate  the presence of  transport  e f fec ts .  A tem- 
\erature gradient between the  gas and t h e  ca t a lys t  w i l l  e x i s t  i f  the 
!$action i s  heat-transfer l imited.  Both gas and ca t a lys t  temperatures 
:an be eas i ly  measured w i t h  the  s ta t ionary ca t a lys t  mounting. 

Mass t ransfer  w a s  f o m d  not t o  control  above about 750 rpm a t  
115OF w i t h  a 10.2% C0-31.2$ HZ feed, and n i cke l  ca t a lys t  i n  the  annular 
,&ket. Of course, a check should be made fo r  mass t r ans fe r  a t  each run 
&perature. Since the r a t e  constant increases w i t h  increased tempera- 
,ure, mass t r ans fe r  should be more important a t  higher temperatures. 

I n  the case of cata- 

Changes i n  conversion w i t h  vary- 

A var ie ty  of products can be produced c a t a l y t i c a l l y  from hy- 
bogen and carbon oxides. 
omposition, temperature, pressure, and the  hydrogen/carbon oxides ratio. 
[Eckel ca t a lys t s  produce mainly methane at almost a l l  useful operating 
,gnditions. Iron, ruthenium, and cobalt catalyze the Fischer-Tropsch 

e r e  nevertheless considered since higher hydrocarbon formation would 

The type of products depend upon t h e  catalyst  

producing higher hydrocarbons. Iron and r u t h e n i h  ca t a lys t s  



240 

\ FACDLE ansikr ASSEMBLY PRCFELLER - 
I in 

Figure 3.  CATALYST BASKETS 

Figure 4. TYPICAL PULST TEST RESPONSES 
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le the f i n a l  gas a higher heating value. Cobalt ca ta lys t s  were not con- 
iered because they operate best  a t  lower pressures (1-10 a t m )  . ’ 

Catalysts were compared by measuring t h e i r  rate of carbon monox- 
? conversion. Test var iables  were temperature, feed gas composition, 
i the  feed rate/catalyst  weight r a t i o .  
Pee feed gases, covering a range of compositions typ ica l  of projected 
thanat ion feeds, were selected.  

A l l  tests were made a t  1000 psig.  

Table 1. COMPOSITIONS OF FEED GASES 

3d HiPh CO Intermediate CO Low co 
nposition, mole $ 
arbon Mmoxide 10.0 7.0 2.4 
arb on Dioxide 2 . 1  2 .1  2.0 
3drogen 34.5 26.1 13.5 
ethane 53.4 64.8 82 .1  

Tot a1  100.0 100 .0  100.0 

Nickel Catalysts 

The nickel  ca t a lys t s  studied were: 

Catalyst A: Nickel on kieselguhr 
Catalyst B: Nickel on alumina 
Catalyst C :  Nickel on alumina 

talyst A is more ac t ive  than ca t a lys t s  B and C.  For comparable feed 
$e/cetalyst  weight r a t i o s  and the  same low-CO feed gas, ca ta lys t  A 
Jnverts more  carbon monoxide a t  56OoF than ca ta lys t  B at 700°F (Figure . This a l s o  holds t r u e  f o r  other feed gases. Figure 7 shows typ ica l  
t?, fcr ca ta lys t  A i n  isothermal runs with low-CO feed gas. 

Iron Catalyst 

An ammonia-synthesis ca t a lys t  w a s  studied. Much lower feed rate/ 
.tal;rst weight r a t i o s  must be used w i t h  t h i s  ca ta lys t  t o  obtain conver- 
ons anproachinz those of ca ta lys t  A (Table 2 ) .  
\ 

Table 2. mSULTS WITH I R O N  CATALYST 
> Fi/w, Dry Prod Gas Content, 

mp, OF ca ta lys t  Feed Gas CO Conv,$ CH4 C B f  

6 04 0.027 I n t .  CO 55.7 
‘7CO 0.026 I n t .  CO C2.2 74.7 1- 3 

SCF/hr-S mole % 

68.2 0.8 
l3*O 73.4 1.3 

‘503 0.036 I n t .  CO 

e 00 0.026 In t .  CO 66.3 76.2 1 . 4  

:kqer-chained hydrocerbon ?orrat ion i s  much lower than expected. This 
presumably because of the hizh hydrogedcarbon monoxide r a t i o  of the  

ed ‘;as and the  h izh  y e s s u r e .  Bond’ c i t e s  both these conditions as 
I _ _  ‘J .jrln- !-;-droTenclgs~s. 
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TRACER RESPONSE IN PULSE TESTS 
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Figure 5. TYPICAL PULSE TEST RESULTS 
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Ruthenium Cat a lys t 

The ruthenium ca ta lys t  studied w a s  0.5% ruthenium on alumina. 
Dath i n  Table 3 show that at low temperatures and low feed rate/catalyst  
wei h t  ra t ios .  t h i s  ca t a lys t  i s  an e f f ec t ive  methanation catalyst .  High 
er tydrocarbon formation is ,  again, lower than expected, possibly due t o  
h~clrogenolgs%s. Trace yields  o f  o i l s  contarning paraffins,  olefins, and 
aromatics were obtained. 

\ Table 3. RESULTS WITH RUTHENIUM CATALYST ' 

SCF kr-g 
Feed Gas 

"i/W 
Temp, OF Catalyst 
2 10 0.059 I n t .  CO 
2 90 0.058 I n t .  CO 
347 0.058 I n t .  CO 
405 0.056 I n t .  CO 
470 0.056 I n t .  CO 
547 0 - 055 High CO 
6 00 0 - 503 I n t .  CO 
670 0-503 I n t .  CO 

Dry Prod Gas Content, , 
mole % 

CO Conv,% CH4 Cp+ 

6.0  67.7 0.9 
20.3 69.5 1.1 

5.5 66.6 0.9 , 
27.7 7 i .  i 
go. 0 85.2 
44.0 76.7 

86.2 84.1 

. .  
89.3 89.2 0.7 

I 
CONCLVSI ONS 

Conditions for  "perfect mixing" were determined An a continu-; 
ousl ls t i r red t a n k  c a t a l y t i c  reactor  operated a t  1000 psig.  
i ng  
u s e d  i n  this study. 

i n  t h i s  methanation study of t yp ica l  feed gases produced from coal hy- 
d r  ogas i f  i c a t  i on. 

kieselguhr c a t a l y s t  is  more ac t ive  than nickel-on-alumina, iron, and ,( 

ruthenium c a t a l y s t s  f o r  cleanup of CO i n  IGT's hydrogasification pro- ' 

cess .  
f o r  t e s t s  w i t h  i r o n  and r u t h e n i m  ca ta lys t s .  

Perfect mix- 
was obtained a t  s t i r r i n g  speeds above 1500 rpm over t he  flow range 

Neither gas-solid heat nor mass t r ans fe r  e f f ec t s  were found 

Evaluation of commercial ca t a lys t s  showed t h a t  nickel- on- 

Longer-chained hydrocarbon formation i s  much less than expected 

t 
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NOMENCLATLTRE 

C = concentration, l b  moles/cu f t  ' CM = maximum concentration of t r ace r  i n  pulse test ,  l b  moles/cu f t  

I ~ C S  = steady-state t r a c e r  concentration i n  purge or s t ep  tes t ,  l b  moles/ 
cu f t  

F = flow rate, SW/hr 

R = react ion rate, lb moles/hr-g 

1 t = t i m e ,  hr 

L,V = reac tor  volume, cu f t  

I w = ca ta lys t  weight, g 
1 
';Subs c r i p t  s 

' i refers t o  gas entering reac tor  

i o refers t o  gas leaving reac tor  

REFERENCES CITED 

. 
b Ford, 

. 

Bond, G. C . ,  "Catalysis by Metals." London and N e w  York; Academic Press, 

Dehydrogenation of %-Butyl Alcohol'.' Chem.  Ihg. Sei.  13, 371 (19647. 
Tajbl,  D.G. , Simons, J.B. and Carberrx, J. J., "Heterogeneous Catalysis 
i n  a Continuous S t i r red  Tank Reactor. Ind. R-I~. C h e m .  Fundamentals 5, 
171 (1366) May. 

1962. 
F. E. and Perlmutter, D.D., "The Kinetics of the Brass-Catal sed 

I 

1 



MEMBERSHE' IN THE DIVISION OF FUEL CHEMISTRY 

The Fuel Chemistry Division of the American Chemical Society is an internation- 
ally recognized forum for scientists, engineers and technical economists con- 
cerned with the conversion of fuels to energy, chemicals, or  other forms of fuel. 
Its interests center on the chemical problems, but definitely include the 
engineering and economic aspects as well. 

Any chemist, chemical engineer, geologist, technical economist, or other 
scientists concerned with either the conventional fossil fuels, or the new high- 
energy fuels--whether he be in government, industry or independent professional 
organiLations--would benefit greatly from participation in the program of the 
Fuel Chemistry Division. 

The Fuel Chemistry Division offers at least two annual programs of symposia and 
general papers, extending over several days, usually at National Meetings of the 
American Chemical Society. These include the results of research, development, 
and analysis in the many fields relating to fuels which are so vital in today's 
energy-dependent economy. 
papers of their own, or participate in discussions with experts in their field. 
Most important, the Fuel Chemistry Division provides a permanent record of all of 
this material in the form of complete preprints. 

Starting in September 1959, the biennial Fuel Cell Symposia of the Division have 
been the most important technical meetings for chemists and chemical engineers 
active in this field. The 
recent landmark symposium on Advanced Propellant Chemistry is to be published in 
book form also. Further, the Division is streigtheilirg I t s  cwerage 3f areas ~f 
air and water pollution, gasification, and related areas. 

Members of the Division have the opportunity to present 

These symposia have all been published in book form. 

In addition to receiving several volumes of preprints, each year, as well as 
regular news of Division activities, benefits of membership include: 
subscription rates for 'IFuel" and "Combustion and Flame," (2) Reduced rates for 
volumes in the "Advances in Chemistry Series" based on Division symposia, and 
(3) The receipt card sent in acknowledgment of Division dues is good for $1.00 
toward a complete set of abstracts of all papers presented at each of the National 
Meetings. 

To join the Fuel Chemistry Division as a regular member, one must also be or 
become a member of the American Chemical Society. Those not eligible for ACS 
membership because they are not practicing scientists, engineers or technical 
economists in areas related to chemistry, can become Division Affiliates. They 
receive all benefits or a regular member except that they cannot vote, hold office 
or present other than invited papers. Affiliate membership is of particular value 
to those in the informational and library sciences who must maintain awareness of 
the fuel area. 
the United States are invited also to become Division Affiliates. 

Membership in the Fuel Chemistry Division costs only $4 per year, or $U for three 
years, in addition to ACS membership. 
joining ACS, is $10 per year. 

(1) Reduced 

Non ACS scientists active in the fuel area and living outside of 

The cost for a Division Affiliate, without 
For further information, write to: 

Dr. Frank Rusinko, Jr., Secretary-Treasurer 
ACS Division of Fuel Chemistry 
C/O Speer Carbon Company 
St. Marys, Pennsylvania 15857 
Telephone : 814-834-2801 
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RECENT FUEL DIVISION SyMposIA 

Symposium on Gas Generation 
General Papers 

Symposium on Chemical Phenomena in Plasmas 
Symposium on Kinetics and Mechanisms of 
High Temperature Reactions 

Symposium on Pyrolysis and Carbonization of Coal 
Symposium on Mineral Matter in Coal 

Symposium on Advanced Propellant Chemiste 

Symposium on Fuel and Energy Economics 
General Papers 

Symposium on Hydrocarbon-Air Fuel Cells= 

Symposium on Coatings Based on Bituminous 
Materials 

General Papers 

Symposium on Fossil Fuels and Environmental 

Joint with the Division of Water, Air, and 
Pollution 

Waste Chemistry 

Symposium on Pyrolysis Reactions of Fossil Fuels 
Joint with the Division of Petroleum Chemistry 

,) * To be published by Advances in Chemistry. 
+1c Published by Academic Press, Inc. 

PROJECTED PROGRAMS 
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ernard D. Blaustein, Chairman 
Physical Chemistry 

sium on Electrochemical Reactions in Solution 

nt with Divisions of Physical Chemistry and Analytical 
Chemistry and in cooperation with Electrochemical Society 
nest Yeager, Chairman 

etonations and Reactions in Shock Waves 
int with Division of Physical Chemistry . W. Van Dolah, Chairman 

Spectrometry of Fuels and 
ted Materials 

oint with Division of Analytical Chemistry . A. Friedel, Chairnan 
sium on Fuel Cell Technology 

sium on Oil Shale 
es H. Gary, Chairman (Tentative; may be Spring 1968) 

Wender, Program Chainnan 
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