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ABSTRACT 

Recent commercial and academic i n t e r e s t  i n  CH,OH s y n t h e s i s  v i a  C O  hydrogena- 
t i o n .  t o g e t h e r  w i th  t h e  high s e l e c t i v i t y  and r e l a t i v e  s i m p l i c i t y  o f  t h i s  reac- 
t i o n ,  make i t  an  i d e a l  r e a c t i o n  for t e s t i n g  and comparing a d s o r p t i o n  s t u d i e s ,  
proposed mechanisms, and macroscopic ra te  behavior  for oxide-based c a t a l y s t s .  
Adsorption s t u d j e s  of H, ,  H,O, and CH,OH on ZnO powders and model t h i n  f i l m s  of 
Cu/ZnO have r e so lved  s e v e r a l  d i s c r e t e  a d s o r p t i o n  s i t e s .  I n f r a r e d  and t empera tu re  
programmed decomposition s t u d i e s  of adsorbed CH,OH a r e  used t o  determine t h e  
e n e r g e t i c s  o f  t h e  C H , O ( , )  a n d  HCOO(,) decomposi t ion steps a t  t h e s e  s i t e s .  
Comparative s t u d i e s  us ing  model Cu/ZnO t h i n  f i l m s  have r e so lved  f e a t u r e s  common 
t o  bulk ZnO and bulk Cu, as we l l  a s  d i f f e r e n c e s  i n  behavior  which can be a t t r i -  
buted t o  the a v a i l a b i l i t y  of ZnO l a t t i c e  an ions  a t  t h e  pe r ime te r  o f  t h e  Cu 
c l u s t e r s .  T h e  r e s u l t s  sugges t  t h a t  Type I sites on ZnO do not  have a major  r o l e  
i n  t h e  CH,OH s y n t h e s i s  r e a c t i o n  on Cu/ZnO c a t a l y s t s .  I n s t e a d ,  t h e  CH,OH r e a c t i o n  
may occur p r e f e r e n t i a l l y  a t  pe r ime te r  s i t e s  of Cu c l u s t e r s .  

INTRODUCTION 

The r e a c t i v i t y  o f  carbon-oxygen bonds i n  adsorbed oxygenated hydrocarbon 
in t e rmed ia t e s  is of fundamental  i m p o r t a n c e  i n  u n d e r s t a n d i n g  t h e  r a t e s  and  
s e l e c t i v i t y  of a l c o h o l  r e a c t i o n s  on  heterogeneous c a t a l y s t s .  Reac t ions  of 
commerical i n t e r e s t  i nc lude  methanol s y n t h e s i s ,  t h e  d i r e c t  s y n t h e s i s  of h ighe r  
a l c o h o l s ,  a l coho l  decomposition ( e .g . ,  r e fo rming ,  p a r t i a l  o x i d a t i o n ) ,  e t h e r i f i c a -  
t i o n  (e .g . ,  product ion of MTBE a s  a g a s o l i n e  b l end ing  a g e n t ) ,  c o n d e n s a t i o n  
( e . g . ,  conversion t o  C-8 compounds on z e o l i t e s  or o t h e r a c i d  c a t a l y s t s ) ,  and 
f u n c t i o n a l i z a t i o n  (e .g . ,  aminat ion r e a c t i o n s ) .  

Work i n  our l a b o r a t o r y  has  focussed on understanding t h e  s u r f a c e  r e a c t i o n s  
involved i n  t h e  c a t a l y t i c  formation and decanpos i t i on  of t h e  s i m p l e s t  a l c o h o l ,  
CH,OH. I n  p a r t i c u l a r ,  we have undertaken a s y s t e m a t i c  s t u d y  of a s e r i e s  of  model 
ZnO or  Cu/ZnO c a t a l y s t  s u r f a c e s  us ing  a combination of i n f r a r e d  spec t roscopy ,  
temperature  programmed deso rp t ion  and decomposition of adso rba te s ,  and r e a c t o r  
measurements of t r a n s i e n t  and/or  s t e a d y  s t a t e  k i n e t i c s .  These s t u d i e s  are aimed 
a t  i d e n t i f y i n g  t h e  composi t ion and geometry of v a r i o u s  adso rp t ion  sites on t h e  
Cu/ZnO s u r f a c e ,  t h e  mechanism and k i n e t i c s  of a d s o r b a t e  r e a c t i o n s  a t  t h e  s i t e s ,  
and t h e  importance of each s i t e  i n  t h e  o v e r a l l  CH,OH s y n t h e s i s  r e a c t i o n .  

I n  t h e  p re sen t  paper we d e s c r i b e  s e l e c t e d  r e s u l t s  f rm  our o v e r a l l  program. 
These r e s u l t s  a r e  chosen t o  i l l u s t r a t e  two po in t s :  The importance o f  t h e  formate 
in t e rmed ia t e  in a lcoho l  r e a c t i o n s  on o x i d e  s u r f a c e s  and its r o l e  in main ta in ing  
hydrogenation s e l e c t i v i t y ,  and t h e  r e l a t i v e  importance of adso rp t ion  s i t e s  on t h e  
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ZnO and C u  components of t h e  c a t a l y s t  su r f ace .  

EXPERIMENTAL 

Compara t ive  s t u d i e s  o f  h i g h  s u r f a c e  area powders and p l ana r  t h in - f i lm  
samples a r e  performed i n  two independent  appa ra tus .  S t u d i e s  of powder samples 
were performed i n  t h e  IR-TPD c e l l  shown i n  Fig.  1 .  The sample c o n t a i n i n g  50-100 
mg of ZnO is d e p o s i t e d  f r a n  an aqueous s l u r r y  o n t o  t h e  f r o n t  f a c e  of t h e  c e l l  
mirror, a s i l v e r  d i s k  which is so lde red  t o  t h e  r e - e n t r a n t  i n n e r  wa l l  of t h e  c e l l  
body. The mirror d i s k  can be heated us ing  t h e  a t t ached  c a r t r i d g e  h e a t e r ,  or 
cooled t o  100 K by f lowing  coo led  N, through t h e  a t t a c h e d  coo lan t  tube.  After  
s e a l i n g  t h e  f r o n t  of the c e l l  u s ing  a flange-mounted CaF, window, t h e  c e l l  is 
a t t a c h e d  t o  a s t a i n l e s s  s t e e l  gas  hand l ing  system and pos i t i oned  i n t h e  sample 
compartment of t h e  FTIR spec t romete r  ( N i c o l e t  6OCSX).  S p e c t r a  are ob ta ined  i n  a 
two-pass t r anmiss ion  mode by r e f l e c t i n g  the I R  beam f r a n  t h e  mirror d i s k ,  thereby 
pass ing  through t h e  sample l a y e r  tw ice .  During a t y p i c a l  i n - s i t u  TPD experiment ,  
IR s p e c t r a  a r e  r eco rded  a t  r e g u l a r  t empera tu re  i n t e r v a l s  ( 7 5  scans/spectrum, a t  a 
scan r a t e  of 1-2 s c a n s l s e c ;  r e s o l u t i o n  = 8 cm"), wh i l e  t h e  f l u x  of each desorb+ 
i n g  s p e c i e s  i s  monitored us ing  a quadrupole  mass s p e c t r a n e t e r  (Spectramass 800)  
a t t a c h e d  t o  t h e  gas  hand l ing  system. A l l  of t h e  TPD experiments  desc r ibed  here  
were performed wi th  t h e  IRcTPD c e l l  evacuated and pumped by t h e  g a s  handl ing 
system ( i . e . ,  no c a r r i e r  gas  is used ) .  

The m a j o r i t y  of t he  r e s u l t s  d e s c r i b e d  below were ob ta ined  us ing  Kadox 25 
ZnO, i n  o r d e r  t o  examine t h e  p o s s i b l e  importance of t h e  unique Type I adso rp t ion  
s i t e s  f o r  H, t h a t  have  been  r e p o r t e d  f o r  t h i s  m a t e r i a l .  The p re t r ea tmen t  
r e q u i r e d  to a c t i v a t e  t h e  Type I s i t e s  i nvo lves  ( s t e p  1 )  h e a t i n g  t h e  sample I n  
vacuum (P < to r r )  a t  673 K f o r  3 hour s ,  ( s t e p  2) coo l ing  t o  573 K and 
admi t t i ng  0.5 t o r r  0, f o r  10 minutes ,  t hen  evacua t ing  (0 ,  c y c l e  r epea ted  t h r e e  
t i m e s ) ,  and ( s t e p  3) r e v h e a t i n g  i n  vacuum to  673 K f o r  20 minutes b e f o r e  coo l ing  
t o  rocm temperature .  

Once t h e  p re t r ea tmen t  s t e p s  were f i n i s h e d ,  t h e  IR-TPD experiments  f o r  t h e  
adso rba te  of i n t e r e s t  could be r epea ted  i n d e f i n i t e l y .  For experiments  u s i n g  
CH,OH and H,O, bo th  of which are i r r e v e r s i b l y  adsorbed a t  300 K ,  a vo lumet r i ca l ly  
determined amount of e i t h e r  gas  is admi t t ed  from t h e  g a s  hand l ing  sys t em i n t o  t h e  
sample c e l l .  For H, adso rp t ion  experiments .  i t  is  necessa ry  t o  f i l l  t h e  sample 
c e l l  with 40 torr H, a t  300 K to occupy t h e  Type I s i t e s ,  s i n c e  t h e  Type I H, 
adso rp t ion  s t a t e  deso rbs  r e a d i l y  a t  room temperature .  

The canplementary experiments  u s ing  p l ana r  samples were performed I n  t h e  
a p p a r a t u s  shown s c h e m a t i c a l l y  i n  F i g .  2. The sample c o n f i g u r a t i o n  is shown 
schemat i ca l ly  i n  t h e  i n s e t  of t h e  f i g u r e .  Samples a r e  prepared by f i r s t  deposit .  
i n g  t h i n  f i l m s  of ZnO on to  Au s u b s t r a t e s ,  u s ing  a s e p a r a t e  RF plasma s p u t t e r i n g  
System (pe rk in  Elmer model 2400) with a ZnO k g e t  and a background gas  of 24% 
0, : 76% A r  a t  a p r e s s u r e  of 1 Pa. The ZnO d e p o s i t i o n  r a t e  was 200 A/min and t h e  
depos i t ed  f i l m  thichmess w a s  approximately 1 urn. XWay d i f f r a c t i o n  measurements 
Confirm t h a t  t h e  f i l m  g r a i n s  a r e  p r e f e r e n t i a l l y  o r i e n t e d  wi th  t h e i r  c - ax i s  
w i th in  5 '  of t h e  s u r f a c e  normal. Thus t h e  f i l m s  expose a h i g h - f r a c t i o n  of 
(0001 k Z n  p lanes  and/or  v i c i n a l  d e f e c t  s u r f a c e s .  

After t h e  ZnO f i l m  has  been d e p o s i t e d ,  a chromelPalumel thermocouple is 
a t t a c h e d  t o  t h e  AU s u b s t r a t e  and the  sample is mounted i n t o  t h e  TPD appa ra tus  
shown i n  t h e  main p a r t  of Fig. 2. The appa ra tus  c o n s i s t s  of an ion-pumped 
s t a i n l e s s - s t e e l  b e l l  j a r  equipped wi th  a s i n g l e  p a s s  c y l i n d r i c a l  mi r ro r  ana lyze r ,  
a quadrupole mass s p e c t r o m e t e r ,  a n  i o n  s p u t t e r i n g  gun, a s i d e  chamber which 
Contains  a Cu e v a p o r a t i o n  source  and a q u a r t z  f i l m  t h i c k n e s s  monitor .  The sample 
i t s e l f  IS mounted on a d i f f e r e n t i a l l y  pumped s l i d i n g  s e a l  t r a n s f e r  rod  t h a t  
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permits  t h e  sample t o  be t r a n s l a t e d  between t h e  evapora t ion  chamber and the f o c a l  
po in t  of t h e  CMA. 

Two sequences are used t o  p repa re  s u f a c e s  with d i f f e r e n t  Cu load ings .  I n  
most c a s e s ,  t h e  load ing  was c o n t r o l l e d  by changing t h e  exposure t ime of a s p u t t e r  
c leaned ZnO s u r f a c e  t o  t h e  Cu evaporant  f l u x .  The d e p o s i t i o n  f l u x  was approxi-  
mately A/min, a s  measured us ing  t h e  f i l m  t h i c k n e s s  monitor.  The sample tempera- 
t u r e  du r ing  evapora t ion  is  300 K .  An independent measure of t h e  Cu coverage i s  
ob ta ined  u s i n g  Auger a n a l y s i s  t o  examine t h e  s u r f a c e  a f t e r  evapora t ion .  For a 
few experiments ,  an a l t e r n a t e  procedure f o r  varying t h e  Cu load ing  C o n s i s t s  Of 
i n i t i a l l y  evapora t ing  a high coverage o f  Cu and then h e a t i n g  t h e  sample progres-  
s i v e l y  h i g h e r  t empera tu res  above 800 K t o  deso rb  i n c r e a s i n g  amounts of t h e  
i n i t i a l  Cu l a y e r .  

Af t e r  r eco rd ing  t h e  Auger spectrum of t h e  s u r f a c e  fo l lowing  Cu e v a p o r a t i o n ,  
methanol decomposition experiments  were performed by exposing t h e  sample t o  CH,OH 
a t  300 K by backAf i l l i ng  t h e  chamber. After  t h e  background p r e s s u r e  r e t u r n e d  t o  
c a .  l o - ' '  t o r r ,  t h e  sample is heated and t h e  evolved products  a r e  monitored 
us ing  t h e  mass spec t romete r .  The h e a t i n g  r a t e  used f o r  t h e  t h i n  f i l m  experiments  
is 25 K/sec.  Care is taken t o  s t o p  each TPD experiment a t  a low enough tempera- 
t u r e  ( c a  750 K) t o  prevent  any loss of Cu by re-evaporat ion.  Spec t r a  f o r  each  of 
t h e  observed products  are u s u a l l y  r eco rded  s e p a r a t e l y  in r e p e t i t i v e  expe r imen t s .  
Reproduc ib i l i t y  between experiments  is confirmed p e r i o d i c a l l y  by u s i n g  m u l t i c  
plexed s i g n a l  a c q u i s i t i o n ,  a t  a c o s t  i n  s i g n a l  r e s o l u t i o n .  R e p r o d u c i b i l i t y  can  
a l s o  be confirmed by comparing t h e  r eco rd  of t o t a l  p re s su re  vs .  t ime measured by 
t h e  i o n i z a t i o n  gauge in t h e  main chamber. 

RESULTS 

Porous sample s t u d i e s :  Role of Type I s i t e s .  I n  Fig.  3 we show t h e  I R  
s p e c t r a  acquired du r ing  t h e  a d s o r p t i o n  and subsequent  TPD of CH,OH on Type I 
a c t i v a t e d  ZnO. The bottom curve is  t h e  spectrum of t h e  sample i n  t h e  presence of 
40 t o r r  H, a t  300 K ,  ob t a ined  p r i o r  t o  abso rb ing  CH,OH. The s h a r p  band a t  1709 
cmL1 and the  l e s s  i n t e n s e  band a t  3491 cm-' correspond t o  t h e  Zn-H and 0-H 
s t r e t c h i n g  v i b r a t t o n s ,  r e s p e c t i v e l y ,  which a r e  c h a r a c t e r i s t i c  of H, adso rbed  a t  
Type I s i t e s .  We n o t e  t h a t  t h e  band observed a t  3618 cm-' is  a t t r i b u t e d  t o  a 
r e s i d u a l  s u r f a c e  OH(,) s p e c i e s  and is not a s s o c i a t e d  wi th  Type I H, adso rp t ion .  
Fea tu res  in t h e  2900 t o  2800 cm-' r eg ion  a r e  due t o  r e s i d u a l  s u r f a c e  hydrocarbon 
i m p u r i t i e s  s t i l l  remaining a f t e r  t h e  t h r e e  573 K 0, c l e a n i n g  c y c l e s  of t h e  
p re t r ea tmen t .  The concen t r a t ion  of Type I s i t e s  i n  t h i s  sample i s  5.8 pmole 
H,/gm ZnO, a s  determined from t h e  i n t e g r a t e d  a r e a  under an  H, TPD spectrum. 

The next  curve is t h e  spectrum ob ta ined  a f t e r  evacua t ing  t h e  H, and adsorb-  
i n g  an about of CH,OH corresponding t o  10 umole/gm. The bands appea r ing  a t  2932 
and 2816 cmi' a r e  a s s i g n e d  t o  t h e  asymmetric and symmetric C-H s t r e t c h i n g  
v i b r a t i o n s  of t h e  s u r f a c e  methoxy s p e c i e s .  We n o t e  t h a t  t h e  a d s o r p t i o n  of CH,OH 
produces no new r e s o l v a b l e  OH f e a t u r e s  i n  t h e  r e g j o n  above 3500 cm-', nor does i t  
p e r t u r b  t h e  r e s i d u a l  s u r f a c e  OH band a t  3618 cm-'. If 40 t o r r  of H, is admi t t ed  
t o  t h e  c e l l  a t  t h i s  p o i n t ,  t h e  ZnsH and 0-H bands c h a r a c t e r i s t i c  of Type I sites 
do not appear .  This  confirms t h a t  CH,OH adsorbs i r r e v e r s i b l y  a t  Type I s i t e s ,  
b lock ing  them from f u r t h e r  H, adso rp t ion .  The f a c t  t h a t  10 pmOle CH,OH/gm ZnO 
a r e  r e q u i r e d  t o  c lock t h e  s i t e s  ccmpletely i n d i c a t e s  t h a t  some of t h e  CH,OH must 
be adsorbed a t  non-Type I sl t e s ,  a s  well. 

The next  curve i n  F ig .  3 is  t h e  spectrum of t h e  sample ob ta ined  t 530 K 
d u r i n g  t h e  decomposition of t h e  adsorbed CH,OH. The i n t e n s i t y  of t h e  methoxy C"H 
bands a t  2932 and 2816 cm-' d e c r e a s e s ,  and new f e a t u r e s  grow i n  a t  2875, 1574, 
1364, 1377 cm". These new bands a r e  a s s igned  r e s p e c t i v e l y  t o  t h e  C-H s t r e t c h i n g  
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mode, t h e  asymmetric and symmetric 0-C-0 s t r e t c h i n g  modes, and t h e  i n r p l a n e  C-H 
bending mode of a s u r f a c e  HCOO(,)  s p e c i e s .  The asymmetric 0-C-0 s t r e t c h i n g  mode 
and the inhp lane  C r H  bending mode a l s o  produce an a d d i t i o n a l  combination band a t  
2965 cm"' . T h e s e  r e s u l t s  deomonstrate  t h e  s e q u e n t i a l  conversion Of CH,O(,) 
s p e c i e s  t o  HCOO(,) s p e c i e s .  

A s e p a r a t e  experiment  was performed by i n t e r r u p t i n g  t h e  decomposition a t  530 
K (corresponding t o  t h e  t empera tu re  a t  which t h e  maximum HCOO(,) coverage is 
observed)  and q u i c k l y  coo l ing  t h e  sample t o  300 K t o  preseve t h e  s u r f a c e  HCOO(,) 
coverage. Admit t ing 40 t o r r  o f  H, t o  t h e  c e l l  a t  t h i s  s t a g e  f a i l e d  to produce I R  
bands a t  3490 or 1710 cm-', t hus  i n d i c a t i n g  t h a t  t h e  HCOO(,) s p e c i e s  a l s o  block 
t h e  Type I H, s i tes.  

The uppermost curve is t h e  spectrum of t h e  sample ob ta ined  a f t e r  complet ing 
t h e  TPD expe r imen t ,  c o o l i n g  from 673 K t o  300 K ,  adding 0.1 t o r r  0, to improve 
t h e  I R  , t r a n s m i s s i o n ,  and then  admi t t i ng  40 t o r r  of H,.  The bands at 3492 and 
1709 cm" have now been r e s t o r e d ,  J n d i c a t i n g  t h a t  t h e  Type I s i t e s  have been made 
vacant  f o l l o w i n g  decomposi t ion of t h e  adsorbed CH,OH. 

The p roduc t  d e s o r p t i o n  s p e c t r a  r eco rded  by t h e  mass spec t romete r  du r ing  
t h e  preceeding experiment  a r e  shown i n  Fig.  4.  The H, evo lu t ion  curve has  t h r e e  
r e s o l v a b l e  f e a t u r e s :  a low tempera tu re  shoulder  a t  459 K ,  a broader  shoulder  
hea r  511 K ,  and a d e s o r p t i o n  maximum a t  565 K. The H, de so rp t ion  a t  565 K is 
accompanied by t h e  almost  co inc iden t  deso rp t ion  of CO and CO, a t  573 K .  I n  
c o n t r a s t ,  t h e  H, evolved a t  459 K and 51 1 K is not  accanpanied by any s i g n i f i c a n t  
amount of carbon o x i d e s .  Th i s  is a c l e a r  i n d i c a t i o n  t h a t  t h e  H, evo lu t lon  peaks 
a t  459 K and 511 K a r e  a r e s u l t  of t h e  conve r s ion  Of CH,O( , ) ,  wh i l e  t h e  n e a r l y  
s imultaneous d e s o r p t i o n  of H, ,  CO, and CO, a t  565-573 K is due t o  t h e  decanposi-  
t i o n  of t h e  s u r f a c e  HCOO(,). F lgu re  4 a l s o  shows t h a t  H,O is not a favored 
p r o d u c t  of e i t h e r  C H , O ( , )  c o n v e r s i o n  or HCOO(,) decomposi t ion,  d e s p l t e  t h e  
ox id ized  c o n d i t i o n  of t h e  ZnO sample. 

To de te rmine  t h e  importance o f  Type I s i t e s  on ZnO f o r  CH,OH decomposition, 
we next  performed a s e r i e s  of experiments  u s ing  pre-adsorbed H,O t o  block t h e  
Type I s i t e s  b e f o r e  adso rb ing  CH,OH. I n f r a r e d  s p e c t r a  recorded i n  t h e  presence 
of 40 t o r r  of H, be fo re  and a f t e r  H,O was admi t t ed  t o  t h e  c e l l  showed t h a t  H,O 
a l s o  a d s o r b s  i r r e v e r s i b l y  i n t o  t h e  Type I H, s i tes,  b lock ing  them from H, 
adso rp t ion .  Methanol was then  admi t t ed  t o  t h e  sample with t h e  blocked Type I 
s i t e s .  Adsorpt ion still  occur s ,  as i n d i c a t e d  by t h e  I R  spectrum which showed t h e  
C-H v i b r a t i o n a l  bands of t h e  CH,O(,) i n t e rmed ia t e .  The f a c t  t h a t  CH,OH d i s s o c i -  
ately adsorbed even  on t h e  Type I blocked sample confirms t h a t  CH,OH adsorbs at  
non;Type I s i t e s .  

The TPD product  d e s o r p t i o n  s p e c t r a  recorded f o r  t h e  sample wi th  co-adsorbed 
H,O and CH,OH a r e  shown i n  Fig.  5. The f i r s t  f e a t u r e  t o  n o t e  is t h e  behavior of 
t h e  H,O d e s o r p t i o n  signal. A small  amount of deso rp t ion  is observed nea r  475 K ;  
however, t h e  m a j o r i t y  of t h e  H,O deso rbs  wi th  a peak maximum n e a r  600 K.  T h i s  is 
i d e n t i c a l  t o  t h e  deso rp t ion  behavior of pu re  H,O ( i  .e., without  co-adsorbed 
CH,OH). T h i s  i n d i c a t e s  t h a t  t h e  H,O molecules  adsorbed i n  Type I sites r e t a i n  
t h e i r  i d e n t i t y  th roughou t  t h e  experiment ,  t h a t  t h e  Type I s i r e s  remain blocked 
by H,O throughout  t h e  temperature  r ange  of CH,OH decanpos i t i on ,  and t h a t  t he  
a d s o r b e d  H,O is not  consumed i n  t h e  formatlon of CO, du r ing  t h e  formate 
decanpos i t i on  s t e p .  

A small  amount of molecular CH,OH desorbs between 400 K and 500 K .  A 
similar molecular  CH,OH deso rp t ion  peak can be observed from samples con ta in ing  
no pre"adsorbed H,O, provided t h e  i n i t i a l  CH,OH coverage is g r e a t e r  than 10 
!mOle/gm. T h i s  i n d i c a t e s  t h a t  t h e r e  is a f i n i t e  combined c o n c e n t r a t i o n  of 
bo th  Type I and non-Type I s i t e s  at which CH,OH is d i s s o c i a t i v e l y  adsorbed.  
Add i t iona l  CH,OH beyond t h i s  amount i s  adsorbed i n t o  a l e s s  t i g h t l y  b u n d  s t a t e  
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which deso rbs  molecu la r ly  a t  450 K .  The low tempera tu re  shou lde r  i n  t h e  H,O 
deso rp t ion  spectrum probably a r i s e s  from a s i m i l a r  s ta te .  

D i s s o c i a t i v e l y  adsorbed CH,OH u l t i m a t e l y  decomposes t o  y i e l d  H , ,  C O ,  and 
CO,. The H, e v o l u t i o n  c u r v e  shows two r e s o l v e d  maxima a t  493 K and 557 K ,  
c o r r e s p o n d i n g  t o  t h e  two  h i g h e s t  t empera tu re  f e a t u r e s  i n  t h e  H, d e s o r p t i o n  
spectrum f o r  decomposition of CH,OH a lone  ( c f .  Fig. 4). However, t h e  d e s o r p t i o n  
s h o u l d e r  a t  459 K t h a t  was observed on t h e  H,O-free s u r f a c e  is a b s e n t !  I n  
a d d i t i o n ,  t h e  H, d e s o r p t i o n  maximum a t  493 K o c c u r s  without  e v o l u t i o n  of carbon 
ox ides ,  wh i l e  t h e  H, maxtmum a t  557 K is fol lowed by t h e  e v o l u t i o n  o f  CO and CO, 
a t  567 K and 581 K ,  r e s p e c t i v e l y .  S i n c e  t h e  o n l y  d i f f e r e n c e  between t h e  e x p e r i -  
ments shown i n  F igs .  4 and 5 is the  presence of preeadsorbed H,O i n  t h e  Type I 
s i t e s ,  we conclude t h a t  t h e  H, peak a t  493 K co r re sponds  t o  t h e  d e c a n p o s i t i o n  of 
s u r f a c e  methoxy s p e c i e s  adsorbed a t  non-Type I s i t e s ,  wh i l e  t h e  H, d e s o r p t i o n  
f e a t u r e  observed a t  459 K (on t h e  H,O+free s u r f a c e )  can be a s s igned  t o  t h e  
decomposltion o f  methoxy s p e c i e s  adsorbed a t  Type I s i t e s .  

The decanpos i t i on  of t h e  remaining s u r f a c e  fo rma te  s p e c i e s  g i v e s  rise t o  t h e  
H,, CO,  and CO,  peaks between 557 and 581 K.  The sp read  in t empera tu re  between 
t h e  t h r e e  s p e c i e s  appea r s  to be r e a l ,  and may r e s u l t  from re’adsorption e f f e c t s  
for CO and CO, whlch a r e  more pronounced on samples w i t h  pre-adsorbed H,O due t o  
a s h o r t - l l v e d  r e -gene ra t ion  o f  t r a n s i e n t  HCOO[,) s p e c i e s  invo lv ing  t h e  adsorbed 
H,O molecules.  However, t h e  d e s o r p t i o n  t e m p e r a t u r e s  a r e  s imilar  t o  t h o s e  
observed i n  t h e  absence o f  pre-adsorbed H,O, i n d l c a t i n g  t h a t  t h e  decomposi t ion 
r a t e  of t h e  formate s p e c i e s  is i n s e n s i t i v e  t o  Type I vs.  non+Type I sites. 

However,  t h e  C0,:CO r a t i o  is much greater than  i n  t h e  absence of pre- 
adsorbed H,O. A s  noted above,  t h i s  is not  because pre-adsorbed H,O a t  t h e  Type I 
s i t e s  i s  i n c o r p o r a t e d  i n t o  t h e  CO, product .  I n s t e a d ,  i t  appea r s  t h a t  t h e  
dec rease  i n  CO i n t e n s i t y  is a d i r e c t  r e s u l t  of t h e  blockage of Type I sites by 
H,O. Thus we conclude t h a t  formate s p e c i e s  produced a t  Type I s i t e s  decompose 
s e l e c t i v e l y  t o  C O ,  wh i l e  fo rma te  s p e c i e s  a t  nonrType I s i t e s  decanpose s e l e c -  
t i v e l y  t o  CO,. 

Thin f i l m  s t u d i e s :  Role of Cu s i t e s .  The product d l s t r f b u t i o n  r e s u l t i n g  
from CH,OH decomposition on a c l e a n ,  (0001)  o r i e n t e d  ZnO t h i n  f i l m  is shown i n  
F ig .  6. The i n i t i a l  CH,OH exposure is 5 L f o r  each experiment  ( 1  Langmuir = l oT6  
t o r r  s e c ) .  The observed product  i n l c u d e  H , ,  CH,O, CO, and CO,. We a l s o  looked 
for  but d ld  not  observe deso rp t ion  peaks for CH, and H,. 

Cons i s t en t  w i th  t h e  r e s u l t s  for ZnO powder desc r ibed  above, t h e  s p e c t r a  
show t h a t  adsorbed CH,OH decomposes i n  two wel l - resolved p rocesses .  The 585 K 
p rocess  corresponds t o  decomposition of t h e  CH,O(,)  i n t e r m e d i a t e ,  and i s  cha rac r  
t e r i z e d  by t h e  e v o l u t i o n  of H, wi thout  CO or CO,. The 585 K p r o c e s s  a l s o  
produces a small  amount ( ca .  20%) o f  desorbed CH,O. The balance of t h e  CH,O is 
appa ren t ly  s t a b i l i z e d  immediat ley,  be ing  conve r t ed  to a formate p reccur so r  b e f o r e  
i t  is a b l e  t o  desorb.  

The 635 K process  corresponds t o  t h e  decomposi t ion o f  HCOO(,) to  produce H,,  
C O ,  and a small  amount of CO,. S m e  addi t ional  CH,O is a l s o  observed a t  635 K ,  
whlch may r e s u l t  e i t h e r  from t h e  delayed decomposition of a l i m i t e d  number of 
CH,O(,) s p e c i e s  whose decomposi ton had been s t e r i c a l l y  impeded by occupied 
neighboring sites u n t i l  635 K.  A l t e r n a t i v e l y ,  t h e  CH,O s i g n a l  a t  635 K may a l s o  
r e s u l t  from t he  hydrogenat ion of a l i m i t e d  number of HCOO(,) s p e c i e s ,  u s i n g  t h e  
H ( a )  atoms r e l e a s e d  by t h e  decomposition o f  t h e  remaining HCOO(,) s p e c i e s .  

The apparent  a c t i v a t i o n  e n e r g i e s  of t h e  585 K and 635 K p rocesses  a r e  3 5  and 
38 k c a l / m o l e ,  r e s p e c t i v e l y ,  b a s e d  on  t h e  Redhead equa t ion  f o r  f i r s t - o r d e r  
d e c o m p o s i t i o n  k i n e t l c s  and an assumed pre-exponent ia l  f a c t o r  of l o ”  seck’ .  
These  v a l u e s  a r e  comparable t o  t h e  a c t i v a t i o n  ene rg ie s  for  t h e  C H , O ( a )  and 

231 



HCOO(,) decomposition s t e p s  computed for t h e  powder exper iments ,  i.e., 31 and 33 
kcal/mole for t h e  CH,O(,) decomposition on Type I and non-Type I s i t e s ,  respec- 
t i v e l y ,  and 40 k c a l / m o l e  f o r  HCOO(,) decomposition. Canpar i s ion  of t h e  e n e r g i e s  
for CH,O(,) decomposi t ion  on Type I vs. non-Type I s i t e s  sugges t s  t h a t  Type I 
s i t e s  may in f a c t  be absen t  from the  Ar '  ion s p u t t e r e d  and annea led  ZnO t h i n  f i l m  
s u r f a c e s .  We a l s o  n o t e  t h a t  t h e  o b s e r v a t i o n  of CH,O du r ing  t h e  exper iments  on 
t h i n  f i l m  ZnO samples is a r e s u l t  of t he  l i ne -o f - s igh t  d e t e c t i o n  provided by t h e  
mass s p e c t r a n e t e r  when us ing  a p l ana r  sample. Formaldehyde may also be produced 
i n i t i a l l y  du r ing  CH,O(,) d e c o m w s i t i o n  on powdered ZnO, but may no t  be d e t e c t a b l e  
dur  t o  i r r e v e r s i b l e  re ' adsorp t ion  on t h e  pore  w a l l s  be fo re  i t  can d i f f u s e  ou t  of 
t h e  powdered sample.  

F igure  7 shows t h e  product deso rp t ion  s p e c t r a  for CH,OH decomposition on an 
evapora ted  Cu/ZnO sample.  The Cu load ing  i n  t h i s  c a s e  is s u f f i c i e n t  t o  decrease  
t h e  Zn Auger s i g n a l  t o  35% of its c lean-sur face  va lue .  The CH,O, H , ,  CO, and CO, 
deso rp t ion  f e a t u r e s  a t  585 K and 635 K a r e  still p resen t ,  but a r e  s i g n i f i c a n t l y  
a t t e n t u a t e d .  Th i s  i n d i c a t e s  t h a t  CH,OH decomposition is still occur ing  on ZnO 
s i t e s ,  which i m p l i e s  t h a t  even a t  t h i s  h igh  Cu l oad ing ,  t h e  Cu l a y e r  does not  
cover t h e  ZnO s u r f a c e  uni formly .  

Two d i f f e r e n c e s  f rom t h e  decomposition behavior of clean ZnO a r e  a l s o  
observed. F i r s t .  small H, and CH,O d e s o r p t i o n  s i g n a l s  a r e  observed  near  410 K ,  
and a smal l  CO, peak is observed near  510 K .  These f e a t u r e s  a r e  q u i t e  s i m i l a r  t o  
t h e  CH,OH decomposi t ion  behavior r epor t ed  f o r  m e t a l l i c  C u ( ' ) .  This  sugges t s  t h a t  
a t  l e a s t  a p o r t i o n  of t h e  evapora ted  Cu l a y e r  has  agglomerated t o  form m e t a l l i c  
Cu c l u s t e r s ,  which a r e  l a r g e  enough t o  demonst ra te  t h e  same CH,OH decomposition 
behavior as bulk  Cu. 

The second d i f f e r e n c e  is t he  l a r g e  C0,:CO r a t i o  observed  for  t h e  635 K 
p rocess .  Th i s  is r e m i n i s c e n t  of t h e  HCOO(,) decomposition s e l e c t i v i t y  observed 
when H,O was pre.-adsorbed on powdered ZnO, and sugges t s  t h a t  a po r t ion  of the  
evaporated Cu l a y e r  is s u f f i c i e n t l y  h i g h l y  d i s p e r s e d  t o  p e r t u r b  t h e  decomposition 
s e l e c t i v i t y  of the  HCOO(,) s p e c i e s  on t h e  ZnO su r face .  We cannot  sugges t  a 
mechanism for t h i s  p e r t u r b a t i o n  a t  t h i s  time. 

A s  the  f i n a l  experiment desc r ibed  he re ,  we sought  t o  test t h e  in f luence  of 
s u r f a c e  o x i d a t i o n  s t a t e  on t h e  CH,OH decanpos i ton  behavior of t h e  evapora ted  
Cu/ZnO t h i n  f i l m  sample.  F igure  8 shows t h e  product deso rp t ion  s p e c t r a  for t h e  
same Cu/ZnO sample d e s c r i b e d  above, f o l l o w i n g  s e q u e n t i a l  exposure  t o  2 L of 0, 
and 5 L of CH,OH. Three main f e a t u r e s  a r e  noted :  - The CO and CO, peaks a t  635 K a r e  unchanged fran t h e i r  i n t e n s i t i e s  in 
t h e  0,-free case .  However, t h e  H, and CH,O s i g n a l s  in t h e  r e g i o n  of the  585 and 
6 3 5  K d e c o m p o s i t i o n  p r o c e s s e s  have  been  e s s e n t i a l l y  e l i m i n a t e d .  S i n c e  
pre'exposure t o  0, had  no e f f e c t  on t h e  CH,OH d e c m p o s i t i o n  behavior of a c lean  
ZnO t h i n  f i l m ,  t h i s  sugges t s  t h a t  t h e  d i spe r sed  Cu s p e c i e s  proposed above a l s o  
i n f l u e n c e  t h e  0, a d s o r p t i o n  c h a r a c t e r  of t h e  ZnO s u r f a c e .  - The H, peak a t  410 K is enhanced by a f a c t o r  of two, r e l a t i v e  t o  the  
c a s e  wi thout  preiladsorbed 0,. The CH,O peak a t  410 K is a l s o  somewhat enhanced. 
T h i s  is c o n s i s t e n t  w i t h  e a r l i e r  workers '  r e s u l t s  t h a t  pre-exposure t o  0, enhances 
t h e  F e a c t i v i  s t i c k i n g  c o e f f i c i e n t  of CH,OH on Cu s u r f a c e s ,  and i n d i c a t e s  t h a t  
t h i s  enhancement a l s o  occurs  on t he  smal l  Cu c l u s t e r s  p re sen t  on t h e  Cu/ZnO t h i n  
f i l m  s t u d i e d  he re .  

" The CO, peak a t  510 K is g r e a t l y  enhanced fo l lowing  0, pre-exposure.  
Th i s  r e s u l t  is a l s o  c o n s i s t e n t  with t h e  behavior of m e t a l l i c  Cu, where adsorbed 
O(a) i s  expec ted  n o t  on ly  t o  enhance d i s s o c i a t i v e  CH,OH a d s o r p t i o n  but a l s o  t o  
i n c r e a s e  t h e  c o n v e r s i o n  o f  CH,O(,) t o  s t a b l e  HCOO(,), which in t u r n  is repor ted  
t o  decanpose almost e x c l u s i v e l y  t o  CO,. 

S i m i l a r  r e s u l t s  t o  t h o s e  desc r ibed  above were ob ta ined  for a series of Cu 
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l o a d i n g s  on ZnO t h i n  f i l m s .  I n  g e n e r a l ,  t h e  low tempera tu re  decomposition 
p rocesses  a t  410 K and 510 K were observed a t  eve ry  Cu load ing .  I n t e r e s t i n g l y ,  
t h e  enhancement  e f f e c t  o f  pre-adsorbed 0, was observed o n l y  for h ighe r  Cu 
load ings .  Th i s  i t  appea r s  t h a t  m e t a l l i c  Cu c l u s t e r s  a t  t h e  lowes t  l o a d i n g s  a r e  
S m a l l  enough t o  a c t i v a t e  d i s s o c i a t i v e  CH,OH adso rp t ion  without  pre-adsorbed 
O(a ) .  Th i s  may be t h e  r e s u l t  of a s p i l l o v e r  e f f e c t  of d i s s o c i a t e d  H ( a )  atoms 
Onto t h e  ZnO suppor t .  For l a r g e  c l u s t e r s ,  t h e  i n f l u e n c e  of t h e  s p i l l o v e r  e f f e c t  
would be l i m i t e d  t o  Cu atoms near  t h e  pe r ime te r  of t h e  c l u s t e r ,  and t h e  O(a) 
enhancement would be necessa ry  t o  a c t i v a t e  t h e  remaining a t a n s  in t h e  c l u s t e r .  

One o t h e r  r e s u l t  is t h e  f a c t  t h a t  t h e  method f o r  p repa r ing  d i f f e r e n t  Cu 
l o a d i n g s  had no e f f e c t  on t h e  CH,OH decanposi ton behavior ;  i .e . ,  samples prepared 
by p rogres s ive  evapora t ion  o f  i n c r e a s i n g  amounts of Cu behaved i d e n t j  c a l l y  with 
samples prepared by success ive  h e a t i n g  of a high i n i t i a l  Cu l o a d i n g  t o  l eave  
behind p rogres s ive ly  dec reas ing  amounts of Cu. We i n t e r p r e t  t h i s  t o  i n d i c a t e  
t h a t  both t h e  c l u s t e r  and d i spe r sed  Cu s p e c i e s  a r e  p r e s e n t  i n  a thermodynamically 
equ i  1 i bra t  ed s t a t  e .  

DISCUSSION 

R o l e  of formate in t e rmed ia t e s .  The p resen t  r e s u l t s  l a r g e l y  confirm our 
p rev ious  understanding t h a t  CH,OH decomposi t ion t o  CO M' CO, occu r s  v i a  t h e  
CH,O(,)  and HCOO(,)  i n t e rmed ia t e s .  For t h e  powdered ZnO, we have shown t h a t  t h e  
s e l e c t i v i t y  of t h e  H C O O ( a )  decomposi t ion p rocesses  is s e n s i t i v e  t o  t h e  geometry 
of t h e  adso rp t ion  s i t e :  Type I sites y i e l d  CO as t h e  major p roduc t ,  w h i l e  
nonrType I s i t e s ,  p o s s i b l y  as a r e s u l t  of t h e  presence of co-adsorbed H,O, y i e l d  
p r i m a r i l y  CO,. The e f f e c t  of t h e  d i s p e r s e d  Cu s p e c i e s  on t h e  Cu/ZnO t h i n  f i lm  
samples is a l s o  t o  i n c r e a s e  t h e  s e l e c t i v i t y  f o r  HCOO(,) decomposi t ion toward t h e  
CO, product .  The l a t t e r  result, of c o u r s e ,  may a l s o  be due  t o  a chemical e f f e c t ,  
but  i t  does s e r v e  t o  i l l u s t r a t e  t h e  r o l e  of t h e  composi t ion of t h e  a c t i v e  s i t e  on 
t h e  s e l e c t i v i t y  of e lementary deso rp t ion  o r  decanposi  t i o n  s t e p s .  

Our r e s u l t s  u s ing  c l e a n  ZnO t h i n  f i l m s  a lso s u g g e s t  f o r  t h e  f i r s t  t ime t h e  
p o s s i b i l i t y  t h a t  t h e  HCOO a )  i n t e r m e d i a t e  on t h e  o x i d e  s u r f a c e  may be 
hydrogenated t o  produce CH,O t c f . ,  t h e  CH,O deso rp t ion  peak a t  635 K in Fig.  6 ) .  
A d d i t i o n a l  work is needed t o  e l i m i n a t e  t h e  a l t e r n a t e  e x p l a n a t i o n  ( i . e . ,  t h e  
delayed decomposition of CH,O(,)  s p e c i e s  due t o  neighboring s i t e  b lockage ) ,  but 
t o g e t h e r  w i th  t h e  o b s e r v a t i o n  t h a t  CH,O does no t  r each  t h e  mass spec t romete r  i n  
t h e  powdered ZnO experiments  due t o  r e a d s o r p t i o n ,  t h i s  r a l s e s  the p o s s i b i l i t y  
t h a t  t h e  CH,OH s y n t h e s i s  mechanism may invo lve  d i s c r e t e  CO and CH,O hydrogenat ion 
s t e p s ,  w i t h  g a s  p h a s e  CH,O as a s h o r t - l i v e d  i n t e r m e d i a t e  p r e s e n t  at low 
c o n c e n t r a t i o n s .  

Role of Type I sites vs.  Cu. The I R  s p e c t r a  in Fig .  3 c l e a r l y  demonstrate  
t h a t  CH,OH adsorbs d i s s o c i a t e l y  a t  Type I s i t e s .  The s i t e  b lock lng  experiments  
u s ing  pre-adsorbed H,O show e q u a l l y  c l e a r l y  t h a t  CH,OH is a l s o  a d s o r b e d  in 
non-Type I sites. The subsequent  TPD experiments  show t h a t  CH,O(,)  s p e c i e s  
a d s o r b e d  a t  Type I v s .  non-Type I s i t e s  behave  d i f f e r e n t l y .  The CH,O(,) 
decomposition s t e p  o c c u r s  35 K e a r l i e r  (ca .  2 kcal /mole lower appa ren t  a c t i v a t i o n  
ene rgy)  a t  Type I sites, and t h e  r e s u l t i n g  HCOO(,) i n t e r m e d i a t e  subsequen t ly  
d e c m p o s e s  t o  y i e l d  p r i m a r i l y  CO,  w i th  an appa ren t  a c t i v a t i o n  e n e r g y  o f  40 
kcal/mole.  

However. i t  is also important  t o  r ecogn ize  t h e  converse of t h i s  obse rva t ion ,  
namely t h a t  CH,O(,) s p e c i e s  adsorbed i n  nonrType I sites a l s o  decompose c l e a n l y  
t o  y i e l d  t h e  H C O O ( a )  i n t e r m e d i a t e ,  w i t h  an apparent  a c t i v a t i o n  energy o n l y  2 
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kcal/mole g r e a t e r  t h a n  for Type I sites. Moreover, e v o l u t i o n  of H, ( a s  opposed 
t o  H,O) is a l s o  observed f o r  t h e  CH,O(,) decomposi t ion s t e p  a t  non-Type I s i t e s .  
S ince  t h e  Type I s i t e s  remaln blocked by H,O throughout  t h e  CH,O(,) and HCOO(,) 
decompositon p rocesses ,  t h i s  i n d i c a t e s  t h a t  Type I s i t e s  a r e  n o t  e s s e n t i a l  f o r  
e t t h e r  CH,OH d e c a n p o s i t i o n  or molecular  H, de so rp t ion  from ZnO s u r f a c e s .  

The o r i g i n  of t h e  modest enhancement of t h e  CH,O(,)  decomposi t ion k i n e t i c s  
at t h e  Type I s i t e s  may be a t t r i b u t e d  t o  t h e  enhanced b a s i c i t y  of t h e  O= anion o f  
t h e  Type I site. A v a r i e t y  of s p e c t r o s c o p i c  ev idence  e x i s t s  t o  i n d i c a t e  t h a t  t h e  
Type I s i t e s  are l o c a t e d  a t  c a t i o n  vacancles  on t h e  (0001)-Zn po la r  s u r f a c e  of 
Z G O ! ~ ) .  The e l e c t r o s t a t i c  p o t e n t i a l  a t  t h e s e  c a t i o n  vacancies  can be expected t o  
induce a l a r g e r  p ro ton  a f f i n i t y  i n  t h e  nelghboring 0' an ions .  

I r o n i c a l l y ,  our ha rdwon  unde r s t and ing  of t h e  behavior  of Type I s i t e s  now 
l e a d s  u s  t o  s e r i o u s l y  q u e s t i o n  t h e  i m p o r t a n c e  o f  t h e s e  s i t e s  as a c t i v e  
p a r t i c i p a n t s  in t h e  CH,OH s y n t h e s i s  r e a c t i o n  on Cu/ZnO c a t a l y s t s .  In no c a s e  d i d  
we observe CH,OH d e s o r p t i o n  from CH,O(,) s p e c i e s  adsorbed i n  Type I s i t e s .  We 
d i d  obse rve  t h e  analogous deso rp t ion  p rocess  for  H,O adsorbed a t  t h e s e  s i t e s ,  but 
w i t h  a d e s o r p t l o n  e n e r g y  o f  40 k c a l / m o l e ,  s l g n i f i c a n t l y  g r e a t e r  than t h e  
a c t i v a t i o n  energy for CH,O(,)  decomposi t fon.  T h l s  l a r g e  a c t t v a t i o n  energy for  
recombinat ive d e s o r p t i o n  of molecules  c o n t a i n i n g  OH groups is  a l s o  a r e f l e c t i o n  
of the b a s l c i t y  of t h e  Type I O= an ion ,  and s u g g e s t s  t h a t  CH,OH d e s o r p t i o n  from 
Type I sites would b e  more d i f f i c u l t  t h a n  f r m  non-Type I s l t e s .  

Secondly,  t h e  modest enhancement for t h e  CH,O(,) decomposi t ion s t e p  a t  Type 
I s i t e s  is small, r e l a t i v e  t o  t h e  enhancement for bo th  t h e  CH,O(,) and HCOO(,)  
decomposition s t e p s  observed when Cu was evapora t ed  o n t o  t h e  ZnO s u r f a c e .  While 
i t  does no t  n e c e s s a r i l y  fo l low t h a t  t h e  a c t i v a t i o n  energy f o r  t h e  r e v e r s e  CH,O(,)  
s y n t h e s i s  r e a c i t o n  J s a l s o  reduced as d r a m a t i c a l l y .  t h i s  o b s e r v a t i o n  does suggest  
t h a t  t he  presence of t h e  Cu component w i l l  have a more s i g n i f i c a n t  i n f l u e n c e  than 
t h e  presence of t h e  g e o m e t r i c a l l y  d i s t i n c t  Type I sites. 

F i n a l l y ,  t h e  l a r g e  binding energy observed f o r  H,O in Type I sites sugges t s  
t h a t  t h e s e  si tes may be blocked under  CH,OH s y n t h e s i s  c o n d i t i o n s ,  s i n c e  t h e  
r e a c t a n t  mix tu re  u s u a l l y  c o n t a i n s  added CO, t h a t  would be converted t o  H,O yia 
t h e  r e v e r s e  s h i f t  r e a c t i o n .  

Thus t h e  p r e s e n t  r e s u l t s  s t r o n g l y  s u g g e s t  t h a t  t h e  o r i g i n  of t h e  CH,OH 
s y n t h e s i s  a c t i v i t y  in t h e  Cu/ZnO c a t a l y s t  does n t o  r e s i d e  i n  t h e  Type I s i t e s  
found on ZnO. T h i s  does no t  r u l e  o u t  t h e  p o s s i b i l i t y  t h a t  analogous s i t e s  may 
be p re sen t  a t  i s o l a t e d  Cu c a t t o n s  on t h e  s u r f a c e  of Cu/ZnO c a t a l y s t s ;  evidence 
for the i n f l u e n c e  of a d i s p e r s e d  Cu s p e c i e s  is seen i n  t h e  Cu/ZnO t h l n  f i l m  
experiments  shown i n  F igs .  7 and 8. However, t h e  Cu/ZnO experiment  also i n d i c a t e  
t h a t  t h e  CH,O(,) decomposi t ion a c t i v i t y  of t h e  m e t a l l i c  Cu c l u s t e r s  i s  much 
g r e a t e r  t han  f o r  e i t h e r  Type I or non4Type I s i t e s .  Moreover, t h e  ZnO support  
provtdes  a s p i l l o v e r  e f f e c t  which enhances the  CH,OH decompositon a c t i v l  t y  of t he  
Cu clusters even more, by e l i m i n a t i n g  t h e  need for pre-exposure t o  0, t o  provide 
proton accep to r  sites. 
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EFFECT OF OXIDATION STATES ON THE SYNGAS ACTIVITY OF 
TRANSITION-METAL OXIDE CATALYSTS 

BY 

J. R. Monnier and G. Apai 

Research Laboratories, Eastman Kodak Company, 
Rochester, New York 14650 

INTRODUCTION 

Supported Rh catalysts and Rh-containing mixed oxide catalysts 

have been studied extensively (1-5) for Fischer-Tropsch activity and 

their ability to produce different distributions of oxygenated products. 

Ichikawa and co-workers (1, 2) correlated X-ray photoelectron spectro- 

scopy (XPS) measurements on the electronic state(s) of supported Rh 

catalysts with their corresponding Fischer-Tropsch oxygenate distribu- 
0 tions and concluded that for selective C2-oxygenate formation both Rh 

and Rh+ sites were required; the Rho sites functioned as CO dissociation 

sites in the formation of alkyl groups, while Rh+ served as the site 

for associative CO adsorption and subsequent CO insertion to form 

intermediate acyl species. Similarly, Wilson et al. (3) concluded that 

the stabilization of Rh' by Mn promoters in silica-supported FUI cata- 

lysts may be responsible for the enhanced C2-oxygenated selectivity 

under syngas reaction conditions. 

Somorjai and co-workers (4, 5). using a different approach, 

studied the syngas activity of Rh203 and LaRh03 at different tempera- 

tures and presumably different levels of reduction and also concluded 

that for selective C2 and C2+ oxygenate formation to occur efficiently, 

Rho and FUI' are required for facile CO dissociation and CO insertion, 

respectively. Thus there are strong implications as to the importance 

of oxidation states of group 8 metals in controlling the linear oxy- 

genate selectivity and product distribution. To better understand the 

relationship between transition-metal oxidation states and catalytic 
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performance, we synthesized high-purity LaRh03 and GdCo03 and charac- 

terized and evaluated these catalysts at different levels of reduction 

to determine the existence and thus the importance of different Rh and 

Co oxidation states. Where appropriate, comparisons are made with a 

conventional Rh/Si02 catalyst. 

Cu-based, low-pressure CH30H synthesis catalysts represent another 

system in which oxidation states are important. Recent evidence 

suggests that Cu+ species are the active components for CO activation 

in both Cu-ZnO (6) and Cu-Cr oxide (7, 8) catalysts. Others (9), 

however, have used XPS to examine the oxidation states of Cu in Cu-ZnO 

and report the existence of only Cuo species under reaction-like 

reducing conditions. 

essential for selective CH30H formation, with Cu+ providing sites for 

CO activation and Cuo the sites for dissociative H2 chemisorption. 

present data for alkali- and alkaline-earth-promoted Cu-Cr oxide that 

support the hypothesis that Cuo serves as the site for H2 chemisorption 

and that both Cuo and Cu' sites are required for Cu-Cr oxide to effi- 

ciently catalyze the formation of CH30H from syngas. 

Yet others (10) propose that both Cuo and Cu' are 

We 

RESULTS RND DISCUSSION 

Characterization and Catalytic Activity of LaRh03 and GdCoOg 

We prepared GdCo03 by high-temperature calcination (650 "C) of the 

stoichiometric thermal precursor GdCo(CN)6*nH20, using the method 

outlined by Gallagher (11). We prepared LaRh03 in high purity by 

converting a mixture of La203 and Rh203 (5% excess of La203 over the 

1:l stoichiometry) to the nitrates, using HN03, and then firing in air 

to 1000 "C for 24 h. 

leaching with warm 20% acetic acid (12-14). 

The excess La203 was removed from LaRhOJ by 

Powder X-ray diffraction 
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measurements showed that both GdCo03 and LaRh03 were of high purity; no 

diffraction lines that could be attributed to the simple oxides were 

detected in either sample. 

The temperature-programed reduction (TPR) spectra of LaRh03 and 

GdCo03 (Figure 1) illustrate their stability with respect to reduction 

in flowing H2 at 1 atm pressure. 

this study, 800 psig of H2/C0 = 1/1, the TPR peaks would be shifted to 

lower temperatures. We calculated the extent of the shift for the H20 

peaks of the CdCo03 sample, using the method described by Gentry et al. 

(15). 

515 "C would be shifted to -307 and 390 "C, respectively. A shift of 

about 100 "C under reaction conditions should be expected for LaRh03 

too, giving an H 0 peak centered at -300 " C .  

Under reaction conditions used in 

Under reaction conditions, the H20 peaks centered at 415 and 

2 
Prior to catalytic evaluation, GdCo03 was subjected to various 

levels of prereduction by stopping the TPR experiment at different 

temperatures. The levels of reduction were determined from the number 

of H20 molecules formed during reduction. 

Table I; the sample corresponding to 30% reduction was prepared in a 

recirculation loop reactor maintained at 510 "C. Table I also gives 

the relevant reduction data for LaRh03. 

measurements for the GdCo03 samples reduced to the 20% and 30% levels 

showed peaks for Coo and Gd203 only. 

reduced sample gave peaks corresponding to Gd203 (and by necessity Co , 
since any cobalt oxide formed along with Gd203 would be reduced to 

Co ) ,  GdCo03, and a phase tentatively identified as the defect-type 

perovskite, GdCo0.g202.5. 

These data are summarized in 

Powder X-ray diffraction (XRD) 

The XRD pattern for the 10% 
0 

0 

The powder XRD of the LaRh03 sample after the TPR experiment gave 

only broad peaks for Rho and La203. 

conditions are similar to those encountered under Fischer-Tropsch 

This is important, since the TPR 
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reaction conditions. 

various in situ reduction pretreatments (Figure 2) show that only Rh 

X-ray photoelectron spectra of LaRh03 after 
0 

Table I. Temperature-Programmed Reduction Data for 
GdCo03 and LaRh03 

Tmax ( ”  C) #02’ removed % reductions 

GdCo03- b 

510 7.1 loz4 30 

535 4.6 x 10’’ 20 

490 3.0 x 10’’ 13 

10 455 2.2 x 10 20 

535 1.45 x lo2’ 24 

sMaximum extent of reduction under these conditions is SO%, 

since both Gd203 and La203 are stable with respect to reduction 

at T 400 ‘C. 4100-mg 

sample contains 6.1 x 10’’ 0”. 

@350-mg sample contains 2.4 x 10’’ 0”. 

is present on the surface after H2 (1 atm pressure) reduction at 

300 OC. 

pressure, however, stabilizes some of the LaRh03 from reduction to Rh , 

as evidenced by the Rh3+ peak. 

of the XPS spectrum could be fitted into two Gaussian components 

attributable to R h 3 +  and Rho, with no Rh+ component in the 308-eV 

region of the spectrum. These results differ from those of Somorjai 

under similar conditions, which may be due to the difference in purity 

of the starting LaRh03 samples. 

technique outlined by Somorjai resulted in a residual Rh203 component 

Reduction at 300 OC in a 2:l H2/C0 flow at 1 atm total 
0 

Deconvolution of the Rh 3d512 portion 

Repetition of the preparative 

242 



as detected by X P S ,  which was readily reduced to Rho after H2 reduction 

at 250 'C. 

The Fischer-Tropsch activities for LaRh03 at different reaction 

temperatures are displayed as Schulz-Flory plots in Figure 3. At 

reaction temperatures 2300 OC, the rates of C2-oxygenates (CH3CH0 + 

C2HSOH) are greater than for CH30H, suggesting that the mechanism for 

CH30H formation is different from the mechanism for formation of higher 

oxygenates; the latter products apparently formed by CO insertion into 

surface alkyl fragments, as others (1, 16)'have noted. Since X P S  did 

not detect any Rh+ on LaRh03 after a much milder pretreatment at 300 OC 

and the TPR curve showed that at 400 OC in 1 atm of H2, 50% of the 

lattice 0'- associated with Rh in LaRh03 had been removed, it is 

difficult to envision the existence of stable Rh+ on the catalyst 

surface under our reaction conditions. 

The Fischer-Tropsch results for reduced GdCo03 (Figure 4) corrob- 

orate those for LaRh03 and show that the most highly reduced samples 

form the highest proportion of C2 and greater oxygenates. 

difficult to envision the existence of partially oxidized, catalytically 

active Co species after those high levels of catalyst reduction. 

Again, it is 

These results suggest there is no need to invoke Rh+ or lower- 

valent oxidation states of Co to explain the higher rates of C2-oxy- 
0 genate formation. Rather, the poor CO dissociation capabilities of Rh 

and coo (17) require high temperatures and/or large metallic aggregates 

to efficiently dissociate CO and form surface alkyl fragments in high 

enough surface concentration, so that CO insertion into the metal-alkyl 

bond (to form acyl species) can compete favorably with hydrogenation of 

adsorbed CO and surface alkyls to form CH30H and paraffins, respec- 

tively. 
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This conclusion is supported by the results from a TPD/TPR sequence 

for CO adsorbed on a conventional 1.5% Rh/Si02 catalyst. 

Tropsch activity at 270 "C, E50 psig, and 2:l H2/C0 gave 25% molar 

oxygenate selectivity and a C2-oxygenate/CH30H ratio of 2.5. 

analysis in flowing He gave multiple CO desorption peaks with Tmax 

values ranging from 70 to 257 'C, as well as a large C02 peak (from 

disproportionation of CO) centered at 300 "C. The TPR analysis ia 

flowing H2 immediately after the TPD experiment (no additional catalyst 

treatment) gave a large CH4 peak centered at 219 'C. 

experiments shows that high temperatures are required for CO dissoci- 

ation to occur efficiently on supported Rho surfaces and that hydrogen- 

ation of the surface carbon to form CH4 (or surface alkyls) occurs 

easily once the C-0 bond is ruptured. The presence of CO desorption 

peaks at temperatures up to 257 "C also shows that associatively 

adsorbed CO is present under typical reaction conditions. 

The Fischer- 

The TPD 

This series of 

Characterization and Catalytic Activity of Promoted Cu-Cr Oxide 

In earlier studies ( 7 ,  E ) ,  we showed that specific rates of CH30H 

formation were proportional to the amount of CuCr02 in the Cu-Cr oxide 

catalyst and the fraction of CU+ present on the surface of the catalyst, 

which also contained Cu . 
which is stable under reaction conditions, would be most active. The 

data in Table I1 show that this is not the case and suggest that Cuo is 

essential for the reduction of CO to form CH30H. 

0 One may thus expect that high-purity CuCr02, 

A series of alkali- and alkaline-earth-promoted Cu-Cr oxides (at 

the same molar loading) were prepared from the same batch of Cu-Cr 

oxide and evaluated for CH30H formation. The results and relevant 

kinetic information (Table 11 1 )  show a strong promotional effect for 
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Table 11. Effect of High-Temperature Calcination on 
Catalytic and Physical Properties of Cu-Cr Oxide 

composition- b 

surface activity after 

catalyst (mz/g) (s-mz catalyst in H2 
area vmol CH30H) (c;;:t)s Tred = 270 'C - 

1/1 Cu/Cr 21.4 0.02 0.21 CuCr02 (minor) 

(Tcalc = 350 'C, 
for 2 h) 

cu0 (major) 

1/1 Cu/Cr 2.9 

(Tcalc = 1000 'C, 
for 4 h) 

1/1 Cu/Cr 0.3 
(Tcalc = 1000 OC, 

for 24 h) 

%etermined by XPS after H2 reduction at 270 'C. bDeterrnined by 
powder X-ray diffraction. 

0.06 0.5 CuCr02 (major) 

cu0 (major) 

1.0 CuCr02 (only) 

CH30H formation and a lowering of the apparent activation energy f o r  

CH30H formation when a promoter is present. 

The H and CO chemisorption data in Table IV show that the 2 
enhanced catalytic activity is not due to an increase in CO adsorption 

(Cu' sites). 

Cs-promoted Cu-Cr oxides are virtually identical in normalized intensi- 

ties and position (Tmax), supporting the conclusion that CO activation 

is not the source of the promoter effect; likewise, X P S  measurements 

gave essentially identical surface fractions of Cu' for these samples. 

The TPD spectra of CO for unpromoted, Ba-promoted, and 
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Table 111. Rates of CH30H Formation and Kinetic Parameters 

270 "C, H2/C0 = 2/1, 800 psig pressure 
for Promoted Cu-Cr Oxide Catalysts. Reaction 

Conditions: 

app reaction E surface rate rate 
orders (*) (6) (*) (H2) (CO) 

area 
catalyst 

cu-Cr oxide 69.2 0.61 0.009 19.4 0.56 0.57 

(3.4% K) -- 9.30 
Cu-Cr oxide 

-- -- -- -- 

(11.2% CS) 75.0 9.83 0.13 13.4 -- -- 
Cu-Cr oxide 

(3.5% Ca) -- 3.74 
Cu-Cr oxide 

(7.7% Sr) -- 9.04 
Cu-Cr oxide 

(12% Ba) 56.8 14.54 0.26 10.9 0.56 0.62 
Cu-Cr oxide 

The H2 chemisorption data show that although the H2 chemisorption 

values at the reaction temperature of 250 "C vary only slightly, the 

temperature dependencies for H2 chemisorption are much lower for the 

promoted catalysts. This lower temperature dependency for H2 chemi- 

sorption may be reflected in the lower E 

The sites for H2 chemisorption appear to be Cuo centers, since there 

was no measurable H2 uptake on ultrapure CuCr02 (no surface Cuo detec- 

ted by XPS) or CrZ03 at 250 "C, yet H2 chemisorption readily occurred 

at 250 OC on 99.99% Cuo powder (Aldrich) . 

values for CH30H formation. 
aPP 

Ih addition, the levels of reduction of both the Ba- and Cs- 

promoted samples were -1/3 that of the unpromoted sample, 12% vs. 37%' 

respectively, as determined by quantitative TPR and neutron activation 

analysis. 

250 OC imply greater Cuo particle dispersions for the promoted samples. 

Therefore, the comparable levels of H2 chemisorption at 
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Table IV. HZ and CO Chemisorption Data for Ba-Promoted, 
Cs-Promoted, and Unpromoted Cu-Cr Oxides 

catalyst 
(molecules/m' catalyst) 

T = 25 OC T = 150 OC T = 250 'C 

Cu-Cr oxide 
(69.2 m'/g) 

17 1.8 x 10l6 1.4 x 6.2 x 10 HZ 
co 6.0 x -- 3.2 

(Ba) Cu-Cr oxide 
(56.8 m'/g) 

17 

17 
1.4 3.9 6.2 10 HZ 

co 8.6 x -- 5.1 x 10 

(Cs) Cu-Cr oxide 
(75 m'/s) 

H2 
co 1.2 I O ~ ~  -- 

1.3 2.1 2.6 

6.2 

This observation is corroborated by the XRD patterns (Figure 5) of 

unpromoted and Ba-promoted Cu-Cr oxide after the TPR analyses. 

The intensities and peak shapes of the Cuo peaks [ (111) and (200) 

reflections at 43.5' and 50.5', respectively] show that the Cuo aggre- 

gates are much larger for the unpromoted sample. High-temperature 

sintering in He increases the sharpness of the Cuo XRD peaks and thus 

the crystallite size. As the results in Figure 5 show, there is an 

indirect relationship between Cuo crystallite size and catalytic 

activity. This Cu particle-size effect is related to the nature of 

the cu0 sites on the small Cuo crystallites and not the number of Cu 

sites. 

indicative of HZ chemisorption on group 8 metals such as Rh or Pt, 

which chemisorb H2 in a nonactivated manner to form a somewhat hydridic 

0 

0 

The small temperature dependency for H2 chemisorption is more 
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H species (18). Since hydrides are stronger reducing agents than 

heterolytically dissociated H2, typically associated with metal oxides, 

a lower activation energy for CH30H formation is not unexpected for the 

promoted Cu-Cr oxides. 

We conclude, therefore, that in addition to Cu', which is required 

for CO chemisorption, metallic Cuo centers are required for facile H2 

chemisorption and subsequent reduction to form CH3QH over C w C r  oxide. 
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Figure 5 .  X-ray di f fract ion patterns a f t e r  T P R  and s inter-  
ing.  
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METHANOL SYNTHESIS STUDIES USING I N  SITU FTIR SPECTROSCOPY 
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Annual methanol demand i n  t h i s  country h a s  been pro jec ted  t o  double during the  
1980s t o  8 mi l l ion  m e t r i c  tons  due mainly t o  rap id  expansion i n  several developing 
appl ica t ions  (1). 
dimethyl t e r e p h t h a l a t e  (DMT) , methyl methacrylate ,  methyl h a l i d e s ,  methyl amines, 
and a c e t i c  ac id .  Large q u a n t i t i e s  of  methanol are used as a gaso l ine  blending agent 
and as a so lvent .  Legis la ted  reduct ions  i n  t h e  amount of t e t r a e t h y l  l e a d  allowed i n  
gasol ine have increased  t h e  demand f o r  octane boos te rs  such as methyl te r t -buty l  
e t h e r  (MTBE) which is made from methanol and isobutylene.  The recent  development of 
a s ingle-s tep c a t a l y t i c  d i s t i l l a t i o n  process  (MTBE plus)  which e l imina tes  the  
methanol recovery s e c t i o n  of t h e  convent ional  process ,  provides  an economically 
a t t r a c t i v e  a l t e r n a t i v e  t o  i sobuty lene  a l k y l a t i o n  f o r  octane enhancement ( 2 ) .  
Methanol by i t s e l f  can  be used as an octane booster ,  bu t  t h e r e  a r e  problems with 
methanol/gasoline mixtures  due t o  t h e i r  h igher  a f f i n i t y  f o r  water, h igher  evaporat ive 
losses ,  and t h e  need t o  modify t h e  engine. 

Major uses  f o r  methanol are t h e  production of formaldehyde, 

Future demand f o r  methanol could expand mul t i fo ld  as coa l  assumes a grea te r  
proport ion of our energy needs. Although methanol i s  present ly  economically un- 
a t t r a c t i v e  a s  a s u b s t i t u t e  f o r  gasol ine,  the  S t a t e  of  C a l i f o r n i a  has  begun a program 
t o  operate  550 v e h i c l e s  with methanol because i t  produces fewer p o l l u t a n t s  than 
gasol ine.  More than  300 privately-owned vehic les ,  converted by Future  Fuels of 
America, Inc. ,  a r e  running on methanol i n  t h e  Sacramento, San Francisco, and 
Los  Angeles a reas .  Even i f  gaso l ine  remains t h e  major automotive f u e l  i n t o  t h e  next 
century, methanol product ion could increase  s i g n i f i c a n t l y  i f  technology such as 
Mobil O i l ' s  M-Gasoline process  i s  used t o  produce gasol ine.  
z e o l i t e  c a t a l y s t  (ZSM-5) t o  convert  methanol i n t o  a blend of p a r a f f i n s ,  cyclo- 
p a r a f f i n s ,  and aromatics  with a research  octane number of 93, i .e..  a n  unleaded 
premium gasol ine  (3) .  
i n t o  approximately 12,500 bbl /d  of gasol ine.  U t i l i t i e s  us ing coal  g a s i f i c a t i o n  
technology f o r  power genera t ion  w i l l  probably a l s o  manufacture methanol. 
peak hours, p a r t  of t h e  syngas would be converted t o  methanol and s tored ;  during 
peak hours, t h e  methanol would be used as f u e l  i n  gas  turb ines  t o  meet the  high 
e l e c t r i c a l  demand. And f i n a l l y ,  t h e r e  is g r e a t  p o t e n t i a l  f o r  f u t u r e  development of 
methanol as a primary feedstock i n  t h e  chemical indus t ry ,  e s p e c i a l l y  as suppl ies  of 
e thylene and propylene decrease.  
where methanol has  rep laced  e thylene  as t h e  primary feedstock i n  new technologies 
by BASF and Monsanto ( 4 ) .  

This  process  uses  a 

New Zealand w i l l  use  t h i s  technology t o  convert na tura l  gas 

During of f -  

An example i s  t h e  manufacture of a c e t i c  acid,  

The key development i n  methanol synthes is  technology has  been t h e  c a t a l y s t .  
Improvements i n  c a t a l y s t  performance are usua l ly  obtained by t r ia l -and-error  
methods: 
c a t a l y s t  is found having g r e a t e r  a c t i v i t y ,  s e l e c t i v i t y ,  o r  s t a b i l i t y .  Characteriza- 
t i o n  of phys ica l  and chemical p r o p e r t i e s  i s  o f t e n  incomplete, and t h e  reasons f o r  
the  s u p e r i o r i t y  of a p a r t i c u l a r  c a t a l y s t  are f requent ly  unc lear .  
synthes is  as a commercial process  is f u l l y  developed, the  s p e c i f i c  func t ion  of the 
c a t a l y s t  and t h e  fundamentals of t h e  elementary sur face  reac ' t ions are s t i l l  highly 
specula t ive .  The main o b j e c t i v e  of t h i s  i n v e s t i g a t i o n  has  been t o  prepare several  
d i f f e r e n t  compositions of methanol s y n t h e s i s  c a t a l y s t s  and charac te r ize  these 
c a t a l y s t s  by phys ica l  and chemical techniques,  p lac ing  emphasis on t h e  use of 
Fourier  t ransform i n f r a r e d  (FT-IR) spectroscopy t o  i d e n t i f y  t h e  chemical spec ies  
adsorbed on t h e  c a t a l y s t  sur faces  under methanol synthes is  condi t ions.  
emphasized t h a t  t h i s  s tudy has  focused on t h e  FT-IR c h a r a c t e r i z a t i o n  of adsorbed 
sur face  spec ies  under i n  s i t u  condi t ions  with t h e  o b j e c t i v e  of obtaining a b e t t e r  
understanding of t h e  m z e z r  i n t e r a c t i o n s  occurr ing on t h e  c a t a l y s t  surface.  

v a r i a t i o n s  i n  composition or prepara t ion  technique a r e  t r i e d  u n t i l  a 

Although methanol 

It should be 
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I n  s p i t e  of advances i n  the  c h a r a c t e r i z a t i o n  of methanol c a t a l y s t s ,  t h e  na ture  
of adsorbed species  and of t h e  elementary sur face  r e a c t i o n s  cont inues t o  be  un- 
c e r t a i n .  Several  mechanisms f o r  methanol synthes is  have been proposed i n  recent  
Years. A chemical t rapping technique has  i d e n t i f i e d  formate and methoxy spec ies  on 
a used methanol c a t a l y s t  (5) ;  t h e  proposed methanol synthes is  mechanism p o s t u l a t e s  
t h a t  formate, methyloxy, and methoxy groups a r e  r e a c t i o n  in te rmedia tes  bonded 
through oxygen t o  a m e t a l  i o n  site. 
suggested by Herman and co-workers (6) involving carbonyl ,  formyl, hydroxycarbene, 
and hydroxymethyl intermediates  bonded through carbon t o  a Cu(1) ion i n  t h e  z inc  
oxide phase. Adjacent z inc  ions were the  centers  f o r  hydrogen adsorpt ion.  A recent  
rev is ion  of t h i s  mechanism has  incorporated hydroxyl, formate, formyl, and methoxy 
spec ies  bonded t o  a Cu(1) ion  i n  the  r e a c t i o n  pathway (7) .  Other mechanisms have 
been proposed incorporat ing both carbon-bonded and oxygen-bonded in te rmedia tes  i n  
methanol synthes is .  A r e a c t i o n  scheme with carbonyl, formyl, formaldehyde, and 
methoxy intermediates  adsorbed on Cu(1) a c t i v e  sites wi th in  t h e  z inc  oxide l a t t i c e  
was developed from a review of the  l i t e r a t u r e  (8). This mechanism was analogous t o  
methanol synthes is  by homogeneous c a t a l y s i s .  Another mechanism has  proposed t h a t  an 
oxygen vacancy a c t s  a s  an a c t i v e  si te i n  methanol s y n t h e s i s  (9) .  Af te r  a carbonyl 
spec ies  i s  hydrogenated t o  a formyl spec ies ,  t h e  oxygen on t h e  formyl i n t e r a c t s  with 
an adjacent  e lec t ron-def ic ien t  vacancy. A s  f u r t h e r  hydrogenation occurs ,  a methoxy 
species i s  formed a s  t h e  bonding between t h e  oxygen and vacancy i s  s t rengthened while 
t h e  bonding between t h e  carbon and m e t a l  ion  weakens. 
a c t i v i t y  with s p e c i f i c  c r y s t a l  planes of z i n c  oxide has  been ascr ibed  t o  t h e  r e l a t i v e  
number of d e f e c t s  (vacancies) i n  each type of plane (10,ll). 

A much d i f f e r e n t  mechanis t ic  proposal  was 

The v a r i a t i o n  i n  c a t a l y t i c  

The c a t a l y s t s  were prepared by c o p r e c i p i t a t i n g  a mixture of metal n i t r a t e s  with 
ammonium bicarbonate  a t  60°C according t o  t h e  method descr ibed by S t i l e s  (12). 
f i l t e r i n g  and washing with d i s t i l l e d  water ,  the  p r e c i p i t a t e s  w e r e  d r i e d  i n  a i r  a t  
115°C f o r  1 2  h and then ca lc ined  i n  a stream of oxygen a t  400'C f o r  8 h .  
of cupr ic  oxide i n  these  c a t a l y s t s  w a s  r e s t r i c t e d  t o  no g r e a t e r  than 10% CuO due t o  
the s t rong inf ra red  absorpt ion by cupr ic  oxide. 

After  

The amount 

The oxid ic  form of the  c a t a l y s t  was prepared f o r  t ransmission i n f r a r e d  s t u d i e s  
by pressing powder under a load of 4500 kg i n t o  a wafer  approximately 0.10 mm t h i c k  
and placing the  wafer i n t o  the  i n f r a r e d  c e l l .  Ca ta lys t  a c t i v i t y  and s e l e c t i v i t y  
evaluat ions were conducted i n  a fixed-bed tubular  r e a c t o r  containing a bed of broken 
c a t a l y s t  wafers surrounded by S i c  p a r t i c l e s .  Dry ni t rogen  gas was flowed through 
t h e  inf ra red  c e l l  or r e a c t o r  f o r  approximately 1 2  h a t  atmospheric pressure  and 
200°C to  desorb water on t h e  c a t a l y s t  surface.  Under these  condi t ions  there  was no 
s i g n i f i c a n t  dehydroxylation of the  c a t a l y s t  sur face .  A l l  experiments were conducted 
i n  a continuous flow mode a t  60 cm3/min (STP) using high-puri ty  gases .  
formic acid so lu t ion  could be introduced i n t o  t h e  feed  system a t  low concent ra t ions  
by bubbling t h e  gaseous flow through the  l i q u i d  which was contained wi th in  an 
enclosed s t a i n l e s s - s t e e l  v e s s e l  ( s a t u r a t o r ) .  C a t a l y s t s  were reduced by exposing the  
oxide t o  a 95/5 N2/H2 stream f o r  1 h a t  200°C and 1 atm (pretreatment  1). 

Water or  

Binary c a t a l y s t s  with low copper contents  (Cu/Zn 5 0.15) were s a t i s f a c t o r y  f o r  
t ransmission i n f r a r e d  s t u d i e s  i n  both oxidized and reduced s t a t e s .  During high- 
pressure  i n  s i t u  s t u d i e s  these  c a t a l y s t s  had a s i g n i f i c a n t  t ransmit tance l o s s  a t  
lower w a v ~ u ~ s ,  requi r ing  t h a t  t h e  i d e n t i f i c a t i o n  of adsorbed spec ies  be based on 
i n f r a r e d  bands above 2000 cm-l .  

The adsorpt ion of carbon monoxide on a 95/5 Zn/Cu c a t a l y s t  a t  200°C and 50 a t m  
i s  shorn i n  Fig. 1. 
(bands a t  3663, 3620, 3560, and 3455 cm-l) and carbonates  (bands a t  1515, 1469, 
1376, and 1323 cm-'). Prolonged exposure t o  CO reduced the  c a t a l y s t  (Fig l b ) ,  
ind ica ted  by t h e  formation of t h e  hydroxyl band a t  3250 cm-l. Formate groups (bands 
a t  2969, 2878, 2731, and 1573 cm-l), a z inc  hydroxyl (band a t  3520 cm-I), and a z i n c  
hydride (band a t  1660 cm-l) gradual ly  developed. 
formaldehyde spec ies  (bands a t  2935, 2834, and 2731 cm-l) had formed and t h e  

The i n i t i a l  'oxidized sur face  (Fig. la) had r e s i d u a l  hydroxyls 

A f t e r  24 h (Fig. IC) an adsorbed 
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carbonyl band had s h i f t e d  t o  1975 cm-1. 
t h e  carbonyl band i n  the  earlier spectra . )  

(The band of gaseous CO a t  2143 cm-1 masked 

The hydrogenation of sur face  spec ies  w a s  acce le ra ted  by incorporat ing hydkogen 
i n t o  the carbon monoxide feed. 
monoxide and hydrogen (CO/H2 = 9/1) on a 95/5 Zn/Cu c a t a l y s t  a t  200°C and 50 atm. 
Formate 
3252 cm-f)  were quick ly  formed (Fig. 2). The development of methoxy groups (bands 
a t  2934 and 2822 cm-1)  (Fig. 2c) was accompanied by t h e  disappearance of t h e  i s o l a t e d  
hydroxyls (bands a t  3660 and 3612 cm-1). The formate band s h i f t e d  s i g n i f i c a n t l y  from 
2879 t o  2868 cm-1, due t o  t h e  development of  t h e  methoxy groups. 

Figure 2 shows t h e  adsorpt ion of a mixture of carbon 

roups (band a t  2879 cm-1) and hydroxyls assoc ia ted  with reduct ion (band a t  

The adsorpt ion of a s to ich iometr ic  2/1 H2/CO mixture on 95/5, 90/10, and 85/15 
Zn/Cu c a t a l y s t s  a t  200'C and 50 a t m  after Pn hour of exposwe is shovn i n  F i g .  3. 
Very l i t t l e  d e t a i l  could be observed a t  lower wavenumbers because of low transmit- 
tance.  This  sur face  condi t ion  would be r e p r e s e n t a t i v e  of the  adsorbed spec ies  
dur ing  methanol synthes is .  
3252 cm-1) , methoxy 

cm-1. 
because i t s  t ransmi t tance  w a s  an order  of magnitude lower than the  o thers .  

The spec t ra  showed t h e  hydroxyl of reduct ion  (band a t  
roups (bands a t  2933 and 2822 cm-l), and formate groups (bands 

The s p e c t r a  of the  85/15 Zn/Cu c a t a l y s t  was n o i s i e r  than t h e  o ther  spec t ra  
a t  2865 and 1575 cm- f ) i n  addi t ion  t o  t h e  band f o r  gaseous carbon monoxide at 2143 

Methanol s y n t h e s i s  from a s to ich iometr ic  feed of carbon monoxide and hydrogen 
was compared with o t h e r  feed  mixtures. Figure 4 shows t h e  na ture  of sur face  spec ies  
on a 95/5 Zn/Cu c a t a l y s t  a t  200°C and 50 a t m  for var ious  feed compositions t h a t  were 
previously e s t a b l i s h e d  from r e a c t o r  s t u d i e s  t o  be s a t i s f a c t o r y  f o r  methanol synthesis .  
A feed  mixture of 66/27/7 H2/CO/C02 produced sur face  spec ies  t h a t  w e r e  i d e n t i c a l  with 
those  using only H2 and CO i n  t h e  feed. The a d d i t i o n a l  band a t  2350 c m - l  w a s  absorp- 
t i o n  by gaseous carbon dioxide. A feed mixture of 50/50  H2/N2 containing some formic 
a c i d  so lu t ion  (73% HCOOH, 27% H20) a l s o  produced formate (band a t  2870 cm-l) and 
methoxy groups (bands a t  2935 and 2820 cm-1). 
a low formic a c i d  concent ra t ion ,  t h e  i s o l a t e d  hydroxyls (bands a t  3660 and 3620 cm-1) 
were not completely d isp laced  by methoxy groups. 

Because t h e  feed had some water and 

The te rnary  Zn-Cu-Cr oxide c a t a l y s t s ,  which were a l s o  r e s t r i c t e d  t o  low copper 
contents ,  w e r e  s u p e r i o r  t o  the  binary c a t a l y s t s  i n  high-pressure i n f r a r e d  experiments 
because t h e  t ransmi t tance  remained high throughout t h e  mid-infrared range. 
s u r f a c e  d e t a i l  provided more information f o r  ident i fy ing  adsorbed spec ies  during 
methanol s y n t h e s i s  condi t ions.  

Bet ter  

The r e a c t i o n  of  carbon monoxide and hydrogen on a 90/5/5 Zn/Cu/Cr c a t a l y s t  a t  
200°C and 50 a t m  is shown i n  Fig. 5. 
c a t a l y s t  (pretreatment  1) a f t e r  exposure t o  a 2/1 HZ/CO mixture (Fig.  5) were formate 
groups (bands a t  2963, 2872, 1582, 1381, and 1360 cm-I), adsorbed formaldehyde 
s p e c i e s  (bands a t  2934 and 2843 cm-l), and methoxy groups (bands' a t  2934 and 2824 
cm-l) 
groups reached a maximum i n  an hour (Fig. 5b), followed by a gradual  decrease i n  
methow groups (Fig. 5c). A pressure  drop t o  1 a t m  (Fig. 5d) revea led  an adsorbed 
carbonyl spec ies  a t  2010 cm-1.  

The i n i t i a l  sur face  spec ies  on the  reduced 

The adsorbed formaldehyde spec ies  disappeared and t h e  amount of methoxy 

The r e a c t i o n  of carbon monoxide and hydrogen (H2/C0 = 2/1) on a 80/10/10 Zn/Cu/ 
C r  c a t a l y s t  (pretreatment  1) a t  200'C and 50 atm is shown i n  Fig. 6. 
spectrum (Fig. 6a) showed formate groups (bands a t  2870, 1576, 1381, and 1360 cm-I), 
methoxy groups (bands a t  2932 and 2822 cm-l), and a carbonyl spec ies  a t  2089 cm-1. 
The methoxy groups reached a s teady-state  condi t ion wi th in  an hour (Fig. 6b). The 
carbonyl spec ies  s h i f t e d  from 2089 t o  2021 cm-I  (Fig. 6c). 
(Fig.  6d) revealed i n  sharper  d e t a i l  a carbonyl spec ies  a t  2010 cm-l. 

The i n i t i a l  

A pressure  drop t o  1 atm 

Reactor tests es tab l i shed  t h a t  although a binary c a t a l y s t  was a c t i v e  f o r  formic 
a c i d  hydrogenation t o  methanol, the  80/10/10 Zn/Cu/Cr c a t a l y s t  was i n a c t i v e  for  t h i s  
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r e a c t i o n  during t h e  same operat ing condi t ions.  
t i o n  (73% HCOOH, 27% H20) i n  a c a r r i e r  gas  of 50/50 H2/N2 on a 80/10/10 Zn/Cu/Cr 
c a t a l y s t  (pretreatment  1) a t  200°C and 50 a t m  is shown i n  Fig. 7. A carbonyl species  
(band a t  1983 cm-l) and minor amounts of formate groups (bands a t  2872, 1580, 1381, 
and 1360 cm-l) were t h e  only adsorbed spec ies  formed wi th in  t h e  f i r s t  hour of 
exposure (Fig.  7b). Some methoxy groups (bands a t  2934 and 2818 cm-l) w e r e  produced 
a f t e r  prolonged exposure (Fig. 7c) ,  bu t  t h e  concentrat ion w a s  low s ince  t h e  i s o l a t e d  
hydroxyls (bands a t  3668 and 3618 cm-l) were not  completely d isp laced .  Thus t h e  
poor methanol synthes is  a c t i v i t y  of Zn-Cu-Cr c a t a l y s t s  when using formic ac id  i n  the  
feed mixture was due t o  t h e  d i f f i c u l t y  of formic acid decomposition i n t o  formate 
groups and adsorbed hydrogen a t  high pressures .  

The adsorpt ion of formic ac id  solu- 

Information about t h e  sequence of r e a c t i o n  s t e p s  and adsorpt ion sites was 
obtained from t r a n s i e n t  experiments. Despi te  the  low a c t i v i t y  of these  c a t a l y s t s  at 
200°C, t h e  inf ra red  s p e c t r a  showed t h a t  s teady-s ta te  sur face  condi t ions  were quickly 
reached when a 2 / 1  H z / C O  feed mixture was used. 
slowed by decreasing t h e  amount of hydrogen i n  t h e  feed  mixture. 
case of having only carbon monoxide i n  t h e  gas  phase, gradual  hydrogenation of sur -  
face  spec ies  occurred because t h e  r e s i d u a l  hydroxyls were a source of hydrogen. 
demonstrated t h a t  hydrogen (possibly a s  protons)  was  mobile on t h e  sur face  a t  200OC. 
Formate groups were c l e a r l y  formed before  formaldehyde and methoxy groups. 
of formaldehyde and methoxy formation a t  high pressure  was d i f f i c u l t  t o  e s t a b l i s h  
because t h e  i n t e n s i t y  of the  formaldehyde bands was low, but  r e s u l t s  from the  
atmospheric s t u d i e s  (13) suggested t h a t  t h e  formaldehyde spec ies  was t h e  precursor  
of the  methoxy species .  

The sur face  r e a c t i o n s  could be 
Even in the  extreme 

This 

The order 

The spec t ra  of Zn/Cu/Cr te rnary  c a t a l y s t s  during methanol s y n t h e s i s  condi t ions  
A t  s teady  s t a t e  the  80/ provided t h e  most d e t a i l e d  information on sur face  spec ies .  

10/10 Zn/Cu/Cr c a t a l y s t  had mainly methoxy groups, some formate groups, and no 
observable  formaldehyde groups on the sur face  (Fig. 6 ) .  The adsorbed carbonyl had 
s h i f t e d  from 2089 t o  2021 cm-1, ind ica t ing  a weakening of t h e  carbon-oxygen bond 
without changing the  na ture  of the  carbonyl ( l i n e a r  bonded). Unfortunately,  t h e  
hydroxyl region was too d i s t i n c t  t o  d e t e c t  any band at  3520 cm-l. 

The s teady-state  spectrum of sur face  spec ies  on a binary c a t a l y s t  during metha- 
nol synthes is  using a feed with formic ac id  was very similar t o  the  s p e c t r a  f o r  feed 
mixtures  of CO/H2 or CO/C02/H2 (Fig. 4) .  
experiment showed no carbonyl spec ies  or  gaseous carbon monoxide, t h e  evidence f o r  
a r e a c t i o n  sequence involving formate and methoxy in te rmedia tes  w a s  s tengthened.  
r e a c t i o n  pathway involving carbon-bonded intermediates  is u n l i k e l y  s i n c e  t h e  l a c k  
of formate decomposition provides no carbon monoxide f o r  t h i s  s y n t h e s i s  rou te .  
Al te rna t ive ly ,  a te rnary  c a t a l y s t  was unsa t i s fac tory  f o r  methanol s y n t h e s i s  using a 
feed with formic acid.  The inf ra red  spec t ra  showed very  l i t t l e  formate and methoxy 
groups on t h i s  c a t a l y s t ,  apparent ly  because formic ac id  decomposition was d i f f i c u l t  
a t  these  condi t ions.  

Because t h e  spectrum from t h e  formic a c i d  

A 

The var ious z inc  sites proposed t o  be  involved i n  t h i s  mechanism can be asso- 
c i a t e d  with s p e c i f i c  c r y s t a l  planes of z inc  oxide (14). The i s o l a t e d  hydroxyls 
(bands a t  3665 and 3620 cm-1) a r e  on the  same sites as formaldehyde and methoxy 
spec ies .  
s u r f a c e s  (15). The formate groups occupy a por t ion  of the  hydrogen-bonded hydroxyl 
s i t e s  (Zng) which have been assoc ia ted  with nonpolar Z n O  sur faces .  
bonded hydroxyls have bands a t  3550 and 3450 cm-l .  The s i te  of  hydrogen adsorpt ion 
(Zn,), which produces a hydroxyl band a t  3520 c m - l ,  i s  proposed t o  be a stepped 
sur face  between polar  and nonpolar planes of z i n c  oxide. 

These i s o l a t e d  hydroxyl sites (Zn,) have been assoc ia ted  wi th  polar  ZnO 

The hydrogen- 
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ACTIVE SITES IN THE CARBON OXIDE HYDROGENATION ON OXIDE CATALYSTS 

Harold H. Kung 

Chemical Engineering Department, Northwestern University 
Evanston, I l l i n o i s  60201 

Methanol synthes is  by t h e  hydrogenation of carbon monoxide or carbon 
d i o x i d e  h a s  been a s u b j e c t  o f  i n t e n s e  r e s e a r c h  r e c e n t l y .  S u b s t a n t i a l  
amount of work h a s  been performed on t h e  p r o t o t y p e  o f  t h e  commerc ia l  
copper-zinc o x i d e  c a t a l y s t  t o a d d r e s s  t h e q u e s t i o n s  o f t h e  n a t u r e  o f  t h e  
a c t i v e  site and the reac t ion  mechanism [l]. Methanol can also be produced 
e i t h e r  c a t a l y t i c a l l y  or by s t o i c h i o m e t r i c  r e a c t i o n s  on s i m p l e  oxides .  
Nat ta  h a s  summarized t h e  e a r l y  work u s i n g  v a r i o u s  ZnO c a t a l y s t s  [2] .  H e  
r e p o r t e d  t h a t  ZnO o f  d i f f e r e n t  p r e p a r a t i o n s  e x h i b i t  d i f f e r e n t  c a t a l y t i c  
a c t i v i t i e s  and s e l e c t i v i t i e s .  Unfortunately, these  c a t a l y s t s  were not  w e l l  
c h a r a c t e r i z e d  by today 's  s t a n d a r d ,  and t h e y  a l s o  c o n t a i n e d  i m p u r i t i e s .  
Thus it was not  poss ib le  t o  i d e n t i f y  t h e  importance of sur face  s t r u c t u r e  
from those data. 

Recent ly ,  t h e  methanol  s y n t h e s i s  r e a c t i o n  h a s  been s t u d i e d  more 
e x t e n s i v e l y  on a number of  o x i d e s ,  i n c l u d i n g  Zr02 and ZnO. On t h e s e  two 
oxides ,  one p a r t i c u l a r l y  i n t e r e s t i n g  observation is that pretreatment  of 
t h e  oxides by a CO and H2 mixture g r e a t l y  enhances t h e  methanol production 
r a t e  from CO i n  the case  of Zr02 [3],  and from C02 in  the case  of ZnO [lo]. 
Unfortunately, these c a t a l y s t s  undergo deact ivat ion.  In  f a c t ,  deac t iva t ion  
is so s e v e r e  on ZnO t h a t  methanol  is c o n s i d e r e d  t o  b e  produced by a 
s toichiometr ic  and not  a c a t a l y t i c  reaction. 

Insight  i n t o  t h e  na ture  of the  a c t i v e  site on ZnO t h a t  i n t e r a c t s  with 
CO or co2 is obtained from t h e  s tudy of  t h e  decomposition of methanol and 
2-propanol. When methanol was decomposed on s i n g l e  c r y s t a l  ZnO sur faces  
using temperature programmed decomposition technique, i t  was found t h a t  t h e  
Zn-polar f a c e  is t h e  m o s t  a c t i v e  s u r f a c e  [4] .  T h i s  o b s e r v a t i o n  h a s b e e n  
l a t e r  s u b s t a n t i a t e d  b y  t h e  c a t a l y t i c  d e c o m p o s i t i o n  of  2-propanol  on 
d i f f e r e n t  c r y s t a l  planes of ZnO [5]. The turnover frequencies a t  455OC and 
t h e  ac t iva t ion  energy of  t h i s  reac t ion  a r e  shown i n  t h e  following tab le :  

mrnover 
f requencies  

Surf ace a t  455 C, X10-3 s-l Eact, kcal/mole 

Zn-polar 1.5 
steppea nonpolar 0.4 
C-polar 0.35 

11.7 
9.6 
8.4 

Although s i m i l a r  c a t a l y t i c  measurements on methanol decomposition have not 
b e e n  made, t h e  s i m i l a r i t y  i n  t h e  m e c h a n i s m  b e t w e e n  2 - p r o p a n o l  
dehydrogenation t o  acetone and methanol dehydrogenation t o  CO, and the f a c t  
t h a t  a s imi la r  trend i n  r e a c t i v i t y  is observed i n  temperature programmed 
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decomposi t ion  o f  b o t h  a l c o h o l s  s u g g e s t  t h a t  a s i m i l a r  t r e n d  should be 
expected i n  t h e  c a t a l y t i c  decomposition of methanol. 

on the  Zn-polar surface, the  decompostion of  methanol proceeds i n  two 
separate  pathways: a dehydrogenation pathway that leads  t o  t h e  production 
of formaldehyde, CO and H2, and an oxidat ion pathway i n  which an adsorbed 
methoxy is f i r s t  oxidized t o  formate which then decomposes to  H2, CO, CO2, 
and H20. Recent da ta  fur ther  show that metallic zinc is desorbed together 
with t h e  dehydrogenation products 161. I t  is postulated t h a t  t h e  desorbed 
Zn or iginated from a surface site that is reduced during t h e  oxidat ion of 
aasorbed methoxy i n t o  formate according to  t h e  schene: 

U 

The above scheme is d e r i v e d  

C H 2 0 ,  CO, H 2 ,  Z n  

f o r  t h e  methanol decompostion reaction. 
I t  should  be a p p l i c a b l e  t o  t h e  methanol  s y n t h e s i s  r e a c t i o n  because  of 
microscopic r e v e r s i b i l i t y .  Both CO and CO2 have been shown t o  be a c t i v e  in  
t h e  hydogenat ion  r e a c t i o n  171, and f o r m a t e  h a s  been p o s t u l a t e d  t o  be  a 
react ion intermediate. Formate can b e  formed by the  inser t ion  of CO i n t o  
surface hydroxyl, and by the  hydrogenation of COP There is contraversy a s  
t o  t h e  r e l a t i v e  impor tance  o f  t h e s e  r o u t e s  [8]. Based on t h e  d i s c u s s i o n  
above, one may pos tu la te  t h a t  t h e  a c t i v e  site on ZnO composes of a region 
c o n t a i n i n g  some reduced Zn s u r f a c e  ions.  The r e a c t i o n  c y c l e  f o r  C02 
hydrogenation proceeds as:  (i) carbon dioxide is adsorbed on t h e  site next 
t o  the reduced Zn ion; (ii) H2 is adsorbed on the reduced Zn ion; (iii) the 
adsorbed Co2 is  hydrogenated t o  a formate ;  ( i v )  t h e  reduced Zn i o n  is 
o x i d i z e d  by the  f o r m a t e ,  which i s  hydrogenated t o  a methoxy; (v) t h e  
methoxy is hydrogenated t o  methanol; (vi)  t h e  a c t i v e  site is regenerated by 
reducing the  site with CO and/or H2. 

For CO h y d r o g e n a t i o n ,  t h e  a c t i v e  site may b e  s i m p l y  t h e  reduced 
s u r f a c e  Zn i o n s .  In  t h i s  c a s e ,  t h e  reduced si te or t h e  a n i o n  v a c a n c i e s  
a s s o c i a t e d  w i t h  i t  a c t s  a s  t h e  CO a d s o r p t i o n  site a s  w e l l .  The r e a c t i o n  
may proceed a s  i n  t h e  mechanism proposed e a r l i e r  [9]. 

I t  is i n t e r e s t i n g  t o  n o t e  t h a t  i t  h a s  been r e p o r t e d  on b o t h  ZnO [lo] 
and ZrOZ [3 ] ,  pretreatment  of t h e  c a t a l y s t  i n  a CO and H2 mixture g r e a t l y  
enhances t h e i r  a c t i v i t y  i n  methanol production. Such pretreatment  is more 
e f f e c t i v e  t h a n  H2 a lone .  The r e s u l t s  ment ioned e a r l i e r  on ZnO show t h a t  
methanol  is p a r t i c u l a r l y  e f f e c t i v e  i n  reducing  t h e  oxide.  I t  becomes 
l i k e l y  t h a t  such pretre'atment se rves  t o  generate  a l a r g e  dens i ty  of reduced 
surface sites, which are the  a c t i v e  sites for methanol production. 
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The d i s c u s s i o n s  a b o v e  on  t h e  r o l e  o f  s u r f a c e  d e f e c t s  may b e  
g e n e r a l i z e d  t o  o t h e r  r e a c t i o n s .  I t  h a s  been r e p o r t e d  t h a t  m e c h a n i c a l l y  
polished s i n g l e  crystal sur faces  of ZnO can be reduced by adsorbed CO much 
more r e a d i l y  than cleaved or grown sur faces  [ll]. Presumably, mechanical 
p o l i s h i n g  i n t r o d u c e s  s u r f a c e  d e f e c t s  t h a t  a r e  n o t  e a s i l y  removable  by 
thermal annealing. Clear ly ,  these  d e f e c t s  have a d i f f e r e n t  oxidizing a d  
reducing  power t h a n  i o n s  on  an a t o m i c a l l y  smooth s u r f a c e .  I t  may n o t  b e  
s u r p r i s i n g  t h a t  o n  o x i d e s ,  s u r f a c e  i m p e r f e c t i o n  is t h e  a c t i v e  site f o r  
c a t a l y s i s .  
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INTEGRATED COAL GASIFICATION COMBINED CYCLES (IGCC) 
AN EMERGING COMMERCIAL O P T I O N  FOR THE POWER INDUSTRY 
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E l e c t r i c  Power Research I n s t i t u t e  
3412 Hillview Avenue 
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Introduction 

The very successfu l  i n i t i a l  operation of the  100 MWe Cool Water Coal Gasif icat ion 
Combined Cycle Power Plant  during 1985 has s t imulated d great  deal of i n t e r e s t  i n  
IGCC technology within the U.S. and foreign e l e c t r i c  power indus t r ies .  The Cool 
Water p lan t  has c l e a r l y  shown t h a t  IGCC p lan ts ,  based on Texaco P a r t i a l  Oxidation 
technology, can g r e a t l y  reduce environmental emissions from coal  u t i l i z a t i o n  
f a c i l i t i e s  and simultaneously meet normal e l e c t r i c  u t i l i t y  load following 
requirements. In addi t ion,  inspect ions of Cool Water components, a f t e r  nearly 
7000 hours of operat ion,  have shown t h a t  c r i t i c a l  u n i t s  a r e  withstanding t h e  
service conditions very well. As a consequence, e l e c t r i c  u t i l i t i e s  a r e  now 
developing confidence t h a t  such systems can be operated and maintained with l i t t l e  
change in normal u t i l i t y  pract ice .  

In p a r a l l e l ,  e l e c t r i c  load growth i n  t h e  U.S. has been spurred by economic 
recovery and e l e c t r i c  end use subs t i tu t ion ;  therefore ,  e l e c t r i c  u t i l i t i e s  a r e  
again beginning t o  plan uni t  addi t ions for t h e  early- t o  mid-1990's. Since many 
e l e c t r i c  u t i l i t i e s  have excess baseload capacity, i n i t i a l  generation addi t ions a r e  
l ike ly  t o  be combustion turbines  o r  combustion turbine combined cycle power 
plants .  It  is l i k e l y  t h a t  these systems w i l l  f i rst  be used f o r  peaking and mid- 
range duty and be f i r e d  with premium f u e l s  such a s  natural  gas and d i s t i l l a t e .  
However, in  the  longer  term, they a r e  l i k e l y  t o  be phased i n t o  baseload operation 
u t i l i z i n g  coa l  gas i f ica t ion  technology. It is t h i s  planning f l e x i b i l i t y  which 
adds another important benef i t  and "degree of freedom" t o  IGCC power p lan ts .  

AS a consequence, Potomac Elec t r ic  Power Company has announced t h a t  it is 
considering t h e  addi t ion  of a 350-400 MWe phased IGCC plant  a t  the Dickerson 
Station. Virginia  Power Company is proceeding with a full 200 MWe commercial 
module IGCC p lan t  f o r  repowering t h e i r  Chesterf ie ld  Stat ion.  A t  l e a s t  ten other  
e l e c t r i c  u t i l i t i e s  a re  current ly  conducting or planning s i t e  spec i f ic  IGCC plant  
designs. 

Although it is too ear ly  t o  judge t h e  ul t imate  penetration poten t ia l  of IGCC power 
plants  i n  t h e  U.S., it appears t h a t  t h i s  opt ion may become t h e  leading new coal  
technology f o r  the  1990's. 

Coal Gasif icat ion Systems Sta tus  

Development of a number of advanced coal  gas i f ica t ion  systems has been progressing 
a t  a rapid pace. Uncertainty regarding conventional fue ls ,  i .e.,  natural  gas and 
o i l ,  environmental regulat ions t h a t  represent  increasingly t i g h t  standards, and 
Uncertainty regarding nuclear power deployment i n  a number of countr ies  has 
spurred commercial development of coal  gas i f ica t ion  systems f o r  diverse  
appl icat ions such as e l e c t r i c i t y  generation; f e r t i l i z e r ,  hydrogen and organic 
chemicals production; generation of hot  water for  d i s t r i c t  heating; e tc .  
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Characterization of Gasif icat ion Systems 

Coal gas i f ica t ion  systems are  usually c l a s s i f i e d  by the type of g a s i f i e r  which 
contacts and reac ts  coal  with an oxidant ( a i r  or oxygen) t o  produce t h e  desired 
f u e l  gas. If the system is blown with a i r ,  the  f u e l  gas is l o w  Btu gas and i f  the  
System is blown with oxygen, t h e  fue l  gas is medium Btu gas. 

Three types of contact ing devices are: 

o moving beds 
o f lu id ized  beds 
o entrained beds 

In moving beds a descending bed of coal ,  usually 1/8 t o  1 inch in s i z e ,  is fed by 
a pressurized lockhopper system t o  t h e  top of a shaf t .  Reactant gaseous oxygen 
(Or a i r )  and steam enter  the  bottom of the  vessel. A s  coal  descends it is 
devolatized, then pyrolysis  rea t ions  occur and f i n a l l y  carbon is gas i f ied .  The 
raw product gas contains tars, and oils which need t o  be condensed and removed. 
The ash may be withdrawn a s  a dry s o l i d  or a s  molten s lag .  In some moving bed 
versions, t a r s ,  oils, and coal  f ines  a r e  recycled t o  ext inct ion.  

In f lu id ized  bed reac tors ,  coal  is ground t o  produce a f l u i d  bed grind (ca 8 mesh 
or l e s s ) .  The oxidant gas (and some steam) a r e  introduced through a perforated 
deck or gr id  a t  the  bottom of a vessel .  The flow r a t e  of the  reac tan ts  is high 
enough t o  suspend the coal p a r t i c u l a t e s  but  not blow them out  of the  vessel .  A 
uniform temperature is obtained by t h e  mixing t h a t  occurs. Depending on t h e  
temperature, t a r s  and oils can be avoided but  f ines  carryover and ash s lagging 
l imi t  conversion of some coa ls  t o  80%-90% of the  carbon. In order to overcome 
t h i s  l imi ta t ion ,  the  carbon containing ash can be processed i n  an addi t iona l  
vessel or the  unconverted carbon can be recycled t o  the g a s i f i e r .  

In entrained flow systems, a r e l a t i v e l y  f i n e  grind of coal (ca  75% through 200 
mesh) is fed e i t h e r  a s  a dry s o l i d  or a s  a water and coal  mixture t o  a s h o r t  
residence time reactor .  Contacting with the  oxidant is achieved by means of a 
nozzle arrangement. A t  t h e  high v e l o c i t i e s  and temperatures used in entrained 
systems ( Z O O 0  t o  300OOF) no t a r s  or oils a r e  produced. Carbon burn-out is nearly 
complete and the  product gas is essent ia l ly  carbon monoxide and hydrogen. 

In the  U.S. and abroad, advanced coal gas i f ica t ion  technologies have been under 
development f o r  the  l a s t  decade. Several technologies have been supported by 
EPRI'S program. 

1. Texaco technology, represents  an entrained system t h a t  fea tures  a coal  
water s l u r r y  feeding the  pressurized,  oxygen-blown g a s i f i e r .  It is t h e  
f a r t h e s t  advanced in t h a t  three commercial or demonstration p l a n t s  a r e  in 
operation. Two of these p lan ts  a r e  located in t h e  U.S. and one in Japan. 
A p lan t  in the  Fedeal Republic of Germany w i l l  s t a r t  up in l a t e  1986 t o  
produce organic chemicals and hot water for  d i s t r i c t  heat ing.  Pro jec ts  
have a l so  been announced for  China and Sweden. 

2. Shel l  coal gas i f ica t ion  has under construct ion a 250/400 ton/day p i l o t  
p lan t  a t  t h e i r  research center  in Deer Park, Texas t h a t  w i l l  l ead  t o  
commercial designs in the  l a t e  1980s. The Shel l  process fea tures  a dry 
fed entrained g a s i f i e r  system t h a t  operates  a t  e levated temperature and 
pressure. Current s tud ies  with U . S .  e l e c t r i c i t y  companies a r e  def ining 
commercial opportuni t ies .  

3. The Br i t i sh  Gas Corporation and Lurgi QnbH have j o i n t l y  developed a 
slagging, moving bed g a s i f i e r  system. A commercial g a s i f i e r  prototype (600 
ton/day) w i l l  be s t a r t e d  up a t  Westfield, Scotland in ear ly  1986. Virginia  
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Power is consider ing i n s t a l l a t i o n  of a coal  gas i f ica t ion  system for  a 200 
MWe IGCC power p lan t  based on the  BGC/Lurgi technology. 

4.  A n  air-blown rotary ported k i ln  ( s imi la r  t o  a moving bed device) is under 
development b y  A l l i s  Chalmers Corporation. A 600 ton/day prototype is 
located a t  an I l l i n o i s  Power Co. power s t a t i o n .  

The DOW Chemical Co. is i n s t a l l i n g  a 160 MWe IGCC p l a n t  i n  Louisiana t h a t  w i l l  
produce e l e c t r i c i t y  and synthesis  gas for  i n d u s t r i a l  chemicals. Detai ls  of t h e  
system a r e  propr ie ta ry ,  but  the  system fea tures  a coa l  water s l u r r y  fed entrained 
gas i f ie r .  Pr ice  supports of $620 million from the  Synthetic Fuels Corporation 
have been obtained for the  pro jec t .  

Other gas i f ica t ion  systems technologies have been evolving, including the Kellogg 
Rust Westinghouse g a s i f i e r  and I n s t i t u t e  of Gas Technology U-Gas system t h a t  a r e  
representat ive of ash agglomerating f l u i d  bed systems. Advanced f l u i d  bed systems 
a r e  a l so  being developed in Japan. A Winkler demonstration f l u i d  bed system 
operating a t  e leva ted  temperature and pressure is being s t a r t e d  up in  the Federal 
Republic of Germany by Rheinesche Braunkohle. The Winkler sys tem w i l l  handle 700 
tons/day of coal t o  produce i n d u s t r i a l  chemicals and e l e c t r i c  power. 

Other pro jec ts  t h a t  a r e  a t  the  p i l o t  p lan t  s tage  of development include a 50 ton 
per day pressurized p i l o t  p lan t  by GKT-Krupp. The Vereineqte Elektr ic i ta tswerke 
Westfallen (VEW) has s t a r t e d  up a 250 ton per day pressurized p i l o t  plant  t h a t  
p a r t i a l l y  converts coa l  (60% conversion) t o  low Btu gas f o r  power generation. 
Lurgi has gas i f ied  l i g n i t e  in an atmospheric pressure c i r c u l a t i n g  f l u i d  bed i n  
the i r  15 ton per day p i l o t  p lan t  i n  Frankfurt, West Germany. 

In  Japan, severa l  p i l o t  p lan t  programs a r e  a l s o  underway including development of 
a molten i ron g a s i f i a t i o n  system. A 250 ton per day p i l o t  plant  is under 
construct ion in Sweden by Sumitomo-KHD i n  which s u l f u r  is captured in  the s lag.  

Combustion Turbines 

Develornent of advanced combustion turbines  is proceeding rapidly.  Efficiency of 
combined cycle  equipment is increasing from the  a b i l i t y  to operate a t  higher 
f i r i n g  temperatures. In u t i l i t y  appl icat ions,  f i r i n g  temperatures of 2 ,000°F  are  
conventionally used and higher temperatures of 2,300°F can be expected before 
1990. Developments in the  a reas  of reheat, mater ia ls ,  and advanced cooling 
methods promise addi t iona l  improvements i n  e f f ic iency  in t h e  1990's. 

Economics of IGCC Power Plants  

The three major candidates  for  advanced coal  u t i l i z a t i o n  i n  the  1990s a re  
integrated coal  g a s i f i c a t i o n  combined cycle  ( I G C C )  power p lan ts ,  atmospheric 
f luidized bed combustion (AFBC) systems, and improved pulverized coal (PC)  power 
plants .  In order to assess  t h e  r e l a t i v e  benef i t s  of IGCC, AFBC, and FC plants ,  
EPRI in conjunction with numerous engineering/construction firms have estimated 
the  expected range of  c a p i t a l  and busbar power cos ts  f o r  such p lan ts  using 3.5% 
sulphur I l l i n o i s  bituminous coal .  Figure 1 shows a comparison of the estimate6 
range of c a p i t a l  c o s t s  from various s tud ies  placed on a s  cons is ten t  an estimate 
basis  as possible .  The est imates  shown a r e  low and high est imates ,  a s  well a s  
those shown in EPRI's Technical Assessment Guide (TAG) for  the three competing 
technologies. Also shown for  the  IGCC p lan t  is the  benef i t  of u t i l i z i n g  phased 
construct ion of the  p lan t  r a t h e r  than committing a l l  p lan t  c a p i t a l  a t  once. The 
expected cos t  of a 200 m e  AFBC u n i t  has been included because it is unclear 
whether s i n g l e  500 Mwe AFBC u n i t s  can be constructed. In general, there  is l i t t l e  
difference i n  t h e  expected range of c a p i t a l  cos ts  for  these three  plant  types, 
with perhaps a small c a p i t a l  advantage t o  AFBC and FC plants .  
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CAPITAL INVESTMENT ESTIMATES FOR SINGLE 500 MW UNITS 
AFBC HAS ONE 200 MW UNIT CASE 
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Figure 2 compares the 30 year levelized, constant 1985 dollar busbar energy costs 
for these same alternatives. As may be seen, all 500 MWe plants are projected to 
produce power costs of approximately 44/kWhr to 5.54/kWhr. 
advantage for any of the technologies, considering the present uncertainties in 
these cost estimates. Phased construction of IGCC plants does show promise of 
producing some reduction in power costs. 

It is in the area of environmental emissions control that coal gasification 
combined cycles demonstrate their true benefits. Table 1 shows typical effluent 
streams from the three coal-based technologies, using a 3.5% sulphur Illinois 
coal. The IGCC plant emits approximately one-tenth the acid rain precursors (SO2 
and NO,) than a pulverized coal plant and produces 40 percent of the solid wastes 
from a PC plant. In comparison, the AFBC plant emits about 50 percent of the acid 
rain precursors from a pc plant, but produces 60 percent mre dry solid waste for 
disposal. Although solid waste disposal costs were factored into the previous 
electricity estimates, very low costs for disposal were assumed. In many areas of 
the U.S., there just is not landfill area available for such large amounts of 
waste. 

There is no clear 

Plant Type 

Pulverized Coal Plant 
(Precipitators Only) 

Pulverized Coal Plant 
With FGD (90% Removal) 

Integrated Gasification 
Combined Cycle Plant 

Atmospheric Fluidized 
Bed Combustion 

Table 1 

Typical Effluent Streams 
From Coal Based Power Plant Types 
(Using 3.5% S. Illinois Coal) 

Solid 
wastes 

so NOX 
missfons Emissions 

(Tons/MWe Y r )  (Tons/Mwe Yr) (Tons/Mwe Yr) 

140 25 240 

14 8 750 

0.14-4 3 300 

7 4 1200 

Therefore, we believe that coal gasification combined cycle power plants show the 
greatest potential for meeting stringent emission control requirements, yet 
remaining economically competitive with alternative coal technologies. 

Phased Construction of IGCC Power Plants 

The modular structure of IGCC power plants provides utility companies with a major 
flexibility not available to them in the past. The capability to "phase-in" a 
plant in relatively small increments would allow a utility to mre closely match 
load growth requirements by bringing a sequence of combustion turbines on line 
(shown in Figure 3 as Phases 1 and 2); converting these turbines into a combined 
cycle plant in Phase 3 and finally adding the gasification facility in Phase 4. 
The excess capacity at any time is shown as the crosshatched areas in Figure 3. 
This can be compared to the addition of an unphased, substantially larger power 
plant depicted in Figure 4. It is evident from Figures 3 and 4 that at any point 
i n  timet the phased addition approach results in substantially less excess system 
Capacity than the conventional unphased plant construction approach. This means 
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FIGURE 3 

PHASED CAPACITY ADDITION 

FIGURE 4 

UNPHASED CAPACITV ADDITION 
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that the rate payer does not have to pay for unnecessary capacity ahead of time 
and the electric utility company does not have to place "at-risk" for an extended 
period of time the vast amount of capital required to construct a large, unphased 
power plant. 

The major potential benefits to be associated with the phased addition of IGCC 
power plants are summarized below: 

o It allows the utility to delay and stretch out large capital outlays by 
more evenly matching load growth requirements without taking the full cost 
penalty of diseconomy of small scale. 

o it ininirnie+s "at-risk" capitai due to short construcrion periods for 
modules, i.e., capital becomes part of the rate base significantly 
earlier. A combustion turbine can be installed in approximately one year 
whereas it could take up to five years to construct a large coal-fired 
steam plant. 

o Phased construction provides the flexibility to take advantage of "low- 
cost" and "available" fuels for as long as this situation persists, i.e., a 
utility does not have to predict fuel prices or availability ten or fifteen 
years into the future. The phased plant can switch to coal whenever 
appropriate. 

o Phasing in an IGCC power plant provides a utility the flexibility to 
respond rapidly (and, therefore, at minimum cost) to changes in system load 
growth and/or fuel prices. 

o Finally, this procedure provides the potential for the utility to take 
advantage of non-utility company ownership of the coal gasification plant, 
thereby dramatically reducing the capital required for new capacity ad- 
ditions. 

These potential benefits to be associated with the phased construction of IGCC 
power plants have already been recognized by major equipment suppliers and 
utilities alike. General Electric (GE) has investigated the system expansion 
benefits of phasing in an IGCC power plant (a procedure that they have termed 
PROGEN) instead of constructing conventional coal-fired steam plants. Sixteen 
scenarios of load growth and fuel prices were investigated. The GE results 
indicated that for all sixteen cases, fixed charges and production costs were 
significantly reduced due to phased construction. Capitalized savings for the 
phased construction approach ranged from $350/kW to $SOO/kW. 

POtOmac Electric Power Company (PEPCO) has conducted a preliminary phased 
construction study (comparing one IGCC plant to a coal-fired steam plant). 
Results of this study show a cumulative present worth saving in revenue require- 
ments of approximately $100 dllion attributable to the phased IGCC plant. 
Approximately one year ago, ten member companies (see Table 2 )  of the Utility Coal 
Gasification Association began an evaluation of the benefits of phased 
COnStrUction of IGCC plants on their systems. Preliminary results of some of 
these studies have confirmed the potential for financial benefits that have been 
Chimed for this phased construction approach. 

IGCC power plants clearly show promise of being the truly environmentally benign, 
economically competitive method of utilizing high-sulphur coal for power 
generation in the 1990's and beyond. 
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Table 2 

Phased IGCC Construction Study Team 

Baltimore Gas Fi Electric Co. Northeast utilities 
Cleveland Electric Illuminating Co. Potomac Electric Power Co. 
Consumers Power Co. Public Service Electric & Gas Co. 
I l l i n o i s  Power Co. Virginia Power Co. 
Nevada Power Co. Public Service of Indiana 
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COMMERCIALIZATION OF THE DOW GASIFICATION PROCESS 

G. A. Bornemann 
D. G. Sundstrom 

DOW Chemical U.S.A.  
P. 0. Box 3307 
Houston, Texas 77253 

Introduction 

In 1979 The DOW Chemical Company authorized $450  million of 
capital to be spent on the Gulf Coast Power Conversion Project, the 
largest single power project Dow had ever built. This capital was to 
be spent phasing out less efficient gas-fired boilers at the Texas 
and Louisiana Divisions and integrating 910 MW of new gas turbine 
generation capacity into these manufacturing locations. Fuel cost 
savings were projected to be $200 million per year. Future plans 
involved utilization of DOW'S extensive lignite holdings and 
then-developing gasification technology to provide our Gulf Coast 
manufacturing locations with low-cost energy on a long-term basis. 
DOW completed the installation of the gas turbine facilities in 1982. 

Now, after DOW'S largest single research and development project 
ever, a price guarantee from the Synthetic Fuels Corporation has 
provided the incentive to build our first commercial gasifier in 
Plaquemine, Louisiana, the DOW Syngas Project. Western coal will be 
transported by rail to the plant site and the product, medium Btu 
syngas, will be used to fuel existing gas turbines. The output of 
this facility will be equivalent to 155  MW of net power production. 

Background 

DOW'S products are highly energy intensive. The primary demand 
for electrical energy is derived from electro-chemical processes and 
thermal (steam) demand comes from production of petrochemicals and 
plastics. Most of our manufacturing locations have a convenient 
balance between electrical energy and thermal energy, allowing the 
economical cogeneration of power and steam. Variations of combined 
cycle plants to match a particular site's requirements for power and 
steam now exist at all of DOW'S major production locations. In the 
U.S. alone DOW has 1600 MW of gas turbine generation capacity and 800 
MW of steam turbine capacity. Over $500 million has been spent in 
the last decade on power generation facilities. 

History of Dow Gasification Process 

Dow's current energy program took form in the early 1970's. The 
prospect of future shortages of natural gas and resultant high prices 
launched a "war on Btu's". The outcome was an energy strategy based 
on: 

1. Gas turbines as the most efficient power production technology. 
2 .  Solid fuels as the most abundant low cost energy resource. 

Coal gasification was the necessary link to insure the viability of 
our strategy. 
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We looked at commercially available processes and found none 
that met our criteria. We needed a process that was: 

1. Reliable. 
2. Energy efficient. 
3. Environmentally clean. 
4 .  Capable of handling all coals. 

Shortcomings of these processes included: 

1. High capital cost. 
2. Need for coal feed drying. 
3. Difficult heat recovery due to tars and oil in product gas. 
4. Inability to acceptably process coal feeds containing fines. 

Research continued and we found processes that were not commercially 
proven had some very promising attributes: 

1. Reduced residence time in reactor. 
2. Feed flexibility. 
3. Molten slag removal. 
4 .  Environmentally clean. 

However, this technology was not efficient on low rank coals and did - not meet DOW'S acceptable reliability criteria. 
Our development efforts were then greatly expanded and by 1979 

we had in place at Plaquemine, Louisiana, an air-blown 400 ton per 
day demonstration gasifier and a 12 ton per day pilot plant. The 
pilot plant was used for advanced studies. In August of 1981 we 
achieved an event without precedent--the successful use of synthetic 
gas from a coal gasification unit to fuel a 15 MW commercial gas 
turbine generator. 

During 1981 and 1982 a new reactor design and a novel energy 
recovery technique were developed at the pilot plant. The pilot 
plant was increased in size to 36 tons per day and converted from air 
to an oxygen blown process. In 1983 a new technology demonstration 
gasifier was completed. It incorporated all the technology developed 
at the pilot plant and has a 1600 ton per day capacity. The capacity 
of the Dow Syngas Project, our first commercial scale unit, on 
Western coal is approximately 24000  tons per day. Consequently, 
scaling up from our new technology demonstration gasifier is a 
relatively small increment. 

Description of the Dow Gasification Process 

The Dow gasification process utilizes a pressurized, entrained 
flow, slagging, slurry fed gasifier with a continuous slag removal 
system. The process includes a unique heat recovery system which 
provides high efficiency on low rank coals. The novel slurry feed 
technology and continuous slag removal technique eliminates high 
maintenance, problem-prone lockhoppers for introducing the coal to 
the gasifier or for removal of slag. The design completely prevents 
the combustion gases and raw product gases from escaping into the 
atmosphere during slurry feeding or slag removal. 

the burner nozzles. The feed rate of oxygen is carefully controlled 
to maintain the reactor temperature above the ash fusion point to 
insure slag removal. Under these conditions, the coal is almost 
totally gasified by partial combustion to produce synthetic gas 

The coal slurry is fed to the reactor and mixed with oxygen in 
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consisting principally of hydrogen, carbon monoxide, carbon dioxide, 
and water. The sulfur is converted almost totally to hydrogen 
sulfide with small amounts of carbonyl sulfide. The gasifier system 
operates in such a manner that essentially no tars, oils, or phenols 
are produced. The Dow Gasification Process includes a unique heat 
recovery system which provides high efficiency on low rank coals. 
The ash is fused in the flame, direct quenched in a water bath and 
removed from the bottom of the reactor as a slurry through a special 
pressure reducing system. The slag is dewatered and stored. 

The gas exiting the gasifier system is further cooled by a 
conventional heat recovery boiler to near its saturation. The high 
pressure superheated steam produced can be used for power generation 
via steam turbines or to drive the oxygen piant air compressor. 

The raw synthetic gas goes through a cyclone separator where 
most of the entrained particles are removed. Final particulate 
removal is achieved by water scrubbing the partially cooled gas. All 
of the particulates removed by the cyclone and wet scrubber are 
recycled to the gasifier. 

exchangers before entering the acid gas removal process. The amount 
of low level heat recovery is economically balanced with the heat 
requirements of both the gasifier and the acid gas removal process. 

The acid gas removal from the syngas stream is an economic 
evaluation of the application of several known technologies with the 
environmental and process constraints of the location. The 
particulate-free syngas from the Dow gasifier is suitable feed for 
any of the known commercial processes. 

The Dow Syngas Project gasifier satisfies its location 
requirements with a Gas/Spec ST-1 acid gas removal system and a 
Selectox sulfur conversion unit. 

Commercial Application of the Dow Gasification Process 

The scrubbed syngas is then cooled through a series of heat 

Synthetic gas produced from the DOW gasification process can be 
used as a substitute for coal, natural gas, fuel oil, and natural gas 
derived chemical feedstock. The synthetic gas can be used as fuel 
for gas turibnes, industrial and utility boilers, furnaces, and 
process heaters. It also can be used to meet some chemical feedstock 
demands; methanol and ammonia are examples of products which could 
use this synthetic gas as feedstock. 

turbines to generate electricity. 

has capital advantages versus coal-fired steam boilers and steam 
turbines. Overall energy efficiency for the medium Btu synthetic 
gas/combined cycle turbine is projected to be better than a steam 
boiler/steam turbine fed by coal. 

a gasifier output sufficient to fuel a nominal 100 MW gas turbine. 
The net output of power after subtracting the requirements of the 
oxygen plant and gasifier and considering the by-product steam from 
an associated heat recovery unit converted to power is about 160 MW. 
When referring to a replicable unit using the Dow Gasification 
Process, DOW believes this is representative. DOW expects to build 
about ten of these modules in its Gulf Coast plants to provide fuel 
for existing gas turbines combined cycle units. 

The most promising market for this synthetic gas is as fuel for 

The combined cycle gas turbine fired by medium Btu synthetic gas 

The DOW Gasification Process has been developed as a module with 
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License Availability 

Dow is committed to license its gasification technology on 
reasonable commercial terms. Dow offers related services such as 
engineering, consultation services, project management and operations 
support, all of which enhance our technology by bringing Dow's owner/ 
operator perspective to a project. 
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TEXACO COAL GASIFICATION PROCESS: COMMERCIAL PLANT APPLICATIONS 

W. R. SIEGART, P. F. CURRAN 

TEXACO INC. 
2000 WESTCHESTER AVENUE 

WHITE PLAINS, NEW YORK 10650 

S. B. ALPERT 

ELECTRIC POWER RESEARCH INSTITUTE 
3412 HILLVIEW AVENUE 

PAL0 ALTO, CALIFORNIA 94303 

INTRODUCTION: 

The Texaco Coal Gasification Process (TCGP) has been employed at 
several commercial scale facilities worldwide, and has matured to the 
point where it is now an attractive alternative for use in chemical and 
power facilities. The successful use of the process at existing 
facilities has yielded valuable performance data and operating experience 
which can help in optimizing the efficiency of all future TCGP operating 
plants. This process has been employed for the production of chemicals 
in the U.S., Japan and West Germany. Other TCGP chemical plants in 
China, Sweden, West Germany, and the U.S. are now being planned or are 
under construction. 

The commercial viability of TCGP for large scale production of 
electric power has been proven at the 120 MW Cool Water facility in 
Southern California. The economic and environmental characteristics of 
the process make it the leading tschnology option for future electric 
utility use. One major utility has publicly announced its intent to use 
gasification in their next power plant and many others are including it 
in their formal planning process. 

PROCESS DESCRIPTION: 

The technical details of the Texaco Coal Gasification Process will 
not be presented here in any depth. Numerous other papers have been 
published which adequately cover the details of how the process works and 
its technical development. (1,2,3). Figures 1 and 2 show two 
configurations of the process. Figure 1 shows a block flow diagram for 
maximum heat recovery (i.e., power plants); Figure 2 shows a minimum 
investment design used widely for production of synthesis gas as a 
chemical feedstock. Design variations from each of these options are 
possible to suit the requirements of a given application. For example, a 
gas cooler could be added to the total quench design (Figure 2) to allow 
for the generation of additional steam. 

Utilizing Figure 1, the total process can be described. Coal is 
ground, slurried, and pumped to a gasifier where it reacts with oxygen. 
The concentration of oxygen in the gasifier is not sufficient for 
complete combustion, but does support partial combustion which generates 
heat. This heat breaks down the coal to form synthesis gas, a medium BTU 
product composed primarily of carbon monoxide and hydrogen. This synthe- 
sis gas is cooled, cleaned, and sent to the desired application. In 
Figure 1, the application is power production. 
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FIGURE 1 
TEXACO COAL GASIFICATION PROCESS 
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The steps between the gasifier and the desired end use employ proven 
commercial technology. The ash in the coal forms a slag material which 
is removed from the gas cooling section. This slag is a non-hazardous 
material suitable for landfill or other applications. The steam 
generated in the gas cooling process is utilized in a steam turbine for 
additional electric power production. After the gas is sufficiently 
cooled and scrubbed of particulate matter, it is directed to a sulfur 
removal and recovery stage. Sulfur contained in the coal is transformed 
primarily into H S ,  due to the gasification reactor temperature and 
oxygen deficient Gnvironment. This H S can be separated from the syngas 
using commercially available units. $he H2S is transformed to elemental 
sulfur which can be sold as a by-product. 

EXISTING APPLICATIONS: 

Nuclear fusion, photovoltaics, magnetohydrodynamics, coal 
liquefaction, wind power, geothermal energy, gasohol, and coal 
gasification were among the answers proposed for the energy crisis of the 
late 70's. The crisis is viewed differently in the mid 80's due to 
current energy economics. The petroleum and natural gas supply problems 
which caused the 1970's crises may have subsided, but they have not 
disappeared. In the years ahead, there will be a need for clean energy 
conversion from feedstocks other than oil and gas. Of the technologies 
listed as alternatives, only coal gasification has been proven on a 
commercial scale as an attractive option for chemicals and power 
production. Of the coal gasification designs proposed, only the Texaco 
process has met the necessary standards for wide spread acceptance and 
use. 

For electric power production, the Cool Water Plant, in Barstow, 
California, has been operating for over a year and a half, gasifying 
1,000 tons per day of coal in an integrated gasification combined cycle 
(IGCC) power plant. The plant's capacity factor (plant electric 
production/rated capacity) for 1985 was higher than the 1984 average for 
all conventional coal fired power generating stations of 50  MW or greater 
in the U.S. (4). Environmental data from Cool Water has shown its 
performance to far surpass EPA standards, as well as being 
environmentally superior to other new fossil fuel power plants of 
equivalent size. 

For production of chemicals, TCGP is becoming increasingly popular 
for feedstock generation. Tennessee Eastman utilizes the process for the 
production of acetic anhydride, which is used in the photographic 
industries. They recently reported a 97% on-stream factor for the final 
six months of 1984 (5). Ube Industries gasifies 1650 tons per day of 
Australian and South African coals for the production of ammonia. 
Commercial scale ammonia plants using TCGP are now being planned for 
Sweden and China. A TCGP facility for the manufacture of oxo-chemicals 
from coal is being constructed in West Germany. 

FUTURE APPLICATIONS 

Electric Power Production 

Application of the Texaco Coal Gasification Process for the large 
scale generation of electric power is clearly on the horizon. Some 
utilities have publicly stated their desire to use gasification for power 
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< production (6,7) . Many others are internally evaluating the technology 
for power facilities to be commissioned in the 1990's. The Electric 
Power Research Institute has established a Utilities Coal Gasification 
Association to "encourage the development of coal gasification for the 
production of electricity ..." (8). Utility membership in this group has 
grown steadily, and interest among utilities in the technology is keen. 

The merits of TCGP must be viewed in relative terms compared to 
other power generation technologies. There are currently four leading 
methods of power generation in the U.S. These are nuclear fission, oil 
or gas combustion, coal combustion, and hydropower. 99.4% of all U.S. 
nameplate capacity for electric power generation utilizes these 
technologies (9). Each of these technologies, however, has limitations 
which restrict future usage. No new nuclear fission plant is being 
planned, and the last plants under construction are currently scheduled 
to start up in the early 90's. The social, political, and engineering 
factors which doomed this industry have been widely discussed and 
speculated upon. Oil and gas combustion are limited by the future supply 
of the fuel. The average age of an oil or gas plant retired from service 
in 1984 was approximately 31 years (10). Thus, in considering a power 
plant construction project, it is necessary to consider the price and 
availability of fuel not just today, but also in the decades ahead. Most 
forecasts suggest severe escalation for petrolejm products within this 
time frame. Data Resources Inc. predicts inflation for oil and gas to 
average in excess of 10% per year throughout the 1 9 9 0 ' ~ ~  while coal 
prices will remain relatively stable in real terms over the same period 
(11). 

As for coal, supply is adequate but environmental concerns may 
restrict its use in a direct fired mode. Hydropower has no limitations 
other than its availability. Expansion of the use of hydro requires the 
rivers to exist in sufficient concentrated quantities for large scale 
power generation. Unfortunately, such resources are not abundant. 
Ecological concerns also are present with the construction of hydropower 
facilities. 

This situation indicates that revisions or new methods of power 
generation will be required for the future. As noted earlier, the Texaco 
Coal Gasification Process is the most successful alternate technology to 
emerge in recent years. New power generation methods must prove 
themselves to be fully competitive in terms of economic viability and 
operability on a commercial scale. The performance of Cool Water has 
proven the operability of TCGP, and the experience gained there will 
enhance the performance of future plants. The economic viability of TCGP 
has been attested to in various engineering studies (12). 

Coal gasification is not the only viable option for power generation 
in the 1990's. Site specific considerations will make other technologies 
the preferred option in some instances. However, a certain percentage of 
new plants will be designed for IGCC due to its long range 
attractiveness. The North American Electric Reliability Council (NERC) 
forecasts 113,200 MW of new electricity generation capacity will be added 
by 1994 (13). Planned coal and nuclear plants account for much of that 
addition. With the halt in nuclear planning, new construction beyond 
1994 will be predominately coal based. 
and environmental superiority of the Texaco Process as compared with 
traditional coal utilization methods, this process will emerge as the 
technology of choice for many of the capacity additions in the 1990's. 

Due to the economic comparability 
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Some t r a i t s  o f  t h e  p l a n t s  t o  be b u i l t  i n  t h e  1990 ' s  w i l l  d i s t i n g u i s h  
them from t h e  Cool Water f a c i l i t y .  I n  e f f i c i e n c y ,  it has  been e s t ima ted  
t h a t  a 600 MW f a c i l i t y  c o u l d  be  c o n s t r u c t e d  w i t h  a n e t  h e a t  rate of 9,000 
BTU/KWH (14). T h i s  r a t i n g  is compe t i t i ve  w i t h  e f f i c i e n c i e s  found i n  

. e x i s t i n g  power g e n e r a t i o n  f a c i l i t i e s .  Some 600 MW f a c i l i t i e s  w i l l  be  
b u i l t ,  b u t  a r e c e n t  t r e n d  i n  power p l a n t  c o n s t r u c t i o n  i s  toward smaller 
s i z e ,  and phased modular c o n s t r u c t i o n .  A t y p i c a l  p l a n t  could be  400 MW 
i n  t o t a l  s i z e ,  c o n s t r u c t e d  i n  f o u r  100 MW phases.  T h i s  a l lows  t h e  
u t i l i t y  t o  g a i n  an  economy of scale on some components wh i l e  de l ay ing  
c a p i t a l  expend i tu re s  u n t i l  they  are needed. Economic e f f i c i e n c y  o f  t h e  
c o n s t r u c t i o n  p r o c e s s  can be g r e a t l y  enhanced wi th  t h i s  phas ing  technique .  
G a s i f i c a t i o n  f ac i l i t i e s  are w e l l  s u i t e d  t o  t h e s e  c o n s t r u c t i o n  methods. 

Power p l a n t s  be ing  cons t ruc t ed  i n  t h e  1990 ' s  must have a g r e a t  d e a l  
of o p e r a t i n g  f l e x i b i l i t y .  Cool Water h a s  v e r i f i e d  t h e  a b i l i t y  o f  TCGP to  
l o a d  fo l low ( i . e . ,  reduce  or i n c r e a s e  o u t p u t  q u i c k l y )  and ,  a s  no ted ,  t h e  
c a p a c i t y  f a c t o r  f o r  t h e  p i a n t  has  a l r e a d y  su rpassed  t h e  compe t i t i ve  
l e v e l .  From t h e s e  r e s u l t s ,  it i s  expec ted  t h a t  TCGP can m e e t  t h e  
o p e r a t i n g  r equ i r emen t s  o f  a base  load  power s t a t i o n .  T o  do so on a 
p r a c t i c a l  b a s i s  r e q u i r e s  f l e x i b i l i t y  o f  f eeds tock  requi rements .  Table 1 
shows a l i s t  o f  coals which have been g a s i f i e d  a t  Texaco's Montebello 
Research Labora tory .  S e v e r a l  a r e  now i n  u s e  a t  commercial s c a l e  p l a n t s  
worldwide. Although t h e r e  a r e  d i f f e r e n c e s  i n  g a s i f i e r  o p e r a t i o n s  f o r  
d i f f e r e n t  c o a l s ,  e x p e r i e n c e  has  shown t h a t  a l l  bituminous and 
sub-bituminous c o a l s ,  and pe t ro leum coke can  be s u c c e s s f u l l y  g a s i f i e d .  

Envi ronmenta l ly ,  t h e  performance of Texaco c o a l  g a s i f i c a t i o n  p l a n t s  
w i l l  probably be t h e  s t a n d a r d  which o t h e r  f o s s i l  f u e l  f a c i l i t i e s  w i l l  
have t o  meet. Fur thermore ,  envi ronmenta l  r e c o r d s  o f  f u t u r e  IGCC p l a n t s  
cou ld  su rpass  t h a t  o f  Cool Water, which has  a l r e a d y  been c h a r a c t e r i z e d  a s  
t h e  c l e a n e s t  c o a l  bu rn ing  p l a n t  i n  o p e r a t i o n  today. F igu re  3 i l l u s t r a t e s  
a comparison o f  a c t u a l  emis s ions  f o r  Cool Water v s .  t h e  EPA s t anda rds .  
C l e a r l y ,  t h i s  i s  a s t r o n g  asset of TCGP i n  a s s e s s i n g  i t s  f u t u r e  u s e  i n  
l a r g e  s c a l e  power p roduc t ion .  

I t  i s  n o t  c e r t a i n  which u t i l i t i e s  w i l l  be among t h e  f i r s t  t o  begin 
u t i l i z i n g  IGCC p l a n t s .  It could b e  expec ted  t h a t  a need f o r  c a p a c i t y ,  an  
env i ronmen ta l ly  s e n s i t i v e  o p e r a t i n g  r e g i o n ,  and a proximi ty  t o  coal 
reserves, w i l l  be among t h e  t r a i t s  o f  t h o s e  i n i t i a l  u t i l i t i e s .  Perhaps 
more impor t an t  is a c o r p o r a t e  mindset which a c c e p t s  b u s i n e s s  r i s k ,  and 
seeks  t o  improve t h e i r  o p e r a t i n g  e f f i c i e n c i e s .  P a r t i c u l a r l y  a t t r a c t i v e  
t o  such f i r m s  might be t h e  a b i l i t v  o f  t h e  p r o c e s s  t o  co-produce o t h e r  
s a l e a b l e  p roduc t s  such  as methanol,  hydrogen, and steam. 

A f i n a l  a s p e c t  o f  f u t u r e  IGCC power p l a n t s  which w i l l  d i s t i n g u i s h  
them from t h o s e  c u r r e n t l y  i n  service may b e  t h e  ownership s t r u c t u r e .  
P u b l i c  U t i l i t y  Regula tory  P o l i c y  A c t  o f  1978 (PURPA) has  encouraged t h e  
P r i v a t e  ownership o f  e lectr ic  power p roduc t ion  f a c i l i t i e s .  The concept 
Of power p l a n t  p a r t n e r s h i p s  between u t i l i t i e s  and power u s e r s ,  u t i l i t i e s  
and power i n d u s t r y  f i r m s ,  and between u t i l i t i e s  and o t h e r  u t i l i t i e s  w i l l  
become more common p a r t i c u l a r l y  f o r  p r o j e c t s  u s i n g  r e l a t i v e l y  new tech-  
no log ie s .  The u t i l i t y / p o w e r  u s e r  p a r t n e r s h i p  concept  could  become 
e s p e c i a l l y  p r e v a l e n t  i f  d e r e g u l a t i o n  procedes  on an  a g g r e s s i v e  course  a s  
some sugges t .  

The 

CHEMICALS PRODUCTION: 

The b a s i c  p roduc t  o f  c o a l  g a s i f i c a t i o n  i s  s y n t h e s i s  g a s ,  a mixture 
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of several components primarily carbon monoxide and hydrogen. Figure 4 
shows a typical breakdown of its composition on a dry basis after 
cleanup. AS was indicated, this gas can be used as a medium BTU fuel for 
the production of electrical power. It can also be used as a chemical 
feedstock in the production of hydrogen, ammonia, methanol, 
oxo-chemicals, and other substances. The growth of these industries is 
expected to be strong in the early 1990's (15). However, existing 
overcapacity for many of these products makes capacity addition 
forecasting difficult. 

One of the key factors in assessing the prospects for TCGP in the 
chemicals manufacturing industries is the competition. As a chemical 
feedstock, synthesis gas must compete directly with natural gas. In 
today's market, natural gas is relatively inexpensive and supply is 
plentiful. The future of this market must be viewed in assessing 
feedstock alternatives. The popular belief among forecasters is that in 
LIE :oiig-teriii, inflaticr: rates and secgrity of supply will be much more 
favorable for the consumer of coal as opposed to the natural gas user. 
Therefore, if a plant is being designed to securely fulfill a long term 
need for the plant output, coal gasification would be a preferred option. 

Multi-product facilities based upon coal gasification will probably 
see some use in the coming years. NASA is considering the construction 
of a coal gasification plant to supply all of their hydrogen, oxygen, 
electricity, nitrogen, fuel gas, and heated water needs. Because coal, 
air, and water are the only feed streams needed to produce the desired 
products, the security of supply is not expected to be a problem. If 
NASA so opted , the proposed facility could also export any of the 
produced products as well as argon and sulfur. Such decisions would 
hinge upon the commercial marketplace. 

Because of the many uses of synthesis gas, multi-product projects, 
similar to that proposed by NASA, will probably be considered in the 
future. In such facilities, steam, electricity, sulfur, and possibly 
other products will be produced. Under federal cogeneration guidelines, 
export electricity produced in this type of facility must be purchased by 
the local utility who must also supply backup power to the site. 

LL - 

Several types of possible chemical facilities could use TCGP for 
feedstock generation and cogenerated power production. Based upon the 
current trends in the chemicals markets, we believe TCGP will play a 
major role in the chemical industry by the mid-1990's. As has been true 
to date, no single application will dominate, but plants of varying size 
and product slate will be constructed. 

SUMMARY: 

The development of the Texaco Coal Gasification Process has now 
reached a stage of maturity. Already employed on a commercial scale in 
the chemicals and electric utility industries, the process is now being 
widely considered for use in the new facilities in both these sectors. 
Benefitting from the experience obtained in the existing plants, new 
facilities can expect operating efficiencies and process economics which 
are competitive, and in some cases, superior to other technologies. 

The process not only meets the necessary economic, operational, and 
environmental standards for use today, it also uses technology which will 

280 



' become even more attractive with future energy economics and 
' environmental regulations. Natural gas and petroleum feedstocks are 

forecasted to become more expensive and more scarce. Conventional coal 
technology, even with scrubbers, may be subject to continuous capital 
outlays to meet changing environmental standards. A Texaco Coal 
Gasification Facility will not be as seriously affected by either of 
these expected trends. 
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INTRODUCTION .-__ 

Modern synthesis gas chemistry has evolved from technology f i r s t  developed in 
Germany early th i s  century. 
of liquid fuels  from coal has gone through cycles reflecting the perceived 
, jvai labi l i ty  of petroleum. 

I n  the U . S . ,  the Department of Energy ( D O E )  h a s  supported an indirect  coal 
liquefaction program to investigate new techniques for  the production of liquid 
hydrocarbon and alcohol fuels. 
feedstock of low hydrogen content synthesis gas  generated by advanced, more 
e f f i c i e n t ,  coal gas i f ie rs .  Research topics include improved reactor and catalyst  
developments as  well as more fundamental studies of the reaction chemistry. This 
presentation sumnarizes resu l t s  of a number of these projects and provides some 
comparisons with exis t ing comnercial l iquid synthesis technology. Fuels of 
i n t e r e s t  include gasoline, diesel and  j e t  fuel ,  methanol and higher alcohols. 
Achievements in 1 iquid phase synthesis o f  hydrocarbons and mthanol are described 
along with the Methanol t o  Gasoline (MTP,) process. Catalyst research i s  br ief ly  
:-eviewcd and a n  assessment made o f  needs and prospects for future research. 

Alcohol Fuels 

Alcohols can perform well as fuels in b o t h  internal conbustion and diesel engines, 
under appropriate conditions. 
direct  replacement for petroleum derived gasoline. and  the worldwide trend t o  low 
lead content gasoline provides a continuing in te res t  i n  various oxygenates for use 
as octane enhancers in gasoline. Chem Systems, Inc. has developed a l iquid phase 
reactor system to improve the thermal efficiency o f  methanol production ( 1 ) .  This 
Liquid Phase Nelhanol process i s  being further investigated under a cost shared 
contract i n  a 5 TPD process development u n i t  (PDU) which i s  located a t  La Porte, 
Texas, on a s i t e  owned by the prime contractor Air Products and  Chemicals, Inc. 
The P D U  has operated very successfully with a C u / Z n  catalyst  powder less  t h a n  50 
microns in diameter slurried in an  iner t  o i l  in the reactor t h r o u g h  which t h e  
synthesis gas i s  passed. Operating conditions are 5.27 MPa (765 ps ia )  and 25OoC 
(482 F ) .  
a nominal 25 w t .  percent ca ta lys t  s lurry and the catalyst  ac t iv i ty  declined 0.34 
percent per day. Th; process i s  being developed for  use w i t h  a modern coal 
g a s i f l e r  t o  produce once through" methanol to be available as a peak fuel while 
the unconverted gas i s  a baseload turbine fuel in an e lec t r ic  power plant. 
di f ferent  feed gas  (Table 1 ) .  the reactor can be used t o  produce "al l  methanol. 

The production of higher alcohols requires more selective ca ta lys t s  than are 
currently available. Union Carbide Corp. (S. Charleston, W.VA) i s  investigating 
homogeneous ca ta lys t s  for  t h i s  purpose under a cost sharing contract. 
exis t ing comnercial systems for production o f  chemicals require excessive 
operating pressure (20.78 MPa, 3015 p s i a ) ,  a successful catalyst  will provide 
?xCellent se lec t iv i ty  and simple operations, particularly i f  the pressure can be 

Since t h a t  time worldwide interest  in the production 

The l iquid synthesis is based on ut i l iz ing  a 

Methanol i s  available now for  evaluation as a 

During its most recent 40-day run (May-June 1985) the PDU operated with 

wit! a 

Although 
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reduced. A t  Lehigh U n i v e r s i t y  mod i f i ed  heterogeneous Cu/Zn c a t a l y s t s  are be ing 
i nves t i ga ted  i n  the pressure range o f  3.45 MPa t o  7.58 MPa (500 ps ia  to  1100 ps ia )  
f o r  t he  product ion o f  m ix tu res  o f  methanol and h igher  a lcohols .  
product t y p i c a l l y  conta ins 40 percent  methanol and about 25 percent isobutanol .  
f o r  example ( 2 ) .  

L f q u i d  Hydrocarbons 

H i s t o r i c a l l y ,  1 i q u i d  hydrocarbons have been synthesized from hydrogenlcarbon 
mnox lde  mixtures v i a  Fischer-Tropsch technology us ing  i r o n  based c a t a l y s t s .  
Another o p t i o n  i s  now be ing  demonstrated commercial ly i n  New Zealand where 
methanol i s  produced from synthes is  gas and i m e d i a t e l y  converted t o  h igh octane 
gasol ine v i a  the Methanol t o  Gasoline (MTG) process. 
Development Corporation has developed t h i s  process based on a ZSM-5 c a t a l y s t ,  
under a cos t  shared con t rac t  w i t h  DOE. 
developed w i t h  y i e l d s  as shown i n  Table 2. I n  recent  years, a more e f f i c i e n t  
f l u i d  bed concept has been demonstrated i n  a 100 bpd (methanol feed) p i l o t  p l a n t  
l oca ted  i n  West Germany. The p l a n t  operated very w e l l  a t  a l l  l e v e l s  i n c l u d i n g  a 
much h ighe r  than designed throughput. Most recen t l y  operat ing c o n d i t i o n s  f o r  the 
p i l o t  p l a n t  were changed i n  order  t o  produce l i g h t  o l e f i n s  r a t h e r  than gasol ine.  
The o l e f i n s  can be converted commercial ly t o  d iesel  f ue l  and/or gasol ine t o  o f f e r  
the market another opt ion.  
equa l l y  by the U.S. Government, the W. German Government and an i n d u s t r i a l  
c o n s o r t i m  cons is t i ng  o f  two German f i rms  w i t h  Mobil .  

Mobil  a l so  has been a c t i v e  i n  a cost-shared p r o j e c t  us ing a l i q u i d  phase 
Fischer-Tropsch reac to r  fo l lowed by a second stage reac to r  w i t h  z e o l i t e  c a t a l y s t  
t o  produce gasol ine and wax which can r e a d i l y  be cracked t o  produce d iese l  f u e l  
( 3 )  ( 4 ) .  Table 3 provides data on y i e l d  s e l e c t i v i t y  from the f i r s t  stage i n  low 
wax mode o f  operation. This  p r o j e c t  prov ided an empir ica l  c o r r e l a t i o n  between 
methane and wax y i e l d s  us ing  a p r e c i p i t a t e d  i r o n ,  copper, potassium c a t a l y s t .  
M o b i l ' s  bench scale research has a l s o  i nc luded  f i r s t  stage reac to r  ope ra t i on  i n  a 
h igh  wax mode. 

The base l i n e  technology aga ins t  which process improvements are measured i s  t h a t  
found a t  the Sasol p lan ts  i n  South A f r i ca .  These comnercial p lan ts  owned by the 
South A f r i c a n  Coal, O i l ,  and Gas Corp.. L td .  produce an est imated 90.000 bpd o f  
d iese l  f u e l  and gasol ine. Lu rg i  d ry  bottom coal g a s i f i e r s  prov ide the synthes is  
gas wh i l e  Arge f i x e d  bed reac to rs ,  and Synthol f a s t  f l u i d  bed reac to rs ,  produce a 
broad mixture o f  f ue l s  and chemicals which have t o  be f u r t h e r  processed t o  
marketable products ( 5 ) .  

Dur iny recent  years, the MITRE Corp. McLean, VA, has pu t  the 5asol and o the r  
process schemes on a common bas is  so t h a t  product  costs  can be compared. Table 4 
prov ides r e l a t i v e  costs  f o r  d i e s e l  f u e l  o r  gasol ine (both having the same market 
va lue) .  A l l  p l an ts  are considered t o  be l oca ted  i n  the U.S. and the  feed coal i s  
Western subbituminous. For the advanced processes, the B r i t i s h  Gas Corp. (BGC) 
L u r g i  g a s i f i e r  i s  used. 
t he  l i q u l d  phase data repo r ted  by Prof .  H. Kolbe l  from operat ions i n  Germany 
durlng the 1950's ( 4 ) .  

The a lcohol  

Mobil Research and 

A f i x e d  bed reac to r  system was f i r s t  

Th is  p r o j e c t  i n  West Germany has been supported 

The l i q u i d  phase Mobi l  two-stage process i s  compared w i t h  

C a t a l y s t  Research 

P r a c t i c a l  ca ta l ys ts  must meet several c r i t e r i a  b u t  one proper ty  has eluded 
researchers i n te res ted  i n  producing hydrocarbons w i t h  more than one carbon atom. 
That  proper ty  i s  s e l e c t i v i t y  t o  produce p r e c i s e l y  the des i red product. When one 
th inks  0 1  s e l e c t i v i t y ,  one t h i n k s  o f  shape s e l e c t i v e  supported ca ta l ys ts ,  
homogewous c a t a l y s t s  and enzymes or o the r  b i o l o g i c a l  approaches. While work ing 



w i t h  a synthes is  gas feedstock, one i s  tempted a l so  by the p o s s i b i l i t y  o f  
combining the carbon monoxide ac t i va t i on lhyd rogena t ion  steps w i t h  shape 
s e l e c t i v i t y  i n  one c a t a l y s t  formulat ion.  i n  one reac to r .  A l l  o f  these concepts 
a re  being i nves t i ga ted  i n  a con t inu ing  research e f f o r t  w i t h  the expectat ion t h a t  
the r e s u l t s  w i l l  b e t t e r  descr ibe the r e a c t i o n  chemist ry  leading i n  t u r n  t o  new and 
g rea t l y  improved c a t a l y s t s .  

Reactor Technology 

l i q u i d ,  o r  s l u r r y  phase, reac to rs  are recognized as having a p o t e n t i a l  t o  
s i g n i f i c a n t l y  improve thermal e f f i c i e n c y  over more t r a d i t i o n a l  reac to r  designs f o r  
h i g h l y  exothermic reac t i ons .  
l i q u i d  phase reac to rs ,  b u t  we need much more data descr ib ing the hydrodynamics o f  
such systems under process cond i t i ons .  Actual ope ra t i ng  data are requ i red  f r o n  a 
reactor  which can be operated i n  a commercial ly v iab le  churn t u r b u l e n t  f l ow  
regime. Resul ts  f rom research t o  date a re  encouraging i n  processing a lower H2/C0 
r a t i o  syngas and producing a f l e x i b l e  product  s la te .  The l i q u i d  phase 
Fiscber-Tr8psch r e a c t o r  a l so  operates a t  a h igher ,  more product ive,  temperature 
(260 C-270 C) than i s  f e a s i b l e  w i t h  the Arge or Synthol reac to rs  us ing the cu r ren t  
i r o n  c a t a l y s t  a t  Sasol. 

A number o f  e x i s t i n g  p r o j e c t s  are i n v e s t i g a t i n g  

CONCLUSION - 

It i s  a p leasuw t o  repo r t ,  however b r i e f l y ,  the progress being made i n  new 
approaches t o  the synthes is  o f  l i q u i d  f u e l s  from coal der ived syngas. 
recen t l y  demonstrated s e l e c t i v i t y  and e f f i c i e n c y  of producing hydrocarbon f u e l s  
from mwthanol i s  outs tanding.  Improvements are being demonstrated i n  s e l e c t i v i t y  
for higher a lcohol  product ion and i n  making e f f i c i e n t  use o f  l i q u i d  or  s l u r r y  
phas:’ re.?ctors. 

k .e , the less ,  we have t o  conclude t h a t  no one has the technology today t o  produce 
i i q u i d  f u e l s  f r o n  coal de r i ved  synthes is  gas a t  a cos t  compet i t ive w i t h  near term 
p e t r n l e m  der ived f u e l s  i n  a t y p i c a l  i n d u s t r i a l  environment. Although the feed 
gas accounts f o r  about two- th i rds  o f  the cos t  o f  the l i q u i d  fue l  i n  a 
Fischer-Tropsch p lan t ,  the l i q u i d  synthes is  can be g rea t l y  improved t o  c o n t r i b u t e  
major savings. E x i s t i n g  technology t o  d i r e c t l y  conver t  synthesis gas t o  l i q u i d  
hydrocarbons i s  non-se lect ive r e q u i r i n g  extens ive downstream processing. L i q u i d  
fue l  product ion v i a  methanol uses two s e l e c t i v e  process schemes, b u t  they cannot 
be c lose ly  i n teg ra ted ,  a t  present, f o r  maximum e f f i c i e n c y .  N e w  approaches may 
prov ide so lu t i ons  b u t  u n t i l  then we need t o  pursue avenues suggested by cu r ren t  
research. A s l u r r y  reac to r  o f f e r s  constant  temperature operat ion w i t h  c a t a l y s t  
a d d i t i o n  and wi thdrawal  c a p a b i l i t y .  Can p r o d u c t i v i t y  be improved w i t h  h igher  
c a t a l y s t  loading? Can wax produced i n  the reac to r  be e f f i c i e n t l y  removed and 
separated from the c a t a l y s t ?  What i s  the p o t e n t i a l  f o r  new reac to r  designs? For 
continuous s t i r r e d  tank reac to rs?  Does c a t a l y s t  metal p a r t i c l e  s i ze  a f f e c t  o r  
Contro l  s e l e c t i v i t y ?  Do homogeneous c a t a l y s t s  have any r o l e  i n  hydrocarbon, as 
d i s t i n c t  from a lcohol ,  synthes is? Can p r a c t i c a l  b i - f u n c t i o n a l  c a t a l y s t s  be 
developed t o  conver t  syngas t o  hydrocarbon l i q u i d s ?  Can by-product methane be 
converted d i r e c t l y  and e f f i c i e n t l y  t o  l i q u i d  f u e l ?  

Successful r e s u l t s  from research e f f o r t s  now underway w i l l  go f a r  i n  answering 
these questions, and the  data w i l l  be a v a i l a b l e  f o r  use by i ndus t r y  whenever i t  i s  
requ i red  i n  the Un i ted  States. 

The 
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TABLE 1. L i q u i d  Phase Methanol Process 
Typica l  Reactor Feed Gas Compositions (6)  

Methanol / Power Production A1 1 -Methanol Product 
(CO-Rich Feed) (Balanced Feed) 

"2 

co7 
co 

35.0 Mole % 
51 .O 
13.0 

55.0 Mole % 
19.0 

5.0 
3.0 co, -- 

I n e r t s  1.0 18.0 
100. or: 100.OL 

H2/C0 0.69 2.89 

TABLE 2. MTG Process - Typica l  Y ie lds  from Methanol 
i n  F ixed Bed Reactor System ( 7 )  

-__I____ 

Yields, w t .  percent  o f  methanol charged 

Met ha no 1 
Hydrocarbons 
Water 
co, cop 

0.00 
43.66 
56.15 
0.04 

Coke, oxygenates 0.15 
Tota l  100.00 

Yie lds,  w t .  percent  o f  hydrocarbon product  

Gasoline ( i n c l u d i n g  a l ky la te * )  85.0 
LPG 13.6 
Fuel gas 1.4 

Tota l  100.0 

93 unleaded RO no. Wi thout  a l k y l a t e  gaso l i ne  i s  80.0%. 
A l k y l a t e  i s  process de r i ved  f r o m  propyleng butenes and 
isobutane. 
2.17 MPa (314 ps ia ) .  

Reactor i n l e t  temperature 316 C; pressure 
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TABLE 3. Mobil Liquid Phase Fischer-Tropsch 
Summary of Data from Low-k'ax Operation* 

.- 

Yields, w t .  percent product 

C1 
cz/cz = 

c3/c3 = 

c4/c4 = 

C4 oxygenates 

'5-'11 
c12-c18 
'1 9-'2 3 
CZ3+ wax 

Total 

7.5 
1.6/3.0 
2.0/8.0 
2.116.6 

5.1 
39.4 (2.5)** 
14.3 (0.8)** 
2.9 (0.04)** 

7.5 
100.0 

Bubble column reactor ,  26OoC 1.52 MPa, H / C O  = 0.67, Fe/Cu/K catalyst .  
2.75 NL syngas/gFe/hr. 86 mole X syngas $onversion, 800 g hydrocarbonslg Fe 
ca t a lys t  l i f e .  

'* Numbers in parenthesis a r e  oxygenates. 

TABLE 4. Comparative Costs fo r  Fischer-Tropsch 
Synthesis ( 4 )  

.- -~ 

llnit product cost*, market basis,  a l l  l iquid output 

- Case Relative Cost 

Modified Sasol (BGC Lurgi/Synthol) 0.83 
L i q u i d  Phase Fischer-Tropsch (6GC Lurgi/Kolbel) 0.69 
Liquid Phase Fischer-Tropsch (BGC/Mobil)** 0.73 

** Upgrading of Fischer-Tropsch l iquids  to  marketable fuels  based 

Sasol (dry LurgilSynthol) 1 .oo 

All l iquid hydrocarbon fuels valued the same. 

on ZSM-5 ca t a lys t .  
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RECENT DEVELOPMENTS I N  SASOL FISCHER-TROPSCH TECHNOLOGY 

MARK E DRY 

R & D DEPARTMENT 
P 0 BOX 1 

SASOLBURG 9570 
REPUBLIC OF SOUTH AFRICA 

When consider ing improvements i n  t h e  Fischer-Tropsch (FT)  r o u t e  f o r  producing 
l i q u i d  fue ls  from coa l ,  i t  i s  important t o  bear i n  mind the r e l a t i v e  costs  o f  
t he  various process steps. An approximate cost breakdown f o r  a t y p i c a l  p lan t  i s  
as fo l l ows :  

Synthesis gas p roduc t i on  58 % 
FT synthesis 18 % ( p l a n t  15 %; Ca ta l ys t  3 %) 
Product separat ion 12 % 
Ref inery 10 % ( o l e f i n  o l i gomer i za t i on  4 % )  
Diverse 2 %  

The advantage o f  a b i g  improvement i n  the  s e l e c t i v i t y  o f  the FT synthes is  (an 
i dea l  case would be one which on ly  produces gasol ine and d iesel  f u e l )  i s  t h a t  
t h i s  would lower t h e  costs  o f  both the  product separation and the r e f i n e r y  
sections, which, together  account f o r  22 % o f  the t o t a l .  Obvious provisos, 
however, are t h a t  t h e  cos t  o f  the c a t a l y s t  should no t  be markedly increased and 
t h a t  i t s  conversion a c t i v i t y  should remain high otherwise the gains i n  say the  
r e f i n e r y  would be negated by increased FT synthes is  costs. E l i m i n a t i o n  o f  
c e r t a i n  products do not  necessar i ly  improve the  economics. I f  t h e  FT process 
made no ethylene, t h e  expensive cryogenic separat ion u n i t  could be rep laced by a 
cheaper process b u t  t h i s  would n o t  be a r e a l  ga in as the market value of  
ethy lene r e l a t i v e  t o  t h a t  o f  l i q u i d  f u e l s  j u s t i f i e s  i t s  recovery. A s i m i l a r  
s i t u a t i o n  holds f o r  the alcohols and ketones produced i n  t h e  FT process. I f  
these products were absent then the  expensive process o f  f i r s t  recover ing them, 
from .;he FT water and then r e f i n i n g  them would s i g n i f i c a n t l y  lower  the  o v e r a l l  
costs. (Note tha t  these products would have t o  be completely absent and n o t  j u s t  
lowered as the l a t t e r  would have l i t t l e  impact on the economics o f  recovery as 
t h e  volume o f  water t o  be processed would remain unchanged.) These low molecular 
mass a lcohols  and ketones, however, s e l l  a t  h igh  p r i ces  and fur:hermore the 
a lcohols  are va luable as gasol ine octane boosters. Thus t h e  product ion and 
recovery o f  these components are j u s t i f i e d .  

A t  Sasol -the aniount o f  methane produced f a r  exceeds the  need o f  t he  l o c a l  f u e l  
gas market and so the  CH i s  reformed w i t h  steam and oxygen t o  y i e l d  H and CO 
which i s  r ecyc led  t o  d e  FT synthesis u n i t s .  This re forming i s  o? course 
thermal ly  i n e f f i c i e n t  and r e s u l t s  i n  a (about 14 %)  l oss  o f  hydrocarbon produced 
from the reformed CH4. I n  the Sasol process the bulk  o f  the CH4 comes n o t  from 
Fischer-Tropsch b u t  from the Lu rg i  coal g a s i f i c a t i o n  process and so t o  e l im ina te  
CH4 reforming would requ i re  an a l t e r n a t i v e  g a s i f i c a t i o n  process. Conf in ing the 
issue to on ly  the FT process, i f  a zero C 1  t o  C3 s e l e c t i v i t y  could be achieved 
w i t h  on l y  gasol ine and d iese l  f u e l  be ing produced, i t  i s  est imated t h a t  t he  
o v e r a l l  cost  of t h e  process could be c u t  by about 5 % -  Because the c a p i t a l  
ou t l ay  f o r  a b i g  commercial p l a n t  i s  huge, t h e  5 % saving i s  very s i g n i f i c a n t -  

To date, however, t he  attainment o f  a b i g  improvement i n  the FT s e l e c t i v i t y  has 
been an e l u s i v e  goal .  A l l  t h e  proposed mechanisms o f  the r e a c t i o n  i nvo l ve  the  
concept of stepwise a d d i t i o n  o f  s i n g l e  carbon e n t i t i e s  t o  the growing 
hydrocarbon chains on t he  c a t a l y s t  surface ( 1 ) .  This i n e v i t a b l y  leads t o  a wide 
d i s t r i b u t i o n  o f  products. By manipulat ing t h e  c a t a l y s t ' s  f o rmu la t i on  and/or t h e  
process cond i t i ons  the p r o b a b i l i t y  o f  chaingrowth can be var ied bu t  the r e s u l t  
i s  simply t h a t  i f  t h e  product ion of C1 to c 3  hydrocarbons 1s lowered the  

( coa l  g a s i f i c a t i o n  53 %; CH4 re forming 5 %) 

(cryogenic  4 %; Alcohols & ketones 4 % )  
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production of the products heavier than d iese l  fue l  increase.  The maximum of t h e  
sum of gasol ine plus d iese l  fuel  l i e s  in t h e  v i c i n i t y  of 60 % ( 1 ) .  To improve on 
t h i s  appears t o  require  e i t h e r  a new kind of c a t a l y s t  with a d i f f e r e n t  mechanism 
or  to  superimpose some secondary c a t a l y t i c  ac t ion  such as o l e f i n  ol igomerizat ion 
and/or wax cracking. 

To da te  Sasol has exclusively used i ron based c a t a l y s t s  in the FT process not 
only because iron i s  cheap b u t  a lso because the products a r e  r i c h e r  i n  o l e f i n s  
t h a n  those normally produced by other  metals a c t i v e  in  the  FT reac t ion .  The 
l i g h t e r ,  C to C , o l e f i n s  a re  readi ly  oligomerized t o  e i t h e r  gasol ine o r  d iese l  
thus givin6 the $vera11 process a high degree o f  f l e x i b i l i t y  regarding t h e  r a t i o  
of gaso l ine  t o  d iese l  fue l  produced. A major drawback of i ron  c a t a l y s t s  a t  
temperatures above say 270 "C i s  tha t  carbon deposi t ion occurs. This, f o r  mainly 
mechanical reasons (eg,  d i s in tegra t ion  of the  p a r t i c l e s )  r e s u l t s  in shor te r  
reac tor  on-l ine times which means both a higher c a t a l y s t  consumption r a t e  and 
more reac tors  required per uni t  of gas converted. A t  the  temperatures a t  which 
metals l i k e  cobal t  o r  ruthenium are  ac t ive  in  the FT synthes is ,  very l i t t l e  
carbon i s  deposited and so these  metals have a t t r a c t e d  a t t e n t i o n  as a l t e r n a t i v e  
c a t a l y s t s .  On a u n i t  mass bas i s  the cos t  of cobal t  i s  about 250 times t h a t  of 
the i ron used a t  Sasol while t h a t  o f  ruthenium i s  about 20 000 times t h a t  of 
i ron.  To make coba1.t competitive w i t h  i r o n ,  a much lower mass per volume of 
c a t a l y s t  wil l  have t o  b e  employed, the c a t a l y s t  l i f e  wil l  have t o  be longer 
(with i t s  a c t i v i t y  and s e l e c t i v i t y  as  good o r  b e t t e r  than t h a t  of i r o n )  and the 
spent c a t a l y s t  wi l l  h a v e  t o  be regenerated f o r  re-use. While these  objec t ives  
may well be met with cobal t ,  t h e  case f o r  ruthenium i s  bleak. Put t ing  as ide  the  
pr ice ,  i t  can be shown t h a t  f o r  only a s i n g l e  Sasol commercial p lan t  one would 
requi re  more t h a n  the e n t i r e  ava i lab le  world stock of ruthenium t o  produce t h e  
needed c a t a l y s t  charge which would only contain 0 ,5  mass % of Ru on a typical  
support. The production of Ru and o t h e r  noble metals such as  R h ,  i s  e n t i r e l y  
linked to  the demand f o r  P t -  

While Sasol remains committed t o  developing c a t a l y s t s  with longer l i v e s  and 
improved s e l e c t i v i t i e s  these  objec t ives  a re  seen as  longer termed. In the shor t  
term inves t iga t ions  have concentrated on increasing t h e  production per r e a c t o r ,  
developing lower cos t  reac tors  and optimizing the product spectrum by improving 
the processes downstream of the  FT r e a c t o r s .  Several of these new developments 
a r e  in the  process of b e i n g  commercialized. 

Kinet ic  inves.Ligations had indicated and p i l o t  plant  t e s t s  had confirmed t h a t  
f o r  both f ixed bed tubular  and f lu id ised  bed reac tors  the  production per uni t  
volume of c a t a l y s t  could be raised by simultaneously increasing the  operat ing 
pressure and the  volume of feed gas t h u s  maintaining a f ixed l i n e a r  v e l o c i t y ,  i e  
a f ixed residence time in  the reac tors  ( 1 ) .  Sasol recent ly  decided t o  bui ld  an 
addi t ional  commercial f ixed  bed tubular  r<ac tor . to  increase the production of FT 
waxes. This reac tor  wi l l  operate  a t  a pressure considerably higher t h a n  t h e  
reac tors  cur ren t ly  i n  use. 

The Synthol r e a c t o r s ,  which a r e  the "work horses" of the  Sasol FT process ,  a r e  
c i r c u l a t i n g  f lu id ized  bed (CFB) types with c a t a l y s t  flowing down a s tandpipe on 
one s i d e  and u p  a r i s e r  on the  o ther  s i d e  ( s e e  Figure 1 ) .  These u n i t s  a r e  
a l ready very la rge  and there  a r e  doubts whether .they could be scaled u p  f u r t h e r  
by e i t h e r  increasing t h e i r  diameter or  r a i s i n g  the operat ing pressure .  As an 
a l t e r n a t i v e  Sasol has been inves t iga t ing  f o r  some time the f ixed  f l u i d i z e d  bed 
(FFB)  system. I n  t h i s  r e a c t o r  the c a t a l y s t  i s  not c i r c u l a t e d  b u t  remains 
"s ta t ionary"  as  an ebulat ing bed with the  gas enter ing a t  the bottom. This 
r e a c t o r  i s  considerably smaller  and so should be cheaper t o  cons t ruc t ,  s impler  
t o  operate  and increasing t h e  operat ing pressure presents  no mechanical 
problems. A n  addi t ional  advantage o f  higher pressure in t h e  case of i ron 
c a t a l y s t s  operating a t  high temperatures i s  t h a t  t h e  r a t e  of carbon deposi t ion 
on the c a t a l y s t  decreases  ( 1 )  which f o r  the reasons already mentioned, should 
r e s u l t  in longer l i f e  cataly?ts .  A demonstration FFB uni t  has been operat ing a t  
t h e  Sasolburg p lan t  f o r  some time and var ious design aspec ts  have been 
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invest igated.  The design o f  a l a r g e  commercial s i z e  u n i t  i s  c u r r e n t l y  underway 
f o r  cos t  es t ima t ing  purposes and hope fu l l y  f o r  implementation i n  the near 
fu ture.  

Another reac to r  ve rs ion  being i nves t i ga ted  i s  t he  s l u r r y  phase reactor .  I n  
concept t h i s  i s  s i m i l a r  t o  the  FFB reac to r  but  t h e  f i n e l y  d i v ided  c a t a l y s t  i s  
suspended i n  a s u i t a b l e  l i q u i d ,  eg molten FT wax. Compared t o  the f i x e d  bed 
reac to r  it i s  cheaper t o  cons t ruc t  and because o f  t h i s  i t  may be a v iab le  
a l t e r n a t i v e  process f o r  producing FT waxes. A p o t e n t i a l  advantage o f  t h e  s l u r r y  
phase system i s  t h a t  w i t h  i r o n  c a t a l y s t s  i t  can operate i n  the temperature range 
260 t o  290 "C.  I n  t h i s  temperature reg ion a f i x e d  bed would p lug  up due t o  
carbon deposi t ion w h i l e  a "dry"  f l u i d i z e d  bed would " d e f l u i d i z e "  because o f  
c a t a l y s t  p a r t i c l e  agglomeration due t o  wax formation. To date the experimental 
i nves t i ga t i ons  a t  Sasol have been conf ined t o  5 cm ID p i l o t  p l a n t  reactors .  The 
next planned phase i s  t he  cons t ruc t i on  o f  a l a r g e r  p i l o t  reac to r  i n  order t o  
i nves t i ga te  the system a t  hydrodynamic cond i t i ons  l i k e l y  t o  e x i s t  i n  a 
commercial sca le r e a c t o r .  

With regards t o  process improvements downstream of the FT reac to rs  two c a t a l y t i c  
processes are being developed. FT waxes produced a t  low temperatures are 
e s s e n t i a l l y  s t ra igh t - cha ined  con ta in ing  no aromatics and are su lphur  and 
n i t rogen- f ree .  Because o f  these f a c t o r s  the wax can be hydrocracked under 
r e l a t i v e l y  m i l d  cond i t i ons  io y i e l d  up t o  80 % o f  h igh q u a l i t y  d iese l  f u e l .  
These r e s u l t s  have been independantly v e r i f i e d  by f i r m s  s p e c i a l i z i n g  i n  
hydrocracking and no problems are foreseen i n  commercial izing the process. 

L i g h t  o l e f i n  o l i gomer i za t i on  t o  gasol ine and d i e s e l  f u e l  has been commercially 
p rac t i ced  by Sasol f o r  many years b u t  the process which u t i l i z e s  a supported 
phosphoric ac id  c a t a l y s t  produces a l i g h t  d iese l  f u e l  which has a lowish 
v i s c o s i t y  and a very poor cetane number, the l a t t e r  being due t o  t h e  h igh degree 
of ske le ta l  branching. Because o f  t h i s  the amount o f  t h i s  f u e l  which can be 
added t o  the  o v e r a l l  pool i s  l i m i t e d  and so r e s t r i c t s  the f u l l  u t i l i z a t i o n  o f  
o l e f i n  o l i gomer i za t i on  t o  maximise d iese l  f u e l  product ion.  The- new generation 
ZSM-5 type z e o l i t e s  can completely remove the  above-mentioned l i m i t a t i o n s .  
Because of the h i g h  s t reng th  of t he  z e o l i t e  ac id  s i t es ,  a h igher  degree o f  
o l i gomer i za t i on  occurs which r e s u l t s  i n  a h igher  molecular  mass product w i t h  a 
h igher  v i s c o s i t y .  Because o f  t he  unique s i ze  o f  t h e  z e o l i t e  pores, it i s  
phys i ca l l y  impossib le  t o  produce h i g h l y  branched ol igomers and consequently the 
product d iese l  f u e l  has a h igh  cetane number. This  process has been thoroughly 
evaluated on p i l o t  p l a n t  sca le w i t h  FT feedstocks both at  Sasolburg and abroad. 
The b u i l d i n g  o f  a f u l l  sca le commercial p l a n t  i s  p resen t l y  under considerat ion 
as p a r t  of a debot t leneck ing process a t  Sasol 's  Secunda complex. A new z e o l i t e  
o l i gomer i za t i on  plan-c would not  on l y  process add i t i ona l  o l e f i n s  b u t  should also 
be able to  improve t h e  y i e l d  and q u a l i t y  o f  t he  o v e r a l l  d iesel  f u e l  pool. 

Table 1 i l l u s t r a t e s  t h e  s e l e c t i v i t i e s  (on a carbon atom bas is )  t y p i c a l l y  
obta ined i n  the  two types o f  commercial FT reac to rs  used by Sasol, namely, the 
h igh  temperature Synthol process (geared a t  making l i g h t  o l e f i n s  and gasolene) 
and the  lower temperature f i x e d  bed process (geared a t  making waxes). Applying 
t o  each of  chese product  streams, the  secondary processes p rev ious l y  discussed, 
namely, o l i gomer i za t i on  o f  t he  C t o  C o l e f i n s  t o  y i e l d  75 % d iese l  f u e l  and 
hydrocracking of t h e  wax t o  y ie?d  80 % d iesel  f u e l ,  the o v e r a l l  l i q u i d  f u e l  
s i t u a t i o n  obta ined i s  shown i n  Table 2. As can be seen h igh q u a l i t y  d iese l  f ue l  
a t  high y i e l d s  can be obta ined i n  both processes. When both maximum l i q u i d  f u e l  
y i e l d  and maximum d i e s e l  f u e l  t o  gasolene r a t i o  i s  required, the low temperature 
Arge FT process has the  g r e a t e r  p o t e n t i a l .  

REFERENCE 

(1) Cata l ys i s  Science and Technology, Vol 1, Ch. 4, Ed. by J R Anderson & 
M Boudart Spr inger  Ver lag 1981 
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TABLE 1 

COMPARISON OF THE STRAIGHT-RUN FT PRODUCTS FROM THE SYNTHOL AN0 ARGE REACTORS 

c u t  ISynthol h igh  temperature IArge low temperature 

c1 + c *  I 16.0 I 5.4 

C3 t o  C 6  p a r a f f i n s  I 5.0 I a. 4 

C 7  - 160 " C  I 17. 2 I 8.0 

+350 "C I 7.8 I 48.1 

C3 t o  C6 o l e f i n s  I 33.5 I 7. 6 

160 - 350 " C  I 14.0 I 19.5 

Water so lub le  oxygenated 
compounds I 6.5 I 3.0 

TABLE 2 

COMPARISON OF THE TWO DIESEL PRODUCING SCHEMES 

c u t  I Synthol I Arge 

Tota l  f i n a l  l i q u i d  product I 80 I a7 

% d iese l  o f  l i q u i d  f u e l  I 55 I 75 

Diesel  source: 

- From o l igomer iza t ion  I 58 I 9 

- S t r a i g h t  run  I 31 I 30 

Wax c rack ing  I 11 I 61 

Cetane number o f  d iese l  pool I 53 I 67 

( A l l  f i g u r e s  are percentages except f o r  the cetane number) 
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PRODUCTlON OF SYNTHETIC GASOLINE 

AND DIESEL FUEL FROM NON-PETROLEUM RESOURCES 

By : 

S. A .  Tabak, A. A .  Avidan, F .  J. Krambeck 

Mobil Research and Development Corporation 
Research Department 
Paulsboro Laboratory 

Paulsboro, New Jersey 08066 

In late 1985, the New Zealand Gas-to-Gasoline Complex 
was successfully streamed producing high octane gasoline from 
natural gas. The heart of this complex is the Mobil fixed-bed 
Methanol-to-Gasoline (MTG) section which represents one of 
several newly developed technologies for production of synthetic 
gasoline and diesel fuels. A l l  of these technologies are based 
on production of methanol by conventional technology, followed by 
conversion of the methanol to transportation fuel. 

The fixed-bed (MTG) process has been developed and 
commercialized. The fluid-bed version of the MTG process, which 
is now also available for commercial license, has a higher 
thermal efficiency and possesses substantial yield and octane 
number advantages over the fixed-bed. Successful scale-up was 
completed in 1984 in a 100 BPD semi-works plant in Wesseling, 
Federal Republic of Germany. The project was funded jointly by 
the U.S. and German governments and by the industrial 
participants: Mobil; Union Rheinsche Braunkohlen Kraftstoff, AG; 
and Uhde, GmbH. 

This fluid-bed MTG project was extended recently to 
demonstrate a related fluid-bed process for selective conversion 
of methanol to olefins (MTO) . The MTO process can be combined 
with Mobil’s commercially available olefins conversion process 
(Mobil-Olefins-to-Gasoline-and-Distillate, MOGD) for coproduction 
of high quality gasoline and distillate via methanol. This MTO 
process was also successfully demonstrated at the Wesseling semi- 
works with this project being completed in late 1985. 

The key to all these processes (MTG, MTO, and MOGD) is 
Mobil’s unique family of shape selective zeolite catalysts. It 
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is this shape selectivity which in MTG/MTO inhibits coke-forming 
reactions and in MOGD allows production of a high quality diesel 
range (Clo-C20) iso-olefinic product, which is then hydrogenated 
to the corresponding iso-paraffins (Figure 1). 

A simplified schematic of the combined MTO/MOGD process 
is shown in Figure 2. Methanol is fed to the MTO unit where it 
is converted stoichiometrically to hydrocarbons and water 
byproduct. The hydrocarbons are separated into MOGD light olefin 
feed, an ethene rich fuel gas, and an aromatic gasoline stream 
which is routed to final product blending. MTO iight olefins are 
fed to the MOGD unit along with an MOGD gasoline recycle stream. 
MOGD product is then separated into raw distillate, gasoline, and 
small fuel gas and LPG streams. The raw distillate is 
hydrotreated at mild conditions to take full advantage of its 
cetane number potential. To improve liquid yield an optional 
alkylation unit can also be employed to react produced isobutane 
with light olefins. 

The combined process is highly flexible and can be 
operated to meet seasonal variation in fuels demand (Table 1). 
The D/G ratio can be adjusted between zero and about 1.5 while 
maintaining overall single pass gasoline plus diesel yield above 
90 wt % of hydrocarbons. Octane number of the finished gasoline 
exceeds 92 R+O (Research, unleaded). Distillate cetane number is 
about 50 and is essentially independent of feedstock and D/G mix. 

MTO reaction chemistry is nearly identical to that of 
MTG. In the simplified MTG reaction scheme (Figure 3), methanol 
is equilibrated to a methanol-dimethyl ether-water mixture, and 
then dehydrated further to a mixture of C5- olefins. The light 
olefins react reversibly to heavier olefins, which convert 
further to aromatics and paraffins. In contrast to MTG, MTO 
process conditions are selected to maximize olefins yield. A 
small amount of highly aromatic gasoline is also produced. The 
light olefin fraction is an excellent feedstock for the MOGD 
unit. 

The MTO initial process step preferentially converts 
methanol to light olefins and a lesser amount of aromatic 
gasoline having an octane number of greater than 98 R+O. 
of Cg ,olefins is 50-75 wt % of hydrocarbon, depending on process 
conditions. 

A fluid-bed reactor configuration (Figure 4) is 
preferred as it permits steady-state operation at maximum olefin 
selectivity and complete methanol conversion. The exothermic heat 
of reaction can be recovered by immersing heat exchange coils 

Yield 

294 



directly in the catalyst bed. Overall thermal efficiency of the 
MTO reactor section is estimated to be 95-96%. 

The second step of this route is the MOGD process. This 
process reacts light olefins to the final gasoline and diesel 
product. In this process, gasoline and diesel selectivity is 
greater than 95% of the light olefin feed, and gasoline/diesel 
product ratios have been produced ranging 0.12 to >loo.  Because 
of the catalyst shape selectivity, most products are methyl 
branched iso-olefins. In the C5-Cl0 range, branched iso-olefins 
have good octane rating. 
hydrogenation, isoparaffins have good dlesel fuel properties. 

In the Cl0 to.CZO range, after 

Figure 5 shows the schematic flow for a commercial MOGD 
plant. The preferred process flow generally uses four fixed-bed 
reactors, three on line and one in regeneration. The three on 
line are in series with inter-reactor coolers and liquid recycle 
to control the heat of reaction. The olefinic feed is mixed with 
a recycle stream and passes through the three reactors. After 
exiting the last reactor, fractionation is used to generate a 
gasoline-rich stream for recycle to the reactors. This recycle 
helps control the heat of reaction. 

MOGD distillate and gasoline mode product yields are 
shown in Table 2 for comparative purposes. The charge stock, 
propene/butenes (C -/C -), represent the main olefinic components 
of MTO product. A2 sh%wn C3-/C4- yielded 79% diesel, 18% 
gasoline and only 3% light gas. Of the nonolefins in MTO 
product, all saturated compounds (paraffins and cycloparaffins) 
will pass through MOGD unreacted and thus can be left in _the 
feed. Of the range of potential olefin feeds, C - to Cl0-, all 
give distillate and gasoline. Gasoline mode MOG8 yields are also 
shown. If desired, a single MOGD plant can be designed to shift 
from gasoline to distillate mode to accommodate shifts in product 
demand. 

Table 3 shows representative MOGD distillate product 
properties (after hydrotreating) compared with U.S. industry 
standards. A s  diesel, the paraffinic MOGD fuel is low density 
but is an exceptionally good blending stock due to its low pour 
point and negligible sulfur content. Vehicle testing has also 
shown straight MOGD diesel to perform similarly to conventional 
diesel fuel. 

Because of its essentially pure iso-paraffinic 
structure, the MOGD product makes excellent Jet Fuel, meeting or 
exceeding all commercial and military specifications (Jet A, A-1, 
U.S. Military JP-4, -5 and -7). 
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Large Scale Testing 

In late 1981, a large scale MOGD test run was made in a 
Mobil refinery. The test run used commercially produced zeolite 
catalyst in refinery scale equipment and was carried out 
successfully for 70 days. 

The unit was a commercial wax hydrofinisher modified to 
duplicate a prototype design using 3 MOGD reactors. Charge stock 
was a mixt.ure of propane/propene/butanes/butenes (62% olefins) 
pumped directly from an FCC unit. The test run had four 
objectives: demonstrate all modes of operation in commercial 
scale equipment, demonstrate controllability in a large 
multireactor adiabatic unit, demonstrate catalyst regenerability, 
and provide sufficient distillate product for fleet testing. All 
objectives were met, and over the 70-day run, product yields and 
selectivities were the same as found in our pilot plant; thus, 
demonstrating MOGD could be scaled up for commercial application. 

The MTO process has presently been scaled up 
successfully in a 100 BPD fluid-bed semi-works in Germany. The 
100 BPD plant was started up February, 1985 after completing 
modifications required to enable extended operation at MTO 
conditions. Plant operation was terminated in November 1985 
after a successful six months on-stream program. Product yields 
and catalyst performance were similar to those obtained in a 4 
BPD pilot plant at Mobil’s Paulsboro Laboratory, under the same 
conditions. With completion of the 100 BPD MTO program, large 
scale testing is completed for both steps of the MTO/MOGD process 
route, completing development of a novel and efficient route to 
synthetic gasoline and diesel. 

/nj h 

Table 1 

MTO/MOGD PRODUCT YIELDS 

Distillate/Gasoline Ratio 

Product Yield, Wt !4 

LPG 
Gasoline 
Diesel 

Product Quality 

Gasoline, R+O 
M+O 
(R+M)/2 

Diesel Cetane Number 

0 . 8  

4.4 
52.0 
42.7 

100.0 

84 .4  
80.6 
87.5 

60.0 
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Table 2 

'1-'3 

c4 
C5-1650C Gasoline 

165'C+ Distillate 

C5-2OO'C Gasoline 

200' C+ Dis ti 1 late 

MOGD P-ROCE-SS YIELDS 
C3-/C,- FEED 

Diesel Fuel 

Specific Gravity, 15'C 
Pour Point, 'C 
Cetane Number 
Sulfur, Wt % 
Viscosity, cs 0 40°C 

Jet Fuel 

Max 
Distillate 

Mode 

1 

2 

18 

79 

Table 3 

MOGD PRODUCT QUALITY 

MOGD Product 

Freeze Point, 'C 
Aromatics, v01 56 
Smoke Point, mm 
JFTOT, 'C 

.79 
<-50 
50 

< .002 
2.5 

<-60 
4 
28 
343 

Gasoline 
Mode 

4 

5 

- 
84 

7 

Industry 
Standards 

.84-. 88 
-7 
45 

1.90-4.1 
0.5 max 

-40 
25 max 
18 min 
260 
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Figure 4 

100 BID FLUID-BED MTO PLANT 
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LCI CO-PROCESSING: A FAMILY OF TECHNOLOGIES 
FOR UPGRADING LOW GRADE FEEDSTOCKS 

Marvin Greene 
Avinash Gupta 
William Moon 

LUMMUS CREST INC. 
1515 Broad Street 

Bloomfield, NJ 07003 

INTRODUCTION 

The Western Hemisphere and North Sea oil producers have been 
experiencing a serious decline in light oil production and light 
oil Iffind" rates. In spite of aggressive drilling programs, 
"finds" over the past fourteen years have been about 60 percent 
of production (1). In seeking continued production of refined 
petroleum products, refiners will have to consider processing of 
bottom-of-the-barrel feedstocks to a much greater extent. When 
one superimposes the additional issue of the 
politically-controlled availability of Mid-East petroleum 
supplies in the Western World, it is clear that there is a need 
for technology that will afford the refiner greater flexibility 
in feedstock selection and feedstock processability. 

One potentially attractive route to satisfying these needs is the 
co-processing of petroleum feedstocks with other more plentiful 
and less costly fossil fuels. Lummus Crest Inc. (LCI) has 
formulated a concept for co-processing bottom-of-the-barrel oils 
with coal and other solid carbonaceous feedstocks to produce high 
quality distillate fuels. The concept is based on a two-stage 
approach in which the solid carbonaceous feedstocks are converted 
to liquid hydrocarbonaceous materials in a thermal reaction zone 
devoid of externally-supplied catalysts followed by catalytic 
hydroprocessing of the thermal stage products together with 
petrolea in an expanded-bed hydrotreater. The unconverted solids 
from the thermal reactor can optionally be removed by known 
solids separation techniques, such as Anti-Solvent Deashing 
(ASDA), prior to upgrading in the expanded-bed hydrotreater. A 
distillate fraction from the hydrotreater can be recycled to 
Serve as the slurry vehicle for the solid carbonaceous feedstock. 

Co-processing of heavy petroleum residua and coal has been the 
subject of a 33-month experimental program currently being 
carried out at LCIIs Engineering Development Center under joint 
funding with the U . S .  Department of Energy. Details of this work 
have been presented elsewhere (2,3). Currently, we envision a 
common reaction system that can co-process petroleum residua with 
other carbonaceous feedstocks] such as oil shale and biomass, in 
addition to coal. 
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LCI CO-PROCESSING FLQWSCHEMES 

With current refinery technology, heavy petroleum residua 
characterized by high metals content and high coking propensity 
can be processed by either carbon-rejection technology such as 
delayed or fluid coking; by hydrogen-addition technology such as 
fixed-bed or expanded-bed hydrogenation; or by combinations 
thereof. Two co-processing applications based on 
hydrogen-addition technology are disclosed here. 

With current commercial residuum hydroprocessing technolog&es, 
convgrsion is limited to about 50  to 6 0  percent to IBP-524 C 
( 9 7 5  F) distillates. The unconverted resid from the hydrotreater 
is either processed further in a coker to recover additional 
distillates and a coke product or blended off with available low 
sulfur fuels. The unconverted residuum that has been subjected 
to catalytic hydrogenation has potentially good properties as a 
solvent for liquefaction of coal, biomass and oil shale. 

Figure 1 is a schematic flow diagram of a co-processing scheme 
for utilizing the unconverted resid from a residuum hydrotreater. 
The short contact time (SCT) thermal reactor system has been 
demonstrated at the 300 kg/day (1/3 tpd) scale in LCIfs 
Integrated Two-Stage Liquefaction (ITSL) process development unit 
( 4 )  as well as at the 5 4 4 8  kg/day ( 6  tpd) scale at the 
Wilsonville pilot plant ( 5 ) ,  both on Coal products only. The SCT 
concept is predicated on the fact that the rate of activation of 
fossil-derived o i l  precursors is relatively fast with respect to 
the rate of hydrocracking of these intermediate products to all 
distillate products. On this basis, the ITSL process ffdecouplesff 
the primary fossil liquefaction step from the secondary 
hydrocracking step. Accordingly, we have projected that there 
will be capital cost savings in a commercial plant in which the 
primary liquefaction step is carried out in a relatively 
low-cost, fired-coil reactor system as compared to a larger, high 
pressure soaker-reactor system. Furthermore, the more 
capital-intensive catalytic step could then be optimized to 
hydrocrack the extracts without being constrained by the need to 
simultaneously solubilize the solid carbonaceous feedstock. 

An alternative co-processing application is shown schematically 
in Figure 2 .  
factors: 

This application is predicated on the following 

o The feedstock cost of liquid products from the 
hydroliquefaction of coal, oil shale and biomass is significantly 
less than that of petroleum as seen from the following table: 
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Table 1 

Typical Feedstock 
Feedstock cost of 
Transfer 
Price Liquids 

S/kg $/ton S/MM Btu S/M3 S/Bbl 

Raw 
Feedstock 

Bituminous 
Coal 

Kentucky 
Shale 

Wood Chips 

Municipal 
Solid Wastes 

Typical 
Liquids 
Yields 

lo3 M3/Kg g/t 

0.70 166 

0.10 24 

0.50 120 

0.25 60 

0.033 30 1.25 47 7.50 

0.004 4 0.66 44 7.00 

0.022 20 1.40 44 7.00 

0.009* 8* 0.85* (35) (5.60) 

* Denotes tipping fee paid by solid waste collector. 
( ) :  Denotes credit for MSW feedstock against product liquids. 

o A raw syncrude can probably be generated in a thermal reaction 
system, such as an SCT heater, at an incremental cost competitive 
with that of imported petroleum crude when the conversion units 
are constructed and operated on an over-the fence basis adjacent 
to a large petroleum refinery. 

o There is good indication that there will be a beneficial 
synergism during catalytic hydrotreatment when co-processing 
synfuels products from an SCT reactor with vacuum residua. The 
synergism may take the form of increased distillate yield and/or 
improved desulfurization/demetallization at conventional 
hydrocracking operating severities. 

0 There should be no significant deterioration of the hydrogen 
content-molecular weight relationship (Stangeland surface) of the 
distillate products when the syncrude content of the combined feed 
to the hydrocracker is less than about 20 percent (6). 

DEVONIAN SHALE RESOURCES 

The Devonian oil shale resource of the Kentucky-Ohio-Tennessee 
region of the U.S. has the potential of providing a significant 
percentage of our refinery feedstock needs. Until recently, U.S. 
oil shales were considered unsatisfactory resources because of 
their relatively low oil yields in the Fischer Assay test and in 
conventional retorting. Fischer Assay oil yields per unit weight 
of organic carbon obtained with the Devonian marine shales have 
been less than half of those obtained from the Eocene lacustrine 
shales (Green River formation) of Colorado, Utah and Wyoming. The 
shale resources recoverable by surface mining in the Lewis and 
Fleming County, Kentucky region alone could generate shale liquids 
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corresponding to about 12,000 M3/day (750,000 bbl/day) for 20 
years. 

Previous efforts (7,8) have clearly demonstrated that hydrogen 
addition or hydroretorting technologies can result in 
significantly higher oil yields from Devonian shales than can be 
achieved by thermal retorting technologies, on the order of 200 to 
250% of that of Fischer assay. These studies also concluded that 
a commercial-scale application of hydroretorting technologies has 
potentially favorable economics. 

However, without some type of government subsidy, a grass-roots 
shale conversion facility still cannot compete on the open market 
with current petroleum prices. 
represents a possibly nearer-term economic reality when applied in 
an over-the-fence relationship with an interested refiner. By way of example, assume an 3xisting hydrocracker is processing a Yirgln 
resid priced at $157/M ($25/bbl). For the case of a 8594 M /day 
(54,000 Bbl/day) unit, if we back off 20% fcjed or 1717 M /day 
(10,800 Bbl/day) and replace this by 1717 M /day (10,800 Bbl/day) 
of shale liquids, then there should be no significant 
deterioration of the distillate product characteristics. 
words, the co-processing liquids should respond in conventional 
downstream refinery processing units essentially similar to that 
of the straight run petroleum-derived liquids. yith oil shale 
priced at $0.004/Kg ($4/tOn) and resid at $157/M ($25/bbl!, the 
differential cash flow available for a) amortizing the capital 
equipment associated with shale preparation, spent shale disposal 
and the SCT reaction system and b) operating costs is estimated to 
be about $64MM per year. Assuming 20% capital charges and 
operating costs (ex. shale) of $0.006/Kg ($5.75/ton) ( E ) ,  this 
cash flow would correspond to an installed capital cost for the 
upstream shale processing equipment of about $140 HM. 

Some preliminary screening tests were made in the batch autoclave 
reactor system at LCI’s Engineering Development Center. 
simulated the SCT reaction system in which the oil shale samples 
were first extracted under short-contact-time conditions. This 
was followed by blending of the SCT products with B w r a b  Heavy 
vacuum residua and hydrotreatment in an LC-Fining simulation 
test unit. The results of these tests will be reviewed at the 
Symposium. 

The LCI co-processing concept 

In other 

The tests 

(SM)LC-Fining is a service mark of Lummus Crest Inc. for 
engineering, marketing and technical services related to 
hydrocracking and hydrodesulfurization processes for reduced crude 
and residual oils. 
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BIOMASS RESOURCES 

Biomass materials either virgin in nature such as trees, crops and 
vegetation or as waste such as refuse-derived fuel (RDF) represent 
an energy source much like conventional fuels. They vary in 
composition, density, heating value and other properties. 
Recycling them as industrial fuel has the added advantage of 
minimizing the severe and continuing problems associated with 
solid waste disposal. The total estimated quantity of organic 
wastes generated in 1980 (9) in the U.S. was about 1 trillion 
kilograms (1150 million tons). Approximately 15 percent is 
potentially recoverable and assuming a typical heating value of 
2780 gcal/gm (5000 Btuihb), this energy displacement might be 
equivalent to 1.2 x 10 Joules per year or 1.1 quads per year 
(500,000 bbl oil equivalent per day) when converted to useful 
fuels. 

There are two fundamental methods of biomass conversion to clean 
fuels: thermochemical and biochemical conversion. While the 
latter route is the most prevalent currently in development, 
processes that can produce petroleum-like synthetic fuels should 
be more desirable than alcohol fuels for example, in that they do 
not require significant modifications to the existing nationwide 
network of refining, transporting and utilizing liquid hydrocarbon 
fuels. Furthermore, because of the unique composition of biomass 
relative to that of petroleum, selective biomass conversion may 
result in the generation of high valued, specialty fuels such as 
certain phenolic compounds having high octane values. 

The thermochemical route also has the following potential 
advantages over that of the biochemical route: 

o Higher thermal efficiency; 

o Wider applicability to feeds containing lignins and 
contaminants (e.g., MSW); 

Production of completely detoxified products; 

technologies utilized in the petroleum/petrochemical/coal 
industries. 

0 

0 Access and similarity to the advanced state-of-the-art 

The latter feature is the basis for applying the ITSL 
co-processing flowscheme to the utilization of biomass feedstocks. 
The economic driving forces delineated previously for the case of 
Devonian shale co-processing are even more profound for biomass 
applications, in particular, the organic-rich fraction of 
municipal solid waste (sometimes referred to as refuse-derived 
fuel-RDF). 
the case of Devonian shale co-processing, it can be shown that it 
may be feasible to justify the economic tradeoff between the 
differential values of petroleum feedstocks and MSW tipping fees. 

In a manner similar to that previously described for 
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However, because of the smaller capacities associated with MSW 
collection and classification, co-processing of petroleum residua 
and liquids derived from RDF would probably be limited to refinery 
hydrotreaters having capacities below about 3.1836 L/day (20,000 
bbl/day). Furthermore, lower feedstock ratios of biomass-derived 
liquids to those of the petroleum liquids would be necessitated 
because of the availability and current design capacity of typical 
MSW classification units. This would in turn result in the 
co-processed liquids being more petroleum-like and thereby posing 
less potential problems to the refiner. A similar analysis can be 
performed of the co-processing of petroleum residua with wood 
chips derived from forest wastes. 

Some preliminary screening tests were made in the batch autoclave 
reactor systems, similar to those made with the Devonian oil shale 
samples, utilizing two biomass feedstocks: pine wood flour and 
dust RDF. The results of these tests and the feedstock properties 
will be discussed at the Symposium. 
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COPROCESSING OF HIGHVALE COAL W I T H  AMABASCA B I T W E N  I N  SYNGAS MIXTURES, 

R.J. Parker, P.D. C lark ,  B.L. Ignasiak,  T. Lee and T. Ohuchi 

A1 b e r t a  Research Counci l  , 
Coal Department, 

Nisku, A lbe r ta ,  
Canada, TOC 2G0 

1091 - 5 t h  S t . ,  

ABSTRACT 

Coprocessing o f  A lbe r ta  subbituminous coal w i t h  bitumen i s  c u r r e n t l y  under 
i n v e s t i g a t i o n  a t  t he  A lbe r ta  Research Counci l .  The h i g h  oxygen con ten t  o f  the 
coal r e s u l t s  i n  h i g h  hydrogen consumption. The present  s tudy compares the 
effect iveness o f  syngas/water m ix tu res  cata lyzed by potassium carbonate f o r  
coprocessing Highvale coal  w i t h  Athabasca bitumen. S ing le-s tage ( s o l u b i l i z -  
a t i o n )  experiments were performed w i t h  syngas (5.1 MPa) a t  39OOC i n  a s t i r r e d  
autoclave. I n  s imulated two-stage experiments, t he  second (upgrading) stage 
employed hydrogen (8.5 MPa) a t  44OoC w i t h  a potassium molybdate/dimethyldisul- 
phide c a t a l y s t .  

Coal conversion improved from 47 t o  78% sys temat i ca l l y  when the  carbon mon- 
oxide: hydrogen r a t i o  was v a r i e d  from 1:3 t o  7 : l .  The a d d i t i o n a l  y i e l d  was 
conf ined t o  p y r i d i n e  e x t r a c t a b l e  ma te r ia l  . I n  s imulated two-stage experiments 
s i m i l a r  coal conversions were observed when us ing carbon monoxide/water (91%) 
o r  hydrogen (88%) i n  t h e  f i r s t  stage. 

INTRODUCTION 

Wi th in  the  Province o f  A l b e r t  t he re  a re  v a s t  proven reserves o f  hy r o c  rbons 

na tu ra l  gas. The s u b b i t m i n o u s  coal i s  mined from shal low deposi ts  and used 
l o c a l l y  f o r  t h e  thermal generat ion o f  power. Bitumen i s  a l so  sur face mined a 
0 '1  sands; e x t r a c t e d  on s i t e  and upgraded t o  a syn the t i c  crude o i l  (20.10 
m /day) i n  two commercial operat ions.  Heavy o i l  i s  mos t l y  recovered by thermal 
processes from deeper deposi ts .  It i s  used i n  t h e  p roduc t i on  o f  aspha l t  o r  
blended w i t h  l i g h t  crudes t o  produce a r e f i n e r y  feedstock. 

The low c o s t  o f  the mined coal ('JS $ l2 / ton )  has prov ided the  impetus t o  invest -  
i g a t e  process? conver t  t h e  coal i n t o  more va luable hydrocarbon products. 
Recent s tud ies  ' a t  t he  A lbe r ta  Research Council (ARC) have i n d i c a t e d  t h a t  the 
coprocessing o f  A l b e r t a  coal w i t h  bitumen o r  heavy o i l  i s  t e c h n i c a l l y  and econ- 
omica l l y  super ior  t o  d i r e c t  coal l i q u e f a c t i o n .  Coprocessing e l im ina tes  the 
need f o r  recyc le  so l ven ts  and takes advantage o f  s y n e r g i s t i c  e f f e c t s  t o  improve 
t h e  l i q u i d  y i e l d s  and p roduc t  q u a l i t y  from t h e  two feed components. 

Laboratory  and bench u n i t  s tud ies  have shown t h a t  two-stage coprocessing has 
d i s t i n c t  advantages over  a s i n g l e  stage operat ion.  Lower temperatures can be 
employed dur ing the  f i r s t  s tage which p e r m i t  s o l u b l i z a t i o n  o f  t he  coal  wh i l e  
min imiz ing coke and gas production. The second stage operates a t  crack ing 
temperatures 430-460°C, c o n d i t i o n s  which favour upgrading o f  b o t h  t h e  coal  and 
bitumen t o  l i q u i d  products .  

i n  the form o f  coal (2780.10 B t ons ) ,  heavy o i l  and bitumen (200.10 B s  m ) and 
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Both stages r e q u i r e  t h e  use o f  hydrogen a t  moderately h igh  pressures ( 16 MPa). 
The h igh  oxygen content  o f  the low rank coal means t h a t  excessive q u a n t i t i e s  o f  
expensive hydrogen a re  needed t o  conver t  t he  oxygen t o  water, i n  a d d i t i o n  t o  
hydrogen uptake by t h e  coal and bitumen. Although Alber ta  p resen t l y  has ample 
suppl ies o f  na tu ra l  gas f o r  t h i s  purpose. 

E a r l i e r  work3s4s5 has proven t h a t  CO/H 0 i s  more e f f i c i e n t  than hydrogen a t  
s o l u b i l i z a t i o n  o f  coal i n  bitumen a t  t k p e r a t u r e s  below 400'C. More coal i s  
d isso lved and the r e a c t i o n  proceeds much more r a p i d l y .  The water gas shif t .  
r e a c t i o n  does n o t  go t o  completeness du r ing  coal l i q u e f a c t i o n  o r  coprocessing. 
E q u i l i b r i u m  concentrat ions o f  carbon monoxide may exceed 50% w i t h  t h e  b u l k  of  
t h e  remaining gases being carbon d iox ide  and hydrogen. In a commercial opera- 
t i o n  i t  would be necessary t o  remove the carbon d iox ide  and recyc le the uncon- 
ve r ted  carbon monoxide and any produced hydrogen. Th is  present study was 
c a r r i e d  o u t  t o  compare t h e  e f f i c i e n c y  o f  carbon monoxidelhydrogen mixtures w i t h  
pure carbon monoxide f o r  t h e  s o l u b i l i z a t i o n  o f  coal i n  bitumen and t o  es tab l i sh  
t h e  maximum perm i t ted  l i m i t  o f  hydrogen i n  the  recyc le  gas steam. I n  addi t ion,  
simul ated two-stage experiments al lowed a comparison o f  carbon monoxide and 
hydrogen i n  t h e  o v e r a l l  coprocessing operat ion.  

EXPERIMENTAL 

Coprocessing experiments have been performed a t  ARC i n  miniautoclaves, 1 l i t r e  
ba tch  autoclaves, a ho t  charge-discharge u n i t  and a 2 l i t r e / h o u r  bench u n i t .  
Since t h i s  work was r e s t r i c t e d  t o  t h e  batch autoclaves, a b r i e f  desc r ip t i on  o f  
t h e  procedures w i l l  be given. Two modes o f  operat ion were employed: s ing le  
stage and s imulated two-stage. 

I n  t h e  s i n g l e  stage process coal ,  bitumen and an aqueous s o l u t i o n  o f  potassium 
carbonate ( s h i f t  r e a c t i o n  c a t a l y s t )  were loaded i n t o  the autoclave. The auto- 
c l a v e  was charged t o  5.2 MPa (750 p s i )  w i t h  the  gas m ix tu re  and heated t o  run 
temperature a t  about 5'C/minute. Operating cond i t i ons  a r e  l i s t e d  i n  Table 1. 
When the  run  was complete the  reac t i on  m ix tu re  was cooled r a p i d l y  t o  35OOC by 
passing water through an i n t e r n a l  coo l i ng  c o i l .  The gaseous components were 
discharged a t  t h i s  e levated temperature through a condenser immersed i n  i c e  
water. Gas v o l m e  was measured by a d r y  gas meter and i t s  composit ion was 
determined by gas chromatography. The h o t  d ischarge e l im ina ted  foaming 
problems, due t o  d isso lved carbon d iox ide,  which occurred when the  u n i t  was 
depressurized a t  roan temperature. 

In  t he  s imulated two-stage mode the  process i n i t i a l l y  dup l i ca ted  the s ing le 
stage operat ion.  Upon completion o f  t h e  f i r s t  stage a crack ing ca ta l ys t ,  
potassium molybdate/dimethyldisul f i d e  (DMOS), was i n j e c t e d  i n t o  the  autoclave 
through a p o r t  i n  t h e  head. The u n i t  was repressur ized w i t h  hydrogen 8.6 MPa 
!I250 p s i )  and a second hea t i cg  cyc le  was completed. As before the  gases were 
discharged a t  350°C. The condensed o i l s  and water from t h e  two  stages were 
combined p r i o r  t o  product  d i s t i l l a t i o n  w h i l e  t h e  gas samples were analyzed 
i n d i v i d u a l l y .  

A standard l a b o r a t o r y  product  separation procedure was establ ished (Figure 1) 
t o  g i ve  d i s t i l l a b l e  o i l  y i e l d  t o  525OC. p y r i d i n e  so lub le organic mater ia l  and 
i n s o l u b l e  organic ma te r ia l  (IOM) remaining i n  t h e  ash. Coal conversion was 
defined as I n p u t  coal - IOM x 100%. 

I n p u t  coal 
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Properties of Highvale coal and  Athabasca bitumen are  given in Table 2. Both 
single and simul ated two-stage experiments were performed i n  dupl icate.  

RESULTS AND DISCUSSION 

A. Single Stage Experiments 

Coal conversion and product distribution a re  summarized in Table 3 and Figure 
2 .  The coal conversion can be seen to  decline as the carbon monoxide content 
of the in i t i a l  gas mixture was reduced. The pure carbon monoxide was much 
superior t o  the pure hydrogen while 50% carbon monoxide was s t i l l  equal t o  the 
l a t t e r .  These resu l t s  ignore any pressure e f fec ts .  Run pressure was lower a t  
the lower carbon monoxide concentrations since the i n i t i a l  pressure was fixed. 
However, the partial  pressure of the more active gas, carbon monoxide, was no t  
constant. The in i t i a l  pressure in the pure hydrogen r u n  was 8.2 MPa (1200 psi)  
which could explain why i t  gave be t te r  coal conversion than 25% carbon 
monoxide. 

L i t t l e  evidence of upgrading of the coal or bitumen was observed apart  from 
coal solubilization. Hydrocarbon gas and d i s t i l l ab l e  oil yields were constant 
suggesting t h a t  thermal rather than chemical e f fec ts  were responsible f o r  t he i r  
production. The d i s t i l l ab l e  oil yield was essent ia l ly  unchanged from tha t  
derived f r m  the bitumen i n  the feedstock (33%); i e  525t'C conversion was zero. 
The only ineasurable change occurred in the formation of pyridine soluble 
organics, where pure carbon monoxide was most effective.  Pyridine solubles 
declined in parallel with the coal conversion a t  the lower carbon monoxide 
concentrations. This confirmed ea r l i e r  work tha t  showed carbon monoxide was 
more effective than hydrogen f o r  the solubilization of coal below 40OOC due  t o  
the increased reac t iv i ty  of the reducing species produced by the s h i f t  
reaction, compared with molecular hydrogen. 

Carbon monoxide conversion t o  carbon dioxide and hydrogen, varied l i t t l e ,  being 
61 t1% for a l l  experiments except the 25% carbon monoxide run (Table 4 ) .  As 
expccted carbon dioxide production exceeded tha t  of hydrogen in a l l  cases 
a1 though they should be equimolar i f  b o t h  were derived solely from the  s h i f t  
reaction. The coal had  a high oxygen content, p a r t  of which i s  converted 
thermolytical ly to carbon dioxide upon heating. Produced hydrogen was below 
t h a t  expected from the s h i f t  reaction plus tha t  i n i t i a l l y  present; consumption 
ranged from .4 t o  .7 noles per lOOg of feed with a suggestion of a downward 
trend a t  lower carbon monoxide concentrations. 

Hydrogen sulphide production was re la t ive ly  constant a t  0.2% MAF feedstock 
except for the pure hydrogen run where the higher partial  pressure of reducing 
gas may have contributed t o  giving a s l igh t ly  higher value, 0.3%. Thermal 
e f fec ts  again appeared t o  outway chemical e f fec ts .  

Product quality, expressed as elemental analyses was independant of the 
reducing gas composition. Hydrogen t o  carbon ra t ios  were 1.6 fo r  the 
d i s t i l l ab l e  o i l s  and 1.25-1.35 for  the pyridine ex t rac t ,  sulfur was 2.6-2.8% 
and 3.4-4.1% respectively. Approximately 10% of the sulfur in the feedstock 
was converted t o  hydrogen sulfide,  while l i t t l e  or none was present i n  the 
insoluble organic matter and ash. The majority of the i n p u t  sulfur (96%) was 
derived from the bitumen and i t  remained within those fractions where the 
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bitumen products were concentrated, i e .  t he  d i s t i l l a b l e  o i l  and py r id ine  
s o l b l e s .  L i t t l e  o r  no upgrading i n  terms o f  heteroatom removal could be 
a t t r i b u t e d  t o  t h e  carbon monoxide s o l u b i l i z a t i o n  process. 

Simulated d i s t i l l a t i o n s  o f  t h e  d i s t i l l a b l e  o i l s  showed l i t t l e  v a r i a t i o n  (Table 
5 ) .  The naphtha f r a c t i o n  accounted f o r  10% w h i l e  the  medium o i l  f r a c t i o n  
was 55%. Class analyses o f  t he  p y r i d i n e  ex t rac ts ,  i e .  non -vo la t i l e  
hydrocarbon, asphal tenes and preasphal tenes gave i n t e r e s t i n g  r e s u l t s .  The 
hydrocarbon content  decreased as a percentage o f  t he  py r id ine  so lub les as the  
carbon monoxide increased b u t  the mass was r e l a t i v e l y  constant. Asphal tenes 
increased both i n  percentage and absolute terms. This  suggested t h a t  t he  
hydrocarbons requ i red  lower operat ing s e v e r i t y  ( l e s s  carbon monoxide) t o  
s o l u b i l i z e  , increased s e v e r i t y  would r e s u l t  i n  more asphaltenes i n  the  
py r id ine  e x t r a c t .  More experimentation i s  requ i red  t o  con f i rm  t h i s  
observation because o f  t he  h i g h  sca t te r  i n  the  data. 

B. T w  Stage Experiments 

Gas composit ion and conversion were discussed f o r  t he  f i r s t  stage i n  the 
previous section. Consumption o f  hydrogen i n  the  second stage was not  a l t e red  
by the reducing gas used i n  t h e  f i r s t  stage. Hydrogen s u l f i d e  and hydrocarbon 
gas product ion were a l so  constant, once more t h e  r e s u l t  o f  thermoly t ic  reac t i on  
pathways (Table 6 ) .  The d i f f e rence  i n  carbon oxides was q u i t e  marked, a f a c t o r  
o f  10 greater  f o r  t he  carbon monoxide and 3 f o r  t h e  carbon d iox ide  i n  the 
carbon monoxide runs.  It i s  most l i k e l y  t h a t  these gases remained d isso lved i n  
the  bitumen/coal l i q u i d s  when t h e  autoc lave was vented a t  35OOC and were 
subsequently re leased i n  t h e  second stage. 

Product y i e l d s  and d i s t r i b u t i o n  (Table 7 )  were not  a l t e r e d  by t h e  na tu re  o f  the 
reducing gas present  i n  the  f i r s t  stage. Overa l l  coal conversion improved t o  
approximately 90%. A h igh  degree o f  upgrading took place w i t h  no d i f f e rence  
a t t r i b u t a b l e  t o  t h e  improved coal s o l u b i l i z a t i o n  found i n  the  carbon monoxide 
f i r s t  stage. P y r i d i n e  ex t rac tab le  ma te r ia l  dec l ined from almost 60% t o  22% o f  
the product. Most o f  t h i s  ma te r ia l  was converted t o  d i s t i l l a b l e  o i l s .  The 
hydrocarbon gas y i e l d  was high, combined f i r s t  and second stage gas product ion 
being 10%. Conversion o f  t he  525t"C mate r ia l  was 63% i n  both experimental 
modes. 

CONCLUSIONS 

Carbon monoxide was super ior  t o  hydrogen f o r  the s o l u b i l i z a t i o n  o f  coal i n  
bitumen a t  temperatures below 40OoC. However, i t  prov ided no b e n e f i t  i n  a two 
stage process i n  terms o f  coal conversion, 525tOC conversion, and product 
q u a l i t y .  It does o f f e r  some p o t e n t i a l  economic b e n e f i t s  s ince lower 
temperatures can be employed i n  the f i r s t  stage. 

Coal s o l u b i l i z a t i o n  could s t i l l  approach 80% i f  the  carbon monoxide stream 
contained hydrogen. Up t o  25% hydrogen could be t o l e r a t e d  be fo re  a s i g n i f i c a n t  
reduct ion i n  s o l u b i l i z a t i o n  was observed. I f  the syngas mixtures func t i on  as 
r a p i d l y  as the  pu re  carbon monoxide, then process improvements over pure 
hydrogen would i n c l u d e  reduced f i r s t  stage residence t ime and thus a smaller 
reac t i on  vessel. 
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Table 1 

Operating Condit ions 

1 s t  Stage 2nd Stage 

CO/H2 o r  H2 H2 Gas 

Pressure (MPa) 5.2 o r  8.2 8.5 
i n i  ti a1 
r e a c t i o n  15.6-20.7 15.3-19.0 

Temperature ( OC) 390 440 

Reaction t ime (min.) 30 60 

Feed Highvale Coal/ non d i s t i l l a b l e s  from 
I 

Athabasca Bitumen Stage I 
R a t i o  1:2.5 

C a t a l y s t  K2C03 K2Mo04/DMDS 
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Table 2 

P roper t i es  o f  Feedstocks 

Highvale Coal Athabasca Bitumen 

Moisture 
Ash ( a s  i s )  

Carbon 
Hydrogen 
Ni t rogen 
Sul phur 
Oxygen 

6.4% 
13.5 

75.0 
4.3 
1.1 
0.2 

19.3 

82 .OX 
10.6 
0.6 
4.5 
2.3 

D i s t i l  l ab les  (525OC) N/A 46 

P y r i d i n e  Sol ub l  e s  N/A 54 

Resins 48 
- Hydrocarbons 29 

Asphal tenes 23 

by d i f f e rence  

Table 3 

Coal Conversion and Product D i s t r i b u t i o n  - 
S ing le  Stage Experiments 

Carbon Monoxide Concentrat ion (%) 100 87 75 50 25 O1 

Coal Conversion (% MAF coa l )  85 76 75 65 47 65 

Product O is t r i bu t i on (g / lOO g MAF feed) 

Hydrocarbon gases (Cl-c5) 1 1 1 1 1 1 

D i s t i l l a b l e  O i l s  (up t o  525OC) 31 32 32 32 32 31 

P y r i d i n e  Soluble Organics 57 54 51 50 47 53 

1 

I n i t i a l  pressure 8.2 MPa (1200 p s i )  
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Table 4 

Gas Production and Consumption 

loo1 87 75 50 25 O1 Carbon Monoxide Content 

C O  conversion % 62 63 60 62 44 

Gas Production (moles) 

Carbon d iox ide  1.26 1.06 1.00 .62 .36 .ll 

Carbon monoxide -.97 -.86 -.67 -.49 -.18 - 
Hydrogen -52 -56 .48 -46 -36 -.25 

Hydrogen S u l f i d e  .013 .011 .009 .009 .009 .017 

from 1st stage o f  2 stage experiments 

Table 5 

Product  Q u a l i t i e s  - S ing le  Stage Experiments 

Carbon Monoxide % 1001 87 75 50 25 

A. D i s t i l l a b l e  O i l 2  
Naphtha 
l i g h t  gas o i l  
heavy gas o i l  
sul f u r  
hydrogen :carbon 

E. Pyr id ine  E x t r a c t  

hydrogen :c arbon 
n i t rogen  
s u l f u r  

. Class Analysis 

hydrocarbons 
asphal tenes 
preasphal tenes 

9 7 101 111 
55 54 58 60 
36 39 32 29 

2.6 2.6 2.7 2.7 2.8 
1.65 1.6 1.6 1.6 1.6 

1.35 1.3 1.25 1.25 1.25 
2.3 1.6 1.2 1.1 1.3 
3.4 3.8 4.1 3.7 4.0 

49 45 611 60 
43 50 31 31 
8 5 7 9 

1 s ing le  ana lys i s  
a l l  percent except hydrogen t o  carbon r a t i o  
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Table 6 

Gas Product ion - Simulated Two-Stage, 2nd stage 

Carbon d i o x i d e  4.3 1.4 

Carbon monoxide 2.0 0.22 

Hydrogen su lph ide  2.0 2.1 

tlydrocarbons (Cl-c5) 

Hydrogen consumption 

11.1 9.8 

2.8 2.8 

grams gas 

Table 7 

Coal Conversion and Product D i s t r i b u t i o n  (Two-stage) 

F i r s t  Stage Gas Carbon Monoxide Hydrogen 

Coal Conversion ( % )  91 88 

Product O i  s t r i b u t i o n  (g/lOOg feedstock) 

Hydrocarbon Gas 1 s t  stage 2 2 

2nd stage a 8 

D i s t i l l a b l e  O i l  66 64 

P y r i d i n e  Ex t r a c t s  22 22 

I n s o l u b l e  Organics 3 4 

Mass Balance (%)  

Overa l l  98 95 

Ash 104 110 

Hydrocarbons 90 89 
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Analysis p r f o n e d  

gases 
n t c r  
di*til lablc 0111: 

I.SidYc 
p*idi"e extr.ct: 

I I 
disti l lable o i l s  no" distil lables 
G25.C 

pyridine 
catract 

pyridine residue 
S o l ~ l e s  

lash + I(*) 

Figure 2: Copmessing Pmduct Yields as a Function o f  Reducing Gas Cmpwition 

Carbon 1 I O ~ x i d e  (Volur I) 
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RECENT DEVELOPMENTS I N  TWO-STAGE COAL LIQUEFACTION AT WILSONVILLE, 

Jun M .  L e e ,  Ramkrishna V. Nalitham, Charles  W. Lamb, 

C a t a l y t i c ,  I n c . ,  P.O. Box 239, Wi lsonvi l le ,  AL 35186 

INTRODUCTION 

This paper  w i l l  p r e s e n t  r e su l t s  from t h e  Advanced Coal Lique- 
f a c t i o n  R&D F a c i l i t y  a t  Wi lsonvi l le ,  Alabama. The primary 
sponsors a r e  t h e  U . S .  Department of Energy (DOE)  and t h e  E l e c t r i c  
Power Research I n s t i t u t e  ( E P R I ) .  Amoco Corporat ion became a 
sponsor i n  1984 through an agreement with EPRI .  The f a c i l i t y  i s  
operated by C a t a i y t i c ,  Inc. ,  under t h e  management of Southern 
Company S e r v i c e s ,  Inc. 

RUN 247 

Run 247 employed I l l i n o i s  No. 6 coal i n  a conf igura t ion  c a l l e d  
t h e  Reconfigured I n t e g r a t e d  Two-Stage Liquefac t ion  (RITSL) mode 
(F igure  1) .  Coal i s  s l u r r i e d  with a recyc led  process  s o l v e n t  and 
fed t o  t h e  d i s s o l v e r  under hydrogen p r e s s u r e  where thermal 
l i q u e f a c t i o n  t a k e s  p l a c e .  T h e r m a l  d i s t i l l a t e  i s  separa ted  by 
f r a c t i o n a t i o n ,  and t h e  vacuum bottoms along with a heavy f r a c t i o n  
of d i s t i l l a t e  make up t h e  feed t o  t h e  h y d r o t r e a t e r .  This  
h y d r o t r e a t e r  f e e d  c o n t a i n i n g  t h e  thermal  r e s i d ,  unconverted coa l ,  
and ash i s  fed  d i r e c t l y  t o  the e b u l l a t e d  bed h y d r o t r e a t e r .  The 
vacuum-flashed bottoms from t h e  h y d r o t r e a t e r  i s  t h e  feed t o  t h e  
C r i t i c a l  Solvent  Deashing (CSD) u n i t .  The r e c y c l e  s o l v e n t  i s  
composed of the deashed h y d r o t r e a t e r  r e s i d  (HR) and hydro t rea ted  
d i s t i l l a t e  s o l v e n t .  

Prior t o  Run 247, m o s t  runs had used t h e  I n t e g r a t e d  Two-Stage 
Liquefact ion (ITSL) c o n f i g u r a t i o n ,  as i l l u s t r a t e d  i n  Figure 2 .  In 
t h e  ITSL mode, t h e  vacuum r e s i d  from t h e  thermal l i q u e f a c t i o n  
s t a g e  i s  deashed i n  t h e  CSD u n i t  b e f o r e  be ing  fed t o  t h e  hydro- 
t r e a t e r .  

Operation i n  t h e  RITSL c o n f i g u r a t i o n  w a s  a s t e p  i n  t h e  program t o  
opera te  w i t h  close-coupled r e a c t o r s ,  where t h e  products  from t h e  
l i q u e f a c t i o n  s t a g e  would be  fed  d i r e c t l y  t o  t h e  h y d r o t r e a t e r  
without  any i n t e r m e d i a t e  ash or d i s t i l l a t e  separa t ion .  

Because t h e  h y d r o t r e a t e r  feed w a s  no t  deashed, it contained a l l  
t h e  c o a l  ash along w i t h  unconverted c o a l  and heavy organics  t h a t  
would normally b e  removed i n  t h e  deashing s t e p .  Thus, t h e r e  was 
concern t h a t  t h e  c a t a l y s t  d e a c t i v a t i o n  r a t e  would increase .  
Another o p e r a b i l i t y  ques t ion  concerned t h e  e f f e c t  of t h e  RITSL 
mode on deashing.  S ince  t h e  feed t o  t h e  CSD u n i t  would be  t h e  
vacuum-flashed bottoms from t h e  h y d r o t r e a t e r ,  t h e  CSD feed 
p r o p e r t i e s  were expected t o  be d i f f e r e n t  from feed p r o p e r t i e s  
t h a t  had p r e v i o u s l y  been experienced.  

Run 247 R e s u l t s  

The h y d r o t r e a t e r  c a t a l y s t  performed w e l l  i n  t h e  R I T S L  mode. The 
c a t a l y s t  used f o r  a l l  t h e  runs i n  t h i s  r e p o r t  was S h e l l  324-M, a 
unimodal N i - M o  c a t a l y s t .  Throughout t h e  run ,  c a t a l y s t  a c t i v i t y  
measured by r e s i d  conversion was h i g h e r  than  i n  previous runs i n  
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t h e  ITSL conf igura t ion .  This c a t a l y s t  w a s  aged t o  1225 l b s  
( r e s i d  + UC + a s h ) / l b  c a t a l y s t .  The nondeashed feed d i d  not  
cause serious d e a c t i v a t i o n  of  t h e  c a t a l y s t  (1). 

Operabi l i ty  of  the  C S D  u n i t  with h y d r o t r e a t e d  feed w a s  satis-  
f a c t o r y .  The CSD feed  d i d  have d i f f e r e n t  p r o p e r t i e s  t h a n  f e e d s  
i n  t h e  ITSL mode, b u t  process  adjustments  were made which 
provided good deashing performance. 

Representat ive Run 247 r e s u l t s  i n  the RITSL mode a r e  compared t o  
a previous ITSL run i n  Table  1. The second column (243JK/2448) 
l is ts  ITSL d a t a  t h a t  compare c l o s e l y  i n  o p e r a t i n g  c o n d i t i o n s  and 
cover  a similar range of  b a t c h  c a t a l y s t  age as t h e  RITSL d a t a  
(247D). The RITSL d i s t i l l a t e  y i e l d  w a s  62%. compared t o  59%. 
However, t h e  d i s t i l l a t e  y i e l d s  combined wi th  t h e  r e s i d  y i e l d s  
i n d i c a t e  t h a t  both c o n f i g u r a t i o n s  would have t o t a l  l i q u i d  y i e l d s  
of  65% with zero  r e s i d .  

A major d i f f e r e n c e  i s  that  the hydrogen consumption w a s  1% higher  
wi th  RITSL, so t h e  hydrogen e f f i c i e n c y  w a s  lower. The h i g h e r  
hydrogen consumption with RITSL i s  thought  t o  be p r i m a r i l y  
r e l a t e d  t o  h igher  r e s i d  r e a c t i v i t y .  This  improved hydrogenat ion 
a c t i v i t y  i s  apparent ly  caused by d i f f e r e n c e s  i n  t h e  feed hydro- 
carbons or  t h e  presence o f  coal ash p a r t i c l e s  o r  both. 

Run 247 Product Q u a l i t y  

Product blends were made by mixing product  s t reams i n  t h e  
propor t ions  of t h e i r  p roduct ion  rates. These blends w e r e  t h e n  
f r a c t i o n a t e d  i n t o  b o i l i n g  p o i n t  c u t s  and elemental  ana lyses  w e r e  
made of t h e  i n d i v i d u a l  f r a c t i o n s .  Table 2 shows t h e  product  
ana lyses  f o r  a Run 247 sample compared t o  a Run 244 sample t o  
enable  a d i r e c t  comparison of  products  produced i n  t h e  R I T S L  and 
ITSL conf igura t ions .  The hydrogen c o n t e n t s  of comparable 
f r a c t i o n s  is h i g h e r ,  by 0.8-1.2%. f o r  RITSL. The H/C r a t i o s  a r e  
h igher  by 0.10-0.16. In g e n e r a l ,  the RITSL product  had lower 
l e v e l s  of n i t rogen  and s u l f u r .  These r e s u l t s  appear t o  be 
evidence of  increased  hydrogenat ion.  Therefore ,  t h e  h i g h e r  
hydrogen consumption seems t o  be  a t r a d e  o f f  w i t h  improved 
product  q u a l i t y .  

Mixing Study 

A mixing s tudy  w a s  conducted t o  q u a n t i f y  t h e  degree of  mixing i n  
t h e  d i s s o l v e r .  Nixing w a s  s t u d i e d  by us ing  r a d i o a c t i v e  tracer 
tests. The res idence  t i m e  d i s t r i b u t i o n s  were f i t t e d  by a s imple 
model. Important ly ,  t h e  d i s s o l v e r  was found t o  be  w e l l  mixed 
(3). 

RUN 248 

The conf igura t ion  used a t  the beginning of  Run 248 w a s  t h e  
Double-Integrated Two-Stage Liquefac t ion  (DITSL) mode. which i s  
shown i n  Figure 3. This d i f f e r s  from t h e  ITSL mode i n  t h a t  on ly  
the Light Thermal Resid (LTR) is routed  through t h e  h y d r o t r e a t e r .  
The heavier  Thermal Resid ( T R )  i s  recyc led  d i r e c t l y  t o  the 
thermal f i r s t  s t a g e .  , A  p o t e n t i a l  advantage of t h e  DITSL con- 
f i g u r a t i o n  
because only t h e  LTR stream i s  h y d r o t r e a t e d  (2). 

is t h a t  a smaller h y d r o t r e a t e r  might be p o s s i b l e  
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In the DITSL configuration, the heavy thermal resid is recycled 
to the liquefaction stage without going through the hydrotreater. 
Thus, the TR must be converted in the thermal stage for the DITSL 
mode to be viable. Iron oxide was used to promote resid conver- 
sion (4). Dimethyl Disulfide (DMDS) was added to the coal slurry 
to provide a source of hydrogen sulfide to convert the iron oxide 
to pyrrhotite as the slurry flowed through the preheater. This 
was the same method that was used successfully in Run 246 (2). 

Before beginning the run, the 12-inch diameter dissolver was 
replaced by a 5.2-inch diameter Low Contact Time (LCT) dissolver. 
This was done to allow operation at lower liquefaction reactor 
volumes than could be achieved with the 12-inch dissolver. The 
intent was to investigate reaction times somewhat longer than had 
been used in the Short Contact Time (SCT) tests in Run 242 (5). 

Run 248 Results 

Operation in the DITSL configuration was difficult. The major 
operability problem was high viscosities of the TR, the process 
solvent, and the coal slurry. The recycle of the heavy TR 
directly from the CSD unit resulted in a buildup of preasphal- 
tenes, which caused the high viscosities. Process variable 
adjustments were made in an attempt to achieve viable operations 
in the DITSL mode. The dissolver outlet temperature was raised 
to 840°F to increase the severity for resid conversion. However, 
resid conversion in the thermal unit was not sufficient to allow 
satisfactory operation in the DITSL configuration. 

Satisfactory operability was obtained by changing to the ITSL 
configuration. The distillate yield was 64% and the resid make 
was 3%, for a total liquid yield of 67% (24813). This compares 
favorably to the 65% yields shown earlier for the RITSL and ITSL 
configurations with Illinois No. 6 coal. Because of other 
process variable differences. most notably dissolver temperature, 
it can not be concluded from these results if iron oxide caused 
an improvement in distillate yield. 

The addition of iron oxide and DMDS was stopped, to begin a 
series of tests at different reactor volumes. After a three-day 
test at 100% LCT without iron oxide, the dissolver volume was 
reduced successively to 50% and then to 25% LCT dissolver volume. 
Coal conversions with volumes of loo%,  SO%, and 25% were 92%, 
90%. and 88% MAF coal, respectively. As expected for the reduced 
contact times, resid makes increased and distillate makes and 
hydrogen consumptions decreased. 

Conditions and two-stage liquefaction (TSL) yields for the 50% 
LCT period (248F) are compared to Run 242 SCT results in Table 1. 
Coal space velocities using the reaction volume above 700°F were 
comparable for these two conditions. The yields were very 
similar, though SCT showed an advantage in lower gas make and 
hydrogen consumption. A close examination of conditins indicated 
that the average reaction temperature was higher for 248F. 

Run 248 Product Quality 

Properties of a fractionated product blend from period 248D (ITSL 
with iron oxide) are shown in Table 3 .  As can be seen, the 
product boiling below 650'F is 67% of the total blend, which is 
comparable to that obtained in Run 244 without iron oxide (Table 2)- 
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The naphtha from 2481) had h igher  hydrogen conten t  (13.76 VS 
12.86) b u t  the n i t r o g e n  and s u l f u r  were h igher .  The ana lyses  f o r  
t h e  d i s t i l l a t e  and gas  o i l  f r a c t i o n s  w e r e  s i m i l a r ,  wi th  248D 
showing s l i g h t l y  h i g h e r  n i t r o g e n  and s u l f u r  conten ts .  The A P I  
g r a v i t i e s  showed tha t  t h e  naphtha and d i s t i l l a t e  f o r  248D were 
h e a v i e r  than those  from Run 244. 

RUN 249 

A major o b j e c t i v e  was t o  o b t a i n  process  y i e l d  d a t a  using subbi-  
tuminous c o a l  with a well-mixed d i s s o l v e r .  A pumparound loop 
was i n s t a l l e d  to  provide  back mixing of  the 12-inch d i s s o l v e r .  

The RITSL c o n f i g u r a t i o n  was used t o  provide  a d a t a  base  f o r  
p r e d i c t i n g  process  performance with subbituminous c o a l  i n  a 
close-coupled conf igura t ion .  

Two a d d i t i v e s  w e r e  i n v e s t i g a t e d  f o r  enhancement of  conversion of  
t h e  subbituminous c o a l .  The e f f e c t i v e n e s s  o f  i r o n  oxide  wi th  
DMDS had been demonstrated e a r l i e r  ( 2 ) .  Work a t  t h e  Univers i ty  
o f  Wyoming had shown s o m e  very  i n t e r e s t i n g  r e s u l t s  r e l a t e d  t o  
c o a l  drying and t h e  u s e  of water  i n  l i q u e f a c t i o n  o f  s u b b i t u -  
minous coa l  ( 6 ) .  Coal conversions w e r e  improved when c o a l  w a s  
no t  completely d r i e d  o r  even when water w a s  added back to  a c o a l  
s l u r r y  of d r i e d  c o a l  b e f o r e  l i q u e f a c t i o n .  The water  e f f e c t  was 
found t o  be a d d i t i v e  t o  t h e  i r o n  oxide  e f f e c t  on c o a l  conversion.  
The e f f e c t  o f  water  a d d i t i o n  was t e s t e d  by adding water  a t  t h e  
r a t e  of 15% M F  c o a l  t o  t h e  c o a l  f e e d  s l u r r y .  

Run 249 Resul t s  

The run was s t a r t e d  wi th  t h e  d i s s o l v e r  a t  790°F and t h e  hydro- 
t r e a t e r  a t  670°F and wi th  no i r o n  oxide  or w a t e r  a d d i t i o n .  The 
c o a l  conversion w a s  8 2 % .  Coal conversion w a s  increased  t o  90% by 
adding i r o n  oxide  p l u s  DMDS and by i n c r e a s i n g  t h e  d i s s o l v e r  
temperature  from 790 t o  810°F. Water a d d i t i o n  increased  c o a l  
conversion by 3 % .  I ron  oxide  and DMDS a d d i t i o n  w e r e  d i scont inued  
t o  t e s t  whether water  a d d i t i o n  without  i r o n  oxide could main ta in  
c o a l  conversion. Coal conversion decreased s i g n i f i c a n t l y ,  from 
92 t o  84%. T h u s ,  water  addback d i d  not  enhance c o a l  conversion 
enough to  enable  o p e r a t i o n  without  t h e  i r o n  oxide.  

For t h e  1 .5% i r o n  oxide  a d d i t i o n  r a t e ,  t h e  c o a l  s u l f u r  c o n t e n t  
was c a l c u l a t e d  t o  be s u f f i c i e n t  t o  conver t  t h e  i r o n  o x i d e  t o  
p y r r h o t i t e .  This was t e s t e d  by s topping  t h e  DMDS a d d i t i o n  and no 
reduct ion  i n  coa l  conversion was observed.  Therefore ,  i r o n  oxide 
was used wi thout  t h e  a d d i t i o n  of DMDS f o r  the l a s t  two months o f  
t h e  run.  

Energy r e j e c t i o n  w a s  h i g h  throughout t h i s  run because t h e  CSD 
feed was very  s o l u b l e  and t h e  s o l u b i l i t y  changed wi th  v a r i o u s  
opera t ing  v a r i a b l e  adjustments .  Energy r e j e c t i o n  w a s  reduced by 
changing s o l v e n t  t y p e  and a d j u s t i n g  o p e r a t i n g  c o n d i t i o n s .  The 
CSD experience gained i n  th i s  run w i l l  be  va luable  i n  process ing  
t h e  h i g h l y  s o l u b l e  feeds  t h a t  a r e  expected t o  be encountered i n  
t h e  close-coupled o p e r a t i o n s .  

Se lec ted  process  c o n d i t i o n s  and y i e l d s  f o r  Hun 249 a r e  shown i n  
Table 1. The Only d i f f e r e n c e  i n  per iods  2491) and 249E i s  t h a t  
water  addback w a s  used i n  249D. 
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The negat ive  r e s i d  make f o r  249E i n d i c a t e s  t h a t  more r e s i d  was 
being converted than  was being made, so t h a t  r e s i d  was be ing  
consumed from inventory .  The C4+ d i s t i l l a t e  y i e l d  f o r  249E would 
b e  about 53% i f  t h e  resid make had been Zero. T h u s ,  t h e r e  w a s  
p r a c t i c a l l y  no e f f e c t  of  water  addback on d i s t i l l a t e  y i e l d  f o r  
this comparison. 

The l a s t  major per iod  of  t h e  run,  des igna ted  2498, was an ash  
r e c y c l e  t es t .  The purpose o f  t h i s  test  w a s  t o  remove ash  from 
t h e  system by us ing  a purge of  h y d r o t r e a t e r  vacuum bottoms 
i n s t e a d  o f  us ing  t h e  CSD u n i t .  The ash  c o n t e n t  of  t h e  purge 
stream w a s  increased  by  r e c y c l i n g  a p o r t i o n  of  t h e  h y d r o t r e a t e r  
atmospheric f l a s h e d  bottoms t o  t h e  d i s s o l v e r .  This  recyc led  
s o l v e n t  conta ined  ash ,  i r o n  oxide,  unconverted c o a l  and hydro- 
t r e a t e d  r e s i d  and d i s t i l l a t e .  By us ing  t h i s  method, t h e  s o l i d s  
conten t  o f  t h e  vacuum bottoms purge s t ream w a s  increased  t o  about 
50% unconverted c o a l  and ash .  The ash c o n t e n t  was 32%. 

The r e c y c l e  tes t  r e s u l t e d  i n  s i g n i f i c a n t l y  increased  coal 
conversion.  The 94% c o a l  conversion obta ined  i n  per iod  249H is  
t h e  h i g h e s t  o b t a i n e d  w i t h  subbituminous c o a l  a t  Wi lsonvi l le .  I t  
i s  n o t a b l e  t h a t  th i s  h i g h  conversion was obta ined  with a moderate 
d i s s o l v e r  temperature  o f  802'F. The increased  c o a l  conversion 
w a s  probably due  t o  a d d i t i o n a l  conversion of  t h e  unconverted coa l  
i n  t h e  r e c y c l e  s t ream. The recycled ash and i r o n  oxide also 
probably c o n t r i b u t e d  t o  enhanced r e a c t i v i t y .  

The y i e l d  r e s u l t s  a r e  s i m i l a r  t o  249E, b u t  t h e  hydrogen con- 
sumption was h i g h e r .  These r e s u l t s  were encouraging and suggest  
t h a t  a vacuum t o w e r  could be used a s  an a l t e r n a t e  method of  
removing ash from the system. 

A comparison o f  d a t a  f o r  249E and 24968 i n  Table 1 provides  a 
comparison of t h e  KITSL and I T S L  r e s u l t s  wi th  subbituminous coa l .  
A number of  d i f f e r e n c e s  are apparent  i n  t h e  opera t ing  condi- 
t i o n s .  I n  p a r t i c u l a r ,  Run 249E had a lower d i s s o l v e r  temperature  
and a cons iderably  h i g h e r  h y d r o t r e a t e r  temperature .  A l s o ,  249E 
had a forced  back-mixed d i s s o l v e r  while  246G d i d  not .  Surgr i -  
s i n g l y ,  t h e  y i e l d s  are f a i r l y  s i m i l a r .  A s  a r e s u l t  of  t h e  lower 
d i s s o l v e r  temperature ,  249E had a lower g a s  make. The sum of  
d i s t i l l a t e  and r e s i d  i s  comparable f o r  t h e  t w o  p e r i o d s .  Severa l  
f a c t o r s  may have  c o n t r i b u t e d  t o  t h e  h i g h e r  hydrogen consumption 
o f  249E, but  t h e  RITSL c o n f i g u r a t i o n  i s  probably t h e  main reason. 

An a n a l y s i s  of  c a t a l y s t  behavior  i n  Run 249 h a s  not  been com- 
p l e t e d .  However, t h e  c a t a l y s t  performed adequate ly  throughout  
t h e  run  and a c a t a l y s t  age of  1870 l b  ( r e s i d  + UC + a s h ) / l b  was 
reached. The c a t a l y s t  used f o r  Run 249 was t h e  S h e l l  324-M 
c a t a l y s t  used i n  Run 246, with an i n i t i a l  age of 617. C a t a l y s t  
d e a c t i v a t i o n  was observed dur ing  t h e  run,  b u t  t h e  r e s i d  con- 
v e r s i o n  a c t i v i t y  appeared t o  be r e l a t i v e l y  cons tan t  over t h e  l a s t  
h a l f  of  t h e  run.  

1985 ACCOMPLISHMENTS 

The RITSL c o n f i g u r a t i o n  w a s  demonstrated f o r  both bituminous and 
subbituminous c o a l s  and t h e  r e s u l t s  were p o s i t i v e .  These runs  
provide a s o l i d  b a s i s  f o r  c l o s e  coupl ing t h e  r e a c t o r s .  A very 
S~CCeSSful mixing s t u d y  was performed t o  q u a n t i f y  t h e  degree  of 
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mixing i n  t h e  thermal  r e a c t o r .  I ron  oxide  and water  w e r e  t e s t e d  
a s  d i s p o s a b l e  c a t a l y s t s .  I ron  oxide  h a s  been t e s t e d  i n  both t h e  
ITSL and DITSL c o n f i g u r a t i o n s  with both c o a l s .  The exper ience  
with increased  CSD feed  s o l u b i l i t y  broadened t h e  knowledge o f  CSD 
opera t ions .  This  w i l l  be a p p l i c a b l e  i n  t h e  close-coupled r u n s -  
Las t ly ,  an a l t e r n a t e  method of  removing ash from t h e  system was 
demonstrated i n  t h e  ash  recyc le  t e s t .  This  provides  a d d i t i o n a l  
f l e x i b i l i t y  f o r  f u t u r e  runs .  

FUTURE WORK 

The emphasis i s  on experimentat ion with close-coupled r e a c t o r s .  
The Wilsonvi l le  p l a n t  h a s  been modified by t h e  a d d i t i o n  of  a 
r e a c t o r  v e s s e l  a d j a c e n t  t o  t h e  h y d r o t r e a t e r  t o  o p e r a t e  i n  a 
close-coupled fash ion .  The i n i t i a l  run w i l l  be a thermal- 
c a t a l y t i c  run,  b u t  t h e  equipment i s  capable  of  o p e r a t i n g  wi th  
e b u l l a t e d  c a t a l y s t  beds i n  both r e a c t o r s .  There a r e  p l a n s  t o  
t e s t  a l t e r n a t e  c a t a l y s t s .  

The coal l i q u e f a c t i o n  d a t a  base w i l l  be expanded by paramet r ic  
s t u d i e s  and by i n c r e a s i n g  e f f o r t s  i n  t h e  a r e a  o f  process  modeling 
and s imula t ion .  
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TABLE 2 

properties of distillate product 

sample: Wilsonville synthetic crude blend representative of TSL product Slate 

elemental (wt%) API 
wt% of gravity 

distillation cut sample C H N S O(difi) (60160) 

(A) run 244 (catalyst age * 1600 Ibs Rsidllb cat, HTR temp * 7309)' 

naphtha (IBP3609) 18A 85.n 12.86 845ppm 0.36 1.50 43.1 
distillate (3609.6509) 45.7 8634 10.73 0.23 0.22 2.48 18.6 
gas oil ( 6 5 0 ~ 1 0 W F )  35.0 89.07 9.69 0.31 0.16 0.76 7.3 

[ E L  contiguration 

resid (lOWT+) 0.9 86.7l 6.94 1.13 0.60 3.15 - 
(6) run 247 (catalyst age * 283-372 (Ibs resid + UC + ashwb cat, HTR temp * 7OO'F) 

naphtha (lBP3609) 14.9 8550 14.07 500ppm 0.35 0.03 - 
distillate (3609.6504) 49.8 86.74 11.54 0.23 0.16 1.33 - 

R I E L  configuration (247Gll) 

gas oil (6509 +) 35.3 89.48 10.44 0.06 0.02 0.00 - 
'work performed by Amoco Oil Company 

TABLE 3 

ProDerties of distillate Droduct 

sample: Wilsonvilie synthetic crude blend repfmentathre of TSL product date 

elemental (wt%) API 
wt% of gravity 

distillation cut sample C H N S 0 (dim (60/60) 

(A) run 248 (catalyst age * 300 Ibs reddnb cat, HTR temp - 7m9) 
ITSL configuration (248D) 

naphtha (IBP-3509) 18.6 84.63 13.78 0.13 0.65 0.83 42.4 

gas oil (6509+) 333 89.11 9.41 0.43 0.18 0.87 03 

total blend 100.0 85.72 10.78 0.22 0.42 2.86 14.1 

distillate(3505.6505) 48.1 84.45 10.94 0.23 0.37 4.01 13.2 

- 
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REFINING COAL LIQUIDS: WHERE WE STAND 

Richard F. Sullivan and Harry A .  Frumkin 

Chevron Research Company, P. 0. Box 1627 
Richmond, California 94802-0627 

ABSTRACT 

In extensive studies sponsored by the US Department of Energy, 
syncrudes from a variety of coals (bituminous, sub-bituminous, 
lignite) and several direct coal-liquefaction processes (SRC-11, 
H-Coal, EDS, ITSL) were catalytically hydroprocessed in pilot plant 
tests. The results show that these syncrudes can be refined to 
transportation fuels (diesel, jet fuel, gasoline) using commercial 
petroleum hydroprocessing technology. Key factors that determine how 
easy or difficult a particular syncrude is to refine are boiling range 
(endpoint), hydrogen' content, and heteroatom content. This paper 
reviews experimental results, discusses alternative refining routes, 
compares projected costs for these routes with different feeds, and 
identifies areas in which further research is needed. 

INTRODUCTION 

The name "syncrude" or "synthetic crude" is used rather loosaly 
to describe hydrocarbon oils derived from sources other than 
petroleum. The name implies that they can serve as substitutes for 
petroleum crude. However, liquids produced from coal in direct- 
liquefaction processes are quite different from petroleum. Can they 
really take the place of petroleum? Can we make products from coal 
syncrudes that meet petroleum specifications using conventional 
refining technology? If so,  are there differences between products 
from petroleum and those from coal-derived oils? Are fuels from coal 
better or worse than conventional petroleum-derived fuels? How much 
will it cost to refine coal syncrudes? 

For several years, Chevron under a contract with the US 
Department'of Energy has been studying the refining of coal liquids. 
Detailed results are given in a series of DOE Interim Reports (1). 
This paper briefly reviews that work. Also, we will address the above 
questions, and identify areas in which further research is needed. 
For a more extensive overview of the state-of-the-art in coal liquids 
upgrading, the reader is referred to a recent comprehensive study by 
Oak Ridge National Laboratory ( 2 ) .  

each of a group of liquefaction processes for which they have 
supported research and development. The processes are Solvent-Refined 
Coal (SRC-11), H-Coal, Exxon Donor Solvent (EDS), and Integrated 
Two-Stage Liquefaction (ITSL). 

In our program, we developed conceptual refining schemes for 
processing each of the syncrudes in a "grass-roots'' refinery (that is, 
a completely new stand-alone refinery) to produce fuels meeting 
current specifications. Then, we conducted pilot plant tests for the 
key upgrading steps to make reasonable estimates of commercial 
catalyst performance. Finally, detailed engineering studies were made 
to determine stock balances and estimate refining costs. 

DOE supplied to us the "net whole-liquid process product" from 
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PROPERTIES OF COAL-DERIVED OILS 

Table I summarizes some of the key properties of the coal-derived 
oils that served as feedstocks for our upgrading studies. For 
comparison, Arabian Light crude is also included. Each of the coal 
oils was selected by DOE to represent, as nearly as possible, the net 
whole-liquid product from the liquefaction process at the time it was 
chosen. However, it should be recognized that the properties may not 
be representative of t_he oil that an optimized commercial process 
would produce. All of the processes have only operated on a pilot 
plant scale; and none is yet fully optimized. Furthermore, each 
process can operate in various modes, generating products with 
different properties. 

These oils differ from typical petroleum crudes in a number of 
ways: (1) They are generally much lower boiling than typical 
petroleum crude. ( 2 )  They contain no residuum. ( 3 )  They contain 
mostly condensed cyclic compounds and few paraffins. ( 4 )  Most have 
relatively high heteroatom contents, particularly nitrogen and oxygen. 
(5) Most have a relatively low hydrogen content compared to petroleum. 

Figure 1 shows typical distillation curves of several coal- 
derived oils compared to typical Middle-East petroleum crudes. (The 
curves for the H-Coal oils are not shown in the figure, but fall into 
the envelope included by the other coal oils.) The coal oils contain 
little high boiling material compared to petroleum because most of the 
higher boiling oil is typically used as a recycle solvent in the 
liquefaction process and ultimately converted to lower boiling 
products. The boiling range of the oil used as solvent can vary, 
however, depending on how the liquefaction process is operated. 
Therefore, boiling range of the net product can also vary, and 
upgrading studies can help guide the selection of the best operating 
mode for the liquefaction facility. 

There are some significant differences among the different coal 
liquids; particularly between the two-stage liquefaction product, ITSL 
oil, and the others. The ITSL oil contains a much larggr middle 
distillate fraction ( 7 6  LV% boils between 4OO0F and 7 0 0  F )  and less 
naphtha. It is also lower in heteroatom content and (except for 
SRC-I11 lower in hydrogen content. 

Some of the as-received oils, in particular the EDS and H-Coal 
oils shown in Table I, have appreciable quantities of a high endpoint 
"tail", which makes these stocks relatively hard to hydrotreat. We 
distilled these oils to remove the highest boiling fraction and 
hydrotreated the distillates as well as the whole oils. Properties of 
the re-distilled oils are also given in Table I. 

In addition to the oils shown in Table I, we also studied the 
upgrading of several higher boiling coal oils. Results are given in 
DOE reports (1) and a recent paper ( 3 ) .  The heavy fractions of these 
oils could either be used as recycle solvent or be part of the net 
liquid product, depending on how the liquefaction process is operated. 

CONCEPTUAL REFINING PLANS 

We considered a variety of conceptual refining plans for 
orienting and guiding the pilot plant work. .We will limit the 
discussion here to two basic plans and later use them as a framework 
for comparisons between the different coal-derived oils that were 
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processed. Simplified flow schemes for these refineries are shown in 
Figures 2 and 3. Each scheme represents the main hydrocarbon flow in 
a refining module, excluding the many supporting plants necessary in a 
full-scale "grass-roots" refinery, such as by-product recovery, waste 
treatment and hydrogen supply. Considering hydrocarbon flow alone, 
these coal liquid processing schemes are less complex than those 
required for a modern large petroleum refinery processing heavy 
crudes. This is because these coal liquids contain no residuum. But, 
whereas the flow scheme would be simpler than for petroleum, the 
processing would be at least as severe. 

gasoline and middle distillates (diesel and/or jet fuel). Because 
most of the feed already boils in the range of the desired products, 
no cracking conversion process is required. The whole oil is 
hydrotreated at a high severity to produce specification jet fuel or 
diesel, and the naphtha is catalytically reformed to high octane 
gasoline. [This refinery could also produce No. 2 heating oil as the 
middle distillate product rather than jet/diesel. In that case, the 
hydrotreater could be operated at a lower severity than required for 
specification jet OK diesel.] 

product is all gasoline. In this case, as in the first refining 
scheme, the oil is first hydrotreated. However, the severity can be 
somewhat lower than in the first case, because the purpose is to 
remove heteroatoms rather than to make finished products. Then, the 
hydrotreated oil is hydrocracked to convert the high boiling fraction 
into naphtha, and the naphtha is then catalytically reformed to 
gasoline. 

In the first refining plan (Figure 2), the target products are 

In the second refining plan (Figure 3 ) ,  as shown, the target 

HYDROTREATING RUNS 

As indicated earlier, full-boiling-range coal oils require 
relatively high hydrotreating severities to remove the heteroatoms and 
increase the hydrogen contents. Our hydrotreating studies have been 
described in detail elsewhere (1). Table I1 briefly compares KeSUltS 
obtained with the feeds listed in Table I at comparable conditions 
with a single commercial hgdrotreating catalyst, Chevron's ICR 106. 
The tests were made at 750 F average catalyst temperature, two 
hydrogen partial pressures (2300 and 1800 psia), and three different 
liquid hourly space velocities (LHSV): 0.5, 1.0, and 1.5 volumes of 
feed per volume of catalyst per hour. 

The best direct comparison is at 1.5 LHSV and 2300 psia because 
all the feeds were tested at these conditions and the results show 
major differences. In Table 11, the feeds are listed in order of ease 
of hydrotreating. The easiest feeds to upgrade are the redistilled 
Illinois H-Coal and lignite EDS, as indicated by the low product 
nitrogen and aromatic contents. Of the full-boiling-range oils, the 
Wyodak H-Coal is easiest, probably because of its high hydrogen 
content and low average boiling range. 

hydroprocessing all the feeds, except for the full-boiling-range 
lignite EDS oil. With the EDS oil, there was measurable decrease in 
hydrogenation activity with time on stream, even at 0.5 LHSV. We 
believe that this result was due to Coke-pKeCUKSOKs in the high 
endpoint "tail" of the EDS oil (Figure 1). When the high boiling 

ICR 106 catalyst was quite stable at 2300 psia for 
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fraction was removed by distillation, the catalyst was very stable at 
these conditions. 

At a lower pressure (1800 psia) and 1.5 LHSV, the catalyst was 
stable for both redistilled oils, and two of the full-boiling-range 
oils: Wyodak H-COal and Illinois ITSL. However, in addition to the 
EDS oil, the Illinois H-Coal and the SRC-I1 oils also caused 
measurable catalyst deactivation at these conditions. 

these coal liquids depends on their hydrogen content and heteroatom 
contents. It is higher than that usually needed in petroleum 
hydrotreating. Still, in spite of the relatively severe hydro- 
processing conditions, there was little cracking to light gases, and 
liquid-volume yields were typically higher than those obtained when 
hydrotreating petroleum (because of the higher hydrogen input). 

We compared a series of oils produced in the ITSL process from 
two different coals--Illinois and Wyodak. These oils have different 
endpoints, and are not all full-boiling-range oils. However, Figure 4 
shows a fairly good correlation between the required catalyst 
temperature for 0.5 ppm nitrogen product and the feed endpoint, 
regardless of coal source. 
below, the catalyst is very stable, and catalyst lives of several 
years can be predicted at the test conditions. The higher 
temperatures required for hydrotreating the higher boiling feeds would 
significantly shorten the catalyst lives. 

The hydrogen consumption needed for a given product quality from 

With the oils with endpoints of 750°F or 

HYDROCRACKING RUNS 

In a recent paper ( 4 ) ,  we discussed irl detail the hydrocracking 
of a representative coal oil, hydrotreated ITSL oil. Hydrocracking ims 
a flexible process that can be varied to make only naphtha (as shown 
in Figure 3 )  or a combination of gasoline and middle distillate if the 
recycle cut point is increased. The products from hydrocracking coal 
oils are similar to those obtained from hydrotreating; the quantities 
of each can be varied depending upon the demand. 

PRODUCT PROPERTIES 

General Comments. After hydrotreating, products of similar 
boiling ranges from the different liquefaction processes and different 
coals are actually quite similar. After removal of the heteroatom- 
containing compounds, the products consist mainly of cyclic 
hydrocarbons. The severity of hydrotreating determines the amount of 
hydrogenation of aromatics t o  naphthenes. There are, however, some 
differences. Products from sub-bituminous coals contain more 
paraffins than those from bituminous coals, but fewer paraffins than 
products from lignites. Even so, the paraffin contents of lignite 
products are lower than petroleum products. For a given coal, ITSL 
process products contain fewer paraffins than those from the other 
processes. (Probably less ring opening occurs because of the lower 
severities required in two-stage liquefaction.) 

Hydrotreated and hydrocracked naphthas from coal 
liqui s are excellent feeds for catalytic reformers because of the 
high content of cyclic compounds. The naphthenes can be converted to 
high octane aromatics by reforming at relatively mild conditions. 
Also, because they are easy to reform, such naphthas can be reformed 

:aphtha. 
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at higher severities to an extremely high octane product, which makes 
a superb gasoline blending stock OK which could be used for the 
production of benzene, toluene, and xylene as chemicals. Because of 
the mild conditions required to produce a given octane product 
Compared to petroleum, much of the hydrogen previously consumed can be 
recovered ( 5  ) . 

aromatics must be saturated. To meet the smoke point specification of 
20 mm or higher, the aromatic content for a full boiling range 
kerosene would typically be no higher than about 10 LV%. 

Over those prepared from petroleum. They have unusually low freezing 
points (because of the low paraffin content). Also, because they 
contain high concentrations of naphthenes, they are very dense and 
have high heating values by volume. Therefore, they could have 
specialized uses such as for military fuels. 

determine which had properties best suited for jet fuel. They showed 
that naphthenic hydrocarbons with two or three rings (molecular weight 
between 120 and 200) were the only ones to have a l l  the following 
properties simultaneously: (1) high volumetric heat of combustion, 
( 2 )  satisfactory mass heat of combustion, ( 3 )  acceptable thermal 
stability, ( 4 )  very low freezing point, (5) acceptable low temperature 
viscosity, (6) low volatility, and ( 7 )  acceptable flame 
characteristics. Because coal liquids are extremely rich in these 
compounds, they make high quality jet fuels. 

typical specifications including cetane number. As with jet fuel, 
most of the aromatics have to be hydrogenated before the specification 
for cetane number of 4 0  is met. With all the oils studied except ITSL 
oil, the aromatics content has to be about 10. LV% to meet this 
specification. With ITSL oils, the specification could be met with 
about 20 LV % aromatics present. The ITSL diesel had a somewhat 
higher average boiling range than the other diesels oils, and this may 
account for the difference. 

Jet Fuel. To make jet fuel from these coal liquids, most of the 

Jet fuels prepared from coal liquids offer some unique advantages 

Franck et a1 (6) compared different hydrocarbon types to 

Diesel F u e l .  Diesel products from coal-derived oils also meet 

Coal-derived liquids respond well to certain cetane improvers. 
Because of the high cost of hydrogen, it may be cost effective to 
substitute cetane improvers for hydrotreating severity to some extent. 
For example, adding 0 . 3  LV% octyl nitrate (a commercial cetane 
improver) to diesel fuels from hydrotreated Wyodak H-Coal oil was 
shown to increase the cetane number by 6-8 numbers ( 7 ) .  

AS with jet fuel, the diesel fuels also have excellent cold 
weather properties, and high volumetric energy contents. 

Heating Fuel. Although the primary purpose of our studies is to 
make transportation fuels, we have also evaluated No. 2 heating oil as 
a possible product. Generally, it is possible to make heating oil by 
hydrotreating Coal liquids less severely than is necessary to produce 
jet and diesel fuels. All specifications can be met, except gravity. 
Probably, the gravity specification could be waived in some 
applications. (Usually, the gravity specification also can be met by 
hydrotreating at higher severity to make diesel-quality product.) 
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DETAILED REFINING PLANS AND STOCK BALANCES 

Based closely on the results of the pilot plant work and 
conceptual refining plans, we developed detailed refining plans and 
stock balances for each coal-derived feedstock. The primary basis for 
the detailed plans and stock balances was to produce 50,000 barrels 
per calendar day of the desired products in a complete new refinery. 
This refinery would include all necessary supporting facilities such 
as utility plants, tankage, and required environmental control 
equipment. The refinery would be self-sufficient in fuel and hydrogen 
plant feed. It would produce finished distillate fuels meeting 
current specifications along with environmentally acceptable 
by-products, e. g., sulfur and ammonia. 

capacities and ( 2 )  feed and product flow rates. Interested readers 
will find detailed comparisons of the stock balance results in the 
Tenth Interim Report listed in reference 1; only a brief summary is 
presented here. we used the stock balance plant capacities as part of 
the basis for the refining cost estimates. Stock balance flow rates 
are summarized as product yields along with the costs. 

Stock balances have two kinds of results: (1) individual plant 

REFINING YIELDS AND COST ESTIMATES 

Table I11 summarizes these results for the coal-derived oils 
studied by mid-1985. The costs are all given on a common basis, first 
quarter 1984 dollars. (Costs studies of ITSL oil upgrading are 
incomplete at the time of writing.) The oils are of two general 
classes: the "net whole-liquid process product" as received from DOE, 
and the stock as re-distilled at Chevron Research. There are three 
general refining modes as discussed above: two-stage hydrocracking to 
produce only motor gasoline, severe hydrotreating to produce motor 
gasoline and kerosene jet fuel or diesel, and less severe hydro- 
treating to produce motor gasoline and heating oil. 

the comparison, the net yields allow for using part of the coal- 
derived feeds and/or refined products for hydrogen production and 
refinery fuel. 

actual petroleum processing plants built by Chevron over the last 
twenty years, adjusted for the many factors which have changed or 
could change if and when a synfuels refinery is constructed. The 
synfuels-specific plants (the hydrotreaters and hydrocrackers) are 
estimated in further detail; design conditions are based directly on 
the pilot plant data. 

The histories of large, first-of-their-kind engineering projects 
show that the refining cost estimates will almost certainly change as 
synftiels development moves closer to commercialization. Therefore, 
the main value of the present estimates is not for predicting ultimate 
synfuels costs, but rather for comparing one set of results versus 
another--different feeds, different processing schemes, and different 
product mixes. The results, then, can guide future research and 
development. For this reason, we made a strong effort to keep the 
estimates consistent with each other. 

Because we assume "grass-roots", self-sufficient refineries for 

The investment costs are estimated from correlations of costs of 
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From these refining costs, we can reach some qualitative con- 
clusions. For example, the feeds rank differently depending on the 
product slate, TO make all gasoline from the as-received stocks, the 
Cost ranking is Pitt Seam SRC-I1 > Lignite EDS > Illinois H-Coal > 
Wyodak H-Coal. But the EDS stock would be the most expensive from 
which to make a combination of gasoline and jet fuel or diesel. Also, 
re-distilling affects the refining cost of each feed differently: 
$4/BBL reduction for Lignite EDS, $2.5/BBL for Illinois H-Coal, and no 
reduction for Wyodak H-Coal. 

considering the boiling range and composition of each feed: (a) 
higher boiling stocks are more expensive to refine but lend themselves 
to higher boiling products; (b) heteroatom content can influence 
refining cost, although it usually trends with boiling range; and (c) 
the cost difference between refining to gasoline and refining to jet 
and/or diesel fuel increases as the hydrogen content of the feedstock 
decreases. (For example, with high hydrogen-content feeds such as 
Wyodak H-Coal oil, the costs of making all gasoline or a combination 
of gasoline and jet/diesel are about the same. But with low hydrogen 
content feeds such as SRC-11, it is appreciably less expensive to make 
all gasoline than the combination.) 

The refining yield and cost differences can be rationalized by 

RELATIONSHIPS BETWEEN COAL-LIQUID AND PETROLEUM UPGRADING COSTS 

Several facts must be kept in mind if one is to judge what these 
costs mean and how they might be applied in situations other than 
internal comparisons. First, with the present and quite probably the 
future excess of petroleum refining capacity in this country, no new 
"grass-roots" refineries are likely to be constructed for coal-derived 
oils. Instead, refining facilities either will be integrated with 
liquefaction plants, or even more likely, coal-derived stocks will be 
refined along with petroleum in existing refineries. Of course, 
refining costs will then be entirely different from those presented 
here. Second, petroleum refining costs themselves increased 5 0  to 60 
percent between 198O--when we first published estimated costs of 
refining coal-derived oils--and 1984, the basis for the costs 
presented here. (They are estimated to have increased an additional 
15% by the first quarter of 1986.) Correction factors must be applied 
to earlier cost studies, whether for coal-derived oils or petroleurn. 
Finally, the size of the refinery affects per-barrel cost. For 
example, product from a 50,000 barrel-per-day refinery costs about 20% 
more than that from a 100,000 barrel-per-day refinery. [ ( l ) ,  Report 
10 I .  

AS with coal liquids, the costs of refining petroleum vary 
widely, depending on boiling range, heteroatoms and metals contents, 
and desired product slate. Nost petroleum crudes have the advantage 
of being relatively hydrogen-rich, but the disadvantage that they 
contain varying amounts of residuum. 

There is little question that distillate fuels from coal will be 
more expensive than those from petroleum, based on the current prices 
of petroleum and state-of-the-art liquefaction and refining 
technologies (8). This is largely the result of the high cost of 
liquefaction, rather than the upgrading costs. We have not attempted 
to compare the costs reported here with those for upgrading petroleum. 
However, other studies --in particular, those of Universal Oil 
Products, Inc. (UOP) (9, 10, 11)--serve to put these costs in 
perspective. 
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 or example, sikonia et a1 ( 9 )  compared the costs of refining an 
H-Coal product and two petroleum crudes on an internally consistent 
basis. Overall refining costs were about the same--within 5% of each 
other. However, product slates were different--the coal oil was 
refined to gasoline and diesel, the petroleum crudes to a wider 
variety of products. In order to rank the feedstocks, the authors 
assumed a set of product values. Then, from these values, they 
calculated how much each feedstock was worth to the refiner. They 
concluded that the coal oil was worth about $2/BBL more than Mexican 
Maya heavy oil, but about $2.50/BBL less than Arabian Light crude oil. 
(It will, of course, be recognized that product values will change 
with time. Therefore, the ranking could change.) 

In another study ( l o ) ,  Gembicki et a1 calculated costs for a 
conventional refinery, a heavy-oil refinery, and a coal-liquid 
refinery producing both gasoline and No. 2 heating oil. For that 
product slate, refining costs were greatest for the heavy oil refinery 
and least for the coal liquids refinery. The authors explained that 
the heavy oil required the largest conversion facilities, as it 
contained the least amount of distillables compared with the other 
feedstocks. The coal-liquids refinery was the least expensive because 
of the small quantity of residual matter found in the coal liquid. 
Nevertheless, they concluded that the entire cost of upgrading coal to 
distillate fuels would be much more expensive than upgrading heavy 
crude because of the high cost of coal liquefaction. 

could afford to pay more for coal liquid than a Light/Heavy Arabian 
crude oil blend and still realize the same rate of return on 
investment for a new refinery specific to the feedstock processed. 
(Again, this applied to a specific product slate, and product values 
were assumed.) In this study, the small proportion of coal liquid 
feedstock boiling higher than the product endpoint was significant. 
If the proportion of such residue increased, the relative value of 
coal liquid would decrease due to the higher processing cost to 
convert heavy oil to lighter products. 

In an earlier analyses for DOE (ll), UOP concluded that a refiner 

CONCLUSIONS : WHERE WE STAND 

If the properties of the coal liquids shown in Table I are indeed 
representative of the liquefaction products made from an eventual 
commercial process, there is virtually no doubt that they can be 
upgraded to specification transportation fuels using modern commercial 
petroleum-processing technology. Of course, not every refinery could 
handle them. High-pressure hydrotreating units would be necessary. 

Still, important questions remain as to how the liquefaction and 
refining of coal liquids will interface, and additional research is 
needed to optimize this relationship. 

slate adjustment can be achieved within the liquefaction plant itself 
by changes in the process variables. The relationship between cost of 
these changes and the cost of downstream refining must be considered. 
The most economical combination may require product slate adjustment 
in the main process, followed by appropriate downstream units f o r  
product upgrading to market specifications ( 1 2 ) .  For example, 
MacArthur et a1 (13) evaluated the merits of opeljating the H-Coal 
process in the mode of extinction recycle of 650 F+ vacuum gas oil, 
compared to typical H-Coal operating conditions. They concluded that 

In most liquefaction processes, a substantial degree of product 

~ 
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this operating mode improved the selectivity to liquid product and 
reduced commercial plant investment (including upgrading) by lo%, and 
the cost of producing coal liquids by 6%, compared to typical 
operation. 

In addition to boiling range, another factor that has a large 
effect on the cost of refining coal-liquids is their hydrogen content. 
Because the finished fuels require a certain hydrogen content, it 
either must be added during the liquefaction process or during 
refining. Downstream hydrotreating makes efficient use of hydrogen, 
because it produces very little by-product light gas. Therefore, it 
may be cost effective to have a relatively hydrogen-poor liquefaction 
product (as that from the ITSL process shown in Table I), even though 
this adds to the downstream cost. Also, cheaper sources of hydrogen 
would significantly reduce costs. Furthermore, if the liquefaction 
and refining facilities were integrated, they could share the same 
hydrogen plant and additional costs could be saved. 

The difficulty and, therefore, the cost of hydrotreating a 
coal-derived liquid increases rapidly with its boilhng range, 
particularly if the endpoint is increased above 700 F. This is 
because of the high concentration of condensed aromatic and polar 
compounds in the high-boiling fractions which tend to cause rapid 
deactivation of the catalyst by coke deposition. Therefore, if at all 
possible, the high boiling fraction should be removed from the 70OoF- 
oil before hydrotreating. Usually, the higher boiling oil can be used 
to advantage as recycle solvent in the liquefaction process. Clearly, 
sharp separation between the net liquid product and the heavy oil to 
be recycled is desireble. None o f  the oils shown in Table I contain 
large amounts of 700 F+, but even the amounts present have a very 
large deleterious effect. When this material is removed by 
distillation, the oils become much easier to upgrade. 

Coal liquids boiling in the 700-900°F range are relatively hard 
to upgrade. However, it is technically feasible to hydrotreat coal 
oils in thls boiling range to acceptable products. Almost certainly, 
the cost will be high, and more research is needed to optimize their 
upgrading. Clearly, from the viewpoint of the refiner, it is 
desirable to have them consumed as recycle solvent in the liquefaction 
process. 
reported to be in the 700 F+ oil (2), and environmental problems in 
refining can be minimized if these materials are recycled to 
extinction at the upstream facility. 

upgrade using conventional petroleum technology. 
be required to handle these materials. 

Also, most of the biologically hazardous material 1s 

Any coal oils boiling above 900°F would be exceedingly hard to 
New technology would 
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I 
d 

Liquid Hourly Space Velocity 0.5 1.0 1.5 1.5 
Hydrogen Pressure, p.s.i.a. 2300 2300 2300 1800 

(approximate) 

Re-dist i 1 led I1 linois H-Coal 
Hydrogen consumption, SCF/BBL 
Product nitrogen, ppm 
Product aromatics, LV% 

Redistilled Lignite EDS 
Hydrogen consumption. SCF/BBL 
Product nitrogen, ppm 
Product aromatics, LV% 

Wyodak H-Coal 
Hydrogen consumption, SCF/BBL 
Product nitrogen, ppm 
Product aromatics, LVX 

Illinois ITSL 
Hydrogen consumption, SCF/BBL 
Product nitrogen, ppm 
Product aromatics, LV% 

Illinois H-Coal 
Hydrogen consumption. SCF/BBL 
Product nitrogen, ppm 
Product aromatics, LV% 

SRC - I1 
Hydrogen consumption, SCF/BBL 
Product nitrogen, ppm 
Product aromatics, LV% 

Lignite EDS 
Hydrogen consumption, SCF/BBL 
Product nitrogen, ppm 
Product aromatics, LV% 

* 

2150 
< 0.3 

2 

3100 
< 0.3 

4 

1550 
< 0.3 

16 

2000 
< 0.3 

2 

1225 
< 0.3 

3 

* 

1600 
0.3 
20 

2500 
0.4 
20 

1950 
< 0.3 

5 

1600 1500 
< 0.3 < 0.3 

6 10 

950 
< 0.3 
13 

950 
0.4 
38 

1275 
10 
35 

2000 
20 
40 

825 
170 
38 

600 
6 
58 

825 
50 
45 

1725 
150 
47 

725 
350 
40 

* 
The Illinois ITSL w a s  tested at lower temperature. 
The results: 

L E S V  0.5 1.0 
Temperature, deg F 710 730 

E Consumption, SCF/BBL 1600 1400 

Product aromatics, ppm 10 26 
Product nitrogen, ppm < 0.2 < 0.2 
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I 

SRC - 11 

Illinois E-Coal 

Wyodak E-Coal 

Lignite EDS 

as received 

as received 

as received 

as received 
redistilled 

as received 

as received 

as received 
re-distilled 

as received 

as received 

redistilled 

as received 
redistilled 

re-distilled 

Yield of Desired Products, 
Liquid Volume Percent 

motor kero.iet/ heatinn 
......................... 
gasoline 

21 

92 

25 

18 
20 

96 

20 

28 
30 

96 

23 

24 

97 
88 

23 

Investment, 
Millions 

of Dollars 

1160 

1030 

870 

960 
850 

950 

660 

750 
720 

840 

560 

740 

960 
820 

710 

Coat, $/sei 
of Desired 
Products 
--------I 

23.5 

20.5 

17.5 

19.5 
17 

18.5 

13.5 

14 
14 

16 

10.5 

15 

19.5 
15.5 

14.5 

(1) On-plot + off-plot + initial catalyst for capacity to produce 
50,000 barrels per calendar day of desired products; 
quarter, 1984. Excludes all costs for coal resources, mining, 
handling, liquefaction, and transportation. 

Calculated rigorously by discounted cash flow analysis using 
15% after-tax constant dollar rate of return, 6% background 
inflation rate, 100% equity financing, 48% income tax, 
10% investment tax credit, depreciation according to 1982 Tax 
Equity and Fiscal Responsibility Act, 5-year tax life, 20-year 
project life. 

first 

(2) 
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FIGURE 1 

DISTILLATIONS OF 
ARABIAN CRUDES AND COAL-DERIVED OILS 

0 20 40 60 BO 100 

Amount Overhead. LV .k 

F I G U R E  2 

R E F I N I N G  O F  C O A L  S Y N C R U D E  To 
T R A N S P O R T A T I O N  FUELS 
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FIGURE 3 

R E F I N I N G  O F  COAL 
SYNCRUDE TO GASOLINE 
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FIGURE 4 

EFFECT OF FEED END POINT ON CATALYST 
TEMPERATURE FOR HYDRODENITROGENATION OF 

ITSL OILS WITH FRESH ICR 106 CATALYST 

DOE CONTRACT DE-AC22-76ET10532 

H2 Partial Pressure = 2300 psla 
Liquld Hourly Space Velocity = 0.5 
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DIRECT COAL LIQUEFACTION: B R I D G I N t i  THE GAP BETWEEN R&D 
AND COMMERCIAL FEASIBILITY 

ENEO C. MORONI 

U.S. Department o f  Energy, FE-34 GTN, Washington, D.C. 20545 

INTRODUCTION 

The more recent development o f  d i r e c t  coal l i q u e f a c t i o n  processes f o r  r a p i d  
commercial readiness s t a r t e d  i n  1975 and culminated i n  1982. Four processes, SRC I 
and 11, H-Coal and Exxon Donor Solvent (EDS) were a t  the p o i n t  where they were 
considered se r ious  contenders fo r  commerc ia l izat ion 

Based p r i n c i p a l l y  on t h e  experience gained i n  l a rge  p i l o t  p lan ts  f o r  each o f  t he  
above processes, i t  could be s tated t h a t  commercial-scale d i r e c t  coal l i q u e f a c t i o n  
f a c i l i t i e s  cou ld  be designed and const ructed us ing a v a i l a b l e  technology t o  g i ve  
p red ic tab le  y i e l d s  and acceptable mechanical performance. 

A l l  t he  processes which were considered t e c h n o l o g i c a l l y  ready f o r  commercial izat ion 
as we l l  as those r e c e n t l y  developed i n  process development u n i t s  (PDU), i.e., Two- 
s tage L ique fac t i on ,  were based on research done a t  l a b o r a t o r i e s  o f  companies invo lved 
i n  petroleum processing. Thei r  experience i n  petroleum residues processing, which 
turned ou t  t o  be somewhat s i m i l a r  t o  d i r e c t  coal l i q u e f a c t i o n  processing, gave them 
a l ead ing  hedge over  o the r  DOE supported l a b o r a t o r i e s  i nvo l ved  i n  fundamental and 
app l i ed  research i n  d i r e c t  coal l i q u e f a c t i o n .  

I n  t h i s  pe r iod  o f  major  e f f o r t  f o r  ERDA/DOE (1975-82) we learned t h a t  t he  
development o f  t h i s  i n d u s t r i a l  technology requi res meaningful cooperation among 
many s c i e n t i f i c  d i s c i p l i n e s ,  i n c l u d i n g  severa l  branches o f  chemistry, physics, 
engineering, economics and others.  
proper balance among t h e  several branches involved, as p r i o r i t y  s h i f t s  from one 
d i s c i p l i n e  t o  the  o t h e r  according t o  the progress ion o f  problems encountered. 
i s  p a r t i c u l a r l y  t r u e  f o r  d i r e c t  coal l i q u e f a c t i o n  technology t h a t  i nvo l ves  complex 
operat ions,  and dea ls  w i th ,  what i s  now bel ieved,  a m ix tu re  o f  most ly  r e a c t i v e  and 
p a r t l y  r e f r a c t o r y  ma te r ia l s .  

During t h e  l a s t  t h r e e  years, w i th  t h e  d r a s t i c  cu r ta i lmen t  o f  t he  DOE budget, and the 
s h i f t  towards novel research approaches, most o f  t h e  recent appl ied research e f f o r t s  
were focused on a s i n g l e  aspect o f  coal  l i q u e f a c t i o n ,  namely ob ta in ing  h igh coal 
conversion, and n e g l e c t i n g  o the r  impor tant  coal processing components, i.e., the 
u p g r a d a b i l i t y  o f  t h e  converted coal e x t r a c t s  produced from h igh  conversion. An 
u p g r a d a b i l i t y  t e s t  would reveal  whether t h e  cond i t i ons  used i n  conver t ing the  coal 
were too  d r a s t i c ,  producing " re f rac to ry "  compounds which would be d i f f i c u l t  and 
expensive t o  downstream processing. This example and o the r  neglected requirements 
f o r  useful coal process ing revealed a widening gap between fundamental and appl ied 
research d i r e c t i o n  on one hand, and process technologica l  advances d i r e c t e d  toward 
poss ib le  scaleup, on t h e  other. This technologica l  gap needs t o  be br idged and more 
meaningful coo rd ina t i on  between R and D ought t o  be augmented. 
purpose t h a t  t h i s  paper i s  addressed to those researchers who are i n t e r e s t e d  i n  
pursu ing t h e  scaleup o f  research d i scove r ies  by p o i n t i n g  out  t h e  technologica l  needs 
f o r  t h e i r  development i n t o  f e a s i b l e  process scaleup con f igu ra t i ons  and the  produc- 
t i o n  of marketable fue l s .  Also the paper summarizes some recent t rends i n  d i r e c t  
coal  l i q u e f a c t i o n  technology, which e i t h e r  have achieved or have t h e  p o t e n t i a l  t o  
achieve developmental stages, t o  serve as poss ib le  gu ide l i ne  f o r  f u t u r e  research. 

(1,2,3). 

It requ i res  super io r  management t o  achieve a 

This 

It i s  f o r  t h i s  
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BACKGROUND AND RECENT DEVELOPMENT 

E a r l i e r  approaches t o  d i r e c t  coal l i q u e f a c t i o n  have employed h igh  s e v e r i t y  ope ra t i ng  
cond i t i ons  o f  pressure, temperature and coa l / so l ven t  s l u r r y  con tac t  time, t o  
achieve i n  one reac to r  t h e  h ighest  coal conversion and d i s t i l l a t e  y i e l d  poss ib le .  
Several disadvantages are associated w i t h  t h i s  processing mode, namely: 1) t h e  h igh  
hydrocarbon gas y i e l d  which causes h igh  hydrogen consumption. 2)  t he  product ion o f  
lower q u a l i t y  so lvent  con ta in ing  low b o i l i n g  d i s t i l l a t e s ,  3)  t h e  " regress ive"  forma- 
t i o n  o f  h igh b o i l i n g  d i s t i l l a t e s  and n o n - d i s t i l l a b l e s  which are " r e f r a c t o r y  t o  
hydrogenation" and are t h e  major cause o f  hyd ro t rea t i ng  c a t a l y s t  deac t i va t i on ,  4 )  
t h e  extreme d i f f i c u l t y  i n  c o n t r o l l i n g  t h e  h i g h l y  exothermic reac t i on  o f  molecular  
hydrogen w i t h  aromatics, p a r t i c u l a r l y  i n  l a r g e  scale u n i t s ,  and 5 )  t h e  p roduc t i on  o f  
lower q u a l i t y  d i s t i l l a t e  f u e l  products  which requ i re  more severe hydrotreatments t o  
meet t r a n s p o r t a t i o n  f u e l  s p e c i f i c a t i o n s .  

The accepted main mechanism f o r  h igh  s e v e r i t y  conversion o f  coal  i s  t he  h o m o l i t i c  
thermal cleavage o f  bonds t o  y i e l d  f r e e  rad i ca l s ,  which are capped by hydrogen from 
t h e  donor so lvent  or  hydroaromatic s t ruc tu res  i n  coals. 

A more recent approach uses l ow  s e v e r i t y  operat ion i n  separated stages i n  order  t o  
opt imize the  coal d i s s o l u t i o n  s tep and coal e x t r a c t  upgrading step. The r e s u l t  i s  
t o  s u b s t a n t i a l l y  reduce, and i n  some cases e l iminate,  t h e  disadvantages c rea ted  by 
h igh  s e v e r i t y  processing. 

I n teg ra ted  staged operations i n  continuous u n i t s  a t  Lurmnus, W i l s o n v i l l e ,  Kerr-McGee 
and HRI have produced enhanced y i e l d s  o f  h igh q u a l i t y  d i s t i l l a t e  product and 
recyc le  donor solvent, both w i t h  much reduced heteroatom content and lower  hydrogen 
consumption compared t o  h igh s e v e r i t y  s ing le-s tage processing (4) .  

Recent work on i n teg ra ted  staged coal l i q u e f a c t i o n  processing and o the r  DOE 
supported p ro jec ts ,  as w e l l  as development o f  new a n a l y t i c a l  techniques, have 
prov ided subs tan t i a l  amounts o f  new in fo rma t ion .  The r e s u l t  has been t o  change 
s u b s t a n t i a l l y  our approach t o  coal l i q u e f a c t i o n  techniques and t o  i n s p i r e  new 
thoughts i n  unravel ing t h e  complex mechanism o f  d i r e c t  coal l i q u e f a c t i o n  a t  low 
s e v e r i t y  operations. Important new i n f o r m a t i o n  inc ludes:  

Low seve r i t y  processing forms most ly  r e a c t i v e  low molecular-weight 
fragments. Conversely, s i n g l e  stage thermal and t h e r m a l / c a t a l y t i c  
processing produce high-molecular weight products thought t o  be 
a c t u a l l y  condensation products  o f  such smal ler  fragments and 
consequently, l ess  r e a c t i v e  (5).  

Thermally produced coal e x t r a c t s  con ta in  a h igh  l e v e l  o f  heteroatom 
compounds and are " r e f r a c t o r y "  t o  c a t a l y t i c  hydrogenation (6). Conversely, 
low seve r i t y  produced e x t r a c t s  are low i n  heteroatoms and more e a s i l y  
hydrogenatable. c o n s i s t e n t l y  y i e l d i n g  e x c e l l e n t  e q u i l i b r i u m  donor so l ven t ,  
as proved i n  a l l  I n teg ra ted  Two Stage L ique fac t i on  (ITSL) operat ion ( 7 ) .  

No h igh  v i s c o s i t y  gel reg ion i s  apparent over the  280-350°C temperature range f o r  a 
s l u r r y  o f  bituminous coal and ITSL so l ven t ,  as was the  case f o r  s l u r r i e s  prepared 
w i t h  t h e  same coal and o the r  types of so lvent  (8) .  

Proton NMR analys is ,  mod i f i ed  t o  p rov ide  data on ITSL d i s t i l l a t e  and n o n - d i s t i l l a t e  
f r a c t i o n s ,  serves t o  c rea te  a k i n e t i c  model f o r  coal e x t r a c t  hydroprocessing, thus 
enabl ing us  t o  d i s t i n g u i s h  c a t a l y t i c  hydrogenation and crack ing react ions,  and t o  
p r e d i c t  the so lvent  donor c a p a b i l i t y  as w e l l  as t h e  y i e l d  s t r u c t u r e  o f  t h e  upgraded 
products  (9) .  
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A m ix tu re  o f  condensed aromatics, hydroaromatics, p a r a f f i n s  and t h e i r  
respec t i ve  heteroatom d e r i v a t i v e s  i s  produced du r ing  coal l i q u e f a c t i o n .  This 
m ix tu re  tends t o  be unstable because o f  t he  i n c o m p a t i b i l i t y  between p o l a r  
heteroatom compounds and hydrocarbons, as w e l l  as between condensed aromatics 
and p a r a f f i n s .  Condensed hydroaromatics, having c lose r  a f f i n i t y  f o r  both 
aromatics and p a r a f f i n s ,  tends t o  keep them i n  so lu t i on ,  t hus  c o n t r i b u t i n g  t o  
the s t a b i l i t y  o f  the coal ex t rac t .  Low s e v e r i t y  coal  e x t r a c t i o n  y i e l d s  l a r g e r  
q u a n t i t y  o f  hydroaromatics and sma l le r  amount o f  h igh  heteroatom, condensed 
aromatics and p a r a f f i n s  (9 )  

Best c a t a l y s t s  t e s t e d  are those mod i f i ed  t o  suppress the  hydrocracking a c t i v i t y  
and enhance hydrogenation f u n c t i o n a l i t y  ( 7 ) .  

Coai der ived t r a n s p o r t a t i o n  f u e l s  possess i nhe ren t  h igh  premium q u a l i t y  which 
due mos t l y  t o  t h e i r  hydroaromatic (naphthenic) nature. Coal-derived naphthas 
conta in  l a r g e  q u a n t i t i e s  o f  h i g h l y  a1 ky la ted  cyclohexanes which, by reforming, 
convert t o  t h e  corresponding benzenes and i n  the  process, recover a l a r g e  
p o r t i o n  o f  t h e  hydrogen t o  make t h e  o v e r a l l  coal l i q u e f a c t i o n  approach economi- 
c a l l y  more a t t r a c t i v e .  
high octane gaso l i ne  thus formed. 
t u t e d  most ly  o f  d i -and t r i - hyd roa romat i cs  and corresponding aromatics. Re f in ing  
must convert t h e  aromatics t o  l ess  than t e n  percent l e v e l  t o  meet marketable j e t  
and d i e s e l  f u e l  s p e c i f i c a t i o n s  o f  smoke p o i n t  and cetane number, respec t i ve l y  

Phenols i n h i b i t  c a t a l y t i c  deni t rogenat ion o f  coal der ived l i q u i d s  (11). 
Ni t rogen compounds i n h i b i t  c a t a l y t i c  hydrogenation o f  aromatics 

Recycle so lvent  produced a t  h igh  s e v e r i t y  (SRC-I) and mod i f i ed  by removing p a r t  
of t h e  heteroatom compounds. produces s i g n i f i c a n t l y  h igher  o i l  y i e l d  and coal 
conversion compared t o  t h e  data obta ined w i t h  the  unmodif ied so lvent  (13). 

A l ky la ted  benzenes a re  t h e  major con t r i bu to rs  t o  the 
Coal der ived middle d i s t i l l a t e  i s  cons t i -  

(10). 

(12). 

SIGNIGICANCE OF RECENT DEVELOPMENT 

Processing coals  a t  l ow-seve r i t y  operat ions has t h e  p o t e n t i a l  f o r  s i m p l i f y i n g  the 
process scheme, d r a s t i c a l l y  reducing r e a c t i o n  s e v e r i t y  and i n s t a b i l i t y  o f  t he  
reac t i on  i n te rmed ia te  products, and y i e l d i n g  super ior  q u a l i t y  f u e l  products. 

Novel research approaches w i l l  have t o  compete against  t h e  super ior  achievements 
obta ined a t  l ow-seve r i t y  processing, r a t h e r  than c i t i n g  small  improvements over 
h igh -seve r i t y  process ing r e s u l t s .  

Other  s i g n i f i c a n t  conc lus ions der ived from low-seve r i t y  l i q u e f a c t i o n  are: 

A mechanism o f  t h e  i n i t i a l  coal e x t r a c t i o n  d i f f e r e n t  than t h a t  f o r  t h e  h igh  
s e v e r i t y  o p e r a t i o n  must be invoked f o r  t h e  low s e v e r i t y  conversion i n  which 
coal and donor so l ven t  f i r s t  form an "adduct," poss ib l y  by i n t e r a c t i o n  o f  both 
hydrogen and cova len t  bonds. 
weakening t h e  coa l  aromatic s t r u c t u r e  throush hvdroqen t r a n s f e r  from the  donor 

Bond cleavage o f  t h e  adduct i s  accomplished by 
- - -  

so lvent  t o  t h e  coal. 
cracked the rma l l y .  

This o v e r a l l  hydroaromatic s t r u c t u r e  i s  more e a s i l y  

The apparent non- in tervent ion o f  t he  hydrogen gas i n  the  donor so lvent /coal  
react ion,  i n  s p i t e  o f  t he  imposed h igh  hydrogen p a r t i a l  pressure, would 
i n d i c a t e  t h a t  t h e  donatable hydrogen present i n  t h e  so lvent  i s  t rans fe r red  
much fas te r  t o  t h e  coal t han  the  hydrogen gas which has t o  t r a n s f e r  f i r s t  t o  
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t he  so lvent  and f i n a l l y ,  t o  the  coal. 
seemingly f a s t e r  than t h e  occurrence o f  most repolymer izat ion reac t i ons  known as 
“ regress ive”  react ions.  
flowdynamics would be reduced t o  r e l a t i v e l y  simple l i q u i d / s o l i d  two phase 
react ion,  a n t i c i p a t i n g  b e t t e r  c o r r e l a t i o n  between data produced i n  bench- and 
scale-up un i t s .  

Removal o f  heteroatoms from f r e s h l y  formed preasphalthenes might  be s u f f i c i e n t  
t o  conver t  them t o  to luene so lub les  and u l t i m a t e l y  t o  y i e l d  most ly  
hydroaromati cs . 
The low s e v e r i t y  coal e x t r a c t i o n  i s  apparent ly  t he rma l l y  neu t ra l  i n  t h a t  t h e  
exothermic hydrogenation o f  condensed aromatics i s  equal ized by the  
endothermic dehydrogenation o f  t h e  hydroaromatics, t h e  major cons t i t uen ts  of 
the donor solvent. 
c o n t r o l l a b l e  than t h e  exothermal hydrogen-gas/solvent/coal h igh  s e v e r i t y  
react ion,  an extremely impor tant  f a c t o r  i n  scale-up operations. 

Also. donor so lvent-coal  r e a c t i o n  i s  

In. t he  absence o f  a reac t i ng  gas phase the SCT reac to r  

Thus, l ow  s e v e r i t y  e x t r a c t i o n  i s  i n h e r e n t l y  much more 

GENERAL THOUGHTS AND RECOMMENDATIONS 

F i r s t  o f  a l l  we need t o  recognize t h a t  f u t u r e  coal l i q u e f a c t i o n  commercial e f f o r t s  
w i l l  be market-driven instead o f  technology-driven. I n  some i n d u s t r i e s  l i k e  
computers, a techn ica l  breakthrough creates a new market. For coal l i q u e f a c t i o n ,  
and f o r  synfuels  i n  general,  t h e  market w i l l  p o i n t  t h e  d i r e c t i o n  and technology w i l l  
c l e a r  t h e  path. 

With these thoughts i n  mind, one needs t o  acknowledge t h a t  t h e  c y c l i c  nature o f  coal 
de r i ved  products, even tua l l y  con ta in ing  some o f  t he  heteroatom i m p u r i t i e s  w i l l  
r e q u i r e  new standard s p e c i f i c a t i o n s  f o r  t h e i r  safe use. Consequently, t o  meet 
today‘s  f u e l  s p e c i f i c a t i o n s  and avoid poss ib le  unknown problem i n  t h e  fu tu re ,  one 
must f i r s t  p r a c t i c a l l y  remove most o f  t he  heteroatoms and a l l  o f  t h e  minera l  ma t te r  
from coal l i q u i d s .  Obviously i t  would be advantageous t o  remove a l a r g e  p o r t i o n  o f  
t h e  minera l  from t h e  organic  mat ters  p r i o r  t o  i n t roduc ing  coal i n t o  t h e  s l u r r y  
vessel. Also advantageous would be t o  e i t h e r  remove the  heteroatoms i n  t h e  e a r l y  
s tage o f  coal  e x t r a c t i o n  and/or t o  weaken t h e  carbon-heteroatom bonds f o r  ease o f  
heteroatom removal i n  subsequent stages. Experimental r e s u l t s  a t  Suntech (11 ) 
advises t o  remove f i r s t  t h e  more abundant oxygen, which seems t o  t i e  up t h e  n i t r o g e n  
compounds v i a  hydrogen bonding, and thus  making eas ie r  t h e  subsequent n i t r o g e n  
removal. 

Complementary fundamental s tud ies  on C-0 and C-N bond sc i ss ion  should be emphasized 
over  the  cu r ren t  C-C bond crack ing e f f o r t .  

Most o f  t he  s u l f u r  i s  converted t o  hydrogen s u l f i d e  du r ing  l i q u e f a c t i o n  and 
upgrading, and the  H S must be kept  i n  t h e  system as c a t a l y s t  i t s e l f  and as 
“ a c t i v a t o r ”  o f  t r a n s k i o n  metal c a t a l y s t s .  

Preservat ion o f  h i g h l y  reac t i ve ,  small  fragments i n  t h e  coal e x t r a c t  i s  of utmost 
importance i n  producing an e x c e l l e n t  donor so l ven t  and h igh  q u a l i t y  d i s t i l l a t e  f u e l  
products. For t h i s  purpose, t h e  fragments should be withdrawn from t h e  e x t r a c t i o n  
r e a c t o r  as soon as they a re  formed. The unconverted coal can be f u r t h e r  converted 
by r e c y c l i n g  i t  w i t h  the preasphalthenes as p a r t  o f  t h e  recyc le  so lvent .  
approach appears t o  be e s p e c i a l l y  successful i n  processing low r e a c t i v i t y  coa ls  such 
as Wyodak subbituminous coal ( 7 )  and supports the  c la im  (14) t h a t  conversion i s  not  
coal  l i m i t e d  but  process l i m i t e d .  

This  
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B e t t e r  p rese rva t i on  o f  t h e  r e a c t i v e  small  fragments can be achieved by increas ing 
t h e  donatable hydrogen l e v e l  and decreasing t h e  heteroatom content o f  t he  recyc le  
so lvent .  
a b i l i t y  o f  t he  coal as both cond i t i ons  become more reac t i ve  w i t h  increas ing 
temperature. Consequently, i t  i s  adv isable t o  a l l o w  f o r  a thermal soaking treatment, 
i.e., a t  250-350°C temperature range f o r  10-30 minutes, p r i o r  t o  a ve ry  sho r t  con tac t  
t ime  (SCT) a c t i o n  o f  rap id  hea t ing  (two minutes o r  l e s s )  t o  the 45OOC e x i t  tempera- 
t u r e .  It i s  ev ident  t h a t  a l l  t h e  above a c t i v i t i e s  are interdependent and t h e  
improvements maximized i n  an i n t e g r a t e d  recyc le  process. 

It i s  extremely d i f f i c u l t  t o  capture i n  research bench sca le  u n i t s  t h e  essence o f  
t h e  r e s u l t s  produced i n  the  i n t e g r a t e d  recyc le  process, because most o f  the key 
bene f i t s ,  i . e . ,  cos: conversion and enhanced donor so lvent  q u a l i t y ,  are obtained 
o n l y  a f t e r  several cyc les  o f  t h e  i n t e g r a t e d  staged operations. 
researchers could avo id  the  l ong  and ted ious  recyc le  operations by apply ing t h e  
aforementioned k i n e t i c  model f o r  coal e x t r a c t  hydroprocessing (9 )  and us ing proto-NMR 
data of t he  coal  e x t r a c t  t o  p r e d i c t  so l ven t  donor c a p a b i l i t y  and y i e l d  s t r u c t u r e  o f  
t he  upyraded products .  

The recommendations made w i l l  a l s o  preserve the  h i g h l y  va luable c y c l i c  cha rac te r i s -  
t i c s  of  t he  f i n a l  f u e l  products, min imiz ing t h e  format ion o f  p a r a f f i n s .  Conversion 
o f  hydroaromatics t o  e i t h e r  p a r a f f i n s  o r  t o  aromatics, i f  des i rab le  t o  meet f u e l  
s p e c i f i c a t i o n s ,  i s  achieved under easy and c o n t r o l l e d  operat ions.  

It i s  impor tant  f o r  t h e  donatable hydrogen t o  match the  hydrogen accept- 

Bench scale 
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J a m e s  Mi l le r  t o  Members o f  C o n g r e s s  i n  t h e  f i n a l  d a y s  o f  t h e  9 9 t h  
C o n g r e s s ,  t h e  R e a g a n  A d m i n i s t r a t i o n  s t a t e d  t h a t  “ c o n t i n u e d  
f u n d i n g  o f  t h e  S y n t h e t i c  F u e l s  C o r p o r a t i o n  s e r v e s  no u s e f u l  
p u r p o s e ” .  T h e  C o n g r e s s  r e a c t e d  b y  e l i m i n a t i n g  f u n d i n g  f o r  t h e  
SFC. A f o u r  mon th  p h a s e  down p e r i o d  i s  c o m i n g  t o  a n  e n d  a s  w e  
m e e t  h e r e  t o d a y .  Of c o u r s e ,  o n l y  t i m e  w i l l  t e l l  w h e t h e r  a b o l i t i o n  
o f  t h e  SFC w a s  a w i s e  a n d  p r u d e n t  move or a s h o r t - s i g h t e d  a c t  o f  
f o l l y .  Wha t  s h o u l d  b e  c l e a r ,  h o w e v e r ,  i s  t h a t  d e v e l o p m e n t  of  
s y n t h e t i c  f u e l s  t e c h n o l o g i e s  i n  t h e  U.S. a n d  w o r l d w i d e  w i l l  
c o n t i n u e  f o r  r e a s o n s  t h a t  a r e  r o o t e d  i n  t h e  n e c e s s i t y  o f  
i n d u s t r i e s  a n d  g o v e r n m e n t s  t o  b e  a s s u r e d  o f  a n  a d e q u a t e  s u p p l y  of 
e n e r g y  a t  r e a s o n a b l e  p r i c e s  a m i d  a g l u t  o f  u n c e r t a i n  s i g n a l s  o v e r  
t h e  n a t u r e  o f  o u r  e n e r g y  f u t u r e .  

T h i s  p a p e r  l o o k s  a t  t h e  A m e r i c a n  e x p e r i e n c e  w i t h  s y n t h e t i c  
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a s s e s s e s  t h e  p r o g r e s s  t h a t  h a s  o c c u r r e d ,  a n d  a n a l y z e s  t h e  
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a n d  i n s t i t u t i o n a l  c o m p l e x i t i e s  t h a t  m u s t  b e  c o n s i d e r e d  i n  p r i v a t e  
s e c t o r  d e c i s i o n s  w i t h  respect  t o  s y n f u e l s  i n v e s t m e n t s  a n d  t h a t  
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